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Preface

Chemical looping as reported in this book and in others is an old technology with
a new name. The earliest technologies using a chemical looping concept date back
to the early parts of the twentieth century. Fan and Tong in Chapter 1 state that
there is evidence that some of the aspects of chemical looping were even present
in a calcium carbide process as early as 1897 with the generally accepted earliest
involving a process to produce hydrogen by looping iron oxide in 1910.

Although there are other books on chemical looping, they tend to promote
a specific technology and/or a specific application. To the contrary, this book
presents an overview of chemical looping technologies. As such, the book is
divided into four topical areas. The first three of these look at various aspects of
chemical looping combustion, while the last section provides chapters on other
chemical looping technologies, namely those applied to carbon dioxide capture.

In the first section, Chemical Looping Process Concepts, there are five
chapters, each dedicated to a different technology/concept to promote the com-
mercialization of chemical looping combustion. In the first chapter, LS Fan and
Andrew Tong discuss the moving bed fuel reactor concept developed at Ohio
State University. In the second chapter, Justin Weber of the National Energy Tech-
nology Laboratory presents a summary of the two fluidized bed configurations –
single and double loop systems. In Chapter 3, Vincenzo Spallina and his
coauthors Fausto Gallucci and Martin van Sint Annaland discuss the cyclic fixed
bed process being developed at Eindhoven University of Technology. The fourth
chapter presents the CLOU (Chemical Looping with Oxygen Uncoupling)
process by Kevin Whitty of the University of Utah, JoAnn Lighty of Boise State
University, and Tobias Mattisson of Chalmers University of Technology, being
developed at the University of Utah. In the final chapter of the first section,
Kunlie Liu, Liangyong Chen, and Zhen Fan present a pressurized chemical
looping combustion process being developed at the University of Kentucky.

The second section of the book examines oxygen carrier performance through
four chapters. Hanjing Tian of West Virginia University and coauthors Ranjani
Siriwardane, of the National Energy Technology Laboratory (NETL), Esmail
Monazam of REM Engineering Services, and Roald Breault of NETL present
a summary of the performance of iron-based carriers for chemical looping
combustion. Tobias Mattisson of Chalmers University of Technology and Kevin
Whitty of the University of Utah present the second chapter in the section on
oxygen carriers for chemical looping with oxygen uncoupling, a process that
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utilizes the thermal decomposition of the carrier to give up gaseous oxygen. In
the third chapter of this section, Fanxing Li of North Carolina State University
and Nathan Galinsky of NETL and the Oak Ridge Institute of Science and
Engineering (ORISE) present a summary of mixed metal oxide carriers. In the
last chapter of this section, Sam Bayham of NETL, Nathan Galinsky of NETL
and ORISE, Esmail Monazam of REM Engineering Services, and Roald Breault
of NETL present a summary of oxygen carrier structure and attrition. It should
be pointed out that carrier attrition, if not overcome, will be the undoing of
chemical looping technologies. This particular chapter identifies some properties
that can be improved to overcome these shortcomings.

The third section of the book presents three chapters on commercial designs
for chemical looping technologies. In the first chapter of this section, CFD simu-
lations for a commercial unit are presented by Subhodeep Banerjee of NETL and
ORISE, and Hongming Sun and Ramesh Agarwal, both of Washington Univer-
sity. The second chapter presents a cost comparison of a couple of technologies
and is written by Robert Stevens of NETL, Dale Keairns of Deloitte Consult-
ing, and Richard Newby and Mark Woods, both of KeyLogic Systems. In the
last chapter of the section, Joanne Lighty of Boise State University and Zachary
Reinking and Matthew Hamilton, both of University of Utah, present a summary
on modeling and system simulations for a CLOU process.

The final section of the book presents two chapters on alternate chemical loop-
ing technologies. In these chapters, the focus is on CO2 capture. In the first of
these chapters, Yiang-Chen Chou, Wan-Hsia Liu, and Heng-Wen Hsu of Taiwan’s
Industrial Technology Research Institute present a summary of the calcium loop-
ing carbon capture process. Finally, in the last chapter, Hamid Arastoopour and
Javid Abbasian of the Illinois Institute of Technology present a summary of the
magnesium oxide process for CO2 capture that they are developing.
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1

The Moving Bed Fuel Reactor Process
Andrew Tong, Mandar V. Kathe, Dawei Wang, and Liang-Shih Fan

The Ohio State University, Department of Chemical Engineering, 151 W. Woodruff Ave, Columbus,
OH 43210, USA

1.1 Introduction

Chemical looping refers to the use of a chemical intermediate in a reaction-
regeneration cycle to decompose one target reaction into two or more
sub-reactions. The decomposition of the target reaction with a reactive chemical
intermediate can decrease the process irreversibility, and, thus, increase the
recoverable work from the system yielding a higher exergy efficiency. Further,
when one or more of the reactant feedstocks consist of an inert substrate, the
chemical looping reaction pathway is designed to prevent the direct contact of
the inert with the desired product, minimizing the product purification steps
required [1–3]. In 1987, Ishida et al. was the first publication to use the term,
“chemical looping,” referring to the use of a metal oxide as the chemical inter-
mediate to perform oxidation–reduction reaction cycles for power generation
applications [4]. However, Bergmann’s invention of a calcium carbide production
process using manganese oxide redox reaction cycles with carbonaceous fuels
suggests that the chemical looping concept was in development as early as
1897 [5]. Table 1.1 summarizes the early developments of chemical looping
processes in the twentieth century [6–9, 12–21]. Though several achieved
pilot scale demonstration, no early chemical looping processes were able to
achieve widespread commercial realization due to limitations in the oxygen
carrier reactivity, recyclability, and attrition resistance and the reactor design for
maintaining, continuous high product yield.

With growing concerns of greenhouse gas emissions, a renewed effort in
developing chemical looping processes occurred at the start of the twenty-first
century as reflected in the exponential growth of research publications [1]. As
of 2012, over 6000 cumulative hours of operation of chemical looping processes
for power generation with CO2 capture have been demonstrated over fuel
processing capacities ranging from 300 Wth to 3 MWth [22]. Nearly all chemical
looping processes at the pilot scale demonstration have adopted a fluidized bed
reactor design for the conversion of the fuel source to CO2/H2O, or the fuel
reactor [23]. Recent developers are investigating fixed bed reactors to perform

Handbook of Chemical Looping Technology, First Edition. Edited by Ronald W. Breault.
© 2019 Wiley-VCH Verlag GmbH & Co. KGaA. Published 2019 by Wiley-VCH Verlag GmbH & Co. KGaA.
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Table 1.1 Summary of early chemical looping process development.

Process/
developer Lane [6–11]

Lewis and
Gilliland HYGAS CO2 acceptor HyPr-Ring

Year
developed

1910s 1950s 1970s 1960s–1970s 1990s

Feedstock Syngas Solid fuel Syngas Solid fuel Solid fuel
Products H2 CO2 H2 H2 rich syngas H2

Chemical
intermediate

Fe3O4—Fe CuO—Cu2O or
Fe2O3—Fe3O4

Fe3O4—Fe CaCO3—CaO CaCO3—CaO/
Ca(OH)2

ARCO GTG DuPont Otsuka
Solar water
splitting Steinfeld

Year 1980s 1990s 1990s 1980s 1990s
Feedstock CH4 C4H10 CH4 H2O CH4, iron ore
Products C2H4 C4H2O3 Syngas H2, O2 Syngas, iron
Chemical
intermediate

Supported
Mn

VPO Supported
CeO2

ZnO—Zn or
Fe3O4—FeO/Fe

Fe3O4—Fe

the cyclic oxidation–reduction reactions with chemical looping oxygen carriers
for power generation and chemical production applications [24–27]. Alterna-
tively, chemical looping processes utilizing a moving bed fuel reactor are under
development for full and partial fuel conversion for CO2 capture/power gen-
eration and syngas production, respectively [23, 28, 29]. This chapter describes
the use of moving reactors for chemical looping processes with specific appli-
cation to syngas and power production with CO2 capture using metal oxide
materials as oxygen carrier chemical intermediates. Two modes of moving bed
operation are discussed and their application for full and partial fuel oxidation.
Reactor thermodynamic modeling combined with experimental results are
provided.

1.2 Modes of Moving Bed Fuel Reactor Operation

As illustrated in Figure 1.1, the moving bed fuel reactor can be operated in the
counter-current or co-current mode based on the gas–solid flow contact pat-
tern with Fe-based oxygen carrier as the exemplary chemical intermediate [1].
The counter-current moving bed fuel reactor in Figure 1.1a achieves a high oxy-
gen carrier conversion while maintaining high CO2 product purity. The oxygen
carrier conversion, as defined in Eq. (1.1), is the mass ratio of the amount of oxy-
gen used from the oxygen carrier exiting the fuel reactor relative its maximum
available oxygen.

XO =
mox − mred

mox − mfull
red

× 100% (1.1)
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Spent AIR
Direction of solids

flow

Direction of solids

flowSpent AIR

Fuel in

Steam in

Air Air

Syngas out

Fuel in

H2 out

CO2 out

Figure 1.1 Conceptual design of a moving bed chemical looping processes with a
counter-current (a) and co-current (b) fuel reactor for full fuel conversion to CO2/H2O and for
fuel gasification/reforming to syngas, respectively.

where mox and mred refer to the mass of the fully oxidized and the reduced sample
at the outlet of the fuel reactor, respectively, and mfull

red refers to the mass of the
sample at the fully reduced state (e.g. metallic iron for Fe-based oxygen carriers).

Figure 1.1b shows the co-current moving bed fuel reactor for partial oxidation
of the solid or gaseous fuel source to syngas. The co-current process allows for
accurate control of the oxygen carrier and fuel residence times, ratios, and distri-
bution to maintain continuous high purity syngas. The present section discusses
the advantages of each mode of the moving bed reactor operation and considers
several applications for solid and gaseous fuel conversion for each.

1.2.1 Counter-Current Moving Bed Fuel Reactor:

In a counter-current moving bed operation of chemical looping process, the
gas species in the fuel reactor travel the opposite direction relative to the solids
flow. Further, the gas species operate below the minimum superficial gas velocity
and, thus, travel only through the interstitial spaces of the packed moving bed
of oxygen carrier solids. For full fuel conversion, the counter-current moving
bed design is capable of maintaining high CO2 purities and reducing the oxygen
carrier to a low oxidation state, ideal for metal oxides with multiple oxidation
states such as iron [30, 31]. Figure 1.2 is an example of operation lines for moving
bed chemical looping fuel reactor and steam reactor. The figure illustrates
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Figure 1.2 Operation lines for moving bed chemical looping fuel reactor and steam reactor.

the phase equilibrium of a Fe-based oxygen carrier particle at varying partial
pressures (i.e. conversions) of the reducing gas at 850 ∘C. In the figure, the solid
line represents the phase equilibrium of iron. The dashed line in the fuel reactor
region represents the counter-current reactor operation while the dotted line
represents the fluidized bed/co-current operation. The slope of the moving bed
and fluidized bed operating lines are determined based on the oxygen balance
between the oxygen carrier and the gas species. In the case of fluidized bed oper-
ation with iron-based oxygen carrier, the maximum oxygen carrier conversion
achievable is 11% (i.e. reduction from Fe2O3 to Fe3O4), as a higher oxygen carrier
conversion will result in a decrease in product purity from the fuel reactor.
Further, the high extent of reduction of the iron oxide oxygen carrier achieved
in the counter-current fuel reactor allows for thermodynamically favorable
reaction of Fe/FeO with H2O to produce H2 via the steam–iron reaction. High
purity H2 production from a third reactor, i.e. the steam reactor, increases the
product flexibility of the processes and can serve as an advanced approach for H2
production with minimal process operations for product separation compared
to traditional steam–methane reforming (SMR).

Figure 1.3 illustrates the design of the counter-current fuel reactor for solid
fuel conversion to CO2. Here, the fuel reactor is divided into two sections
[32–34]. Once the solid fuel is introduced to the high temperature fuel reactor,
it devolatilizes and the solid char species travel downward co-currently with
the flow of oxygen carrier solids into the char gasification section. The volatiles
travel upward counter-currently with the flow of the oxygen carrier. In the lower
bed, the solid char is gasified using an enhancer gas consisting of CO2 and/or
H2O recycled from the flue gas produced from the fuel reactor. The gasified char
and volatile matter are polished to CO2 and H2O in the upper reactor bed. The



1.2 Modes of Moving Bed Fuel Reactor Operation 7

Figure 1.3 Conceptual design
of the counter-current moving
bed fuel reactor for solid fuel
conversion to CO2/H2O.

Spent air

Fe2O3

CO2, H2O

Coal feed

Enhancer

gas

L-valve

gasFe/FeO

Volatiles

Char

gasification

Devolatization

Oxygen carrier
Air

packed moving bed reactor is designed to provide sufficient residence time for
the solid fuel gasification and the fully oxidized Fe2O3 oxygen carrier entering
the top section 1 reactor ensures CO2 purity exiting the process is nearly 100%
after H2O is condensed out. No additional downstream conditioning equipment
and/or molecular oxygen is required to fully oxide the solid fuel to CO2, which
translates to high process efficiency and reduced process capital costs. At Ohio
State University (OSU), two chemical looping processes using a counter-current
moving bed fuel reactor have been scaled to pilot plant demonstration for
the conversion of gaseous fuels (the syngas chemical looping (SCL) process)
and solid fuels (the coal direct chemical looping (CDCL), process) to H2 and
heat, respectively, with CO2 capture. The SCL process is promising technology
capable of reducing the H2 separation costs compared to traditional coal gasifi-
cation and the SMR process with natural gas. The CDCL process is an advance
oxy-combustion technology for CO2 capture from coal. Further details on the
pilot plant developments are discussed in Section 1.4.
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1.2.2 Co-current Moving Bed Fuel Reactor

In the co-current moving bed fuel reactor operation, the gas species travel in the
same directions as the solid flow [23]. The gas flow rate is operated below the min-
imum fluidization velocity to ensure uniform gas velocity profile across the fuel
reactor is achieved for precise and independent control of the gas and solid res-
idence times. Co-current moving bed fuel reactors are generally used for the
partial oxidation of carbonaceous fuels to a gaseous stream of high purity syngas.
The optimal operating conditions derived from a phase diagram analysis corre-
spond to a certain molar flow ratio of fuel to the oxygen carrier. The co-current
contact pattern ensures a high syngas purity is achieved as the gaseous species
are in direct contact with the reduced state of the oxygen carrier as it exits the
system. The thermodynamic phase diagram of iron–titanium oxide, as shown in
Figure 1.4a, indicates the necessary ratio of oxygen carrier to fuel input flow nec-
essary to produce >90% purity syngas. Further, Figure 1.4b indicates the addition
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of steam and CO2 can be used to adjust the ratio of CO/H2 in the product stream
while still maintaining high syngas purities.

Precise control of the oxygen carrier and gas residence time in the fuel reactor
within a narrow distribution is necessary to maximize the product yield for
chemical looping partial oxidation applications [23, 28, 35]. As illustrated in
Figure 1.5a, fluidized bed operations are challenged with a wide residence time
distribution for the solids due to the well-mixed nature of a bubbling fluidized
bed. This result corresponds to wide distribution of metal oxide oxidation states
in the reactor. The available lattice oxygen in the higher oxidation metal states
can result in over conversion of the fuel to CO2/H2O, reducing the syngas
selectivity. Further, the gas species exist both in the interstitial spaces emulsified
with the solid media and in bubble phase generated when the superficial gas
velocity exceeds the minimum fluidization velocity. Mass diffusion limitations
between the bubble phase and emulsion phase can result in unconverted gaseous
fuel species which can further reduce the syngas product yield. The packed
moving bed is a possible design that can address these challenges. As illustrated
in Figure 1.5b, the moving bed solids distribution exiting the fuel reactor is
precisely controlled to a single oxygen carrier conversion value. The solids travel
as a mass flow downwards and the superficial gas velocity is maintained below
the minimum fluidization velocity preventing the formation of a bubble phase.
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Figure 1.5 Conceptual Fe—Ti based oxygen carrier oxidation state distribution in a fluidized
bed (a) and moving bed (b) fuel reactor.
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As the moving bed design ensures a narrow distribution of oxygen carrier
conversion along the height of the reactor, the chemical looping process design is
simplified as the syngas yield from the fuel reactor is entirely thermodynamically
driven. Here, reaction kinetics considerations are only necessary to supply
sufficient residence time for the gas and solid phases to achieve the thermody-
namically expected limits. Excessively high residence time of gaseous species will
not impact the syngas yield as the gas composition at the outlet of the fuel reactor
will be in equilibrium with the oxidation state of the oxygen carrier material used.

The co-current moving bed fuel reactor design is generally directed towards
chemical looping processes for fuel gasification or reforming to syngas. OSU is
developing the shale gas to syngas (STS) chemical looping reforming process and
coal to syngas (CTS) chemical looping gasification processes. Both processes are
completing sub-pilot demonstrations at the 15 and 10 kWth capacities. Each pro-
cess will be presented in Section 1.5.

1.3 Chemical Looping Reactor System Design
Considerations for Moving Bed Fuel Reactors

As shown in Figure 1.1, the moving bed fuel reactor system comprises two or
more reactors operated in moving bed and fluidized bed modes, respectively,
for fuel conversion (fuel reactor) and oxygen carrier particle regeneration (air
reactor). The reactors are connected using nonmechanical gas sealing devices
and a gas–solid separator. The fuel reactor can be operated in counter-current
or co-current moving bed mode, where the solid oxygen carrier particles travel
downwards by gravity while the process gases flow upwards or downwards. The
air reactor is a fluidized bed reactor which uses air for fluidization and regenera-
tion. The air reactor is connected to a pneumatic riser to transport the oxygen car-
riers back to the fuel reactor with oxygen-depleted air from air reactor [36–38].

Design and sizing of the reactors and interconnecting gas-sealing devices are
based on hydrodynamic calculations. The range of operating conditions, includ-
ing temperature, fuel capacity, and residence times of gas and solid in each of the
reactors, must also be identified for purpose of system design calculations. Based
on the operating conditions, a performance model of the system can estimate the
expected chemical reactions and process gas composition, and the gas flow rate
in each of the reactors can be determined.

1.3.1 Mass Balance and Solids Circulation Rate

For a continuous steady-state operation of the chemical looping system, the
amount of oxygen consumed by the fuel in the fuel reactor is the amount of the
oxygen supplied by the oxygen carrier particles circulating in the system. The
oxygen carried by the oxygen carrier particles is obtained from the air in the
air reactor. It is essential for the chemical looping system to achieve a certain
solids circulation rate so as to maintain the mass balance of the system. If the
solids circulation rate is insufficient, the available lattice oxygen provided in the
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oxygen carrier particles will be incapable of performing the desired chemical
reactions in the fuel reactor – i.e. the fuel will not be fully converted and/or
utilized. If the solids circulation rate is too large, the sizes of the reactors and
other auxiliary devices need to be designed unnecessarily larger, which increases
the operational cost. For the gasification system, which is very sensitive to
the oxygen carrier-to-fuel ratio, a higher than demand oxygen carrier particle
circulation rate will reduce the fuel selectivity to syngas in the fuel reactor, and
in turn lower the quality of syngas yield.

The amount of solids circulation rate of a chemical looping system is deter-
mined by the fuel processing capacity of the system, the desired composition of
the product gas, and the material of the oxygen carrier particles and their prop-
erties such as the degree of reduction and amount of support.

1.3.2 Heat Management

The chemical reactions occurring in the moving bed fuel reactor between fuel and
metal oxide are normally net endothermic, while, the regeneration reaction of
reduced metal oxide by O2 in the air flow in the air is exothermic, generating heat.
According to the energy balance of the system for chemical looping combustion
applications, the sum of the heat for the complete set of chemical reactions of
chemical looping combustion system is equal to the heat of direct combustion
of fuel with air. Thus, the heat releases from the air reactor is greater than the
heat consumed in the fuel reactor. The exothermic heat resulting from the metal
reaction with oxygen in chemical looping combustion system is used to provide
the endothermic heat requirement for the fuel reactor and to produce electricity
and/or steam.

In the air reactor, due to the large amount of heat generated by the re-oxidation
reaction of oxygen carrier, the adiabatic temperature rise can occur sharply and
result in the melting or softening of the oxygen carriers if the excess heat pro-
duced is not properly removed. Excess air input or cold shots, inert material
loading in the oxygen carrier, and/or continuous heat removal via in-bed heat
exchangers are generally accepted methods to mitigate and control the air reac-
tor temperature. The softening temperature of the oxygen carrier is the maximum
possible temperature at which the air reactor in the chemical looping combustion
system is operable as the softening of the oxygen carrier can result in particle
agglomeration and defluidization.

Similarly, in the fuel reactor, as the net reactions are endothermic, the tem-
perature of the particles decrease, causing the chemical reaction to slow down.
The temperature at which the desired chemical reactions are kinetically unfavor-
able is the minimum possible temperature for the operation of the fuel reactor
in the chemical looping combustion system. Further, the operating temperature
of the fuel reactor affects the phase equilibrium of the metal oxide. For example,
a reasonable fuel reactor temperature for chemical looping combustion system
shall provide a minimum amount of CO and H2 exiting from the fuel reactor gas
outlet and a maximum oxygen release from metal oxide. Depending on the reac-
tions under consideration, the temperature in the chemical looping reactors may
vary from 400 ∘C to more than 1000 ∘C.
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For efficient heat integration of a chemical looping system, it is desirable that
enough heat is transported from the air reactor to the fuel reactor by oxygen car-
rier particles. When the temperatures of solids, fuel, and product are determined,
the required solids flow rate to carry enough heat to the fuel reactor is obtained.
Compared to the mass flow rate of oxygen carrier required by mass balance of
the chemical reactions, the difference is the amount of inert material needed so
that both the heat in the fuel reactor and the particle temperature are successfully
managed. Another favorable effect of loading inert materials such as Al2O3,
SiC, and TiO2 is to improve the particle recyclability. The mass ratio of the inert
material and the metal oxide is called the support-to-oxygen carrier mass ratio.

1.3.3 Sizing of Reactors

The sizing process of the fuel reactor normally starts with the determination of
the gas velocity, which is an important parameter for the smooth operation of the
fuel reactor and is bounded by is operational mode, i.e. fluidized bed and mov-
ing bed, and the hydrodynamics of the particles, i.e. the minimum fluidization
velocity. For the fuel reactor operated under fluidized bed mode, the gas velocity
shall be higher than the minimum fluidization velocity. It is usually several times
of the minimum fluidization velocity to utilize the advantages of the fluidized
bed reactors including good gas–solids contact mode, uniformity, and intensive
heat transfer between gas and solids. For a moving bed reactor, however, the gas
velocity shall be less than the minimum fluidized velocity to avoid the fluidization
of the bed material. The relationship between the gas velocity and the minimum
fluidization velocity can be expressed as,

ugreducer
= k ⋅ umf (1.2)

where k > 1 for fluidized bed reactor and k < 1 for moving bed reactor.
With the determination of the gas velocity, the volume fraction of the solids

in the fuel reactor can be obtained from the operational mode and the hydrody-
namic characteristics of the oxygen carrier particles. The cross-sectional area of
the fuel reactor can also be determined based on the amount or flow of gas pro-
cess through it. The volume of the reactor can then be determined. A requirement
for the volume of the fuel reactor is that it should provide sufficient residence time
to achieve the thermodynamic equilibrium of the conversion of oxygen carrier
particles and fuel, which gives the following criteria:

𝛼s𝜌sVr

ṁs
≥ Ts (1.3a)

(1 − 𝛼s)𝜌gVr

ṁg
≥ Tg (1.3b)

where V r is the volume of the reactor; 𝛼s is the volume fraction of the solids,
which is determined by the operational state of the fuel reactor; 𝜌s and 𝜌g are
the densities of the oxygen carrier particles and process gas; ṁsand ṁgare the
solids circulation rate of the system and the mass flow rate of the process gas; T s
and Tg are the required residence time for the oxygen carrier particles and gases,
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which are determined by the properties of the oxygen carrier particles and fuel,
chemical reaction types, and the reactor operational conditions. The fuel reactor
height is obtained from its required cross-sectional area to prevent particle flu-
idization and required volume to achieve the minimum gas and solid residence
times.

1.3.4 Sizing of the Air Reactor

Because the regeneration reaction of reduced iron particles with air is a highly
exothermic reaction in the air reactor, the generated heat has to be efficiently
removed to maintain a constant reactor operating temperature and to avoid
sintering and agglomeration of the oxygen carrier. Therefore, the air reactor
is generally designed and operated as a fluidized bed because of its excellent
gas–solids contact mode and effective heat transfer characteristics. The regen-
erated particles are then transported back to the fuel reactor via a lean phase
pneumatic conveying riser.

The design basis for the air reactor and riser are closely dependent on each
other, as the air introduced into the air reactor performs three functions:
provides oxygen for oxygen carrier regeneration, fluidizes the oxygen carrier
in the air reactor, and provides gas flow through the riser for the pneumatic
transport of the oxygen carrier particles back to the fuel reactor. Under some
cases, the amount of the air in the air reactor is adjusted to control the reactor
temperature for the purpose of heat management. The required amount of
oxygen consumption in the air reactor is determined by the fuel capacity and
expected composition of the product gas. As the air reactor is operated under a
fluidized bed, the gas velocity in it shall be higher than the minimum fluidization
velocity, but less than the terminal velocity of the oxygen carrier particles.
It is normally desired that the gas velocity is several times of the minimum
fluidization velocity so as to operate the air reactor in a dense phase fluidized
bed mode with a relatively compact reactor size. With the determination of
the gas velocity, the volume fraction of the oxygen carrier particles in the air
reactor and its cross-sectional area can be obtained. The volume and the height
of the reactor can then be determined according to the requirement of providing
sufficient residence time for the full regeneration of the oxygen carrier particles.

1.3.5 Gas Sealing

Gas sealing devices are required between the fuel and air reactors. Their role is
to allow the oxygen carriers to flow through each reactor while keeping the gases
in each reactor segregated. A reliable gas seal between each reactor is required
for process safety and performance. A gas leakage from the air reactor to the fuel
reactor or vice versa may result in the formation of an explosive mixture in the
system, which poses a safety hazard. Further, an inefficient seal would cause fuel
to leak into the air reactor and increase CO2 emissions from the system thereby
reducing the carbon capture efficiency or syngas yield. Also, leakage of air into
the fuel reactor would result in formation of undesired products and contaminate
the desired gaseous product.
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(a) (b)

Figure 1.6 Automatic solid flow devices: (a) seal pot and (b) loop seal.

Automatic nonmechanical solid flow devices such as seal pots and loop seals,
shown in Figure 1.6, are commonly used in chemical looping systems with
fluidized bed fuel reactors for gas sealing purposes [38]. These nonmechanical
devices are considered passive devices capable of maintaining the global solid
circulation rate. However, they are generally not used for adjusting or modulating
solid circulation rate in the process.

A seal pot is essentially an external fluidized bed into which the straight dip leg
discharges solid particles. The solid particles and the fluidizing gas for the seal pot
are discharged to the desired downstream vessel through an overflow transport
line either designed as a downwardly angled pipe at the side or an overflow dip
leg in the middle of the fluidized bed. With a seal pot, the solids in the dip leg rise
to a height necessary to handle the pressure difference between the solids inlet
and the outlet.

A loop seal is a variation of the seal pot that places the solids inlet dip leg at
the side of the fluidized bed in a separate solids supply chamber. This allows for
the solids return chamber to operate independently of the solids supply cham-
ber, which results in a smaller device size, lower fluidization gas requirement,
and higher efficiency. The height and the diameter of the solids supply cham-
ber as well as its distance from the solids return chamber can be adjusted based
on the process requirements necessary for balancing the pressure and handling
the solids flow. Independent lubricating gas can also be added to the different
locations of the solids supply chamber to assist in the operation of the loop seal.

1.3.6 Solids Circulation Control

The flow of oxygen carrier in chemical looping systems can be controlled either
mechanically or non-mechanically. The use of mechanical valves to control the
flow of solids was common during the early development of chemical looping
processes since they allowed for maximum flexibility over the control of solids.
The mechanical valves could also provide effective gas sealing between the
reactors despite the pressure difference at the two ends of the valves. Although
mechanical valves have been part of a number of successful tests of continuous
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chemical looping processes, they have serious drawbacks. Since chemical
looping processes circulate a large amount of oxygen carrier particles at high
temperatures, the material of construction of the valves and their internals would
have to be able to withstand the temperature. In addition, the mechanical valves
must also have a high abrasion resistance due to the large flow rate of solids. In
addition to the large solids flow and harsh operating conditions experienced by
the mechanical valve, its repeated opening and closing during operation would
accelerate the rate of wear and tear with the possibility of mechanical failure
occurring during operations. The mechanical valves become cost prohibitive
due to the expensive material of construction required for withstanding the
operating conditions, replacement frequency that would be associated with
the purchase or maintenance of large mechanical valves. Thus, it would cost
intensive to scale-up the chemical looping system with mechanical valves for
long-term continuous operations.

An attractive alternative to mechanical valves for solids flow control is the use of
nonmechanical solids flow control devices. These devices refer to valves with no
internal mechanical moving parts and that only use aeration gases in conjunction
with their geometric patterns to manipulate the solid particles flow through them.
The nonmechanical solids flow control devices have no moving parts and thus
have no issues of wear and tear, especially under extreme operating conditions
such as elevated temperatures and pressures. Also, these devices are normally
inexpensive as they are constructed from ordinary pipes and fittings. Due to their
simplicity, the nonmechanical solids flow control devices can be quickly fabri-
cated avoiding the long delivery times associated with mechanical valves. They
are widely used in industries due to their advantages over mechanical solids flow
control devices.

The most common types of nonmechanical solids flow control devices,
also called nonmechanical valves, include the L-valve and J-valve, shown in
Figure 1.7a. The principles of operation for these two types of valves are the
same, with the only major difference being their shape and the direction of
solids discharge. Solids flow through a nonmechanical valve is driven by the drag
force on the particles caused by the slip velocity between them and the aeration
gas. The aeration gas is added to the bottom portion of the standpipe section
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of a nonmechanical valve and it flows downwards through the bend. The slip
velocity between the gas and the solid particles produces a frictional drag force
on the particles in the direction of gas flow. When the drag force exceeds the
force required to overcome the resistance to solids flow around the bend, the
solids begin to flow through the valve. A certain minimum amount of gas flow is
required before the start of solids flow through the nonmechanical valve. Above
this threshold amount of gas that is required to initiate solids flow, the solids
flow rate varies proportionately to the aeration gas flow rate. A relationship
between aeration gas flow rate and solids flow rate through an L-valve is shown
in Figure 1.7b [36].

The actual aeration gas flow through the nonmechanical valve may be differ-
ent from the amount of gas added externally through the aeration gas inlet port.
It may be higher or lower than the amount of aeration gas externally injected,
depending on the operating conditions of the system. In case the gas from the
reactor leaks into the standpipe of a nonmechanical valve, the actual amount of
aeration gas, Qae, would be the sum of the leaked gas flow into the standpipe, Qsp,
and the external aeration gas added from the aeration gas inlet port, Qext, as given
in Eq. (1.4).

Qae = Qsp + Qext (1.4)

If the gas from the aeration gas inlet port leaked upward through the standpipe
into the reactor, then the actual amount of aeration gas would be obtained from
Eq. (1.5).

Qae = −Qsp + Qext (1.5)

where the negative sign in front of Qsp denotes a change in the direction of aera-
tion gas leakage compared to the previous case.

Nonmechanical valves have limitations in their operating capability based on
the physical properties of the solid. Nonmechanical valves function smoothly for
particles of Geldart Groups B and D but not as smoothly for particles of Geldart
Groups A and C. Geldart Group A particles generally retain gas in their inter-
stices and remain fluidized for a substantial period of time even after fluidizing
gas is released from their fluidized state. Therefore, they can pass through the
nonmechanical valves even after the aeration gas flow is stopped. The solids flow
rate thus is not easily controlled for Geldart Group A particles. Geldart Group C
particles are cohesive due to their relatively large inter-particle forces and thus
are difficult to flow using aeration gas in nonmechanical valves. For a given solids
flow rate, the required amount of aeration gas increases with the average particle
size for solid particles of Geldart Groups B and D. This is due to the greater drag
force to overcome to render the solid particles with larger diameter flow through
the nonmechanical valve.

The solids flow rate pattern after the bend in the nonmechanical valve is
generally in the form of pulses of relatively high frequency and short wavelength.
This pulsating flow creates pressure fluctuations of a relatively steady pattern in
the nonmechanical valve. The pressure drop across the valve is high when the
particles stop and low when the particles surge. Increasing the length after the
bend increases the solids flow rate pulses, which increases the chaotic pattern
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of pressure fluctuations. The total pressure drop across the nonmechanical
valve also increases with the length after the bend. In some cases, additional
gas is added to the section after the bend to prevent slug formation and induce
solids flow. However, this increases the total amount of external gas, and hence,
the operating costs. Based on the above issues with a longer pipe length after
the bend, it can be noted that the horizontal section of the nonmechanical valve
should be as short as possible to minimize the pressure fluctuations and the
amount of aeration gas.

1.3.7 Process Pressure Balance

A good indication and reference on the good gas sealing and proper operation of
the chemical looping system is the pressure balance of the system. The pressure
drops through different sections/devices of the chemical looping system reflect
the gas–solids contacting modes and solids fluidization conditions at different
locations of the system.

An example of pressure profile in a chemical looping system is shown in
Figure 1.8. The pressure drop through the riser, ΔPriser, represented by the line
PH–PA in the figure indicating a smooth and slight drop of the pressure gradient
from the bottom to the top of the riser, where the solids volume fraction, 𝛼s,
is commonly less than 1%. Line PG–PH illustrates the pressure drop in the
air reactor. The air reactor is normally a dense phase fluidized bed where the
pressure drop equals to the solids holdup in the bed and is much larger than
that in the riser. Line PA–PB–PC describes the pressure profile across the gas
seal between the cyclone and the fuel reactor. There is a point with a pressure

Figure 1.8 Two reactor chemical
looping system with moving bed fuel
reactor (b) and its pressure profile (a).
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(PB) relatively higher than the both ends of the gas seal so that the sealing gas
can flow from the gas seal to both the upstream and downstream of the process
and the gas mixing from either reactor to the other can be avoided. Line PC–PD
illustrates the pressure drop across the fuel reactor which can be designed
as a fluidized bed, a gas–solids counter-current moving bed or a gas–solids
co-current moving bed. Line PD–PE–PF represents the pressure profile across
another gas seal which is located between the cyclone and the fuel reactor. The
pressure distributions across these components form a closed loop and can be
mathematically expressed as Eq. (1.6),

ΔPcyclone + ΔPseal 1 + ΔPfuel reactor + ΔPseal 2 = ΔPair reactor + ΔPriser (1.6)

1.4 Counter-Current Moving Bed Fuel Reactor
Applications in Chemical Looping Processes

Over the past 23 years, OSU has developed five chemical looping technologies to
sub-pilot and pilot scale operations. The present section discusses the develop-
ment of the counter-current moving bed fuel reactor systems of the SCL and
CDCL processes for H2 production and power generation with CO2 capture,
respectively [23].

1.4.1 Counter-Current Moving Bed Fuel Reactor Modeling

The counter-current moving bed reactor is designed to fully convert the fuel
source to CO2 and steam. Previous research was performed to simulate the
reaction kinetics in combination with the moving bed reactor hydrodynamics
to support the reactor size selection for optimum fuel conversion [39]. The
oxygen carrier kinetics were simulated using an unreacting shrinking core
model (USCM) with iron-oxide based oxygen carrier. The USCM constants were
empirically quantified using experimental reduction rate data gathered from
literature and OSU thermo-gravimetric analyzer studies. A one-dimensional
moving bed fuel reactor model was then constructed and verified using 2.5 kWth
bench scale moving bed studies with H2/CO as the reducing gases at steady
state conditions. The reactor model matched well with experimental results
and provided insight design of the reactor operating conditions and sizing.
The results are shown in Figure 1.9. In the case of CO and H2 as the reducing
gas in the fuel reactor, a critical molar flow ratio of 1.4647 CO/H2:Fe2O3 was
observed where a plateau in solids conversion at 33% is observed in the middle
section of the fuel reactor. This occurrence indicates that when the fuel to
oxygen carrier approaches the critical ratio and the reactor is excessively long,
the reduction of FeO to Fe is constrained. This is due to the equilibrium partial
pressures of reducing gases in the middle of the fuel reactor inhibited the further
reduction of the oxygen carrier. Once the oxygen carrier travels down close to
the inlet of the reducing gas, the partial pressures favor the further reduction
of FeO to Fe. To eliminate the formation of the plateau and to maintain high
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fuel conversion to CO2, one should operate the counter-current moving bed
reactor at a fuel:oxygen carrier flow ratio at a slightly lower value than the critical
ratio. Parametric studies with the 25 kWth sub-pilot counter-current moving
bed reactor were performed to determine if the critical ratio also exists when
using methane as the reducing gas in the fuel reactor. Figure 1.10 summarizes
the solids profile for three test conditions with varying CH4 to Fe2O3 flow ratio
[40]. Here, a plateau is observed at a solid conversion of approximately 33%
when the when the CH4:Fe2O3 molar flow ratio is 0.466, but not observed when
the ratio is decreased to 0.366. Therefore, a critical flow ratio exists for methane
conversion to CO2 between 0.366 and 0.466 similar to the model’s prediction
for CO conversion to CO2. Note, the stoichiometric lattice oxygen requirement
of the oxygen carrier for converting CH4 to CO2 and H2O is four times greater
than when CO and H2 is used as the reducing gas.
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1.4.2 Syngas Chemical Looping Process

The SCL process, conceptually illustrated in Figure 1.1a, consists of a
counter-current moving bed fuel reactor for CO2 capture, a counter-current
moving bed oxidizer for H2 production, and a dense fluidized bed air reac-
tor for oxygen carrier regeneration and heat production [1, 30, 40–43]. The
counter-current moving bed design reduces the Fe-based oxygen carrier to
Fe/FeO from the fuel reactor. The low oxidation state of the oxygen carrier
entering the oxidizer is thermodynamically favored for H2 production via
the steam–iron reaction. The partially oxidized, Fe3O4, oxygen carriers are
transported to the air reactor to be fully regenerated to Fe2O3 where the heat
generated is used to compensate for the endothermic reactions in the fuel
reactor and parasitic energy requirements of the overall processing plant.

In the case of integrated gasification combined cycle (IGCC), the SCL is
considered a process intensification approach to replace the water gas shift
and acid gas removal units with a single chemical looping reactor. A process
flow diagram of IGCC plant incorporating the SCL reactor is illustrated in
Figure 1.11. A techno-economic analysis (TEA) for IGCC–SCL power plant was
performed in comparison to a conventional IGCC process with 90% CO2 capture
[44–48]. The results of TEA are summarized in Table 1.2. The SCL–IGCC system
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Table 1.2 Economic comparison of the SCL plant for H2 production
with >90% carbon capture in an IGCC configuration.

Parameter (2011 $) Baseline IGCC SCL–IGCC

Total plant cost ($/kW) 3324 2934
Cost of electricity ($/MWh) 143.1 133.8

reduces the total plant costs by ∼10%, resulting in a reduction in the first year
cost of electricity (COE) from $143/MWh (2011 $) for the baseline case to
$134/MWh (2011 $) when adopting the SCL reactor system. The case of natural
gas as the feedstock, the SCL process is capable of replacing the conventional
steam–methane reformer to produce high purity H2 as an industrial gas product.
The SCL’s oxidizer reactor is capable of producing high purity H2 without the
need for additional gas–gas separation units, which represent nearly 75% of the
capital cost in a conventional SMR process for industrial H2 production.

Over 450 h of operation of the 25 kWth SCL sub-pilot unit at the OSU clean
energy research facility have been completed with smooth solids circulation and
efficient reactor operation. Sample results from a continuous three-day demon-
stration, illustrated in Figure 1.12, indicate that nearly 100% of the simulated
syngas was converted to CO2 and H2O in the fuel reactor with 99.99% purity H2
produced from the oxidizer. Figure 1.13 summarizes three test conditions where
the steady state fuel conversion results were compared to the theoretical expected
fuel reactor performances for a counter-current moving bed and fluidized bed
reactor.

A pressurized 250 kWth–3 MWth SCL pilot plant was constructed at the suc-
cessful completion of the 25 kWth sub-pilot demonstration. This pilot plant, con-
structed at the National Carbon Capture Center in Wilsonville, AL, represents
the first large scale demonstration of a high pressure chemical looping process for
high purity H2 production. Figure 1.14a shows a picture of the constructed SCL
pilot plant and Figure 1.14b shows sample results of the fuel reactor conversion
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Figure 1.14 Photo of 250 kWth–3 MWth SCL pilot plant at NCCC (a) and sample results of the
fuel reactor performance (b).

profile. The demonstration results, using the syngas as feedstock from Kellogg
Brown & Root (KBR’s) transport gasifier, are consistent with the thermodynamic
predictions from ASPEN and sub-pilot scale experiments. Further operation of
the SCL pilot plant are ongoing for continuous high purity H2 production for
gasified coal.
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1.4.3 Coal Direct Chemical Looping Process Development

CDCL process represents an advanced oxy-combustion technology for CO2 cap-
ture that does not require molecular oxygen produced from air separation unit
(ASU). Figure 1.3 illustrates the fuel reactor design for the CDCL process for the
counter-current operation to produce high purity CO2 while maintaining high
oxygen carrier conversion. Figure 1.15a is a simplified process flow diagram for
the integration of the CDCL process with a supercritical steam cycle for power
generation with >90% CO2 capture. Babcock & Wilcox Power Generation Group
(B&W) in collaboration with OSU performed a TEA of the CDCL process at the
550 MWe capacity. The reactor sizing and conceptual design of the power plant
were completed (shown in Figure 1.5b) and incorporated into the fixed capital
cost model. Table 1.3 summarizes the economic assessment of the CDCL process
in comparison to a pulverized coal power plant without CO2 control and a plant
with an amine scrubber for post combustion CO2 capture [49–51]. The CDCL
process achieves 96.5% carbon capture efficiency with a 26.8% increase in COE
compared to a conventional pulverized coal supercritical steam power plant with
no CO2 control. When compared to the 63.7% increase in COE required for post
combustion CO2 capture with amine scrubbers, the CDCL process is considered
a promising approach to mitigate CO2 emissions in power generation from fossil
fuels. The major cost savings achieved in the CDCL plant is due to the simplicity
of the chemical looping reactor design to achieve full fuel conversion in a sin-
gle loop. Further, Figure 1.15a and Table 1.3 indicate that the capital costs of the
CDCL reactor system is offset by the replacement of the pulverized coal boiler.
Additional equipment requirements for the CDCL process are limited to the CO2
conditioning stream for sulfur removal and CO2 compression for transportation.

The CDCL process has been demonstrated at the 25 kWth sub-pilot scale
for over 1000 h of operation with solid fuels ranging from woody biomass to
anthracite coals [32–34, 52–55]. A continuous 200-h demonstration of sub-pilot
unit was completed in 2012 showing nearly 100% coal conversion to CO2 with
no carbon carryover to the air reactor. Figure 1.16 shows sample data collected
on the gas composition collected from the fuel and air reactor during the 200-h
demonstration.

Recent efforts have been directed to characterize the fate of sulfur species in
the coal to verify the necessity of a flue gas desulfurization (FGD) device on each
of the gas outlets. The tests were conducted using sub-pilot CDCL reactor sys-
tem shown in Figure 1.17a. The gas sampling conditioning system used for the
fuel and air reactor was designed to ensure the sulfur species was maintained
in the gas phase during condensate removal. Figure 1.18 summarizes the sulfur
balance between the fuel and air reactor gas outlets and the residual amount in
the ash when Powder River Basin (PRB) sub-bituminous coal is used as the fuel
input. The results show that <5% of the sulfur is emitted from the air reactor
gas outlet which corresponds to a lower emissions rate than the Environmental
Protection Agency regulation requirement of <1.4 lb sulfur/MWgross. Thus, the
sub-pilot CDCL operations indicate the use of a FGD unit on the flue gas stream
of the air reactor is not required. The success of the 25 kWth sub-pilot CDCL
testing unit led to the construction of a 250 kWth pilot unit. Figure 1.17b shows
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Table 1.3 Comparison of the CDCL chemical looping technology for CO2 capture
with a base amine based CO2 capture plant.

Base plant MEA plant CDCL plant

Coal feed (kg h−1) 185 759 256 652 205 358
CO2 capture efficiency (%) 0 90 96.5
Net power output (MWe) 550 550 550
Net plant HHV efficiency (%) 39.3 28.5 35.6
Cost of electricity ($/MWh) 80.96 132.56 102.67
Increase in cost of electricity (%) — 63.7 26.8

MEA, mono-ethanol-amine and HHV, high heating value.
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Figure 1.16 (a) Carbon conversion profile for CDCL operation, s-2; (b) fuel reactor gas outlet
composition for long-term CDCL operation.

the constructed pilot unit at B&W’s Research Center in Barberton, OH. The pilot
unit operations will analyze the scale up factors for the coal feed distribution in
the moving bed fuel reactor and the performance of the fuel reactor under adia-
batic operating conditions. Construction and assembly of the unit was completed
and the component and reactor commissioning activities have commenced. Unit
testing with coal feed is anticipated to be completed in early 2017.
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(a) (b)

Figure 1.17 Photo of the 25 kWth sub-pilot CDCL unit (a) and the 250 kWth CDCL pilot unit (b).
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1.5 Co-current Moving Bed Fuel Reactor Applications
in Chemical Looping Processes

Co-current moving bed reactor system is directed for partial oxidation of solid
and gaseous fuels to syngas. The present section describes two applications of the
co-current moving bed fuel reactor for coal and natural gas conversion.

1.5.1 Coal to Syngas Chemical Looping Process

The CTS chemical looping process was developed for a high efficiency conver-
sion of solid fuels to syngas [56]. The CTS process uses a co-current moving bed
fuel reactor for producing syngas and a fluidized bed air reactor for regenerating
the reduced oxygen carrier material. The CTS process produces a flexible ratio
of H2:CO syngas at >90 vol% purity, eliminating the need for molecular oxygen
from an ASU and water–gas sift reactor for H2 upgrading. A case study of this
chemical looping process was performed where the CTS process was integrated
with a 10 000 tonne d−1 methanol production plant to quantify the efficiency
advantages associated with the CTS system compared to a conventional coal
gasification process. The overall process flow for a coal to methanol plant,
using the CTS coal gasification technology is shown in Figure 1.19. Table 1.4
summarizes the economic comparison of the CTS technology to a conventional
gasification technology when integrated into a methanol production plant. As
compared to the methanol synthesis plant using a conventional coal gasifier, a
28% reduction in the total plant capital cost is obtained when using the CTS
technology. Further, the total coal input is reduced by ∼14% due to higher
carbon efficiency of the CTS process for coal gasification. The combined capital
and operating cost reduction results in a 21% lower methanol required selling
price than the baseline technology with 90% CO2 capture. The CTS is also under
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Table 1.4 Comparative summary of capital costs and cost of methanol production
for the CTS case and the conventional baseline case.

Case (2011 MM$)
Baseline with
90% CO2 capture

Baseline without
CO2 capture CTS

CO2 capture (%) 90 0 90
Total plant costs 4775 4568 3497
Total as spent capital 6852 6580 5003
Capital costs ($/gal) 1.23 1.18 0.89
Required selling price ($/gal) 1.78 1.64 1.41

development for power generation applications. Preliminary results have indi-
cated that a CTS-IGCC plant can achieve the targeted regulation requirement
for new coal-fired power plants of 1400 lbs CO2/MWhgross with CO2 control
equipment due to the high cold gas efficiency of the CTS process for syngas
generation. This is obtained without the addition of molecular oxygen and is
expected to provide significant cost savings in the electricity generation plant.

The CTS co-current moving bed concept was tested in a 2.5 kWth bench-scale
unit with sub-bituminous and bituminous coal over a range of operating
conditions. Coal co-fed with steam and CH4 were investigated to analyze their
impact on the syngas yield and H2:CO ratio. Representative data collected
from two operating conditions for coal feed and coal and CH4 co-feed are
shown in Figure 1.20. From this figure, when only sub-bituminous coal was
used as the reducing fuel in the fuel reactor, a syngas purity of ∼90% was
achieved – consistent with thermodynamically expected performance. A H2:CO
molar ratio of 0.65 was recorded at steady-state conditions, which was expected
based on the H:C atomic ratio inherent in the coal feed. The amount of coal
volatiles emitted from the fuel reactor was considered minimal due to the
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Figure 1.20 Exemplary syngas composition from CTS bench unit experiments. (a) PRB coal
only. (b) PRB coal with steam and CH4.
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negligible concentrations of CH4 observed. A carbon conversion of 93% was
estimated for this test condition. Further experiments were performed for
co-feeding CH4 and/or steam to increase the ratio of H2:CO in the syngas
produced from the fuel reactor for demonstrating the versatility of the CTS
technology for multiple product synthesis applications. Figure 1.20b, confirms
the ratio can be adjusted by co-feeding these H2 containing reactants. The
specific test case presented in Figure 1.20b produced a syngas stream with a
H2:CO molar ratio of ∼1.7, three times greater than the H2:CO ratio produced
when only coal feed is used, and with CO2 concentrations of <10%. The results
show the CTS process can adjust the H2:CO ratio produced from the fuel reactor
while maintaining a syngas purity of >90%. The versatility of the CTS process
allows the process to be applicable to a range of high value chemical and fuels
while eliminating the need for H2 upgrading units such as the water–gas shift
reactor and the use of molecular oxygen supplied from an ASU.

1.5.2 Methane to Syngas Chemical Looping Process

The chemical looping methane to syngas (MTS) process uses iron–titanium
composite (ITCMO) materials to perform redox reactions that partially oxidize
natural gas to syngas. The unique combination of a co-current downward
moving bed and ITCMO particles enables the MTS process to eliminate the
need for molecular oxygen, lower the temperature of operation, and significantly
reduce the steam and natural gas consumption for an equivalent amount of
liquid fuels production. The MTS process consists of a co-current moving
bed fuel reactor integrated with a dense-phase fluidized bed air reactor to
regenerate the reduced oxygen carriers. The co-current moving bed reactor
operation ensures the syngas product produced achieves the thermodynamically
expected performance based on the ITCMO oxygen carrier properties. The
heat released from the regeneration of the oxygen carriers in the air reactor is
used to compensate for the endothermic methane reforming reaction in the fuel
reactor and any additional parasitic energy requirements in the overall chemical
processing plant. The conditioned syngas produced from the MTS process can
be used for industrial H2 gas supply, liquid fuel synthesis, chemical production,
or many other applications due the flexibility of the H2:CO ratio produced.

Figure 1.21 illustrates the process flow diagram for the integration of the MTS
process into a conventional gas to liquid (GTL) plant for the synthesis of liquid
fuels at a 50 000 barrel d−1 production capacity. The baseline GTL plant contains
an natural gas auto-thermal reformer (ATR) for syngas generation and recycles
a fuel gas stream consisting mainly of light hydrocarbons (C1–C4). A chemical
looping model was developed to compare the auto-thermal operation of the MTS
process that is scaled to produce an identical amount of CO and H2 to match
the downstream liquid fuel synthesis units of the baseline comparison case. The
performance results for the MTS plant using the co-current moving bed fuel reac-
tor is summarized in Table 1.5. The metal oxide composites coupled with the
co-current gas–solid contact pattern for the fuel reactor allows the MTS process
to achieve a high syngas yield with less than 3% (v/v) CO2 produced in the syngas
product and a negligible carbon deposition on the oxygen carriers. Compared to
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Figure 1.21 MTS process for syngas generation coupled with F–T complex for producing
50 000 bpd of liquid fuel.

conventional GTL process with ATR (utilizing 19 849 kmol h−1 of natural gas),
the STS process requires 11% (v/v) less natural gas feed to produce an equiv-
alent amounts of liquid fuel. Further, the MTS process eliminates the need for
an energy intensive ASU. These combined benefits decrease the parasitic energy
requirements of the syngas generation unit by 60% (kWe basis). This results in
twice the net power output generated from a GTL–MTS plant.
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Table 1.5 Overall integrated performance of the STS process in a full-scale gas to
liquids plant.

Component Base case MTS (10 atm)

Natural gas flow(kg h−1) 354 365 317 094
Natural gas flow (kmol h−1) 20 451 18 300
H2O/Cinput 0.68 0.249 9
H2/CO 2.19 2.18
Stoichiometric number (S) 1.59 1.96
Total liquid fuel (gasoline+ diesel) (bbl d−1) 50 003 50 003
Net plant power (kWe) 40 800 85 000

The improved process efficiency of chemical looping system translates into
an economic advantage in terms of total plant capital and operating costs. The
capital cost reduction is driven by the process intensification where a single MTS
reactor system can replace multiple unit operations in a conventional GTL plant,
such as the ASU, the ATR for syngas generation, and the pre-reformer, into a
single chemical looping unit operation. The elimination of these multiple unit
operations translates to a higher capital cost savings, process thermal efficiency,
and product yield. The economic analysis shows that the total plant cost for
a 50 000 barrel d−1y GTL plant can be reduced from ∼$86 000 barrel d−1 for
a conventional GTL plant with ATR (2011 $) to ∼$70 000 barrel d−1 (2011 $)
when incorporating the MTS chemical looping reactor system. The reduction in
operating costs for the chemical looping system are mainly due to a reduction in
natural gas flow. The higher methane conversion to syngas achieved by the MTS
chemical looping process is due to the combination of thermodynamics of the
ITCMO oxygen carrier and the co-current moving bed fuel reactor. At natural gas
price of $2/MMBtu, a MTS–GTL process will remain economically competitive
even when West Texas Intermediate crude oil prices are as low as $40/bbl.

1.5.3 CO2 Utilization Potential

The performance estimates for the MTS shown in Table 1.5 assumed only natural
gas and steam are used as the reacting gases in the fuel reactor [35, 57]. However,
the quantity of syngas produced relative to the natural gas feed can be further
increased by using CO2 as a feedstock for the fuel reactor. The CO2 reactant in
combination with natural gas and steam co-feeding ensures the desired H2:CO
ratio syngas is generated for the required downstream chemical synthesis. Thus,
the increase in the syngas production with CO2 co-feed for a fuel reactor oper-
ation leads to further savings in natural gas flow beyond the 11% value shown
in Table 1.5. CO2 reaction parameter (CRP) is defined as CO2 input to the fuel
reactor divided by the CO2 output from the fuel reactor. A CRP value of greater
than 1 implies that the fuel reactor is consuming more than it is producing, acting
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Figure 1.22 CRP variation as a function of steam molar input and CO2 molar input at a natural
gas flow of 15 300 kmol h−1, Fe2O3:C molar ratio of 0.85, P = 1 atm and T = 900 ∘C.

Table 1.6 MTS system performance with CO2
co-injection for a natural gas flow of 15 300 kmol h−1,
Fe2O3:CH4 ratio of 0.33 and a CRP= 2.

CO2 in
(kmol h−1)

CO2 out
(kmol h−1) CRP

H2O
(kmol h−1) H2:CO

3 500 1 748 2.00 4 800 1.89
5 000 2 488 2.01 5 600 1.80
6 500 3 246 2.0 6 300 1.72
8 000 3 990 2.05 6 800 1.64
9 500 4 742 2.0 7 200 1.57
10 000 4 992 2.0 7 300 1.54

as a net CO2 sink. The set of conditions where CRP is greater than 1 are typically
quantified by plotting CRP values as a function of CO2 and H2O injection flows
as shown in Figure 1.22. An example of the variation of syngas production per-
formance with varying CRP values is shown in Table 1.6.

The MTS chemical looping system with CO2 requires only 16 000 kmol h−1 of
natural gas for producing 50 000 bpd of liquid fuel, which translates to a reduction
in the natural gas consumption of 22% over the baseline system. A 22% reduction
in natural gas flow results in an annual cost saving of $60 million as compared
to the baseline plant, when assuming a natural gas price of $2/MMBtu and 90%
production capacity. The process performance suggests that the MTS process is
a potential approach to CO2 utilization for chemical synthesis.

1.5.4 MTS Modularization Strategy

Chemical looping processes are inherently low capital cost intensive systems due
to their ability to reduce the number of unit operations to generate the desired
product. Thus, researchers have engaged in designing modular chemical looping
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systems that can be cost-competitive processes even at smaller fuel processing
capacities. Modular reactor designs are advantageous in increasing the operation
flexibility of a chemical plant and can open opportunities for utilizing remote
or stranded resources currently uneconomical to process. A modular reactor
design for the MTS process suggests an increased syngas production efficiency
is achieved by adjusting the fuel and reactant feed conditions in each module.
Referring to Figure 1.23, the addition of CO2 as a reactant results in a nonlin-
ear syngas production trend from the fuel reactor, and, thus, can be exploited to
maximize syngas production while maintaining the desired H2/CO ratio [35]. The
detailed material balance for the chemical looping module is shown in Table 1.7.
The modularization strategy application reduces the natural gas consumption to
15 200 kmol h−1 for production of 50 000 barrel d−1 of liquid fuels.

A schematic design of the OSU 10 kWth MTS fuel reactor test apparatus is given
in Figure 1.24a. Multiple tests with the sub-pilot apparatus at varying CH4: oxy-
gen carrier flow ratios and reactant (i.e. CO2 and H2O) co-feed rates to verify that
the experimental performance of the co-current moving bed reactor to match the
thermodynamically expected syngas yields. Figure 1.24b is a sample gas profile
from the co-current moving bed fuel reactor showing nearly full fuel conversion
to syngas. Table 1.8 summarizes the operating conditions and results in compar-
ison with the thermodynamic values. The results show the sub-pilot co-current
moving bed fuel reactor can achieve >99% CH4 feed conversion with 91.3% syn-
gas purity and a CO:H2 ratio of 1.89. Table 1.8 shows the experimental results
match well with the thermodynamically expected syngas yield.



Table 1.7 Material balance for the two-reactor modular chemical looping system shown in Figure 1.23.

Air CO2 CYCS FG1 FG2 NG1 NG2 NG3 OC1 OC2 Spent air Steam Syngas

Temperature (∘C) 900 900 1 150 900 900 900 900 900 1 150 1 150 1 150 900 755
Pressure (atm) 1 1 1 1 1 1 1 1 1 1 1 1 1

All flows (kmol h−1)
Total flow 30 549 7 800 89 500 16 293 6 983 10 123 4 408 669 62 650 26 850 26 263 16 800 94 835
CH4 0 0 0 520 223 9 425 4 104 623 0 0 0 0 359
H2O 0 0 0 21 9 0 0 0 0 0 1 342 16 800 11 786
CO 0 0 0 2 248 964 0 0 0 0 0 0 0 20 720
CO2 0 7 800 0 161 69 101 44 7 0 0 697 0 6 918
H2 0 0 0 6 602 2 829 0 0 0 0 0 0 0 45 491
Fe2O3 0 0 9 948 0 0 0 0 0 6 964 2 984 0 0 0
N2 24 134 0 0 6 528 2 798 162 71 11 0 0 24 143 0 9 556
O2 6 415 0 0 0 0 0 0 0 0 0 79 0 0
n-C4H10 0 0 0 11 5 40 18 3 0 0 0 0 0
TiO2 0 0 79 552 0 0 0 0 0 55 686 23 866 0 0 0
FeTiO3 0 0 0 0 0 0 0 0 0 0 0 0 0
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Figure 1.24 (a) Schematic of 10 kWth co-current moving bed fuel reactor test unit and (b) fuel reactor gas outlet composition profile during demonstration of
the 10 kWth fuel reactor.
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Table 1.8 Key experiment and simulated performance
data of 10 kWth sub-pilot STS reactor.

Experimental
results

Theoretical
limit

[O]:CH4 2.2
Temperature (∘C) 975
CH4 conversion (%) >99.9 99.96
H2:CO 1.89 1.91
CO:CO2 11.8 12.2

1.6 Concluding Remarks

Moving bed fuel reactors are used in chemical looping processes as advanced
energy conversion systems. The packed moving bed fuel reactor can be operated
in the co-current and counter-current modes with respect to the gas–solid
contact pattern. A counter-current moving bed fuel reactor is advantageous for
full fuel conversion to CO2 and H2O while maximizing oxygen utilization of the
oxygen carrier. The co-current moving bed fuel reactor is used for the partial
oxidation of carbonaceous fuels to syngas where the precise control of the solid
and gas residence times ensures the thermodynamic limits of the syngas purity
and ratio produced can be achieved. Design considerations for sizing the moving
bed fuel reactor and dense fluidized bed air reactor with respect to fuel process
capacity, operating temperature, and oxygen carrier properties were discussed.
Consideration was also provided for types of gas-sealing and solid flow control
valves for integrated the operation of fuel and air reactors. The SCL and CDCL
processes are exemplary chemical looping processes that use count-current mov-
ing bed fuel reactors. The CDCL process is an advanced oxy-combustion process
for power generation capable of exceeding 90% CO2 capture with minimal
increase in COE (∼26.8% compared to base pulverized coal power plant without
CO2 capture). Sub-pilot demonstrations confirm that nearly 100% CO2 capture
can be achieved and sulfur emissions from the air reactor are below the Environ-
mental Protection Agency (EPA) emissions limit. The SCL has been scaled to a
high pressure 250 kWth–3 MWth pilot plant and demonstrated for high purity H2
production with CO2 capture from gaseous fuels such as gasified coal syngas. The
CTS and MTS process represent exemplary co-current moving bed fuel reactor
chemical looping processes for the partial oxidation of solid and gaseous fuels,
respectively, to syngas. Experimental studies at bench and 10 kWth sub-pilot scale
show the co-current moving bed fuel reactor design is capable of achieving prod-
uct syngas purity and H2/CO ratios at the thermodynamically predicted limits.
When CO2 is used as the feedstock to the co-current moving bed fuel reactor, the
amount syngas produced can be increased substantially. A nonlinear relationship
between the syngas produced relative to the CO2 input can be exploited in a mod-
ular chemical looping reactor system design to substantially reduce the amount
of natural gas consumed to produce an equivalent amount of syngas – over 25%
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reduction in natural gas consumption compared to conventional ATR of natural
gas. Thus, the simplicity of the moving bed fuel reactor design combined with its
versatility and efficiency show this design is a viable approach chemical looping
processes as proven by the experimental and modeling results.
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Single and Double Loop Reacting Systems
Justin Weber

National Energy Technology Laboratory, U. S. Department of Energy, 3610 Collins Ferry Road, Morgantown,
WV, 26507, USA

2.1 Introduction

Bubbling fluidized beds and circulating fluidized beds have now been developed
for over a century, being used successfully at industrial scale with applications
such as fluid catalytic crackers (FCCs) and coal combustion. Fluidized-type reac-
tors excel at gas–solid reactions, providing good gas–solids contact, excellent
solids mixing, fuel flexibility, and high heat transfer coefficients. Typical particle
sizes for fluidized systems (100–500 μm) allow for large specific surface areas,
allowing higher reaction rates. Solids can be added and removed continuously
with non-mechanical valves controlling the flow of solids, facilitating continuous
processes. Thus, it is not surprising that this is the most popular approach to
chemical looping reactors, with both air and fuel reactors utilizing a fluidized or
circulating fluidized bed. The use of a fluidized bed in a chemical looping-like
process even dates to one of the original works, US Patent 2665971, filed May 12,
1946 [1]. One of the first continuous looping reactors, Chalmers University of
Technology’s 10 kWth chemical looping reactor, consisted of two interconnected
fluidized beds [2].

In many respects, a single loop chemical looping combustion process with
bubbling fluidized bed reactors is similar to commercial catalytic crackers,
Figure 2.1. Both have two bubbling fluidized bed reactors, connected with solids
flow control devices, move significant quantalities of granular solids, and have
a riser to lift solids. One reactor regenerates the solids while the other reactor
cracks or oxidizes the fuel. The chemical looping process is also very similar to
Dupont’s process for the production of maleic anhydride via partial oxidation of
butane, which used a vanadium phosphorus oxide catalyst circulated between a
reactor that consisted of a riser and a fluid bed regenerator [4].

Several experimental units have been constructed around the world, ranging
in size from 0.5 kWth to a pilot-scale unit at 3 MWth [5]. The units combine many
different multiphase flow reactors, such as fluid beds, spouted beds, and risers.
They also use a variety of gas sealing and flow control devices known as non-
mechanical valves such as L-valves, loop seals, and seal pots. There is a plethora

Handbook of Chemical Looping Technology, First Edition. Edited by Ronald W. Breault.
© 2019 Wiley-VCH Verlag GmbH & Co. KGaA. Published 2019 by Wiley-VCH Verlag GmbH & Co. KGaA.



42 2 Single and Double Loop Reacting Systems

Reactor

Regenerator

Fuel reactor

Air reactor

Fluid catalytic cracker Single loop chemical looping

Figure 2.1 Simple sketches of a fluid catalytic reactor and a single loop chemical looping
reactor. The chemical looping reactor sketch was inspired by the 10 kWth unit at Chalmers
University of Technology, Sweden, and the 10 kWth unit at the Department of Energy and
Environment, Instituto de Carboquímica, Spain. Source: Lyngfelt and Thunman 2005 [2] &
Adanez et al. 2006 [3].

Figure 2.2 National Energy
Technology Laboratory’s
50 kWth chemical looping
reactor.

of potential designs that can be envisioned, with the goal of developing the highest
performing system in terms of fuel conversion, carbon capture efficiency, relia-
bility, and carrier life (attrition, agglomeration, etc.) (Figure 2.2).

Experiments have been conducted with various oxygen carriers, both com-
modity carriers such as natural ores and waste products, and completely
manufactured carriers. These carriers include various metal oxides, such as
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iron, copper, nickel, and manganese, as well as calcium carbonate (limestone).
A variety of fuels have also been tested including gaseous fuels (syngas, methane),
liquid fuels (ethanol, kerosene, oil, sewage sludge), and solid fuels (biomass,
petcoke, coal). These experimental units have amassed significant operating
experience, demonstrating combustion efficiencies above 98% and carbon
capture efficiencies above 97% (Table 2.1).

2.2 Reactor Types

Typical reactor types used in single and double loop chemical looping systems
include fluidized beds, spouted beds, and risers, Figure 2.3. Reactors need to
be appropriately designed for the oxygen carrier that will be used in the unit.
Typically, fluidized beds are used with Geldart Group A and B particles, while
spouted beds are used for group D particles. Risers are best used with smaller
particles, group C, A, and B, because as the particles get larger, high gas veloci-
ties are required to lift the solids, increasing blower power requirements. Almost
all chemical looping configurations have some type of riser because solids need
to be lifted in order to take advantage of gravity to flow the solids between the
reactors and around the loop.

Most of the constructed chemical looping systems consist of fluidized beds and
risers (Alstom, Chalmers University of Technology, Technische Universitat Wien,
Instituto de Carboquímica, Korea Institute of Energy Research, National Energy
Technology Laboratory). There are a couple units that use a spouted bed for the
fuel reactor (Southeast University, China, University of Kentucky).

One of the challenges with using these reactors is that they were developed
and applied to reaction systems where the solid is the material that needs to be
reacted with the gas. In coal combustion, the solid fuel is burned with gaseous
oxygen and stays in the system until it has been converted to ash. In coal gasifi-
cation, the coal is reacted with steam and carbon dioxide. In the fuel reactor in
chemical looping combustion, the reaction process is the other way – the gaseous
fuel (natural gas, volatiles, gasification products) need to react with solid. In other
words, in chemical looping combustion, we care about converting all the gaseous
fuel as opposed to coal combustion where we care about converting all the
solid fuel.

This same issue was realized when the fluidized bed Fischer–Tropsch synthesis
plant in Brownsville, TX, did not achieve the performance predicted based on
the pilot plant [6]. Till that point, fluidized bed processes either did not require a
high degree of conversion (FCC) or were easily achievable (roasting and drying)
[6]. The failure of the process was attributed to bubble dynamics and their role
in scale-up, which was eventually corrected, allowing the process to achieve the
target performance [6].

This difference presents a significant challenge in the application of these
reactors to chemical looping combustion. Any gaseous fuel that bypasses or
does not encounter the solids will not be converted, decreasing the combus-
tion efficiency of the process. If complete combustion does not occur, then
downstream catalytic or oxygen-polishing steps might be required to meet or



Table 2.1 Unit Summary: Tabulated here are selected units from around the world that consist of a single loop or double loop design utilizing fluid beds,
spouted beds, and/or risers as part of the loop with fuel inputs of 50 kWth and greater. The entries are sorted by thermal size.

Group Location Size Fuel(s) Carrier(s)
Fuel
conversion

Capture
efficiency Reactors

Alstom, USA [14] Bloomfield,
CT, USA

3 MWth Coal Limestone Two interconnected
circulating fluidized beds

Chalmers University of
Technology [31]

Göteborg,
Sweden

1.4 MWth Biomass Ilmenite, Mn ore 45–60% Bubbling bed (fuel reactor
(FR)), circulating fluidized
bed (air reactor (AR))

University of Darmstadt [21, 32] Darmstadt,
Germany

1 MWth coal, torrefied
biomass

ilmenite, iron ore 56–73% 46–66% Two interconnected
circulating fluidized beds

University of Utah [33, 34] Salt Lake City,
UT, USA

200 kWth CH4, Coal CuO Two interconnected
circulating fluidized beds

Korea Institute of Energy
Research (KIER) [35]

Daejeon,
Korea

200 kWth CH4 NiO 99.2% Two interconnected
circulating fluidized beds

SINTEF [9] Trondheim,
Norway

150 kWth CH4 CuO 90–98% Two interconnected
circulating fluidized beds

Technische Universitat Wien
[13, 36]

Vienna,
Austria

140 kWth H2, CO, CH4 Ilmenite, NiO, CuO 92+% Two interconnected
circulating fluidized beds

Chalmers University of
Technology [22]

Göteborg,
Sweden

100 kWth Coal, petcoke,
wood char

Ilmenite, iron ore,
manganese ore [15]

75–84% 95.5–99% Two interconnected
circulating fluidized beds

Huazhong University of Science
& Technology (HUST) [37]

Wuhan,
China

50 kWth Coal Iron ore Bubbling bed (FR),
Turbulent bed (AR)

Instituto de Carboquímica
(ICB-CSIC) [19]

Zaragoza,
Spain

50 kWth Coal Ilmenite, iron ore,
Cu/Fe/MgAl2O4

85–92% 63–90% Turbulent bed (FR),
Bubbling bed (AR)

Korea Institute of Energy
Research (KIER)

Daejeon,
Korea

50 kWth CH4, syngas NiO, CoO 99.4+% Bubbling bed (FR),
Bubbling bed (AR)

National Energy Technology
Laboratory [26]

Morgantown,
WV, USA

50 kWth CH4 Hematite, promoted
hematite, Cu/Fe

40–90% Bubbling bed (FR),
Turbulent bed (AR)

Southeast University [24] Nanjing,
China

50 kWth Coal Iron ore 81–85% 83–87% Turbulent bed (FR),
Turbulent bed (AR)
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Figure 2.3 Typical reactor types. Fluidized Bed Spouted Bed Riser

exceed carbon dioxide pipeline standards. This could add significant costs to the
overall system.

2.2.1 Fluid Beds

Fluid beds are simply cylindrical or rectangular containers that hold a “bed” of
granular material. At the bottom of the bed is a gas distributor that uniformly
introduces gas across the bed area. This gas moves through the bed at a given gas
velocity, establishing a pressure gradient. Once the pressure drop across the bed is
sufficient to support the weight of the particles, the bed is considered incipiently
fluidized. The gas velocity at this point is known as the minimum fluidization
velocity, Umf. Fluidized beds are predominantly used with Geldart type B (typ-
ically 100–1000 μm in diameter), or sand-like particles. Typical oxygen carriers
fall into this category of solids.

Fluid beds are attributed with good gas–solid contact as well excellent solids
mixing. The mixing of solids allows fluid beds to have a near uniform temperature
as well as excellent heat transfer. However, gas can bypass contact with the solids
if it travels through the bubble phase. This gas will not have a chance to react with
the solids, causing gaseous fuel to be emitted from the reactor.

As fluid beds scale and the diameters and bed heights increase, this issue will
get worse because bubble diameters are related to the bed height and reactor
diameter. As the bed height increases, the bubbles have more opportunity to coa-
lesce into larger bubbles, providing more volume for gas bypassing, similarly for
bed diameter. Baffles, variable diameters, or staged reactors may be needed to
ensure that the gaseous fuel contacts the solids, maximizing the conversion of
the fuel.

2.2.2 Spouted Beds

In many respects, spouted beds are similar to fluid beds except that they typ-
ically operate with larger Geldart group D materials (generally, 1 mm particle
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diameters and above). A high gas velocity spout is established in the center of
the bed, carrying and ejecting solids into the freeboard. The solids that are car-
ried into the freeboard develop a fountain, where the solids rain back down in the
annulus. This flow pattern establishes a strong recirculation of solids in the bed
that is proportional to the spout gas velocity.

It is uncertain whether a spouted bed could perform well as a fuel reactor.
Generally, the spout is a high velocity region with very low solids concentrations.
Any gaseous fuels that enter the spout will have little chance to interact with the
solid carrier, leaving the bed unreacted [7].

Regardless, there are groups investigating the use of a spouted bed as a fuel
reactor for solid fuels. Shen et al. at Southeast University demonstrated coal com-
bustion efficiencies upward of 92% and carbon capture efficiencies of 80% in a
1 kWth spouted bed reactor [8].

2.2.3 Risers

Risers operate at much higher gas velocities as compared to fluid beds, above the
transport velocity of the granular material. At these gas velocities, the solids are
dispersed across the diameter, with average solids concentrations typically less
than 10%, although due to interactions between the wall and the solids, solids
concentrations at the wall can be much higher, even packed. Depending on the
gas velocity (Ug) and solids flux (Gs), the riser can be operated in many differ-
ent flow regimes including dilute transport, transport, core–annular, and dense
suspension.

Risers are found in almost all multiphase flow processes such as fluid catalytic
cracking, circulating fluidize bed combustors, and transport integrated gasifica-
tion (TRIGTM) gasifiers. Similarly, almost all proposed and constructed chemical
looping reactors have a riser because the solids need to be elevated or raised
at some point in the process so that gravity can be utilized to move the solids
through the rest of the loop. Utilizing gravity to move the solids allows gas to
move in the opposite direction of the solids velocity. This opposing flow is critical
to establishing gas sealing between the reactors. Some designs utilize the com-
ponent as a reactor (fuel and/or air reactor) as well.

Risers that are typically used as reactors in industry are focused on converting
the solids as opposed to the gas, leading to some concern about the effective-
ness of the riser to convert all the gas in a chemical looping system. However,
there are several chemical looping reactors that use a riser as the fuel reactor,
successfully converting the gaseous fuel, such as CH4 or syngas, to CO2 and
H2O. The 150 kWth reactor at SINTEF has demonstrated CH4 fuel conversions of
98% [9].

In an attempt to increase the gas–solid contact and increase the particle resi-
dence time in the riser, the addition of internals has been proposed [10]. These
internals cause disturbances in the riser flow, increasing the solids concentration,
Figure 2.4.
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Figure 2.4 Riser internals proposed to
increase solids concentrations, leading
to increased gas/solids contact.
Source: Guío-Pérez et al. 2014 [11].
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2.3 Gas Sealing and Solids Control

Gas sealing between the reactors is important to achieve and maintain high
carbon capture efficiencies. If any carbon-containing gases leak to the air reactor,
those gases will be readily combusted with oxygen and be mixed in a predom-
inantly nitrogen-based gas stream, decreasing the carbon capture efficiency of
the process. Similarly, nitrogen needs to be prevented from leaking into the
fuel reactor from the air reactor. If significant nitrogen does leak into the fuel
reactor, the carbon dioxide purity will decrease, preventing the ability to utilize
the stream for other applications or sequester the carbon dioxide, defeating the
advantage that chemical looping has over other capture technologies.

Various devices can be used to help prevent gas leakage, such as loop seals,
seal pots, and non-mechanical valves. These devices establish pressure gradients
that discourage the flow of gas from one reactor to another. In many configu-
rations, the highest pressure in the unit will be located in one of these devices.
Gas injected on either side of this highest pressure will stay on that side, as long
as these units are operated in a controlled manner so that solids columns are
not lost. If solids columns are lost and the highest pressure is no longer located
in the non-mechanical valve, then gas can backflow through the valve. These
non-mechanical valves have been demonstrated to seal the gases between the two
reactors with experimental carbon capture efficiencies reported in the literature
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Figure 2.5 Non-mechanical valves.

typically greater than 90%, even with solids fuels. Some units have demonstrated
reaching carbon capture efficiencies higher than 98% [12].

Non-mechanical valves also provide a restriction where the flow of solids
through the component can be controlled by varying the amount of gas or
aeration. These are particularly useful components when the flow rate of solids
needs to be controlled. With small benchtop reactors, these valves typically
consist of a small diameter (around 2.5 cm) pipe with long horizontal sections.
At these sizes, the propensity of the solids to bridge the pipe and plug are high,
leading to operational issues. These issues will diminish as units are scaled from
benchtop to pilot-scale reacting systems.

Typical non-mechanical valves include L-valves, J-valves, and reverse seal.
Loop seals and seal pots can also be operated as a valve. The shape of the valve
flow path is typically described by the name, Figure 2.5.

2.4 Single Loop Reactors

By combining at least two reactors with a couple of gas sealing devices, a simple
single loop reacting system can be configured, Figure 2.6. Single loop reactors
are a class of reacting systems where the solids follow one flow path between the
two (or more) reactors. In these configurations, recirculation of oxygen carriers
in a particular reactor, either the fuel reactor or the air reactor, does not occur.
Systems that utilize a fluidized bed or spouted bed as the fuel reactor typically
follow this design.

2.5 Double (or More) Loop Reactors

Double (or more) loop reactors are a class of reacting systems where the solids
flow path splits, allowing for re-circulation of oxygen carrier in a particular
reactor, typically the fuel reactor. This allows for the residence time of the
oxygen carrier to be significantly increased without increasing the size (diameter
and/or height) of the reactor. A good example of this reactor configuration
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Figure 2.6 Single loop reactor.
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Figure 2.7 Double loop reactor, 140 kWth unit at Technische
Universitat Wien, Austria. Source: Kolbitsch et al. 2009 [13].
Reproduced with permission of American Chemical Society.
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is the 140 kWth unit at Technische Universitat Wien, Austria, Figure 2.7 [13].
This unit was designed to operate in both combustion and reforming regimes
with gaseous fuels and nickel-based oxygen carriers. Alstom also has a double
loop unit, very similar to the Technische Universitat Wien unit, operating with
limestone as the oxygen carrier at a 3 MWth scale [14].

A number of groups, comprising almost all chemical looping reactor units
larger than 100 kWth, have converged to the two interconnected circulating fluid
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bed design including Alstom, Darmstadt, SINTEF, Chalmers, and Technische
Universitat Wien [9, 12, 13, 15]. This design has demonstrated good performance
on both gaseous fuels and solid fuels with a variety of oxygen carriers including
Fe, Cu, Ni, Mn, and Ca-based materials, both manufactured and natural. This
design typically operates at higher solids circulation rates and lower oxygen
carrier inventories as compared to units that utilized fluid beds and spouted
beds. This design also allows re-purposing of existing circulating fluidized beds
by adding another circulating fluid bed to the original unit.

2.6 Solid Fuel Reactors

It is generally assumed that in bubbling and circulating fluidized beds, solid–solid
reactions are irrelevant [12]. Thus, devolatilization of the solid fuel followed
by gasification must happen to produce gaseous products that can then react
with the oxygen carrier. As such, reactor concepts usually take two different
approaches. The indirect process has a dedicated gasifier where the solid fuel
is gasified. This syngas is then fed into the fuel reactor and reacted with the
oxygen carrier compared to the direct process where solid fuel is directly fed
into the fuel reactor. It is generally accepted that coal direct chemical looping is
advantageous because the products of gasification can immediately react with
the oxygen carrier, helping promote the forward gasification reactions. Coal
direct chemical looping also avoids the costs associated with an air separation
unit (ASU) and gasifier.

Solid fuels present several more challenges that need to be overcome when used
in chemical looping reactor systems. Solid fuels create solid waste (ash) that needs
to be removed from the system. Solid fuels also introduce more elements that
need to be dealt with including sulfur, fuel-bound nitrogen, and alkali metals.
Devolatilization can occur rapidly when coal is introduced to the bed, causing gas
bypassing. Finally, unreacted solid carbon can easily be leaked to the air reactor.
If carbon does leak to the air reactor, it will be burned and the resulting carbon
dioxide will not be captured.

2.6.1 Volatiles

As “cold” coal is introduced into a reactor operating between 800 and 1000 C,
rapid devolatilization can occur, producing significant quantities of gas includ-
ing H2O, H2, CO, CO2, CH4, and other larger hydrocarbons. If enough gas is
produced at the coal feed site, larger bubbles or channels could develop, caus-
ing the unconverted species to bypass the bed. Several experimental units have
experienced this issue including the 100 kWth unit at Chalmers, specifically con-
cluding that “contact between oxygen carrier and volatiles is a major issue for the
gas conversion” [12]. If unconverted fuel (H2, CO, CH4, etc.) does leave the fuel
reactor, the plant efficiency decreases. The outlet of the fuel reactor might also
not meet CO2 pipeline requirements, requiring additional flue gas cleanup.

To guarantee that the fuel reactor outlet stream does not have signifi-
cant levels of unconverted volatiles, some proposed systems have included
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Figure 2.8 Two stage fuel reactor.
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“oxygen-polishing” units where pure oxygen is introduced into the fuel reactor
exhaust to oxidize any unconverted gas. An ASU is required to produce the
oxygen, reducing the efficiency of the process.

Some researchers have proposed a two-stage approach to the fuel reactor
design, Figure 2.8 [16, 17]. This two-stage approach also has the advantage of the
fresh oxidized oxygen carrier encountering the volatiles first, providing the best
thermodynamic environment for converting the volatiles, before overflowing
into the char bed.

Gu et al. constructed a 2 kWth two-stage fuel reactor, operating on syngas and
CH4 [18]. By utilizing two beds, CO conversion from syngas was improved by
13–16% points. With the dual-stage configuration, syngas conversion reached
99.2% while CH4 conversion reached 92.9%.

2.6.2 Carbon Leakage

As the oxygen carrier leaves the fuel reactor, char and ash will be dragged along
with the carrier. If the char makes it to the air reactor, the char will be readily
combusted in an oxygen-rich environment. The carbon dioxide formed will be
mixed with nitrogen and emitted from the air reactor into the atmosphere. Any
carbon leaked to the air reactor will not be captured, lowering the carbon capture
efficiency of the process.

There are two ways to prevent significant amounts of carbon from leaking to the
fuel reactor: (i) increase the reaction performance to react with the carbon before
it has the chance to leave the fuel reactor and (ii) insert a carbon separation device
between the fuel and air reactors.

Pérez-Vega et al. have shown that as the temperature in the fuel reactor
increases, resulting in faster kinetics, the carbon capture efficiency of the unit
increases [19]. They theorized that by further increasing the temperature in the
fuel reactor to 1010 ∘C, a carbon capture efficiency of 95% could be achieved [19].

Many researchers have proposed and proved that separation of a lighter and
smaller char particle from the larger and heavier oxygen carrier using an aerody-
namic separation device is possible [20]. The stream of char, and most likely ash,
could then be returned to the fuel reactor, selectively increasing the residence



52 2 Single and Double Loop Reacting Systems

Oxygen carrier

To air reactor

Carbon

To fuel reactor

Carbon and oxygen carrier

From fuel reactor

Fluidization

Figure 2.9 Carbon separation in a fluidized bed.

time of the char in the fuel reactor. This allows the char to have more time to
gasify in the fuel reactor, increasing the carbon capture efficiency and combus-
tion efficiency.

Most researchers have proposed utilizing a fluidized bed or fluidized bed-like
device to cause segregation and separation of the char from the oxygen carrier,
Figure 2.9 [20]. There are only a handful of reacting units that have implemented
such a device [19, 21, 22]. These devices use hydrodynamics to separate the char
from the oxygen carrier.

2.6.3 Ash Separation

Similar to the char separation, ash needs to be removed from the carrier stream.
Ash that does not have any carbon left on it can be allowed to enter the air reactor
without impacting the carbon capture efficiency. However, ash cannot be allowed
to accumulate in the system. Ash can build up and could affect fluidization qual-
ity, or cause agglomerations to form, impacting the flow of solids around the unit.
The composition of the ash could also affect the performance of the oxygen car-
rier, deactivating sites.

Ash could be separated aerodynamically from the oxygen carrier, similar to
the carbon stripper, since ash is significantly lighter and smaller than the oxygen
carrier. This process could be performed as another unit operation, or the primary
carrier recirculation cyclone could be specifically designed to allow ash to leave
the system but retain the oxygen carrier.

2.7 Pressurized Reactors

A number of chemical looping system studies have indicated that by operating
at pressure, cycle and combustion efficiencies could be increased above atmo-
spheric processes. By combining the chemical looping process with a modern
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combined cycle, cycle efficiencies could be drastically improved as compared to
conventional steam cycles. Zerobin and Pröll suggest that for gaseous chemical
looping combustion systems to be competitive with gas turbine combined
cycles (GTCCs), chemical looping reactors need to be combined with gas
turbines and heat recovery steam generators (HRSGs), requiring the process to
operate upward of 2 MPa and 1200 ∘C [23].

Reaction performance, especially with solid fuels, could improve with pressure.
Tests with a 50 kWth system operating on coal showed that by increasing the
operating pressure from 0.1 to 0.5 MPa, the carbon conversion of the coal was
increased from 81% to 85% [24].

The challenges with operating a multiphase flow process at pressure include
high-pressure solid fuel feeding and high-pressure carrier make-up feeding. If
the exhaust is expanded through a gas turbine, removal of all particulates before
the turbine as well as minimization of the pressure drop between the compressor
and turbine become critical. However, there already exists industrial-scale expe-
rience with several demonstrations of pressurized fluid bed combustors (PFBCs),
such as the Tidd demonstration project, which was a 70 MW unit that operated
at 1.2 MPa [25].

2.8 Solid Circulation Rate

The circulation of solids between the two reactors moves the oxygen that is
required from the air reactor to the fuel reactor to oxidize the fuel. The required
circulation rate can be calculated based on the amount of oxygen required to
oxidize the fuel (CH4, coal, etc.), the fuel conversion, and the amount of oxygen
available. Consider the following generalized fuel (CxHyOz) reacting with a
generic oxygen carrier (MeOi):

CxHyOz + aMeOi ↔ xCO2 +
y
2

H2O + aMei−1

where a is the stoichiometric oxygen carrier to fuel ratio given by

a = 2x + 1
2

y − z

For H2 a would be 1, for CO a would 1, and for CH4 a would be 4. Coal could
also be expressed such as a Pittsburgh #8 bituminous coal, C0.55H0.41O0.04, ignor-
ing other elements such as nitrogen and sulfur. The generic oxygen carrier, MeOi,
can represent various oxygen carriers by providing the correct i, which is the
number of moles of oxygen per mole of metal. For example, CuO can be expressed
by setting i= 1, whereas Fe2O3 can be expressed by setting i = 3

2
. The mass flow

rate of required solids from the air reactor to the fuel reactor, assuming complete
conversion of the fuel and the oxygen carrier leaving the air reactor is oxidized to
MeOi, can be calculated by

ṁMeO = aMWMeOi
ṄCxHyOz

where MWMeOi
is the molecular weight of MeOi and ṄCxHyOz

is the molar flow
rate of the fuel, CxHyOz. Owing to inefficiencies of the reactions in both the fuel
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and air reactors, this calculated value would be the minimum circulation rate.
Typical circulation rates will need to be higher than this. If inert materials are
part of the oxygen carrier, such as an Al2O3 supported CuO, these inert materials
need to be properly accounted for.

Oxidation reactions of the oxygen carrier are always exothermic; however, reac-
tions in the fuel reactor could be endothermic. Copper oxygen carriers exhibit
exothermic reactions with CH4 in the fuel reactor whereas iron-based oxygen car-
riers have a strong endothermic reaction with CH4 in the fuel reactor, Table 2.2.
If the reactions in the fuel reactor are endothermic, then the circulation of solids
also needs to move enough energy from the air reactor to the fuel reactor to sus-
tain the reactions. This adds additional requirements that need to be satisfied by
the circulation rate.

The constant pressure, adiabatic temperature change can be calculated by
equating the enthalpy of the reactants to the enthalpy of the products and solving
for the temperature of the products.

hreac(Ti,P) = hprod(Tf ,P)

As an example, using the CH4 and Fe2O3 reaction as shown in Table 2.2 where
Fe2O3 has a temperature of 1000 ∘C leaving the air reactor and CH4 has a temper-
ature of 25 ∘C, the resulting constant pressure adiabatic temperature, Tf , would
be 870 ∘C. This results in a temperature change of 130 ∘C just due to reactions. By
doubling the amount of Fe2O3, which does not react and only serves the purpose
of moving energy from the air reactor to the fuel reactor, this temperature drop
can be reduced to 65 ∘C. The adiabatic constant pressure temperature change as
a function of equivalence ratio is depicted in Figure 2.10.

In the case of Fe2O3 reduction with CH4, the circulation of solids to satisfy the
heat balance becomes more important than the transfer of oxygen. If the temper-
ature in the fuel reactor cannot be maintained, then the reaction rates will slow
down, possible leading to poor fuel conversions. If the oxygen carrier is not being
reduced, then the heat released in the air reactor will decrease, leading to lower
air reactor temperatures. The process could continue to lose temperature due to
this feedback loop, extinguishing the reactions.

Measuring the circulation rate in real time during the operation of the unit
presents a significant challenge. Knowing what the circulation rate is helps con-
trol the process and verify that enough solids are being moved to satisfy oxygen

Table 2.2 Global metal oxide reactions and combustion heat at standard
conditions (298.15 K, 0.1 MPa).

𝚫H0
c (kJ mol−1)

CuO/Cu CH4 + 4CuO↔ 4Cu+CO2 + 2H2O
O2 + 2Cu↔ 2CuO

−178.0 −312.1

Fe2O3/Fe3O4 CH4 + 12Fe2O3 ↔ 8Fe3O4 +CO2 + 2H2O
O2 + 4Fe3O4 ↔ 6Fe2O3

141.6 −471.6

Source: Abad et al. 2007 [38]. Reproduced with permission of Elsevier.
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Figure 2.10 Constant pressure adiabatic temperature change from a stream of Fe2O3 at
1000 ∘C due to reduction reactions with CH4, forming Fe3O4.

requirements in the fuel reactor and energy balance requirements if the oxygen
carrier is endothermic. The easiest way to estimate the solids circulation rate is to
look at the pressure drop across various portions of the loop that have high veloc-
ity and uniform flow of the particles such as the cross-over entering a cyclone
[26]. Advanced instrumentation that can perform this measurement at chemi-
cal looping temperatures and conditions is desired. One promising concept is
the use of microwaves to measure the velocity of solids and estimate the solids
concentration, leading to a mass flow rate of solids [27].

2.9 Lessons Learned

As new units become operational and experience continues to grow, many
lessons have been learned. These lessons are specific to these “small” bench-scale
to pilot units and are not necessarily applicable to industrial-scale units. The
key issues with the operation of these single and double loop chemical looping
reactors are general gas/solid multiphase flow issues, not necessarily specific
to chemical looping. Unless otherwise noted, these lessons learned have come
from the author’s experience operating the 50 kWth unit at the National Energy
Technology Laboratory in Morgantown, WV.

2.9.1 Solids and Pressure Balance Control

The biggest issue regarding the sustained operation of these units is the simulta-
neous control of solids flow around the loop and the pressure balance. The flow
of solids between the air and fuel reactors controls the transfer of oxygen and in
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the case of endothermic carriers, such as iron, the transfer of energy to sustain
the reactions in the fuel reactor. The flow of solids is also critical to maintaining
appropriate solids heights in non-mechanical valves, which is required to estab-
lish pressure gradients to prevent gases from flowing in the wrong direction. The
flow of solids becomes even more critical with double or more loop systems.

All chemical looping systems have at least two reactor outlets, one from the
air reactor and one from the fuel reactor. This presents a significant challenge to
maintaining and controlling the pressure balance. This pressure balance is criti-
cal, especially with small units. This control is primarily handled by adjusting the
back pressure on the gas outlets and the heights of the stand pipes. Minor changes
in the backpressure can have significant consequences on the flow of solids and
gas around the loop. This is one of the reasons why it is imperative to remove
all solids from the reactor exhausts as soon as possible. Any buildup of material
causing restrictions will affect the ability to control the pressure balance.

One of the major operational challenges of Alstom’s 3 MWth calcium unit is
the control of solids in the dip legs [14]. If sufficient inventory is not maintained
in the dip legs (stand pipe), then the gas can flow in the wrong direction, up the
dip leg, spoiling the vortex in the cyclone, resulting in significant solids loss. An
analogous situation has been observed at the 1 MWth Darmstadt unit. Significant
particles losses through a high-efficiency cyclone were observed during shake
down tests [28]. This issue was attributed to the backflow of gases through the
loop seal, spoiling the cyclone vortex.

Having robust controls that can handle the simultaneous control of the
solids flow rate, while maintaining solids heights, the pressure balance during
steady-state operation, transitions between conditions, and upset events, is
critical to successful long duration operation.

2.9.2 Solids in Reactor Exhaust

As soon as an oxygen carrier is introduced to the system, it will deposit every-
where in the system. The solids will also start coming out of all the reactor
exhausts both during normal operation (attrition) and during any upset event.
Exhaust lines need to be able to handle these solids.

To overcome this issue, secondary cyclones were installed on all three exhaust
lines as close to the unit as possible. These cyclones are effective at removing most
of the solids. Next, candle filters were installed downstream of the secondary
cyclones for removing any further solids from the exhaust stream. Filters were
installed in parallel so that filter banks could be taken off line and changed. These
changes have significantly improved the operability of the unit.

2.9.3 Condensation in Exhaust

When water is produced from reactions and/or steam is introduced as a flu-
idizing gas, water will be present in the exhaust lines. It is imperative that all
solids be removed from the exhaust gas before the temperature of the exhaust
and exhaust piping can fall below a temperature at which the water vapor can
condense. If liquid water does collect in the exhaust when solids are present, a
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sludge is formed, which can cause significant restrictions in the exhaust piping.
This sludge is particularly hard to remove with simple gas purges and may require
disassembly of the piping to clean, which typically is not an option while the unit
is operating. These restrictions can lead to backpressure control issues, eventually
leading to pressure imbalances and process upsets.

2.9.4 Self-Fluidization

One issue that could happen that is specific to chemical looping is the possibility
for self-fluidization, especially with solid fuels. When solid fuel and carrier are
mixed, reactions leading to the production of gaseous species can occur. If these
reactions happen vigorously, enough gas could be produced to aerate or even
fluidize solids without the need for additional fluidization gas. This presents
serious problems in non-mechanical valves where the control of solids depends
on the ability to control the amount of aeration. Losing control of a valve
could cause solids control issues, ultimately leading to process instabilities and
upsets.

Alstom experienced this phenomenon in their 3 MWth unit and attributes it to
major control issues of their fuel reactor seal pot control valve [14]. The seal pot
control valve became ineffective at controlling the flow of solids, leading to the
inability to control the height of solids in the reducer dip leg [29].

2.9.5 Cyclones

A single well design cyclone is not efficient enough for preventing significant
inventory losses during normal operation of the process. At least two cyclones
in series are required. This is evident with the following example.

Suppose a single loop chemical looping unit contains 100 kg of oxygen carrier
inventory. The unit circulates the solids at a rate of 1000 kg h−1. There is a sin-
gle cyclone that removes solids from the air reactor exhaust to return the solids
to the fuel reactor. The cyclone has been designed to be 99.9% efficient across
the particle size distribution. Ignoring attrition, the rate of solids loss from that
cyclone can be calculated by

1000
[

kg
h

]
× (1 − 0.999) = 1

[
kg
h

]

At a loss rate of 1 kg h−1, the entire inventory of solids will have been lost in
100 hours (∼4.2 days). This is an extremely high loss rate, especially considering
that the carrier needs to stay in the unit for as long as possible. By adding another
99.9% efficient cyclone downstream of the primary cyclone, this loss rate is dra-
matically reduced to 0.001 kg h−1, allowing operation of the unit for 100 000 hours
(4166 days).

Several units have experienced operational issues and high solids loss rates,
attributed to low cyclone efficiencies. The 150 kWth unit at SINTEF has
attributed their high particles losses to a poorly designed fuel reactor cyclone
[9]. The 200 kWth unit at the University of Utah has also struggled with cyclone
performance [30].
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2.10 Summary

The single loop and double (or more) loop chemical looping reactors take advan-
tage of over 100 years’ worth of multiphase flow reactor development. These
chemical looping units, operating over a range of reactor types, process con-
figurations, oxygen carriers, and fuels, are accumulating significant operational
experience. This experience proves that the processes can be controlled and oper-
ated successfully, and achieve the goals of capturing carbon dioxide from the
combustion of fossil fuels without the need of expensive post combustion capture
or ASUs. There still are significant issues and risk with appropriately designing
the process and controlling the process. However, combustion efficiencies above
98% and carbon capture efficiencies above 97% have been demonstrated, showing
significant promise in the technology.
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3.1 Introduction

Dynamically operated packed bed reactors (PBRs) are being increasingly studied
for chemical looping applications [1]. Compared to the most conventional inter-
connected fluidized bed reactors (FBRs) where the solids are circulating between
the fuel and air reactors, in PBRs the solids remain stationary in the bed and the
gases are alternatively switched between reduction and oxidation stages. There-
fore, no solids circulation is required and operation at pressurized conditions
can be more easily accomplished. On the other hand, depending on the final
application, when using packed beds some auxiliary components, such as valves,
have to withstand high pressure and temperature (>20 bar; >1200 ∘C), which will
increase the costs of the system. In PBRs relatively low gas velocities should be
used to avoid excessive pressure drops; however, PBRs can be operated with large
particle sizes. PBRs for chemical looping combustion (CLC) consist of at least two
(or three) steps in which the oxygen carrier (OC) is first oxidized with air (oxida-
tion), after which it is reduced with a fuel (reduction). A heat removal stage can
follow either the oxidation stage or the reduction stage (depending on the OC
used); see Figure 3.1.

In a PBR for CLC, two different front velocities are generated along the bed:
(i) the reaction front, which proceeds very fast along the reactor determining the
gas–solid conversion and the heat generation stored in the bed and (ii) a heat
front, which is significantly slower, where only heat transfer occurs and at which
the solid material is cooled down to the inlet temperature of the gas.

A schematic representation of the evolution of the reaction/heat fronts in the
axial profiles is shown in Figure 3.2 for the oxidation reaction assuming an infinite
reaction rate, neglecting the gas phase heat capacity, the radial dispersion as well
as the mass and heat axial dispersion (referred to as the “sharp front approach”).
At t0 the gas starts to react with the particle (exothermic reaction) and the heat
produced is stored in the material (t1); once the reaction has reached the end

Handbook of Chemical Looping Technology, First Edition. Edited by Ronald W. Breault.
© 2019 Wiley-VCH Verlag GmbH & Co. KGaA. Published 2019 by Wiley-VCH Verlag GmbH & Co. KGaA.
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of the reactor, the heat front has moved over only a short distance from the
beginning of the bed (t2). Because the reaction front moves much faster than the
heat front, the PBR can be used as heat storage, from which it is possible to pro-
duce a high-temperature gas stream (for power production), or it can be used to
drive endothermic reactions. After the solid material is completely oxidized (and
the heat removed), the reactor is switched to the reduction phase, where the solid
is reduced by converting a fuel, particularly natural gas or syngas, into H2O and
CO2 (for the case of CLC). A purge cycle is required to prevent the fuel coming
in direct contact with the air.

Considering the heat produced by the oxidation reaction (using air), the
total amount of heat accumulated can be derived from Equation (3.1), where
wh and wr are the heat and reaction front velocities respectively, as calculated
from Equations (3.2) and (3.3). With these equations it is possible to derive
an explicit equation for the maximum temperature rise in the bed, reported
in Equation (3.4). Remarkably, the maximum solid temperature rise (ΔTMAX)
does not depend on gas flow rate and it is only influenced by the properties of
the gas phase (cp,O2

,MWO2
, yO2

) and the solid material properties (cp,s, yOC,act,
MWOC,act). This relation is valid as long as the reaction front velocity is faster
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than the heat front velocity and the maximum temperature depends on the
initial solid temperature. Fernández et al. [2] have demonstrated that in the
presence of a large gas flow rate (highly diluted), the heat front can become
faster than the reaction front and in this case the initial solid temperature (T0)
does not affect the maximum temperature of the reactor.

𝜌gvgyO2

MWO2

(−ΔHR,ox) = 𝜀s𝜌scp,s(wh − wr)(TMAX − T0) (3.1)

wh =
𝜌gvgcp,g

𝜀s𝜌scp,s
(3.2)

wr =
𝜌gvgyO2

MWOC,act

𝜀s𝜌syOC,act𝜉MWO2

(3.3)

TMAX − T0 = ΔTMAX =
(−ΔHR,ox)

cp,sMWOC,act

yOC,act𝜉
− cp,gMWO2

yO2

(3.4)

Hamers et al. [3] have quantified the maximum temperature rise for differ-
ent OCs as a function of the active weight contents in order to determine the
appropriate operating conditions for the reactor design and operation. As can be
discerned from Figure 3.3a for the case of oxidation with air, Ni- and Cu-based
OC can reach very high temperature rises (>700 ∘C) with less than 25% of active
weight content in the particles. In the case of reduction (Figure 3.3b), the tem-
perature rise depends on the fuel composition; however, only the Cu-based OC
shows a remarkable temperature rise.

PBRs have been proposed for different processes and applications. In this
work, the latest progress on PBR for chemical looping processes will be dis-
cussed. In the first part, the different OCs that have been proposed, including
the main properties of the solid materials and the kinetic modeling, will be
discussed; in the second part, the processes proposed will be discussed and the
most up-to-date results will be presented: the main processes are related to
CLC, chemical looping reforming (CLR), chemical looping for H2 production
(CL-H2), and the sorption-enhanced reforming assisted with chemical looping
combustion (SER-CLC).

3.2 Oxygen Carriers for Packed Bed Reactor

For a PBR, the ideal oxygen carrier material has a high activity at low tem-
peratures and a high selectivity, and is resistant to poisoning. In addition, the
structural integrity of the OC is important for multi-cycle operation to maintain
the performance with sufficient lifetime. In general, PBRs are operated with big-
ger particles (to minimize the pressure drop), which could lead to intra-particle
diffusion limitations [4].

Although most of the research in material development has been focused on
OCs to withstand fluidization conditions, operated with either gas or solid fuels
[5], in the last years different OC formulations have been studied and modeled for
specific application in PBRs. Results from natural ilmenite (FeTiO3) was studied
in Schwebel et al. [6] showing a large solid conversion (40%) with high CO2 yields
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for coarse particles (particle diameter dp, 1–1.4 mm) in a PBR, and no effects
on the OC conversion in the presence of different gases (CO, H2, CH4) were
found. However, after 52 cycles, 1/3 of the material in the bed was sintered, mostly
because of the high-temperature operation. Jacobs et al. [7] have performed an
extensive thermal and mechanical analysis of synthetic ilmenite extrudates. The
authors have tested five different compositions based on ilmenite and an addi-
tive (titanium oxide, manganese oxide, nano-sized titanium oxide). It was found
that the presence of MnO as dopant (between 10 and 15 wt% basis) resulted in
the formation of an iron–manganese mixed oxide upon sintering, and in terms
of mechanical and thermal strengths the performance was well above the crit-
ical value (2 daN mm−1). The kinetics of the same material has been studied by
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Ortiz et al. [8] using syngas during the reduction with thermogravimetric analysis
(TGA) and a differential reactor to study the effect of catalytic reactions, partic-
ularly water gas shift (WGS). The reactive experiments were performed in the
temperature range of 600–1100 ∘C using 5–50 vol.% of reactants. The activated
ilmenite pellets showed high reactivity with H2 and O2, but slow reactivity with
CO. The shrinking core model, with mixed control of chemical reaction and diffu-
sion through the product layer, was used to describe the ilmenite redox kinetics.
Ilmenite did exhibit a significant catalytic activity for the WGS reaction, but lower
than that for conventional iron-based high-temperature WGS catalysts, as also
discussed in Schwebel et al. [9].

A detailed study on the reactivity of Ni-based OCs (Ni/Al2O3 and
Ni/Al2O3—SiO2) measured by TGA coupled with detailed heterogeneous
particle modeling to evaluate the effects of physical and chemical properties on
particle reactivity was presented by Han et al. [10]. In their study, the internal
mass transfer limitations were found to be significant for dp > 1 mm. The
experiments and modeling proposed have shown also reactivity changes due to
differences in spinel fraction and sintering effects, proving that the model can
be used to track the performance of OCs throughout their use. Recently, the
authors have carried out a kinetics model review using a structural identifiability
analysis to determine whether it is theoretically possible to uniquely estimate
the kinetic parameters of the candidate reaction models [11]. Ni supported
with bentonite for packed bed applications has been considered in the study of
Ryu et al. [12]. In the presence of CH4, carbon deposition was found and the
OC particle tested showed no agglomeration or breakage up to 900 ∘C, but at
1000 ∘C sintering took place and particle lumps were formed. Ni/Al2O3 and
CuO/Al2O3 were tested and modeled in Hamers et al. [13] for 1.1 mm particle
to be used in CLC with PBRs at different operating pressures (up to 20 bar in
high pressure thermogravimetric analysis (HP-TGA)) showing a decrease in
the kinetics at higher pressures (but at constant partial pressure), which the
authors tentatively attributed to a reduced number of oxygen vacancies in the
material. The influence of pressure has been investigated for CuO/NiO-based
OCs in Nordness et al. [14] using a fixed bed reactor (2.2 g of solid inventory), in
which a large carbon deposition was found when working at higher pressures.
An experimental investigation of CuO supported on Al2O3 for PBRs has been
discussed in San Pio et al. [15]: in their work, very large morphological changes
were observed, which became more and more pronounced for particles having
experienced a larger number of redox cycles, such as nonhomogeneous Cu
distribution and no Cu migration across the particle. Moreover, it was found
that the formation of CuAl2O4 spinel increases after repeated cycles, decreasing
the reaction rate without altering the final conversion.

3.3 Chemical Looping Combustion

Both the CLC process and its integration in power plants have been presented
in the last decade by several authors from an experimental and numerical point
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of view. Most of these studies have focused on different options for the heat
management of the reactors in order to improve the performance at the process
and plant levels.

At the process level, the research is mostly focused on determining optimal
operating conditions to reach a high CO2 yield with limited fuel slip, a high OC
conversion, and stable material performance after repeated cycles, while using
different gases as feedstock. At the plant level, the main analysis is related to the
optimal integration of the chemical looping process within the power production
unit. This includes the assessment of the overall energy efficiency, CO2 capture
rate, and dynamic operation, and their effect on the final efficiency penalty as
well as a comparison with other CO2 capture technologies already proposed in
the literature, including chemical looping with FBRs.

In the case of CLC, two main reactor heat management strategies have been
identified. In the first case, also called HR-MeO (Figure 3.4a), after the oxidation
with air, the heat stored inside the reactor is removed by feeding additional air,
which is later fed to the power cycle and therefore the heat removal phase occurs
when the OC is oxidized; after that, the bed is reduced again by feeding the fuel.
This strategy is suitable when the OC shows a high reactivity also at low temper-
atures, e.g. 600–800 ∘C, as in the case of Ni- and Cu-based OCs. In the second
case (Figure 3.4b, HR-Me), the heat removal is carried out after the reduction by
feeding an inert gas that does not react with the reduced OC such as N2. This heat
management strategy has been proposed for less reactive OCs, as in the case of
FeTiO3 (ilmenite).

For each of the heat management strategies, different variations have been
proposed with the aim of reducing the fuel slip, to produce a large stream of
high-temperature gas for the gas turbine at a temperature of about 1200 ∘C, to
minimize the cost of the OCs, and to reduce the variability of the gas conditions
for proper integration with other plant components.

The HR-MeO strategy has been originally presented by Noorman et al. [4].
Hamers et al. [16] have discussed heat management using Cu-based material
(12.5 wt% on Al2O3) in the presence of syngas (H2/CO). CuO reacts with syngas
and a complete fuel conversion is achieved. Owing to the relative low melting
temperature of Cu (around 1035 ∘C) the maximum temperature of the bed has
to be kept lower to avoid excessive overheating and damaging of the reactor/OC;

Air N2

Air Air

Fuel CO2 + H2O

Oxidation

Heat removal

Reduction

Inert (N2) Inert (N2)

HR-MeO HR-Me

Fuel CO2 + H2O
Reduction

Heat removal

Air N2

Oxidation

(a) (b)

Figure 3.4 Reactor heat management strategies.
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therefore, the maximum air temperature is taken equal to 850 ∘C. The reactor
modeling and heat management have been discussed also in presence of
NiO/Al2O3 OC in Hamers et al. [17]. For the latter case, the number of reactors
required for the complete process assessment have been quantified as a function
of the reactor design variables; about 20 rectors (L/D= 2 and 8 m length) are
required, resulting in about 1200 tons of OC (in which 180 ton of NiO is needed)
for an 854 MWLHV integrated gasification combined cycle (IGCC) power plant.
The same heat management strategy has been discussed also in Fernández et al.
[18] using CH4 as fuel. In their study, the authors have designed the complete
process for 500 MWLHV where at least five reactors operated in parallel with
6.7 m internal diameter and 10 m length are required. This configuration has
been also studied with counter-current feeding [19] to reduce the risk of carbon
deposition; however, this option seems infeasible if considered in the complete
process, because there is an accumulation of heat in the central part of the
reactor, which would overheat the materials as presented in Spallina et al. [20].
Carbon deposition on Ni-based OCs has been investigated by Diglio et al. [21].
In order to improve the performance of the entire process, a two-stage CLC
heat management strategy has been proposed by Hamers et al. [3], in which
the cycle is carried out using two reactors in series using two different OCs in
these reactors. The first reactor is operated with CuO (12.5 wt% on Al2O3) in a
temperature range between 450 and 850 ∘C, while the second reactor is operated
with Mn3O4 (30 wt% on Al2O3) in the range of 850–1200 ∘C. The minimum
temperature in the second reactor is obtained by using hot air as feed gas at
850 ∘C produced during the heat removal stage of the first bed (Figure 3.5).
Owing to the different heat management strategies, the high-temperature
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pressurized air is produced at 1200 ∘C during the heat removal, which is suitable
for an efficient combined cycle. This strategy has been also experimentally tested
and validated in a 20 kWth PBR operated up to 7 bar and 1100 ∘C [23] using a
combination of Cu-based and Ni-based OCs.

Spallina et al. [20] have carried out a comparison of different heat management
strategies to operate CLC with ilmenite at 20 bar using coal-derived syngas based
on the HR-Me configuration. As previously anticipated, the heat removal phase
is carried out after the reduction and the resulting gases at the outlet of the reduc-
tion and heat removal are above 1200 ∘C, while it decreases from 900 to 450 ∘C
during the oxidation (see Figure 3.6a). In this way, the reduction reaction occurs
when the bed is at its maximum temperature after the oxidation. This strategy
is possible for power production only using CO-rich syngas because the maxi-
mum solid temperature does not change significantly during the reduction (about
10 ∘C or lower), as shown in Figure 3.6b. The heat removal stage cannot be carried
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out with air because the solid is completely reduced, so an inert gas (i.e. N2) has
to be used. The same strategy has also been considered for the case where the
oxidation is carried out with counter-current feeding, which has the advantage
of reducing the temperature of the CO2–H2O stream at the reactor outlet and
increases the amount of N2 for the heat removal with about 30%. Gallucci et al.
[24] have demonstrated the feasibility of using ilmenite for packed bed reactor
CLC and validated the reactor model, which has subsequently been used for the
design and simulation of the complete process.

This heat management strategy has also been studied to determine the maxi-
mum number of reactors to be used for an 850 MWLHV plant [25]. One important
assumption for this system was based on a maximum pressure drop of 8% (with
dp = 5 mm) to limit the cost of compression. A low effectiveness factor has been
calculated for the large particle diameter, as also discussed in Han et al. [26]. It was
found that 14–16 reactor units (specifically three in oxidation, three in reduction,
the remaining in heat removal) are required with an internal diameter of 5.5 m
and a reactor length of 11 m, as shown in Figure 3.7.

Since the outlet conditions of the system are varying due to the dynamic oper-
ation (Figure 3.8a), an operation strategy has been proposed to reduce the fluctu-
ations: the reactors that are in a certain phase are operated with a phase displace-
ment (as shown in Figure 3.7), so that the outlet stream is not the same in each
reactor at the same time, with which it is possible to average the temperature and
composition (Figure 3.8b).

The complete energy analysis of chemical looping combustion processes with
packed bed reactors has been carried out mostly for IGCC [17, 22, 27, 28], where
different heat management strategies were considered. In these works, an opti-
mization of the operating conditions of the complete plant has been carried out
with respect to gasification conditions, operating temperature and pressure of
the gas turbine, maximum temperature and pressure levels of the steam cycle,
and desulfurization processes. The results and a comparison of the different plant
integration options have been listed in Table 3.1. The comparison is carried out
with respect to the benchmark technologies based on a state-of-the-art IGCC

R1 R2 R3 R4 R5 R6 R7 R8 R9 R10 R11 R12 R13 R14
τ1 OX P RED HR
τ2
τ3
τ4
τ5
τ6
τ7
Τ8
τ9
τ10
τ11
τ12
τ13
τ14

Figure 3.7 Sequence of operation of the 14 reactors (R1–R14) during the cycle time in
co-current configuration. OX, oxidation; P, purge; RED, reduction; and HR, heat removal.
Source: Spallina et al. 2015 [25]. Copyright 2015. Reproduced with permission from Elsevier.
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with and without CO2 capture, as calculated in Spallina and coworkers [27]. The
coal gasification is based on an entrained flow, oxygen blown, and a dry feed
Shell-type gasifier, where coal feeding is carried out using CO2 lock-hoppers to
avoid excessive syngas dilution with N2 (as in the conventional IGCC). Syngas
cooling is used to produce high-pressure steam fully integrated with the power
island. Sulfur compounds (mostly H2S) are separated through a Selexol® process.
Power production is based on a combined cycle: the gas turbine is calculated to



3.3 Chemical Looping Combustion 71

reproduce the performance of an advanced state-of-the-art industrial heavy-duty
machine, currently used in large-scale natural gas-fired combined cycle power
plants [29]. The heat recovery steam generator (HRSG) is based on three pressure
levels in which the maximum pressure of the steam is 160 bar and the maximum
temperature at the turbine inlet is 565 ∘C. All these assumptions are based on
the EBTF report [30]. In the case of IGCC with CO2 capture, two desorption
columns are used to obtain a selective separation of H2S and CO2 (up to 95%)
and the regeneration is carried out also using low-pressure steam for stripping.
The main performance parameters used for the comparison are electric efficiency
with respect to the thermal input (lower heating value (LHV) basis), CO2 capture
rate with respect to the carbon at the inlet of the plant, and CO2 avoidance with
respect to the benchmark technology in which CO2 capture is not considered.
Another important parameter is the specific primary energy consumption for
CO2 avoidance (SPECCA), which identifies the energy cost (in terms of primary
energy) of the complete plant to capture 1 kg of CO2 and indicates the effec-
tiveness of the CO2 capture technology with respect to other technologies. It is
calculated as follows:

SPECCA

[
MJLHV

kgCO2

]
= 3600 •

(
1
𝜂

− 1
𝜂ref

)

(eCO2,ref − eCO2
)

(3.5)

where the 𝜂 and 𝜂ref represent the electrical efficiencies of the plant with CO2
capture and the reference plant without CO2 capture (IGCC), while the eCO2,ref
and eCO2

are the specific CO2 emissions from the reference plant without CO2
capture and the plant considered with CO2 capture (kgCO2

∕MWhe − 1). Apart
from IGCCs, the comparison includes also the integration of pressurized dual
FBRs for CLC, which is also calculated with the same set of assumptions.

As can be seen from Table 3.1, CO2 capture using CO2 absorption (pre-
combustion capture) implies a CO2 avoidance >80% with an efficiency penalty
of around 10% points with respect to IGCC without CO2 capture (first column
in Table 3.1). This results in a SPECCA of 3.34 MJ kg−1

CO2
. The integration of CLC

increases the CO2 avoidance >95% with a minimum reduction in efficiency of
4–5% points, and therefore the SPECCA ranges from 0.8–1.3 MJ kg−1

CO2
. This

is made possible by lower costs for separation and CO2 compression. On the
other hand, the electricity production from the gas turbine decreases because of
the lower turbine inlet temperature and lower flow rate during gas expansion.
CLC using PBRs shows a similar performance compared to pressurized FBRs in
which the main difference is in the gross power production share (gas turbine
versus steam turbine). This is explained by the different heat management of
the two systems. Some of the heat management strategies allow reducing the
temperature of the CO2, which results in an increased amount of gas to be used
for the heat removal and consequently for the gas turbine. In the case of the
FBR the temperature difference between air and fuel reactors (assumed always
<200 ∘C) is dictated by the solids circulation rate. Depending on the selected
OC, the HR-MeO heat management strategy can be used, where both options,
viz the single-stage and two-stage heat management configurations, have been



Table 3.1 Summary of the energy balance and plant performance for different chemical looping combustion plants.

IGCC [28] IGCC [28] FBR [17] CLC1 [17] CLC2 [22] CLC3 [28] CLC4 [28] CLC5 [27] CLC6 [27]

Oxygen carriers N/A Selexol NiO NiO CuO Mn3O4 FeTiO3 FeTiO3 Different Different

Heat management N/A N/A Fluid-bed HR-MeO HR-MeO HR-Me HR-Me HGD FGD

Thermal input LHV (MWLHV) 812.5 898.8 853.9 853.9 853.9 853.9 853.9 853.9 853.9
Gas turbine (MWe) 261.6 263.9 192.1 225.1 194.0 175.1 215.3 225.2 226.8
Steam turbine (MWe) 179.5 161.2 224 186.8 212.3 239.8 197.6 192.8 192.7
Gross power output (MWe) 441.1 425.1 416.1 411.9 406.3 414.9 412.9 418 419.5
Syngas blower (MWe) −1 −1.1 −0.8 −0.8 −0.8 −1.0 −1.0 −1.5 −1.5
Steam cycle pumps (MWe) −2.9 −3.49 −4.0 −3.8 −3.8 −4.9 −3.7 −3.5 −3.4
N2 compressor (MWe) −34.2 −29.8 — — — — — — —
ASU (MWe) −29.6 −32.7 −35.1 −33.9 −33.9 −33.8 −33.8 −33.9 −33.9
LH CO2 compressor (MWe) — — −3.1 −3.1 −3.1 −3.1 −2.8 −3.1 −3.1
Acid gas removal (MWe) −0.4 −14.7 −0.4 −0.4 −0.4 −0.4 −0.4 −1.9 −1.9
CO2 compressor (MWe) — −19.7 −11 −11 −11 −11.0 −14.3 −11.3 −11
N2 compressor gasifier (MWe) — — −1.3 −1.3 −1.3 −1.4 −1.4 −1.5 −1.5
Heat rejection (MWe) −5.5 −6.3 −3.7 −3.6 −4.1 −4.2 −4.2 −3.7 −3.7
Other auxiliaries, BOP, (MWe) −3.2 −3.6 −3.4 −3.4 −3.4 −4.6 −4.6 −3.4 −3.4
Net power generated (MWe) 367.3 317.3 353.3 350.6 344.5 350.5 346.7 354.3 356.1
Electrical efficiency (%) 45.20 35.30 41.37 41.05 40.34 41.05 40.60 41.50 41.71
CO2 capture efficiency (%) — 93 97.1 97.1 97.1 96.1 96.1 97 97
CO2 purity (%) — 98.2 96.6 96.7 96.7 96.5 96.5 96.7 96.7
CO2 emission (kgCO2

∕MWhe) 769.8 101.4 24.5 24.7 25.1 33.4 33.8 25.5 25.2
CO2 avoided (%) — 84.7 96.8 96.8 96.7 95.1 95.0 96.7 96.7
SPECCA (MJLHV kg−1

CO2
) — 3.34 0.89 0.98 1.29 1.1 1.2 0.86 0.8
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evaluated: the use of CuO-based OC requires a second stage to increase the
temperature of the bed up to 1200 ∘C without damaging the solid material. In
the case of the NiO-based reactor, the overall cost of the OC becomes dominant
in the economics of the plant. In the case of an OC with a low reactivity (e.g.
FeTiO3), the HR-Me heat management needs to be implemented without
relevant changes in the final performance, but with increased power cycle
complexity due to the presence of a semi-closed gas combined cycle layout. The
performance of the system has been investigated with two alternative sulfur
removal treatments: in the first case, hot gas desulfurization (600–800 ∘C) has
been used upstream the CLC reactors, while in the second case the analysis has
been carried out assuming sulfur-tolerant OCs and using a SO2 removal down-
stream from the CO2-rich gases of the CLC reactors. In terms of net electrical
efficiency, the performance improves by 1% point, regardless of whether the
high-pressure FBR or PBR is used.

The integration of PBRs for CLC using natural gas fueled power plants has been
discussed in Fernández et al. [18] using ilmenite and in Chen et al. [31] using the
30% (wt% basis) Ni-based OC. Plant performances are in the range of 48.2% with
100% of CO2 capture. The authors have presented dynamic simulations of the
integrated plant showing that the natural gas combined cycle (NGCC) perfor-
mance is only slightly affected by the batch nature of the operation with fixed bed
CLC reactors.

3.4 Chemical Looping Reforming

One of the main disadvantages of CLC is represented by the need to produce
high-temperature gas for the gas turbine and the large number of reactors
required to carry out heat removal without excessive pressure drops. The large
number of reactors is also dictated by the overall heat balance: from an energy
point of view, CLC releases the overall heat of reaction, which needs to be
removed by heating the feed gas from about 450 up to 1200 ∘C.

An interesting alternative is represented by the CLR system. In this case, the
plant is designed to produce reformed syngas. In the CLR process, the heat
removal occurs by combining exothermic reactions (CLC) with endothermic
reactions (hydrocarbons reforming).

To achieve the reforming, the OC has also catalytic activity for steam reform-
ing reactions. Diglio et al. [32] developed a 1D reactor model to simulate multiple
cycles of a 22 cm long reactor with 6 cm diameter and presented the results of
the cyclic process, where the reduction gas is first completely oxidized (gas–solid
reactions) and thereafter the reformed syngas is produced. Recently, Spallina et al.
[33] have presented an experimental and numerical analysis of a possible route
for the CLR process integrated in chemical plants. In our work, the CLR process
with PBRs has been investigated using a commercial Ni-based catalyst at atmo-
spheric pressure. A schematic diagram of the CLR process with PBRs is presented
in Figure 3.9.
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Figure 3.9 Schematic process of chemical looping reforming with PBRs. Source: Spallina et al.
2017 [33]. Copyright from Creative Commons Attribution-NonCommercial-No Derivatives
License (CC BY NC ND). Reproduced with permission from Elsevier.

In the case of Ni-based OC, the reactor operated in oxidation converts the Ni
into NiO by reaction with air while releasing N2. The reactor operated in reduc-
tion converts the OC back to Ni using low-grade fuel available in the plant from
downstream processes producing CO2 and H2O. Finally, a third reactor oper-
ated in reforming, where the OC is in Ni form, is fed with natural gas together
with recirculated CO2/H2O from the reduction phase and additional steam to
convert CH4 into reformed syngas. Some additional H2O is required to increase
the CH4 conversion; however, part of the reforming reactants are taken from the
reduction outlet. In the case where only H2O/CO2 is used, the reformate syngas
is richer in CO.

With respect to the possible integration of CLR with PBRs in chemical plants,
a simplified plant flowsheet is depicted in Figure 3.10, illustrating the proposed
process integration. Four different applications are considered. In the case of
pure H2 production, after the reforming the resulting syngas is cooled down
to the desired temperature and fed to downstream plant units. One or two
conventional WGS stages are required, depending on the CO content after the
reforming. Complete CH4 and CO conversion to H2 is not strictly required
because the pressure swing adsorption (PSA) off-gas (and some additional
fuel) is required for the reduction (a similar concept has been proposed by
Ryden and Lyngfelt [34] using FBRs). After the WGS reactors, a conventional
state-of-the-art PSA process is used to meet the required H2 purity. In the case of
CH3OH production, the reformate is compressed to the operating pressure for
the methanol synthesis (up to 50–100 bar) and it is converted into a CH3OH-rich
stream. Part of the incondensable gases (mostly CH4 and unconverted CO2,
H2, and CO) from the methanol separation unit are recirculated back to the
CH3OH reactor to increase the CH3OH yield and the remaining part is used
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for the reduction of the OC. In the case of integration with a Fischer–Tropsch
(FT) process, the reformate syngas is sent to the reactor where the syngas is
converted into naphtha and other C4+. Depending on the FT conversion, a large
amount of H2 is also produced, which can be recovered in a dedicated PSA
and used for other hydro-treating processes downstream while the remaining
light fuels can be sent for reduction. The air flow rate to the reactor operated
in oxidation is compressed to the CLR operating pressure and the remaining
N2 is then expanded in a gas turbine, reducing the electricity demand of the
plant. Another option for chemicals production is the combination of pure H2
production (from the PSA) with high-pressure N2 after the oxidation, which
could be used in an NH3 synthesis reactor. The low-grade fuel resulting from the
conversion/separation processes abovementioned are used for the reduction and
converted into H2O and CO2. Part of the stream that is not recirculated to the
reforming unit is then cooled down to ambient temperature providing some heat
recovery, and the CO2 is separated, compressed, and sent to the final storage.

As for the conventional reforming, the CO/H2 ratio depends on the reactants
and operating conditions. In the case of CLR, the CO/H2 ratio depends on the
amount of H2O/C and CO2/C at the reforming inlet. This increases the flexibility
of the process with respect to the different processes listed above. Moreover, the
integration of CLR is suitable for revamping some existing plants with the advan-
tage of keeping the same units for the chemical synthesis. Several advantages can
be considered:

• With respect to conventional fired tubular reforming (FTR) plants, the CLR
process does not require an external furnace and high-temperature heat trans-
fer surface because the process is autothermal.

• Compared to autothermal reforming (ATR), no air separation unit (ASU)
is needed to produce high-purity oxygen and, in the case of an air-blown
reformer, the syngas is not diluted with N2.

• With respect to the dual fluidized bed CLR, the CLR with PBRs maintains
high hydrogen production efficiency and can be operated at higher pressure.
Moreover, intrinsic CO2 separation is achieved in the CLR with PBRs, which
delivers a high-pressure CO2 stream without the need for a dedicated pro-
cess based on ammines or other noncommercial technologies as proposed in
another work [35].

• With respect to the integrated reformer with CLC [34, 36] and all the other
alternative technologies mentioned, the steam consumption can be reduced
owing to the CO2/H2O recirculation. A higher H2 production efficiency is also
expected because the oxidation and reduction phases take place at lower tem-
peratures, reducing the overall heat duty required for the process.

On the other hand, high temperature packed bed processes are characterized
by intrinsic dynamic behavior and thus require a large number of reactors and a
proper heat management strategy.

The validation of the process has been carried out using a Ni-based OC
(19 wt% supported on CaAl2O4) at atmospheric pressure in a small PBR. The
reactor design and heat management strategies have been presented for H2 and
CH3OH production plant in Spallina et al. [33] respectively for a medium-sized
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Figure 3.11 Gas conditions (temperature and composition) at the reactor outlet during the
complete cycle. Spallina et al. 2017 [33]. Copyright from Creative Commons
Attribution-NonCommercial-No Derivatives License (CC BY NC ND). Reproduced with
permission from Elsevier.

H2 plant (30 000 Nm3 h−1) and large-scale CH3OH plant (5000 tons d−1 usually
referred as metric tons per day (MTPD)). On the basis of a simplified plant
analysis, proper inlet stream flow rates and compositions of the PBRs have been
determined and used for the modeling of the reactor.

In the case of H2 production, the streams at the reactor outlet are shown in
Figure 3.11: during oxidation, only CO2 and H2O are produced (temperature of
about 920 ∘C) starting from a PSA-off gas at the inlet (CH4 2.5%, CO 14.3%, CO2
54%, H2 29.2%); during the reforming, the CH4 conversion is almost complete
except in the last part of the cycle due to a decrease in the temperature in the
bed; during oxidation, the O2 in the air oxidizes the OCs and the N2 is released at
a temperature close to 700 ∘C. In this process, the heat removal occurs by com-
bining it with endothermic reactions. In Figure 3.12, the axial solid temperature
profiles are shown at different moments in the cycle. After the reduction, the bed
is at high temperature and the heat front moves from the inlet (left side) to about
30% of the entire bed with a partial effect in cooling the bed just at the end of
the reduction. During the reforming the bed is cooled by two main mechanisms:
(i) convective cooling by the gas flow, which moves the heat front to the reactor
outlet blowing the heat out of the bed (similarly to the CLC heat removal phase)
and (ii) cooling by the endothermic reforming reactions, which consumes heat
by converting CH4 into H2 and CO. This second mechanism generates a second
heat front inside the reactor.

On the basis of a preliminary plant assessment, the integration of CLR already
results in advantages with respect to conventional technologies used for H2 or
CH3OH production. In the case of H2 production, the reforming efficiency (LHV
basis) is >75% with respect to about 74% of the state-of-the-art FTR and 69% of
FTR with pre-combustion CO2 capture. Additionally, the presence of a more effi-
cient thermodynamic cycle (gas turbine+ steam cycle) results in the production
of 30 GWhel kgH2

−1 (CLR+PBR) with respect to about 0.3 GWhel kgH2

−1 (FTR)
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and the consumption of 10 GWhel kgH2

−1 (FTR+methyl di-ethanol-amine
(MDEA)). In the case of CH3OH, the preliminary assessment has shown a
similar gas to liquid (GTL) efficiency (carbon conversion of 83% on mol basis).
However, the specific electricity production is 0.5–1 GWhel kgCH3OH

−1 in the
case of CLR, while it drops to −0.33 GWhel kgCH3OH

−1 for conventional GTLs
plants where reformed syngas is produced in a two-stage reforming integrated
with an ASU, as proposed by Haldor Topsøe [37]. Overall, in terms of energy
conversion and recovery, the CLR shows a first law efficiency of 82.1% with
respect to 77.9% of conventional technologies. The carbon that has not been
converted into CH3OH is completely captured (for CLR), while in the case
of a conventional plant, the CO2 is released to the atmosphere. These figures
confirm the promising results for the application of chemical looping in relevant
industrial processes.

3.5 Other Chemical Looping Processes

Apart from CLC and reforming, other processes partly involving chemical
looping with PBRs have been recently proposed and studied. In this paragraph,
a brief description and literature overview of these new processes will be pre-
sented. In particular, two other processes will be considered for the application
of chemical looping integrated with other processes, viz the steam-iron process
and sorption-enhanced reforming (SER).

3.5.1 Chemical Looping for H2 Production

The combination of chemical looping and the steam-iron process (CL-H2) is
based on the use of Fe-based OCs, where the metal oxide is first fully reduced
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in a fuel reactor and subsequently oxidized in two separate reactors: in the first
reactor the Fe/FeO is converted into Fe3O4 by reaction with steam to produce
pure H2 and, consecutively, in the second reactor the OCs reacts with air to
complete the oxidation to Fe2O3 [38–41]. The integration of the steam-iron
process has been discussed also for power and H2 co-production using natural
gas [42, 43] or solid fuels [44–46]. The reactions occurring during the chemical
looping for H2 production are listed in Table 3.2. Typically, the process is based
on two counter-current moving bed reactors allowing for higher iron-oxide
conversion compared to FBRs, while achieving complete fuel conversion. This
system has been proposed and extensively studied mostly at the Ohio State
University [47, 48]. Bohn et al. [49] and Lorente et al. [50] have proposed a
steam-iron process using packed bed reactors as in Figure 3.13a. Bohn et al.
have successfully demonstrated the three-stage chemical looping process for
combined pure hydrogen production and CO2 capture in a reactor of 10.2 mm
diameter and 20 cm length (using 20 g of Fe2O3) while Lorente et al. have
discussed the steam-iron process in a PBR as a means for H2 storage.

Most of the research on OC design for H2 production has been devoted to
Fe-based OCs. Iron oxides have been successfully deposited on high surface area
alumina supports in an attempt to prevent excessive sintering during reduction;
however, the formation of more complex structures makes the chemistry of the
system more complex [51]. A different OC is represented by Fe-containing per-
ovskites, which are also defined as non-stoichiometric oxides. In this case, the
amount of H2 recovered during the oxidation with H2O is not strictly determined
by the oxygen chemical potential of the phase change [52]. De Vos et al. [53] have
also studied and compared the mechanical resistance of Al2O3 and MgAl2O4 as
support for Fe-based OC.

Voitic et al. [54] have studied the feasibility of compressed hydrogen production
without additional gas compression based on the steam-iron process. Experi-
ments were performed in a laboratory-scale test rig using a fixed bed to evaluate

Table 3.2 Main reactions prevailing during chemical looping for H2 production.

Gas–solid reactions Heat of reaction

H2 + 3Fe2O3 →H2O+ 2Fe3O4 ΔH∘
298 = −5.8 kJ mol−1

H2
R1

CO+ 3Fe2O3 →CO2 + 2Fe3O4 ΔH∘
298 = − 46.98 kJ molCO

−1 R2
CH4 + 12Fe2O3 →CO2 + 2H2O+ 8Fe3O4 ΔH∘

298 = 141.63 kJ mol−1
CH4

R3
H2 + Fe2O3 →H2O+ 2FeO ΔH∘

298 = 38.42 kJ mol−1
H2

R4
CO+ Fe2O3 →CO2 + 2FeO ΔH∘

298 = − 2.72 kJ molCO
−1 R5

H2 +
1
3

Fe2O3 → H2O + 2
3

Fe ΔH∘
298 = 32.92 kJ mol−1

H2
R6

CO + 1
3

Fe2O3 → CO2 +
2
3

Fe ΔH∘
298 = − 8.21 kJ molCO

−1 R7
H2O+ 3FeO↔H2 + Fe3O4 ΔH∘

298 = −60.56 kJ mol−1
H2O R8

H2O + 3
4

Fe ↔ H2 +
1
4

Fe3O4 ΔH∘
298 = −37.77 kJ mol−1

H2O R9
O2 + 4FeO→ 2Fe2O3 ΔH∘

298 = −560.5 kJ mol−1
O2

R10
O2 + 4Fe3O4 → 6Fe2O3 ΔH∘

298 = −471.96 kJ mol−1
O2

R11
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Figure 3.13 (a) Chemical looping for pure H2 production and (b) chemical looping for H2/N2
production.

the influence of high-pressure H2 production (from 8 to 23 bar) at intermediate
temperature (750 ∘C) on the cycle stability, on the conversion efficiency, and on
the structural integrity of an Fe2O3–Al2O3 (90+ 10 wt%) OC. The OC conversion
was initially stable for 15 redox cycles (84%) with only small losses (0.8%) per cycle
due to thermal sintering, which was independent from the different pressure lev-
els of the preceding oxidation. The evaluation of the pressurized oxidation did
not reveal any performance decrease as well.

A different combination of chemical looping and the steam-iron process
has been discussed and presented in our previous work [55] and is shown
in Figure 3.13b. In this case, the process is designed for the production of a
H2/N2-rich stream. With respect to the conventional CL-H2 process, the steam
and air oxidation occurs in the same reactor by feeding a mixture of air and
H2O. This process was referred to as PCCL (pre-combustion chemical looping).
The proof of principle of the two reactors concept has been carried out in
a 𝜇PBR filled with 7 g of Fe2O3/Al2O3 placed in a furnace. The gases at the
outlet of the reactor have been cooled down and after water separation the
remaining gases have been analyzed with a mass spectrometer coupled with
a CO analyzer. A sequence of reduction and combined steam–air oxidation
cycles has been carried out using different inlet fuel compositions based on
CO/H2/CH4 gases diluted with CO2. The results of the selected experiments are
shown in Figure 3.14. They show the complete conversion of CH4 while feeding
a mixture of CH4 and CO2 (CH4/CO2 molar ratio equal to 1) at 850 ∘C. During
the reduction time, only CO2 is detected and the CH4 concentration decreases.
After the OC is completely reduced the composition at the breakthrough is
mostly based on H2 and CO and no CH4 appears: this behavior can be explained
by the catalytic activity of the reduced OC for methane reforming. Carbon
deposition does not occur at these conditions and this is confirmed also by the
oxidation where no CO2 is detected except for a small amount already present
in the air as well as based on a small carbon balance error, which is below 3%.
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The same trend has been noticed while feeding a mixture of CO/H2/CO2 for the
reduction in which the reverse WGS reaction occurs. At the oxidation stage, the
resulting composition shows that the longer the reduction time, the higher the
amount of H2 that can be obtained during the oxidation. When the oxidation is
carried out with a small amount of air and large amount of H2O (60 ml min−1),
the reaction front of the steam oxidation is faster than the reaction front of the
O2. However, in case a similar number of moles of atomic oxygen from air and
H2O are fed to the system (as in Figure 3.14), the amount of H2 produced does
not change significantly and the O2 breakthrough is faster.

The heat management strategy of the complete process has been studied and
presented in Spallina et al. [56], where different active weight contents and flow
rates have been considered. The complete process has been designed for two dif-
ferent feed gases: in the first case, natural gas (diluted with H2O and CO2) is used
for the reduction and the axial solid temperature profiles after reduction and oxi-
dation are shown in Figure 3.15a; in the second case, syngas from coal gasification
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Figure 3.15 (a) Solid temperature profile after reduction (RED) and oxidation (OX) using
natural gas and (b) syngas from coal gasification.

after sulfur removal has been considered (Figure 3.15b). As for CLC, the overall
reaction may also require a heat removal stage to reach cyclic behavior. In the
case of natural gas combustion, the heat of reaction is lower and therefore only
oxidation and reduction are enough to thermally balance the complete process.
In the case of syngas from coal gasification, the higher heat of reaction requires an
additional heat removal stage in which air is used and therefore the heat removal
occurs after the oxidation.

The complete energy balance of the two plants has been presented and com-
pared with a state-of-the-art NGCC and IGCC power plant with and without
CO2 capture in [55, 57], as reported in Table 3.3.

In case of syngas from coal gasification, two configurations have been con-
sidered with and without heat removal (which depend on the amount of H2
produced during the oxidation). The comparison was carried out with reference



Table 3.3 Overall energy balance for the PCCL concept and comparison with benchmark technologies for different plant layouts based on IGCC (left side) and
natural gas (right side).

Configuration name Units IGCC IGCC IG-CLC IG-PCCL IG-PCCL NGCC NGCC PCCL-HP PCCL-LP

CO2 capture technology N/A Selexol CLC CL CL N/A MEA CL CL

Medium High Medium Low High Low

Gas turbine
GT net power production MWe 301.8 270 176.4 208.2 246.2 355.63 355.63 319.54 319.54
Other PCCL compressors/expanders MWe — — — −6.7 −6.8 — — −10.38 19.62

Steam cycle
ST net power production MWe 186.3 150 236.6 204 171.1 189.95 138.74 174.45 134.09

Gasification+AGR
ASU+ other consumption MWe −34.6 −34.5 −37.2 −37.2 −37 — — — —
Acid gas removal MWe −0.4 −0.4 −0.4 −0.4 −0.4 — — — —
N2 compressors MWe −42.6 −26.2 −1.4 −1.4 −1.4 — — — —

CO2 treating system
CO2 compression MWe — −18.8 −14.2 −9.9 −14 — −14.77 −5.46 −10.68
CO2 separation MWe −13.7 — — — — −3.04 — —
Balance of plant MWe −3.8 −2.9 −6.8 −5.7 0 −2.44 −12.67 −5.7 −5.77
Overall net power MWe 406.7 323.5 353 351.1 357.7 543.15 463.9 472.42 456.77
Thermal input, MWLHV MWth 860 860 860 860 860 929.65 929.65 929.65 929.65
Net electric efficiency % 47.3 37.6 41 40.8 41.6 58.4 49.9 50.8 49.1
Carbon capture rate % — 89.7 96.1 95.8 95.8 — 91.2 100 100
CO2 avoided % — 85.6 95.1 — — — 89.7 100 100
CO2 specific emissions kgCO2

∕MWhe 736 96 33.4 35.7 35 350.6 36.12 0 0
SPECCA MJLHV kgCO2

−1 — 3.07 1.66 1.73 1.5 — 3.35 2.63 3.32
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to an IGCC with and without CO2 capture and an IGCC integrated gasification
chemical looping combustion (IG-CLC), as described in the Section 3.3. With
respect to the IG-CLC, the two integrated gasification pre-combustion chemical
looping (IG-PCCL) plants present the same thermal efficiency ranging from
40.8% to 41.6%; however, the power share differs significantly: in the case of
IG-CLC the electric power from the gas turbine was limited by the maximum
temperature of the CLC reactors (1200 ∘C), while in this case the production of a
H2/N2 fuel allows considering the maximum temperature of the gas turbine, up
to 1300 ∘C; on the other hand, the steam cycle shows a lower power production,
because a lower amount of heat is recovered by producing HP-steam from the
reactor operated in reduction and a higher steam consumption is required at
the inlet of the reactor operated in oxidation to form H2. In the case of natural
gas, two configurations have been compared with a state-of-the-art NGCC and
an NGCC with CO2 post-combustion capture through chemical absorption
using mono-ethanol-amine (MEA). The two NG-fuelled PCCL plants differ in
the possible recovery from the CO2-rich stream at the reactor outlet: in the
first case the stream from the reactor is cooled down producing high-pressure
steam and after H2O condensation the CO2 is compressed starting from 20 bar;
in the second case, the CO2-rich stream is first expanded up to 5 bar to produce
additional electricity (about 30 MWe) and after the complete cooling and H2O
condensation the CO2 is compressed up to 110 bar. The different heat integration
results in a different steam cycle power production with an effect on the electrical
efficiency of about 1% point higher in case the gas leaving the reactor operated
in reduction is cooled at high pressure.

In terms of SPECCA, for the PCCL with IGCC, the same conclusions can be
drawn as for the case of IG-CLC, in which the lower energy penalty and the higher
CO2 avoidance can reduce the SPECCA of 50%. In the case of natural gas, the
better SPECCA results mostly from the complete CO2 separation, in comparison
to the MEA process, but the energy penalty is substantially the same as for the
NGCC+MEA, which is however a mature technology.

Another important advantage of this technology is the possibility to use it for
NH3 production in which the H2/N2 streams are produced at the outlet of the
oxidation. With respect to a conventional natural gas plant for NH3, the chemical
looping plant does not require WGS reactors, a CO2 absorption unit as well as a
methanator reactor for the abatement of the CO.

3.5.2 Cu–Ca Process for Sorption Enhanced Reforming

Chemical looping with packed bed reactors has been recently proposed also in
combination with SER through the FP7 European project ASCENT1. The system
has been proposed in 2010 by Abanades et al. [58] and the main schematics are
represented in Figure 3.16.

The SER process is a combination of steam methane reforming (endothermic
reaction) and CO2 sorption in CaO to form CaCO3 (exothermic reaction),
resulting in an overall autothermal system. In order to separate pure CO2, the

1 http://www.ascentproject.eu
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Sorption

CaO → CaCO3
Cu, Ni

NG + H2O H2

Oxidation

Cu → CuO

Ni → NiO
CaCO3

Air N2

Reduction/calcination

CuO → Cu

NiO → Ni

CaCO3 → CaO

Fuel CO2 + H2O

Figure 3.16 Schematic of the Cu–Ca process. Source: Abanades et al. 2010 [58]. Copyright
2010. Adapted with permission from American Chemical Society.

reverse reaction (called calcination) is required where CaCO3 decomposes into
CaO+CO2, which is an endothermic reaction favored at high temperatures
(800–900 ∘C) and it is typically carried out in combination with a combustion
process. To avoid CO2 dilution with N2 from air, the SER process is integrated
with an ASU to carry out the calcination by burning some fuel with pure O2 [59].
However, the ASU results in a high efficiency penalty of around 7–10% points
and it increases the capital expenditure (CAPEX) of the plant.

The integration of SER with CLC would represent a possible alternative to the
standard SER so that the ASU can be replaced by the use of CuO.

The complete process is carried out in three different steps as illustrated in
Figure 3.16:

(a) Sorption. natural gas and H2O react to produce syngas and the CO2 formed
reacts with CaO to form CaCO3 as in the SER process. This reaction will
require a suitable reforming catalyst (e.g. noble transition metals or Ni) as Cu
may not provide sufficient activity.

(b) Oxidation. in this step, the oxidation of Cu to CuO with air takes place, at
conditions such that no major decomposition of CaCO3 occurs (this will be
favored by high-pressure operation and high temperatures).

(c) Reduction/calcination. the calcination of CaCO3 to form CaO and gaseous
CO2 and the reduction of CuO with a fuel gas (using a syngas) occur simul-
taneously. The reduction of CuO is exothermic and thus the heat of reaction
for the calcination is provided in situ while forming a CO2-rich stream not
diluted with N2.

The combination of SER with CLC has been discussed in Fernández et al. [2] to
define a preliminary process layout and the best operating conditions of the com-
plete process. In their work, the authors have determined the required CaO/Cu
ratio to make the entire process feasible and have defined the operating windows
for the process, so that the reactors can operate close to thermally neutral con-
ditions. In the case of oxidation, the authors have found that a large N2 recycle is
required to avoid an excessive increase in the temperature, which would favor the
calcination reaction, thereby reducing the CO2 capture rate. Alarcón and Fernán-
dez [60] have investigated the reactor modeling of the combined reduction and
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calcination process at different temperatures, different syngas compositions, and
CuO/CaCO3 ratios. The results presented by the authors show that the optimal
operating temperature is around 900 ∘C and the use of a CO-rich gas reduces
CuO/CaCO3 ratio. However, in the presence of a higher CuO content, the tem-
perature increases with a possible damage of the Cu-based material, while in the
case of a relatively small amount of CuO, the heat produced is insufficient to
calcine the entire bed, reducing the sorption capacity of the bed. In Fernández
et al. [61], the validation of the model has been carried out with experiments in a
laboratory-scale fixed bed reactor (i.d.× L, 38 mm× 920 mm). Martini et al. [62]
have presented the complete process modeling and reactor behavior using a more
detailed 1D pseudo-homogeneous model and a simplified sharp-front approach
method and have investigated the effect of different operating conditions on the
heat/reaction front velocities for the different steps.

The complete SER/CLC process design and thermodynamic assessment for H2
production have been carried out in Martínez et al. [63] reaching overall H2 effi-
ciencies of 77% with a 94% carbon capture rate demonstrating the promising
nature of this technology.

3.6 Conclusions

The present chapter has discussed the application of PBRs for chemical looping
processes for carbon-free power, hydrogen, and chemicals production from fossil
fuels. With respect to conventional FBRs that have been amply studied especially
for CLC, the use of PBRs for chemical looping allows easier operation at higher
pressures, while the materials are not being fluidized reducing the risks of par-
ticle damaging and losses avoiding solids circulation. However, because of the
dynamic operation, a relatively large number of reactors need to be operated in
parallel. Moreover, several costly components (e.g. high-temperature valves) pose
several technical questions, which are currently under investigation in order to
make the technology more mature for further commercialization.

Much research has been carried out over the last years to investigate the
development, the feasibility, and the integration of packed bed chemical looping
technologies. Recent advances in terms of OC development and manufacturing,
as well as modeling and experimental validation have been mostly focused on
CLC processes, focusing in particular on the design and heat management of
the reactors. The reactor concept is now at the early stage of demonstration
and new research is required to study the material properties and the effect
of dynamic operation on the system performance and techno-economic feasi-
bility of the technology. To achieve high efficiencies in fuel conversion and a
high-temperature gas production for a gas turbine, PBRs have been considered
with different heat removal layouts depending on the type of OCs used. In
the case of CLR, the heat removal occurs in combination with endothermic
reactions and the results are very interesting not only for H2 production but
also for other GTLs processes, because no ASU is required and the thermal
integration shows some improvement in terms of electricity consumption and
steam-to-export.
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In recent years also other processes with chemical looping in packed bed
reactors have been proposed and studied, in particular, the steam-iron process
combined with chemical looping for the production of high-purity H2 for
different applications including proton exchange membrane (PEM) fuel cells
with integrated CO2 capture. In addition, the combination of air and steam
oxidation in the same unit has also been proposed and successfully tested at the
laboratory scale as a possible solution to produce a H2/N2 stream for CO2-free
electricity or NH3 production. Finally, the integration of SER-CLC using Cu as
OC represents another interesting option for H2 production with integrated
CO2 capture with promising results in terms of process efficiency and carbon
capture rates.

Nomenclature

Abbreviations

AGR Acid gas removal
ASU Air separation unit
ATR Autothermal reforming
CLC Chemical looping combustion
CLR Chemical looping reforming
FTR Fired tubular reforming
IGCC Integrated gasification combined cycle
LP/IP/HP Low/intermediate/high pressure
LHV Lower heating value
LT/IT/HT Low/intermediate/high temperature
MEA Mono-ethanol-amine
MDEA Methyl di-ethanol-amine
MTPD Metric tons per day
NGCC Natural gas combined cycle
PBR Packed bed reactor
PSA Pressure swing adsorption
SER Sorption enhanced reforming
SPECCA Specific primary energy consumption for CO2 avoided
WGS Water gas shift

Variables and units

A Area (m2)
b Gas–solid stoichiometric factor (mols molg

−1)
Bi Biot number (−)
C Concentration (mol m−3)
cp Heat capacity (J kg−1 K−1)
d Diameter (m)
dp Particle diameter (m)
EA Activation energy (kJ mol−1)
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MW Molecular weight (kg mol−1)
n Reaction order (–)
ni Gas flux of ith-component (mol m−2 s−1)
P Pressure (bar)
ri Reaction rate (mol m−3 s−1)
R Gas constant (J mol−1 K−1)
Ri Thermal resistance (KW−1)
ri Reaction rate (mol m r−3 s−1)
r0 Particle radius (m)
t Time (s)
T Temperature (K or ∘C)
vg Gas velocity (m s−1)
X Solid conversion (–)
yi Mass fraction (–)
ΔHR Heat of reaction (kJ mol−1)

Subscripts

𝜂 efficiency (–)
𝜀g Void fraction (–)
𝜀s,p Solid porosity (–)
𝜁 Stoichiometric factor (molg mols

−1)
𝜌 Density (kg m−3)
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4.1 Introduction

Chemical looping with oxygen uncoupling (CLOU) is a variant of chemical
looping combustion in which oxygen is spontaneously liberated from the oxygen
carrier as gaseous O2 in the fuel reactor. This allows heterogeneous combustion
of solid fuel by O2, which is much more efficient than typical chemical looping
systems that require the fuel to be in gaseous form to react with the solid
oxygen carrier. Experimental studies have demonstrated that coal conversion
in a CLOU system is as much as 50 times faster than conventional chemical
looping combustion under similar conditions [1–4].

The key to CLOU is the active oxygen-carrying metal oxide system, in particu-
lar the thermodynamics with respect to oxygen concentration in the temperature
range of solid fuel combustion. In the fuel reactor of a conventional non-CLOU
chemical looping combustion system, oxygen remains bound to the solid oxy-
gen carrier as a metal oxide. Because solid–solid reactions are inefficient, the fuel
must be in gaseous form to react with the oxidized metal. That works well with
gaseous fuels such as natural gas, but in order to process a solid fuel such as coal or
petroleum coke, the char must be gasified to produce combustible syngas either
in a separate reactor upstream of the fuel reactor or in situ within the fuel reactor
itself (so-called iG-CLC, for in situ gasification chemical looping combustion).
This is depicted schematically in Figure 4.1a. Gasification of solid char by steam
or CO2 is relatively slow at typical fuel reactor temperatures, so conversion rates
are limited by the slow gasification reactions. In contrast, because CLOU oxygen
carriers release gaseous O2 in the fuel reactor, char rapidly combusts to form CO2
as shown in Figure 4.1b. Combustion is much faster than gasification, so overall
conversion is much faster in a CLOU system.

The ability of certain metal oxides to spontaneously release gaseous oxygen in
the fuel reactor was first recognized by researchers at Chalmers University of

Handbook of Chemical Looping Technology, First Edition. Edited by Ronald W. Breault.
© 2019 Wiley-VCH Verlag GmbH & Co. KGaA. Published 2019 by Wiley-VCH Verlag GmbH & Co. KGaA.
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Figure 4.1 (a) Standard chemical looping combustion, which relies on gasification of char to
form CO and H2 to react with the oxygen carrier. (b) CLOU, which releases gaseous O2 to
combust the char. Source: Adánez et al. 2012 [5]. Adapted with permission of Elsevier.

Technology, who demonstrated CLOU of petroleum coke using a copper-based
oxygen carrier in a laboratory-scale batch fluidized bed equipped with an ana-
lyzer to measure O2, CO2, CO, and CH4 in the product gas [1, 6]. Gas concen-
tration profiles from this experiment are shown in Figure 4.2. The system was
initially at 885 ∘C and fluidized with air to fully oxidize the copper to cupric oxide
(CuO). The steady-state oxygen concentration in the product gas was stable at
21%. At 100 seconds, the fluidizing gas was switched to nitrogen. Although no
oxygen was being introduced into the system, the exit gas contained approx-
imately 1% O2, which was being generated by the oxygen carrier as the CuO
naturally reduced to cuprous oxide (Cu2O) in the oxygen-starved environment
according to Reaction (4.1).

4CuO → 2Cu2O + O2 (4.1)

The product of the reaction is gaseous oxygen and at 885 ∘C its equilibrium con-
centration is approximately 1 vol%. At time 180 seconds, 0.1 g of petroleum coke
was added to the fluidized bed. Over the next few seconds, as volatiles were
released from the fuel particles, CO2 and CO were observed in the product gas
and the O2 concentration dropped to zero. CO resulted because the rate of carbon
monoxide production during devolatilization exceeded the rate of O2 release by
the oxygen carrier. After a few more seconds, CO was no longer observed and the
oxygen concentration increased. Over the next 200 seconds, CO2 continued to be
produced and O2 remained below its equilibrium concentration. It was during
this time that the key CLOU reaction was taking place. Specifically, O2 released
by Reaction (4.1) was combusting the petcoke char. The rate of O2 generation
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Figure 4.2 Gas concentration profile for conversion of 0.1 g petroleum coke by a
copper-based CLOU carrier in a laboratory-scale batch fluidized bed initially at 885 ∘C.
The fluidizing gas was switched from air to nitrogen at 100 seconds and fuel was dropped
into the bed at 180 seconds. The fluidizing gas was switched back to air at 520 seconds.
Source: Mattisson et al. 2009 [6]. Adapted with permission of Elsevier.

exceeded that of the char combustion, as evidenced by the continued presence of
O2 in the product gas. As the char burned out, the CO2 concentrations decreased
and the O2 concentration increased until it reached its equilibrium value of 1%.
Finally, at 520 seconds, the fluidizing gas was switched to air. The O2 concentra-
tion remained below 21% for about two minutes as the Cu2O reacted with oxygen
to form CuO. A large temperature increase was also observed during this period
due to the exothermic oxidation reaction. After the copper was all fully oxidized
the exit O2 concentration became 21%.

In the years since the proof-of-concept demonstration of CLOU, the process
has been intensively studied, with the focus on the development of oxygen
carriers [3, 7–26], operation of laboratory-scale chemical looping systems
using CLOU carriers [2, 27–36], reaction analysis [37–44], and modeling of
CLOU-based chemical looping systems [4, 45–47]. Several reviews of chem-
ical looping combustion development also summarize advancements of the
technology [5, 48–50]. This chapter provides an overview of CLOU, addresses
considerations for design of reactors specific for CLOU, and presents the state of
development of the CLOU process. Oxygen carriers for CLOU are addressed in
detail in Chapter 7 and simulation of CLOU reactors is discussed in Chapter 12.

4.2 Fundamentals of the CLOU Process

The key to CLOU is the metal–metal oxide system chosen for the oxygen carrier.
For a given metal element denoted Me, the general oxidation reaction is

MexOy−2 + O2 → MexOy (4.2)
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As with any chemical looping combustion oxygen carrier, the forward reaction
takes place in the air reactor and will always be exothermic. The distinguish-
ing characteristic of a CLOU oxygen carrier is that reduction of the metal does
not require reaction with a gaseous fuel such as natural gas or synthesis gas, but
instead occurs naturally by the reverse of the reaction above, liberating gaseous
O2. The reverse reaction, or “oxygen uncoupling” reaction, is endothermic with
the heat required matching that released during oxidation.

For an oxygen carrier to function in a CLOU process, the thermodynamics
of the metal must be such that at temperatures typical for combustion of a fuel
(approximately 800–1100 ∘C), the metal is in an oxidized form in the air reactor
where the O2 concentration is relatively high. In the fuel reactor, which is typi-
cally fluidized with steam and/or carbon dioxide and has a low concentration of
O2, the metal of a CLOU carrier should be in a more reduced form than in the
air reactor. As a guide, the equilibrium O2 concentration for the reversible oxi-
dation/reduction reaction of a CLOU oxygen carrier should span the range from
a few percent to 21% within the temperature range 800–1100 ∘C.

Three monometal oxide systems based on copper, manganese, and cobalt have
been identified as being thermodynamically suitable for CLOU [1]. The oxygen
uncoupling reactions that take place in the fuel reactor are shown below, along
with the energy required to drive the reaction at 900 ∘C, per molecule of O2
released.

Copper: 4CuO ↔ 2Cu2O + O2 ΔH900∘C = 262.5 kJ mol−1 O2 (4.3)
Manganese: 6Mn2O3 ↔ 4Mn3O4 + O2 ΔH900∘C = 193.3 kJ mol−1 O2

(4.4)
Cobalt: 2Co3O4 ↔ 6CoO + O2 ΔH900∘C = 407.1 kJ mol−1 O2 (4.5)

The equilibrium O2 partial pressures for these reactions are displayed in
Figure 4.3. On the left side of the curves, the more oxidized form of the metal
is stable. Upon crossing to the right side of the curve either by increasing the
temperature or by reducing O2 partial pressure, the reaction reverses and O2
is spontaneously released. As long as there is fuel available to rapidly consume
the O2, the oxygen partial pressure in the fuel reactor will remain low and the
oxygen carrier will continue to release oxygen.

Figure 4.4 shows conditions for the specific case of a copper-based CLOU sys-
tem and combustion of coal. Coal combustion in fluidized bed systems is efficient
at temperatures around 900–950 ∘C, which coincides with the temperature at
which the equilibrium O2 partial pressure of the CuO/Cu2O system ranges from
1.5% to 4.5% O2. The O2 concentration entering the air reactor is 21%. As the
oxygen carrier is oxidized, the O2 concentration of the gas decreases as it flows
through the reactor. The exit concentration of oxygen may be as low as 5%, but
cannot become any lower than the equilibrium concentration at the given tem-
perature. There needs to be some finite difference between exit and equilibrium
concentrations to ensure a reaction driving force throughout the reactor.

In the fuel reactor of the system represented in Figure 4.4, the O2 concentration
is very low, below the equilibrium line and the reduced form of the carrier is
favored. The CLOU Reaction (4.1) takes place, producing gaseous oxygen. The O2
reacts with the coal through combustion, keeping the O2 partial pressure low and
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system processing coal.

perpetuating oxygen release. It should be noted that further reduction of Cu2O to
Cu by heterogeneous reaction with coal volatiles may occur in the same manner
as with non-CLOU chemical looping. But the expectation is that full reduction to
Cu is limited and any copper will be re-oxidized to Cu2O or CuO in the air reactor.

4.2.1 CLOU Oxygen Carriers

Oxygen carrier materials for CLOU share the same basic characteristics as con-
ventional (non-CLOU) oxygen carriers and are distinguished only by the active
metal or metals used. As noted earlier, the thermodynamics of CLOU carriers
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result in spontaneous reduction in a low O2 environment, so that heterogeneous
reaction with a reducing gas (fuel) is not required. Chapter 7 discusses oxygen
carrier materials for CLOU systems in detail.

4.2.2 CLOU Oxygen Carrier Oxidation

The oxidation behavior of CLOU oxygen carriers in an air reactor is different
from that of non-CLOU carriers. While the intrinsic rate of oxidation for most
metals increases with temperature, the reversible reaction and comparatively
near-equilibrium conditions for CLOU carriers result in two competing influ-
ences of temperature on the reaction rate. This can be shown by considering a
simplified rate expression for the oxidation of a metal in a reversible reaction:

rateoxidation = (rate constant) × (driving force)reaction order

=
(
Ae−Ea∕RT) (pO2,actual − pO2,equil)n (4.6)

where Ea is the activation energy, R is the ideal gas constant, T is the absolute
temperature, pO2,actual is the actual partial pressure of oxygen in the system, and
pO2,equil is the equilibrium partial pressure of oxygen at the given temperature.
The quantity Ae−Ea∕RT represents the rate constant at a given temperature while
the driving force is (pO2,actual − pO2,equil).

Although not explicitly indicated in Eq. (4.6), there are two aspects of the rate
expression that are affected by temperature. First, there is the classical exponen-
tial influence of temperature addressed by the Ae−Ea∕RT term. Secondly, there is
the influence of temperature on oxygen equilibrium partial pressure pO2,equil that
is depicted in Figure 4.3. For most systems, the equilibrium partial pressure of
O2 is zero over the temperature range of interest, so that the dependency of rate
on oxygen concentration is not affected by changes in temperature. But because
CLOU by design operates near the equilibrium conditions of the metal oxide sys-
tem, the equilibrium concentration of oxygen must be taken into consideration.
As seen in Figure 4.3, the equilibrium O2 partial pressure for CLOU materials can
be significant at high temperature. The result is that the concentration driving
force (pO2,actual − pO2,equil) becomes less as temperature increases and the result-
ing reduction in oxidation rate (Eq. (4.6)) can exceed the positive influence of the
increase in rate due to temperature resulting from the thermodynamics of the
system and represented by the Arrhenius expression.

The reduction in oxidation rate with increasing temperature has been observed
experimentally for copper-based oxygen carriers [4, 11–13, 42, 44, 51]. As seen
in Figure 4.5a, the observed rate of oxidation achieves a maximum at approx-
imately 890 ∘C. Above that temperature, the driving force difference between
the supplied O2 partial pressure of 0.21 atm and the equilibrium partial pressure
becomes less (Figure 4.5b), so the rate decreases resulting in an apparent negative
activation energy at higher temperatures. Various experimental methods can be
used to isolate the influences of temperature on oxidative driving force and the
intrinsic chemical reaction. For example, the supplied O2 partial pressure can be
varied for experiments at a given temperature to study the influence of oxida-
tion driving force on the rate. In addition, the supplied O2 partial pressure can be
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Figure 4.5 (a) Measured
oxidation rate of Cu2O oxidation
of a copper-based CLOU oxygen
carrier and (b) depiction of
oxidation driving force for
Cu2O/CuO system.
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varied with temperature to hold the oxidation driving force constant, thus allow-
ing one to focus on the intrinsic chemical kinetics of the oxidation reaction [42].

Several studies have been performed to characterize the rate of oxidation of
CLOU oxygen carriers, primarily focusing on copper-based materials [4, 13, 18,
38, 40, 42, 44, 48]. Empirical and mechanistic models have been proposed and fit
to available experimental data.

4.2.3 CLOU Oxygen Carrier Reduction (“Uncoupling”)

The most important characteristic of CLOU oxygen carriers is their ability to
release gaseous O2 in the fuel reactor. The rate of oxygen uncoupling is related to
the equilibrium partial pressure of O2 at the particle temperature. As observed
in Figure 4.3, the equilibrium partial pressure increases with temperature and
experimental results confirm that the rate of the metal reduction reaction respon-
sible for O2 release increases with temperature (Figure 4.6) [10, 40, 43, 44]. Sim-
ilar to oxidation, the driving force for O2 release is the difference between the
equilibrium O2 partial pressure and the actual O2 partial pressure in the gas
surrounding the oxygen carrier particle, (pO2,equil − pO2,surr). Studies in which the
uncoupling reaction has been performed in gas environments with a finite oxygen
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Figure 4.6 Reduction of CuO to Cu2O in nitrogen as a function of temperature for a CLOU
oxygen carrier of 45% CuO content on zirconia. Thermogravimetric analysis data.

concentration lower than the equilibrium concentration have proved that the rate
decreases when oxygen is present in the surrounding atmosphere [43]. It is gener-
ally believed that the O2 concentration in the fuel reactor will be quite low, below
0.5 vol%, since the oxygen present will readily react with volatile matter and char.
However, at higher temperatures where oxygen release is rapid, and with com-
paratively unreactive fuels, the O2 content in the gas surrounding the particles
may exceed 1%, which would then slow the rate of oxygen release.

Several investigations have focused on characterization of CLOU carrier oxy-
gen release, and models describing reduction and expressions to model the rate
of oxygen release have been developed [40, 43, 44].

4.3 CLOU Reactor Design

Design of fluidized bed reactors for conventional (non-CLOU) chemical looping
combustion of gaseous and solid fuels has been the subject of many investigations
and a variety of different systems have been built and tested. Generally speaking,
the designs involve either a bubbling or circulating fluidized bed air reactor cou-
pled to a bubbling or circulating fuel reactor with overflow pipes (bubbling bed
reactors) or cyclones (circulating bed reactors) to separate oxygen carrier parti-
cles from the exit gas. Such systems are described in Chapter 2. CLOU reactor
systems share many design characteristics with non-CLOU chemical looping sys-
tems and in some regards the only difference between a conventional non-CLOU
reactor and a CLOU reactor is the nature of the oxygen carrier. However, the
unique chemical behavior of CLOU oxygen carriers described earlier creates spe-
cial challenges – and opportunities – for chemical looping reactors. Some of the
important considerations are described in the following sections, with emphasis
on fluidized bed-based systems.
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4.3.1 Fuel Flow and Overall Balances

Flow rates and material balances of a CLOU system are determined in the same
manner as for any chemical looping combustion system. System design of flu-
idized bed chemical looping systems is addressed in Chapter 2 and the method-
ology for determining reactor flow rates and material balances is described in a
number of references, e.g. Lyngfelt et al. [52]. Primary mass balance considera-
tions are reviewed here.

The feed rate of solid fuel to a CLOU system (kg s−1) depends on the overall
desired thermal input, or fuel power P (MW), and the heating value of the fuel,
H fuel (MJ kg−1).

ṁfuel =
P

Hfuel
(4.7)

Assuming the fuel is completely converted in the chemical looping system, the
air reactor must be fed enough oxygen to combust the fuel. Defining Sr as the
stoichiometric ratio of air required to completely combust the fuel (kg air/kg fuel),
the minimum flow rate of air to the air reactor would be ṁfuelSr if all incoming
oxygen were to react. However, as described earlier, the gas exiting the air reactor
of a CLOU system must have some concentration of O2 to ensure that the air
reactor is overall oxidizing with respect to the thermodynamic equilibrium of
the oxygen carrier and that there is an oxidation driving force throughout the
reactor. For an air reactor exit O2 volume fraction yO2,exit, the required mass flow
of air to the air reactor is

ṁair = ṁfuelSr
0.21(1 − yO2,exit)

0.21 − yO2,exit
(4.8)

Oxygen is transported from the air reactor to the fuel reactor by the oxygen
carrier particles. The required mass flow rate of oxygen carrier depends on the
oxygen carrying capacity of the material, which in turn depends on the metal
oxide system used and the concentration of the active metal on the carrier. The
oxygen carrying capacity of the oxygen carrier, also known as the oxygen ratio,
Ro, is the mass fraction of oxygen available for reaction when the carrier is in its
oxidized state:

Ro =
mOC,ox − mOC,red

mOC,ox
(4.9)

where subscripts “ox” and “red” represent the oxidized and reduced states. The
oxygen carrying capacities of the pure metal oxide systems described previously
are shown in Table 4.1.

A useful convention is the degree of oxidation of the oxygen carrier,
denoted X:

X =
mOC,actual − mOC,red

mOC,ox − mOC,red
(4.10)

For a fully oxidized carrier X = 1 and for a fully reduced carrier X = 0. Owing
to the mixed reactor nature of fluidized bed systems and kinetics of the oxygen
carrier reactions, the oxygen carrier is generally not fully oxidized in the air reac-
tor nor fully reduced in the fuel reactor. The respective degrees of oxidation and



102 4 Chemical Looping with Oxygen Uncoupling (CLOU) Processes

Table 4.1 Oxygen carrying capacity of pure metal oxide systems based on
oxidized state.

Metal Oxidized state Reduced state
Oxygen carrying
capacity (Ro)

Copper CuO Cu2O 0.101
Manganese Mn2O3 Mn3O4 0.034
Cobalt Co3O4 CoO 0.066

reduction in the air and fuel reactors, and in particular the difference between
those, ΔX, affect the oxygen carrier circulation rate required to transport suffi-
cient oxygen to the fuel reactor for combustion.

ΔX = XAR,exit − XFR,exit (4.11)

The mass flow rate of oxygen carrier to the fuel reactor depends on the mass
flow of oxygen required to completely combust the fuel, the oxygen carrying
capacity, and the conversion of the oxygen carrier:

ṁOC to FR =
0.233ṁfuelSr[1 − (1 − XAR,exit)Ro]

ΔXRo
(4.12)

The factor 0.233 is the mass fraction of oxygen in air. The mass flow rate of oxygen
carrier from the fuel reactor back to the air reactor is slightly less since oxygen is
consumed in the fuel reactor:

ṁOC to AR = ṁOC to FR − 0.233ṁfuelSr (4.13)

4.3.2 Energy Considerations

The function of a chemical looping combustion system is to produce heat and
power through the production of high pressure steam, which is fed to a turbine/
generator in a conventional Rankine steam cycle. Steam can be produced by heat
extraction in the dense bed or freeboard region of the fluidized beds. Down-
stream of the reactors, flue gas heat recovery can also be used to generate steam.

The air reactor of a chemical looping system will always release heat since
oxidation of metals is an exothermic process. Heat released per mole of O2
consumed for the monometallic oxygen carriers discussed earlier is shown in
Reactions (4.3)–(4.5), noting that the oxidation reaction is the reverse of that
shown. Without any measures to remove heat within the air reactor, the energy
released through oxidation will increase the temperature of the bed relative
to that of the material entering from the fuel reactor. The magnitude of the
temperature increase depends on material heat capacity and the oxygen carrying
capacity Ro of the active oxygen carrier, with higher oxygen capacity resulting in
larger temperature increase since there is less inert solid to absorb the heat.

The fuel reactor involves not only reduction of the oxygen carrier, which
is an endothermic process with the same amount of heat required as given
off during oxidation in the air reactor, but also combustion of the fuel, an
exothermic process. The overall heat demand or release depends on the relative
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heats of reaction for the oxygen carrier and the fuel. For illustrative purposes,
consider the typical bituminous coal with a heating value (heat of combustion)
of 25 000 kJ kg−1 requiring 2 kg (62.5 mol) O2 per kg coal for complete com-
bustion. For a copper-based CLOU oxygen carrier, heat required for reduction
(Reaction (4.1)) is 62.5× 262.5= 16 400 kJ kg−1 of fuel, but combustion produces
25 000 kJ kg−1 of heat for a net of 8600 kJ heat release per kg of fuel. The heat
for reduction of manganese is lower than that for copper, so even more heat
is released per mole of O2 generated. However, as seen in Table 4.1 the oxygen
carrying capacity for the Mn2O3/Mn3O4 system is 3.4 wt% compared to 10.1%
for the CuO/Cu2O system, so more oxygen carrier is required to deliver the
required oxygen and the increase in bed temperature would be less.

In terms of energy release in the fuel reactor, a CLOU system is no different than
a conventional non-CLOU chemical looping system as long as the metal oxide
system, the extent of reaction and fuel conversion are the same. The only differ-
ence is the reaction pathway responsible for converting the fuel. For example,
if the CuO/Cu2O system were used to convert coal (represented by carbon, C)
in a non-CLOU configuration, the coal would have to first be gasified by steam
or CO2 in what is sometimes called in-situ gasification CLC (iG-CLC), and the
resulting H2 and CO would react heterogeneously with the oxygen carrier. As
shown below for steam gasification, the overall reaction is the same for conver-
sion of carbon through release of O2 in a CLOU system, and the overall energy
required is identical.
Steam gasification:

C + H2O → CO + H2 ΔHr,900∘C = 141.8 kJ mol−1

CO + 2CuO → Cu2O + CO2 ΔHr,900∘C = 150.7 kJ mol−1

H2 + 2CuO → Cu2O + H2O ΔHr,900∘C = 117.6 kJ mol−1

–––––––––––––––––––––––––––––––––––––––––––––––––
C + 4CuO → 2Cu2O + CO2 ΔHr,900∘C = 126.5 kJ mol−1

CLOU:
4CuO → 2Cu2O + O2 ΔHr,900∘C = 262.5 kJ mol−1

C + O2 → CO2 ΔHr,900∘C = 389.0 kJ mol−1

–––––––––––––––––––––––––––––––––––––––––––––––––
C + 4CuO → 2Cu2O + CO2 ΔHr,900∘C = 126.5 kJ mol−1

Mattisson et al. [1] analyzed the expected change in fuel reactor temperature
in an adiabatic system for the monometallic oxygen carriers shown in Reactions
(4.3)–(4.5). The results are shown in Figure 4.7. The heat required for reduction of
CuO and Mn2O3, per mole of O2 released, is lower than that released by combus-
tion of carbon, resulting in an overall temperature rise. In extreme cases, the bed
temperature will increase by several hundred degrees if there is no heat recovery
within the reactor. On the other hand, reduction of Co3O4 requires more heat
than provided by the carbon combusted, resulting in a temperature decrease.

4.3.3 Air Reactor Design

The air reactor of a chemical looping system is responsible for oxidizing the
oxygen carrier and its size and design depend on the nature of the carrier and the
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overall fuel processing rate of the system. The air fed to the air reactor should,
at a minimum, contain enough oxygen to completely combust the fuel. As with
any type of combustion system, feeding just that minimum amount would
result in the effluent from the air reactor containing no oxygen. Regardless of
whether the system is a conventional non-CLOU chemical looping combustor
or a CLOU-based system, more air than the minimum is fed to ensure that the
oxidation reactions are efficient throughout the volume of the air reactor. The
design flow rate of air is determined by Eq. (4.8).

The thermodynamic equilibrium behavior of CLOU oxygen carriers creates
additional design challenges for the air reactor and places a constraint on
the oxygen concentration exiting the reactor. To ensure that conditions in
the air reactor promote oxidation of the oxygen carrier, the O2 concentration
throughout the entire reactor must exceed the equilibrium concentration
for the particular carrier metal and temperature. Referring to Figure 4.3, for
example, one can see that it would not be possible to operate the air reactor of a
Mn2O3/Mn3O4-based CLOU system to have an exiting O2 concentration of 5%
at 850 ∘C, since the equilibrium O2 partial pressure at that temperature is 8.8%.
Compared to a non-CLOU carrier that has an equilibrium O2 partial pressure
of essentially zero, the Mn-based CLOU system would require an air flow about
72% higher to provide enough oxygen to completely oxidize the carrier material
at 850 ∘C.

Another practical consideration involves the driving force for the oxidation
reaction. As noted previously, the driving force for the reaction is the difference
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between the local O2 concentration and the equilibrium concentration. In order
to ensure that there is appreciable driving force throughout the reactor, CLOU
air reactors are generally designed such that the exit O2 concentration is at least
2%-units above the equilibrium concentration. For the Mn-based system operat-
ing at 850 ∘C, the target O2 exit concentration would thus be 10.8% and the air
flow rate would need to be more than double that calculated based on complete
oxidation of the oxygen carrier, assuming 0% O2 in the exit.

It is also clear that the driving force for oxidation, and thus the rate of oxi-
dation, is not uniform throughout the air reactor. Oxidation will be most effi-
cient at the air inlet location where the O2 concentration is near 21%. As the air
flows through the reactor and O2 is consumed by the oxygen carrier, the oxida-
tion rate will decrease. The region of the reactor farthest from the air inlet will
experience the lowest rates of oxidation and in extreme cases where the exit O2
concentration is near the equilibrium concentration, a significant fraction of the
reactor may contribute comparatively little to oxidation of the carrier. Thus, it is
important to design the air reactor size and air flow to ensure that (i) the driv-
ing force for the oxidation reaction remains appreciable, (ii) the residence of the
oxygen carrier in the air reactor is sufficient to achieve the necessary degree of
oxidation, and (iii) sufficient oxygen is introduced to completely burn the fuel
in the fuel reactor, taking into consideration the equilibrium O2 partial pressure
at the exit.

It is not necessary to completely oxidize the oxygen carrier in the air reactor.
Studies have shown that the rate of carrier oxidation becomes less as the material
is converted, i.e. that the reaction is of an order greater than zero in the active
metal [3, 42]. For example, in the conversion of Cu2O to CuO for copper-based
CLOU, the reaction is approximately first order in Cu2O and the rate slows sig-
nificantly at high conversions (Figure 4.8). Achieving 99% or even 95% conversion
to CuO, therefore, would require a significant amount of time and an unneces-
sarily large reactor. A more sensible approach is to balance the reactor size with
solids residence time and circulation rate to operate within the range of conver-
sions where the oxidation reaction is still reasonably fast. Although the optimum
degree of carrier oxidation will depend on specific properties of the material
including the reaction order in the active metal, a good rule of thumb is to aim
for 80% of the carrier material being in the fully oxidized state. Targeting higher
conversions results in diminishing returns in terms of capital investment and the
inventory of oxygen carrier required.

A final consideration for design of the air reactor is the generally high degree
of heat release associated with the oxidation reactions and the impact this has
on reactor temperature. For example, approximately 825 kJ of heat is generated
per kg CuO formed in a copper-based CLOU system. For an oxygen carrier
composed of 60% CuO on a zirconia support, heat release would increase
the bed temperature by about 250 ∘C [1]. Higher temperatures will increase
the equilibrium O2 partial pressures (Figure 4.3), which will in turn reduce the
driving force and effectiveness of the oxidation reactions as described above. This
can be overcome by controlling the temperature in the air reactor by reducing
the degree of air preheating or by extracting heat from the bed. Operating with
high solids circulation rates and lower loadings of active metal on the oxygen
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Figure 4.8 Oxidation of two copper-based oxygen carriers in air at 925∘C based on TGA
experiments. The time required to achieve the final 10% conversion is about as long as that
required to achieve the first 90% conversion. Data from Clayton et al. 2014 [42].

carrier and/or lower extents of oxidation will also reduce the temperature rise
associated with the reaction.

4.3.4 Fuel Reactor Design

The fuel reactor of a CLOU system behaves differently from the fuel reactor of
a conventional chemical looping system. Owing to the release of gaseous O2 by
the oxygen carrier, it offers an overall more reactive environment, particularly for
conversion of solid fuel char. In the same manner as observed in the experiment
described in Figure 4.2, the local oxygen concentration can be at most as much as
the equilibrium partial pressure at the temperature of the oxygen carrier mate-
rial (Figure 4.3). If fuel is available to react with the oxygen, then the local O2
concentration depends on the fuel-to-oxygen carrier ratio as well as the relative
rates of oxygen consumption by combustion and oxygen release by the carrier.
The rate of combustion, in turn, depends on the local O2 concentration. Low fuel
concentrations and comparatively unreactive fuels such as petcoke char result in
O2 concentrations near the equilibrium concentration. High fuel concentrations
or highly reactive fuels such as biomass char rapidly consume the available O2, so
that the concentration will be near zero.

The O2 concentration in a CLOU fuel reactor varies by location. Near the dis-
tributor at the bottom of a fluidized bed, the O2 concentration is low even if
little or no fuel is present, simply because oxygen release is not instantaneous
and there will have been too little time for appreciable concentrations to build up
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in the incoming fluidizing gas (typically steam and/or recycled CO2). The region
around the fuel feeding point will also have low O2 concentrations since volatiles
released by the fuel readily combust homogeneously. Near the top of the bed, O2
concentrations will be higher since volatiles concentrations will be low and only
the fuel char will be available to consume the O2.

Balancing the fuel char inventory with the available released oxygen is one of
the biggest challenges of CLOU fuel reactor design and operation. Ideally, the fuel
reactor will have a very low char concentration to minimize unwanted transport
of char to the air reactor, where it will combust but the CO2 will not be captured.
However, low char concentrations do not effectively consume the O2 released
from CLOU carriers, so that a finite concentration of O2 will exist throughout
most of the bed. At the top of the bed near the gas exit, fuel volatiles will not
be available and the gas will have had enough time since entering the system to
develop an appreciable concentration of oxygen. It is therefore possible for the
gas exiting the fuel reactor to contain unreacted oxygen, since O2 generation is
relatively uniform throughout the bed and the ability to exactly balance O2 gener-
ation with char combustion at the top of the bed is limited. If the product gas from
the fuel reactor contains an undesirably high concentration of O2, it is possible
to address that by the so-called natural gas polishing, whereby a stoichiomet-
ric amount of natural gas is fed into the hot product gas line to combust with
the available O2. This is similar to the strategy of oxygen polishing proposed for
conventional chemical looping systems that can have undesirably high concen-
trations of combustible compounds such as CO and methane in the fuel reactor
product gas.

The temperature of the fuel reactor is quite constant throughout the volume of
the reactor, since the concentration of char as well as production of O2 is relatively
uniform throughout the bed. Individual particles may exhibit different tempera-
tures. Char combustion is a highly exothermic reaction and the temperature of
burning char particles will be higher than that of the oxygen carrier particles,
which undergo endothermic reactions as O2 is generated. But in a well-mixed
fluidized bed differences in local particle temperatures will not be observed or
affect the performance of the system.

4.3.5 Loop Seal Design

Non-mechanical valves such as loop seals are used in circulating fluidized beds or
dual fluidized bed systems to allow solids to flow while minimizing pass-through
of gas from the destination reactor to the source reactor. For example, a loop
seal is typically installed on the solids transfer line from the fuel reactor to the
air reactor to keep air from flowing through the line and entering the fuel reac-
tor. Particular attention must be paid to the design of loop seals in CLOU sys-
tems, especially those that use cyclones for gas–particle separation. The nature
of CLOU oxygen carriers to release O2 when in an oxygen-free environment can
complicate design and operation.

To illustrate, consider a dual fluidized bed CLOU system that uses a cyclone
on the air reactor exit to separate oxygen carrier particles from the gas. The
solids exit the bottom of the cyclone and pass through a loop seal to the fuel
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Figure 4.9 Schematic of a loop seal below the air
reactor cyclone and feeding into the fuel reactor.

reactor (Figure 4.9). If the loop seal is fluidized with air, the air can flow with the
solids to the fuel reactor. Oxygen in that air will assist combustion in the fuel
reactor, but nitrogen will also enter the fuel reactor, diluting the CO2-rich fuel
reactor product gas. If the loop seal is instead fluidized with steam or CO2, the
freshly oxidized oxygen carrier will begin to release O2 already in the loop seal,
including in the column of solids in the dip leg below the cyclone. Gas flowing
upward through that dip leg into the cyclone will carry with it oxygen that was
meant to be released in the CLOU fuel reactor, reducing efficiency and neces-
sitating a higher circulation rate to achieve the desired oxygen delivery to the
fuel reactor.

One solution is to use two different gases in the loop seal. Air can be used as the
side injection gas to keep the solids column below the cyclone flowing and fully
oxidized. The primary loop seal fluidizing gas (bottom injection in Figure 4.9) can
then be steam or CO2. Although O2 will start to be released once the particles exit
the air-rich environment, it will flow with the steam or CO2 and will ultimately
end up in the fuel reactor. Optimizing injection locations for the different gases
might require some trial and error. For example, if air were used for side injection
at the bottom location in the loop seal of Figure 4.9, it might be swept with the
solids toward the fuel reactor along the dashed line, resulting in nitrogen entering
the fuel reactor and diluting the CO2 product gas.

Similar issues must be considered for the loop seal connecting the outlet of the
fuel reactor cyclone to the air reactor. If that loop seal is fluidized with air and the
air flows with the solids into the air reactor, there is no concern. But if air on the
inlet side of the loop seal flows through the column of solids below the cyclone,
it will end up in the fuel reactor product gas where oxygen and nitrogen are not
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desired. Fluidizing with recycled CO2 is a better solution in terms of fuel reactor
product gas quality, but most of the loop seal CO2 will flow into the air reactor
where it will not be captured. A suitable solution is to fluidize the loop seal from
the fuel reactor to the air reactor with steam. Although additional O2 production
may take place in the loop seal if the oxygen carrier is not entirely in its reduced
state, the extent of oxidation will be limited and the material will be re-oxidized
in the air reactor.

Another method to limit O2 production in the loop seals is to operate them
slightly cooler than the reactors themselves. As noted previously, the rate of O2
production decreases sharply with temperature, so that a reduction of 100 or even
50 ∘C would help minimize O2 generation. Of course, any active cooling would
have to be balanced against the additional thermal load necessary to reheat the
solids upon entering the reactor.

4.3.6 Sulfur

The attractiveness of CLOU is its superior performance for processing solid fuels.
Many of the fuels that are candidates for chemical looping combustion, including
coal and petroleum coke, can contain 2–6% sulfur by weight. It is important to
understand the impact of sulfur on the performance of CLOU systems and on
the quality of the CO2-rich fuel reactor product gas.

Adánez-Rubio et al. [32] and Pérez-Vega et al. [34] studied the fate of sulfur
in a small dual fluidized bed system processing lignite containing 5.2% sulfur and
using a copper-based CLOU carrier. Under the conditions tested, nearly all sulfur
exited the fuel reactor as SO2. Consideration must therefore be given to how SO2
in the CO2 product stream will be handled in industrial-scale systems. A positive
conclusion of these studies was that oxygen carrier performance was not affected
during 15 hours of continuous operation.

Arjmand et al. [35] examined performance of perovskite-type CLOU oxygen
carriers in sulfur-containing environments. The presence of calcium in the
oxygen carrier reduced activity due to the formation of calcium sulfate. Similar
behavior has been identified for mixed metal carriers, with nickel and iron being
susceptible to reaction with sulfur [21]. Manganese carriers are expected to
be inert toward sulfur under chemical looping combustion conditions, since
manganese sulfates and sulfides are not stable at high temperature [21].

For the CuO/Cu2O and Mn2O3/Mn3O4 systems, thermodynamic analysis
and laboratory-scale experiments suggest that sulfur should not pose a serious
threat to performance. But other metals in the oxygen carrier may react with
sulfur. Systems including oxygen carrier, coal ash, and sulfur at high temperature
are complex, and unreactive compounds can form that will reduce oxygen
carrier capacity and reactivity. It is therefore recommended that oxygen carrier
materials be experimentally tested to understand long-term performance in
sulfur-containing environments.
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4.4 Status of CLOU Technology Development

Since the concept of CLOU was first introduced in 2009, interest has grown and
today there are many groups researching the technology. Much of the research
focuses on development of robust, inexpensive CLOU oxygen carriers. Chapter 7
describes the production, properties, and performance of CLOU oxygen carriers
in detail. This section focuses on CLOU reactor systems and highlights some of
the important work that has been performed.

4.4.1 Laboratory-Scale CLOU Testing

To properly design a dual fluidized bed CLOU reactor system, it is important
to understand the rates of chemical processes that occur within the reactors.
A straightforward method for determining rates of oxygen carrier oxidation and
reduction is through thermogravimetric analysis (TGA), in which the mass of a
small sample of oxygen carrier is tracked as it is exposed to alternating gas atmo-
spheres at a specified temperature. The oxidizing gas is typically air or a mixture
of 5–15% O2 in nitrogen to represent conditions within the air reactor after a por-
tion of the incoming O2 has been removed by reaction with the oxygen carrier.
For CLOU, the reducing gas is generally pure nitrogen to represent conditions
in the fuel reactor where the O2 content is near zero due to its rapid consump-
tion by char and volatiles. The oxygen carrying capacity of the material can be
directly determined by measuring the weight difference between the oxidized
and reduced states and the rates of those reactions can be evaluated from the
slopes of the respective mass-versus-time curves (Figure 4.10). TGAs can also be
programmed to continuously cycle the gas to evaluate long-term performance of
oxygen carriers over multiple cycles.

The rates of oxidation and reduction have been measured by TGA for many
different CLOU oxygen carriers [3, 4, 8, 11–14, 18, 22, 23, 30, 42–44]. Although
reactivity depends on the nature and physical characteristics of the carrying
material, in general copper-based oxygen carriers require 1–2 minutes for 90%
oxidation of Cu2O to CuO or for 90% reduction of CuO to Cu2O in nitrogen at
900–950 ∘C [4, 13, 34, 40, 42, 43]. Less attention has been given to the study of
CLOU reaction kinetics for manganese-based oxygen carriers, but it appears
that rates of oxidation and reduction of these materials are similar.

Another common experimental technique for evaluating the performance of
CLOU oxygen carriers, which more closely represents conditions in a chemical
looping system than TGA, is to use a small batch fluidized bed such as that
depicted in Figure 4.11 to test 10–50 g samples of oxygen carrier particles
[2, 3, 6, 8, 11, 13, 14, 18, 20, 22, 25, 29, 39]. In a typical experiment, fluidizing gas
is cycled between nitrogen and air or an air/nitrogen mixture to approximate
conditions that materials are exposed to as they move between the fuel and
air reactors. Through analysis of O2 in the effluent gas, the time required
for complete oxidation or complete reduction of the oxygen carrier can be
determined and qualitative information regarding reaction rates can be dis-
cerned. The system can be programmed to alternate between oxygen-containing
and inert gas to test the performance over multiple cycles. A thermocouple
positioned within the bed will indicate a temperature rise during oxidation and
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Figure 4.10 TGA curves of oxygen carrier oxidation and reduction. (a) Mass increase during
oxidation in air and decrease during reduction in N2 for an oxygen carrier of 20% CuO on SiO2.
(b) Multiple cycles of a 45% CuO on ZrO2 oxygen carrier.

a temperature decrease during reduction. The magnitude of the temperature
change can be tracked over multiple cycles to provide an indirect indication of
whether oxygen carrying capacity becomes less over time. To gain an under-
standing of fuel conversion in a CLOU environment, small batches of solid
fuel can be fed to the bed while fluidizing with an inert gas as was done in the
proof-of-CLOU concept experiment described earlier and shown in Figure 4.2.
The degree of conversion can be tracked by monitoring CO and CO2 in the gas
exiting the reactor. Comparative studies of oxygen carrier attrition can also be
performed in these small-scale fluidized bed systems by measuring the mass of
fine particulate captured on filters downstream of the reactor.

4.4.2 Development-Scale and Pilot-Scale Systems

The CLOU process has been tested at various scales with different dual fluidized
bed reactor designs. Notable systems that have been used to experimentally
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research CLOU in two-reactor systems (air reactor and fuel reactor) are
described below, in the order from small to large scale.

Researchers at Chalmers University of Technology have investigated the oxi-
dation and uncoupling of various Cu- and Mn-based CLOU oxygen carriers in
a small two-compartment fluidized bed reactor with a design thermal input of
300 W (Figure 4.12) [10, 26]. One section of the reactor represents the air reactor
and is fluidized with air, and the other section, representing the fuel reactor, is
fluidized with CO2. The reactor is designed as one compact, integrated unit that
is placed into a box furnace. Approximately 150–200 g of oxygen carrier can be

Figure 4.12 Chalmers 300 W
chemical looping test reactor.
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tested in the system and the rate of carrier oxidation and oxygen uncoupling can
be determined as functions of temperature and O2 concentration in the air reac-
tor. The system does not have the capability to feed solid fuel, but is useful for
evaluating uncoupling in an oxygen-free environment and to study the long-term
performance of oxygen carrier materials.

The Spanish National Research Council Instituto de Carboquímica (CSIC-ICB)
in Zaragoza, Spain, operates a 1.5 kWth dual fluidized bed reactor for chemical
looping studies (Figure 4.13). The air and fuel reactors of the system are housed
in electric furnaces and a screw feeder system allows solid fuel to be fed into the
bottom of the fuel reactor. The system is designed for continuous operation, and
tests in excess of 15 hours duration have been performed. CSIC-ICB has inves-
tigated the performance of copper-based CLOU carriers during combustion of
different coals [28, 30, 31] and biomass [33, 36], and has used the dual bed reac-
tor system to study the fate of sulfur, nitrogen, and mercury emissions during
CLOU processing of lignite coal [32, 34]. The 1.5 kWth reactor has demonstrated
excellent performance when operated with a MgAl2O3-supported copper-based
oxygen carrier and is able to achieve greater than 95% CO2 capture with nearly
complete conversion of the fuel.

Since 2004, Chalmers University of Technology has operated a dual-bed reac-
tor designed for 10 kW fuel input (Figure 4.14). The fuel reactor is a bubbling bed
system with an overflow pipe to transfer solids to the air reactor via a loop seal.
The lower part of the air reactor is of large enough diameter to operate in bub-
bling bed mode, but at the top of the reactor the diameter reduces to increase the
velocity to transport particles up to a cyclone for particle–gas separation. Parti-
cles are returned from the cyclone to the fuel reactor via a loop seal. The 10 kW
system has been used for evaluation of copper, manganese, and mixed metal oxide
CLOU oxygen carriers, with particular focus on uncoupling reactions in the fuel
reactor [26].

Recently, CSIC-ICB commissioned a new dual fluidized bed chemical loop-
ing system for solid fuels (Figure 4.15). The system is designed to operate either
in conventional chemical looping combustion (CLC) or CLOU mode and has a
design power rating of 50 kWth when operating with a CLOU oxygen carrier [54].
Both the air and fuel reactors are relatively wide at the bottom and function as
bubbling fluidized beds. The diameters of the reactors reduce above the bubbling
bed section and the associated velocity increase causes the upper sections of the
reactors to function as risers to carry particles to cyclones for gas–solid separa-
tion. The outlet of the fuel reactor incorporates a unique double loop seal design,
which allows a portion of the solids to be returned to the fuel reactor rather than
being sent to the air reactor, which can help improve residence time and conver-
sion in the fuel reactor. The system also incorporates a carbon stripper to improve
conversion of fuel char carried with the bed solids from the fuel reactor to the
air reactor. The carbon stripper functions by separating the comparatively small
and light char particles from the oxygen carrier particles by elutriation and then
returns the char particles back to the fuel reactor.

Vienna University of Technology commissioned the first chemical looping
combustion reactor rated at more than 100 kW. The dual circulating fluidized
bed (DCFB) reactor (Figure 4.16) is rated at 120 kW and uses two circulating
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Reproduced with permission of Elsevier.

fluidized bed systems connected by a lower loop seal to transfer solids from the
fuel reactor to the air reactor. Air for the air reactor is fed through nozzles within
the bed region and oxygen carrier particles are separated from the gas stream
by a cyclone and then transferred to the fuel reactor via a loop seal. Particles
separated from the fuel reactor cyclone are returned back to the fuel reactor. The
Vienna University of Technology reactor has been used extensively for studies of
natural gas chemical looping, but has also been used for evaluation of copper-
and manganese-based CLOU carriers [26].

The University of Utah has designed and built a semi-pilot scale chemical loop-
ing process development unit (PDU) with a nominal power rating of 220 kWth.
A schematic diagram of the system is shown in Figure 4.17 and Figure 4.18
shows a photograph of the unit. The system was designed specifically for CLOU
processing of coal but can also be used as a non-CLOU system for solid fuels
or natural gas. The air and fuel reactors are both refractory-lined, circulating
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Figure 4.18 Photograph of University of Utah chemical looping PDU.

fluidized bed systems with an internal diameter of 0.25 m and heights of 6.0 m
(air reactor) and 5.3 m (fuel reactor). All particles from the air reactor cyclone
flow through a loop seal into the fuel reactor, but the fuel reactor has an internal
circulation system such that particles from its cyclone pass through a loop seal
and are returned to the bottom of the fuel reactor. Transfer of solids from the
fuel reactor to the air reactor is achieved through a connection in the lower part
of the bed that is diametrically opposite to the fuel feed point. This configuration
provides operational flexibility and helps maintain system stability by avoiding
tight coupling between the reactors that would result if all solids from the fuel
reactor cyclone were fed directly back to the air reactor. The University of Utah
PDU was designed to incorporate many design aspects that larger demonstration
or commercial systems would have. The DCFB design was chosen because it
is more easily scaled and has a smaller footprint than bubbling bed systems.
Rather than having metal reactors heated from the outside by electric heaters,
the air and fuel reactors are formed from several layers of cast refractory cement
in metal shells similar to industrial-scale systems. This allows comfortable
operation at very high temperatures but the system requires approximately two
days of preheating before chemical looping operation can begin. Product gas
from the air and fuel reactors is cooled in variable load heat exchangers and bag
houses on the effluent streams capture particles elutriated from the two reactors.
Oxygen carrier circulation rates as high as 12 tons per hour can be achieved.

4.5 Future Development of CLOU Technology

In less than 10 years, chemical looping with oxygen technology has progressed
from a conceptual idea to technology that is being demonstrated in pilot-scale
systems. Most of the development effort has focused on CLOU oxygen carri-
ers and today there are several candidates that offer high reactivity with little or
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no loss of oxygen carrying capacity over hundreds of oxidation/reduction cycles
at laboratory scale. Physical robustness of CLOU carriers under high tempera-
ture fluidized bed conditions remains a challenge, but better formulations and
methods of production are improving carrier lifetimes. The cost of CLOU oxy-
gen carriers also needs to be reduced to make the technology competitive. New
low-cost, mixed metal oxide oxygen carriers have shown promise and can help
drive down the cost of CLOU technology.

Most importantly, as with all chemical looping combustion technologies,
CLOU needs to be demonstrated under industrially relevant conditions. This
involves long-term testing with low-cost, industrially scalable oxygen carriers
processing coal or other relevant solid fuels. The overall objective of CLC
technology is energy production with high CO2 capture, so demonstration
systems should incorporate heat recovery through steam generation within
or immediately downstream of the reactors. Finally, it is important that the
potential of CLC and CLOU to achieve carbon-free energy production be
communicated to ensure strong governmental, industrial, and public support.

References

1 Mattisson, T., Lyngfelt, A., and Leion, H. (2009). Chemical-looping with oxy-
gen uncoupling for combustion of solid fuels. Int. J. Greenhouse Gas Control
3: 11–19.

2 Leion, H., Mattisson, T., and Lyngfelt, A. (2009). Using chemical-looping with
oxygen uncoupling (CLOU) for combustion of six different solid fuels. Energy
Procedia 1 (1): 447–453.

3 Mei, D., Mendiara, T., Abad, A. et al. (2015). Evaluation of manganese miner-
als for chemical looping combustion. Energy Fuels 29: 6605–6615.

4 Eyring, E.M., Konya, G., Lighty, J.S. et al. (2011). Chemical looping with
copper oxide as carrier and coal as fuel. Oil Gas Sci. Technol. 66: 209–221.

5 Adánez, J., Abad, A., Garcia-Labiano, F. et al. (2012). Progress in
chemical-looping combustion and reforming technologies. Prog. Energy
Combust. Sci. 38: 215–282.

6 Mattisson, T., Leion, H., and Lyngfelt, A. (2009). Chemical-looping with
oxygen uncoupling using CuO/ZrO2 with petroleum coke. Fuel 88: 683–690.

7 Shulman, A., Cleverstam, E., Mattisson, T., and Lyngfelt, A. (2009). Man-
ganese/iron, manganese/nickel, and manganese/silicon oxides used in
chemical-looping with oxygen uncoupling (CLOU) for combustion of
methane. Energy Fuels 23: 5269–5275.

8 Adánez-Rubio, I.I., Gayán, P., García-Labiano, F. et al. (2011). Development
of CuO-based oxygen-carrier materials suitable for chemical-looping with
oxygen uncoupling (CLOU) process. Energy Procedia 4: 417–424.

9 Arjmand, M., Azad, A.-M., Leion, H. et al. (2011). Prospects of Al2O3 and
MgAl2O4-supported CuO oxygen carriers in chemical-looping combustion
(CLC) and chemical-looping with oxygen uncoupling (CLOU). Energy Fuels
25: 5493–5502.

10 Rydén, M., Lyngfelt, A., and Mattisson, T. (2011). CaMn0.875Ti0.125O3 as
oxygen carrier for chemical-looping combustion with oxygen uncoupling



120 4 Chemical Looping with Oxygen Uncoupling (CLOU) Processes

(CLOU) – experiments in a continuously operating fluidized-bed reactor
system. Int. J. Greenhouse Gas Control 5: 356–366.

11 Adánez-Rubio, I., Gayán, P., Abad, A. et al. (2012). Evaluation of a spray-dried
CuO/MgAl2O4 oxygen carrier for the chemical looping with oxygen uncou-
pling process. Energy Fuels 26: 3069–3081.

12 Gayán, P., Adánez-Rubio, I., Abad, A. et al. (2012). Development of Cu-based
oxygen carriers for chemical-looping with oxygen uncoupling (CLOU) pro-
cess. Fuel 96: 226–238.

13 Wen, Y.Y., Li, Z.S., Xu, L., and Cai, N.S. (2012). Experimental study of nat-
ural Cu ore particles as oxygen carriers in chemical looping with oxygen
uncoupling (CLOU). Energy Fuels 26: 3919–3927.

14 Peterson, S.B., Konya, G., Clayton, C.K. et al. (2013). Characteristics and
CLOU performance of a novel SiO2-supported oxygen carrier prepared from
CuO and β-SiC. Energy Fuels 27: 6040–6047.

15 Azimi, G., Leion, H., Rydén, M. et al. (2013). Investigation of different Mn–Fe
oxides as oxygen carrier for chemical-looping with oxygen uncoupling
(CLOU). Energy Fuels 27: 367–377.

16 Azimi, G., Rydén, M., Leion, H. et al. (2013). (MnzFe1−z)yOx combined oxides
as oxygen carrier for chemical-looping with oxygen uncoupling. AIChE J. 59:
582–588.

17 Mohammad Pour, N., Leion, H., Rydén, M., and Mattisson, T. (2013). Com-
bined Cu/Mn oxides as an oxygen carrier in chemical looping with oxygen
uncoupling (CLOU). Energy Fuels 27: 6031–6039.

18 Xu, L., Wang, J., Li, Z., and Cai, N. (2013). Experimental study of
cement-supported CuO oxygen carriers in chemical looping with oxygen
uncoupling (CLOU). Energy Fuels 27: 1522–1530.

19 Arjmand, M., Leion, H., Mattisson, T., and Lyngfelt, A. (2014). Investiga-
tion of different manganese ores as oxygen carriers in chemical-looping
combustion (CLC) for solid fuels. Appl. Energy 113: 1883–1894.

20 Zhao, H., Wang, K., Fang, Y. et al. (2014). Characterization of natural cop-
per ore as oxygen carrier in chemical-looping with oxygen uncoupling of
anthracite. Int. J. Greenhouse Gas Control 22: 154–164.

21 Rydén, M., Leion, H., Mattisson, T., and Lyngfelt, A. (2014). Combined oxides
as oxygen-carrier material for chemical-looping with oxygen uncoupling.
Appl. Energy 113: 1924–1932.

22 Galinsky, N., Mishra, A., Zhang, J., and Li, F. (2015). Ca1−xAxMnO3 (A= Sr
and Ba) perovskite based oxygen carriers for chemical looping with oxygen
uncoupling (CLOU). Appl. Energy 157: 358–367.

23 Shafiefarhood, A., Stewart, A., and Li, F. (2015). Iron-containing mixed-oxide
composites as oxygen carriers for chemical looping with oxygen uncoupling
(CLOU). Fuel 139: 1–10.

24 Sundqvist, S., Arjmand, M., Mattisson, T. et al. (2015). Screening of dif-
ferent manganese ores for chemical-looping combustion (CLC) and
chemical-looping with oxygen uncoupling (CLOU). Int. J. Greenhouse Gas
Control 43: 179–188.

25 Tian, X., Zhao, H., Wang, K. et al. (2015). Performance of cement decorated
copper ore as oxygen carrier in chemical-looping with oxygen uncoupling. Int.
J. Greenhouse Gas Control 41: 210–218.



References 121

26 Mattisson, T., Adánez, J., Mayer, K. et al. (2014). Innovative oxygen carriers
uplifting chemical-looping combustion. Energy Procedia 63: 113–130.

27 Adánez-Rubio, I., Abad, A., Gayán, P. et al. (2012). Identification of oper-
ational regions in the chemical-looping with oxygen uncoupling (CLOU)
process with a Cu-based oxygen carrier. Fuel 102: 634–645.

28 Abad, A., Adánez-Rubio, I., Gayán, P. et al. (2012). Demonstration of
chemical-looping with oxygen uncoupling (CLOU) process in a 1.5 kWth con-
tinuously operating unit using a Cu-based oxygen-carrier. Int. J. Greenhouse
Gas Control 6: 189–200.

29 Arjmand, M., Leion, H., Mattisson, T., and Lyngfelt, A. (2013).
ZrO2-supported CuO oxygen carriers for chemical-looping with oxygen
uncoupling (CLOU). Energy Procedia 37: 550–559.

30 Adánez, J., Gayán, P., Adánez-Rubio, I. et al. (2013). Use of chemical-looping
processes for coal combustion with CO2 capture. Energy Procedia 37:
540–549.

31 Adánez-Rubio, I., Abad, A., Gayán, P. et al. (2013). Performance of CLOU
process in the combustion of different types of coal with CO2 capture. Int. J.
Greenhouse Gas Control 12: 430–440.

32 Adánez-Rubio, I., Abad, A., Gayán, P. et al. (2014). The fate of sulphur in the
Cu-based chemical looping with oxygen uncoupling (CLOU) process. Appl.
Energy 113: 1855–1862.

33 Adánez-Rubio, I., Abad, A., Gayán, P. et al. (2014). Biomass combustion with
CO2 capture by chemical looping with oxygen uncoupling (CLOU). Fuel
Process. Technol. 124: 104–114.

34 Pérez-Vega, R., Adánez-Rubio, I., Gayán, P. et al. (2016). Sulphur, nitrogen
and mercury emissions from coal combustion with CO2 capture in chemical
looping with oxygen uncoupling (CLOU). Int. J. Greenhouse Gas Control 46:
28–38.

35 Arjmand, M., Kooiman, R.F., Rydén, M. et al. (2014). Sulfur tolerance
of Ca(x)Mn(1−y)M(y)O(3−d) (M=Mg, Ti) perovskite-type oxygen carriers
in chemical-looping with oxygen uncoupling (CLOU). Energy Fuels 28:
1312–1324.

36 Mendiara, T., Adánez-Rubio, I., Gayán, P. et al. (2016). Process comparison
for biomass combustion: in situ gasification-chemical looping combustion
(iG-CLC) versus chemical looping with oxygen uncoupling (CLOU). Energy
Technol. 4: 1130–1136.

37 Siriwardane, R., Tian, H., Miller, D. et al. (2010). Evaluation of reaction mech-
anism of coal–metal oxide interactions in chemical-looping combustion. Com-
bust. Flame 157: 2198–2208.

38 Sahir, A.H., Lighty, J.S., and Sohn, H.Y. (2011). Kinetics of copper oxidation
in the air reactor of a chemical looping combustion system using the law of
additive reaction times. Ind. Eng. Chem. Res. 50: 13330–13339.

39 Shulman, A., Cleverstam, E., Mattisson, T., and Lyngfelt, A. (2011).
Chemical-looping with oxygen uncoupling using Mn/Mg-based oxygen
carriers – oxygen release and reactivity with methane. Fuel 90: 941–950.

40 Sahir, A.H., Sohn, H.Y., Leion, H., and Lighty, J.S. (2012). Rate analysis of
chemical-looping with oxygen uncoupling (CLOU) for solid fuels. Energy
Fuels 26: 4395–4404.



122 4 Chemical Looping with Oxygen Uncoupling (CLOU) Processes

41 Arjmand, M., Keller, M., Leion, H. et al. (2012). Oxygen release and oxida-
tion rates of MgAl2O4-supported CuO oxygen carrier for chemical-looping
combustion with oxygen uncoupling (CLOU). Energy Fuels 26: 6528–6539.

42 Clayton, C.K., Sohn, H.Y., and Whitty, K.J. (2014). Oxidation kinetics of Cu2O
in oxygen carriers for chemical looping with oxygen uncoupling. Ind. Eng.
Chem. Res. 53: 2976–2986.

43 Clayton, C.K. and Whitty, K.J. (2014). Measurement and modeling of decom-
position kinetics for copper oxide-based chemical looping with oxygen uncou-
pling. Appl. Energy 116: 416–423.

44 Adánez-Rubio, I., Gayán, P., Abad, A. et al. (2014). Kinetic analysis of a
Cu-based oxygen carrier: relevance of temperature and oxygen partial pres-
sure on reduction and oxidation reactions rates in chemical looping with
oxygen uncoupling (CLOU). Chem. Eng. J. 256: 69–84.

45 Peltola, P., Tynjälä, T., Ritvanen, J., and Hyppänen, T. (2014). Mass, energy,
and exergy balance analysis of chemical looping with oxygen uncoupling
(CLOU) process. Energy Convers. Manag. 87: 483–494.

46 Sahir, A.H., Dansie, J.K., Cadore, A.L., and Lighty, J.S. (2014). A comparative
process study of chemical-looping combustion (CLC) and chemical-looping
with oxygen uncoupling (CLOU) for solid fuels. Int. J. Greenhouse Gas
Control 22: 237–243.

47 Peltola, P., Ritvanen, J., Tynjälä, T., and Hyppänen, T. (2015). Fuel reactor
modelling in chemical looping with oxygen uncoupling process. Fuel 147:
184–194.

48 Moghtaderi, B. (2012). Review of the recent chemical looping process devel-
opments for novel energy and fuel applications. Energy Fuels 26: 15–40.

49 Mattisson, T. (2013). Materials for chemical-looping with oxygen uncoupling.
ISRN Chem. Eng. 2013: 1–19.

50 Imtiaz, Q., Hosseini, D., and Müller, C.R. (2013). Review of oxygen carriers
for chemical looping with oxygen uncoupling (CLOU): thermodynamics,
material development, and synthesis. Energy Technol. 1: 633–647.

51 Chuang, S.Y., Dennis, J.S., Hayhurst, A.N., and Scott, S.A. (2010). Kinetics
of the oxidation of a co-precipitated mixture of cu and Al2O3 by O2 for
chemical-looping combustion. Energy Fuels 24: 3917–3927.

52 Lyngfelt, A., Leckner, B., and Mattisson, T. (2001). A fluidized-bed combus-
tion process with inherent CO2 separation; application of chemical-looping
combustion. Chem. Eng. Sci. 56: 3101–3113.

53 Linderholm, C., Abad, A., Mattisson, T., and Lyngfelt, A. (2008). 160 Hours
of chemical-looping combustion in a 10 kW reactor system with a NiO-based
oxygen carrier. Int. J. Greenhouse Gas Control 2 (4): 520–530.

54 Abad, A., Pérez-Vega, R., de Diego, L.F. et al. (2015). Design and operation
of a 50 kWth chemical looping combustion (CLC) unit for solid fuels. Appl.
Energy 157: 295–303.

55 Mayer, K., Penthor, S., Pröll, T., and Hofbauer, H. (2015). The different
demands of oxygen carriers on the reactor system of a CLC plant – results of
oxygen carrier testing in a 120 kWth pilot plant. Appl. Energy 157: 323–329.



123

5

Pressurized Chemical Looping Combustion for Solid Fuel
Liangyong Chen1, Zhen Fan1, Rui Xiao2, and Kunlei Liu1,3

1University of Kentucky, Center for Applied Energy Research, 2540 Research Park Drive, Lexington,
KY, 40511-8410, USA
2Southeast University, Key Laboratory of Energy Thermal Conversion and Control, Ministry of Education,
School of Energy and Environment, Sipailou 2#, Nanjing, Jiangsu Province, 210096, PR China
3University of Kentucky, Department of Mechanical Engineering, 351 Ralph G. Anderson Building, Lexington,
KY, 40506-0503, USA

5.1 Introduction

Coal-based pressurized chemical looping combustion combined cycle (PCLC-
CC) is being considered attractive for large-scale power generation systems
with CO2 capture because of the superior plant efficiency and low costs of
electricity and CO2 capture as compared to the state-of-the-art generation –
ambient-pressure coal-based chemical looping combustion (CLC) and pul-
verized combustion equipped solely with steam cycle. This concept was first
reported by Southeast University (SEU), China, in which direct CLC combus-
tion of the solid fuel under elevated pressure [1] is integrated with combined
cycle for power generation from coal. The technology of direct solid-fueled
PCLC using iron-based material as oxygen carrier (OC) has been tested there,
in a laboratory-scale fixed bed reactor and a 100 kWth pressurized facility,
respectively.

The Center for Applied Energy Research at University of Kentucky (UK-CAER),
USA, also developed a detailed direct coal-fueled CLC plant, which has a plant
configuration similar to the pressurized fluidized bed combined cycle (PFBC),
and is composed of a PCLC unit, flue gas turbine (FGT), heat recovery steam
generator (HRSG), and steam cycle. In this plant, the direct coal-fueled PCLC
unit serves as a combustor to generate high-temperature and -pressure flue gas.
This flue gas is used to drive an FGT and HRSG coupled with a steam turbine
(ST) for large-scale power generation. In the fuel reactor (FR), a CO2 stream is
produced, which is compressed for sequestration after water condensation and
heat recovery for stream production steps. The cost-effective iron-based OCs
from solid waste (red mud) or natural ore (ilmenite) are selected to increase
reaction kinetics and to reduce operational costs. Thermodynamic analysis
[2] predicts that the UK-CAER process at 550 MWe could provide more than
90% CO2 capture, greater than 95% CO2 purity, and a net plant efficiency of
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124 5 Pressurized Chemical Looping Combustion for Solid Fuel

more than 43% higher heating value (HHV) with CO2 pressurized to 2215 psi.
The direct coal-fueled PCLC had been examined experimentally at UK-CAER
using various iron-based OCs and coal chars. Additionally, a 50 kWth PCLC
facility consisting of the interconnected spouted bed FR and fast fluidized bed
air reactor (AR) has been constructed and under commissioning in April 2018.
Reactor design, technical approaches for enhancing fuel utilization and reaction
kinetics, emission mitigation, and avoiding agglomeration will be validated on
50 kWth PCLC facility. Performance evaluation from this facility will be extended
for the next level of scale-up and near-future commercialization.

5.2 Coal-Based Pressurized Chemical Looping
Combustion Combined Cycle

5.2.1 Concept

There are two approaches for the use of PCLC-CC with coal as fuel. The first
one, called syngas-fueled PCLC-CC, is first to convert the coal into syngas in
a stand-alone gasifier and subsequently to introduce the syngas product to the
PCLC system. The second approach has a similar deployment to that of the classic
solid-fueled CLC as shown in Figure 5.1 [3], and the combustor system is operated
at elevated pressure. The operation of both AR and FR at elevated pressure could
allow several advantages, such as improved fuel utilization, reduced dimension,
and incorporation of a combined cycle power generation scheme [1]. This process
possesses higher plant efficiency than the syngas-fueled PCLC by eliminating the
air separation unit (ASU) for the external gasifier. Because of this, the technology
presented in this chapter pertains to the direct coal-fueled PCLC. For the two
abovementioned processes, interconnected fluidized bed reactors or moving bed
reactors are preferred for the AR or FR.

Figure 5.2 illustrates the chemical process mechanism in the FR of the direct
coal-fueled PCLC. The solid fuels are directly fueled to the FR, where the major
chemical reactions include coal gasification, hydrocarbon oxidation, OC reduc-
tion, and water–gas shift reaction (WGSR). The majority of coal char is first gasi-
fied by steam or CO2 into syngas. Meanwhile, the reducing components of syngas
are burnt by sufficient amount of metal-based OCs surrounding the coal char
particles, generating CO2 and H2O. A certain amount of CO or H2 remains in
the CO2/H2O stream, mainly depending on the thermodynamic equilibrium and

Air

reactor

N2/O2

Coal

CO2 + H2OPressurized air

MexOy

MexOy–1

Fuel

reactor

H2O/CO2

Figure 5.1 Schematic layout of the
direct coal-fueled PCLC system.
Source: Juan Adanez et al. 2012 [3].
Reproduced with permission from
Elsevier.
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Figure 5.2 Chemical process involved in the fuel
reactor.
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OC reactivity and selectivity. Coal gasification rate is significantly improved due
to the elevated pressure of the gasification agent and the lowered inhibitions from
CO and H2 products. Thus, the reaction between the two solids, coal/char and
OCs, occurs via the phase transfer of intermediate gas. Steam and/or CO2 are
generally supplied as gasification or fluidization agent. In the above process, the
homogeneous WGSR, catalyzed or uncatalyzed by OCs, influences the compo-
sition of the final gas products. For the iron-based OCs, OC reduction proceeds
according to the following reverse reaction in the FR.

Fe2O3 OC:

3Fe2O3 + H2 ↔ 2Fe3O4 + H2O (5.1)
3Fe2O3 + CO ↔ 2Fe3O4 + CO2 (5.2)

Ilmenite OC:

Fe2TiO5 + TiO2 + H2 ↔ 2FeTiO3 + H2O (5.3)
Fe2TiO5 + TiO2 + CO ↔ 2FeTiO3 + CO2 (5.4)

Accordingly, the oxygen-depleted particles are regenerated to the oxidized
form at higher temperature in the AR:

4Fe3O4 + O2 → 6Fe2O3 (5.5)
4FeTiO3 + O2 → 2Fe2TiO5 + 2TiO2 (5.6)

5.2.2 Process of the Direct Coal-Fueled PCLC Developed by UK-CAER

The UK-CAER process of the direct coal-fueled PCLC-CC is shown in Figure 5.3,
which is originally targeted to improve the plant efficiency and CO2 capture
while eliminating the costly coal-pretreatment step to avoid OC agglomeration.
It is comprised of a PCLC island, FGT, HRSG, ST, and CO2 compressor.
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Figure 5.3 Coal-based pressurized chemical looping combustion combined cycle proposed
by UK-CAER.

The PCLC-CC process begins by feeding coal particles via a draft tube with hot
steam/CO2 into the spouted bed FR (or fluidized bed FR), where it is first mixed
with the hot, freshly oxidized iron-based OCs and begins pyrolysis, gasification,
and combustion by OC materials. The contents of the FR, both gas and solid,
will further mix with the recycle gas (recycled CO2/H2O stream) in a bubbling
fluidization regime. In this manner, the residual carbon and remaining syngas
are fully converted to CO2/H2O. Here, the recycled steam/CO2 stream is used
to maintain a state of bubbling fluidization and improve the gasification rate of
the residual carbon. Furthermore, with application of density and particle size
difference between OC and coal, in this bubbling regime, the majority of coal ash
is separated from OCs, e.g. the bed materials, before the reduced OCs return to
the AR via overflow. The flow of OCs returning to the AR is controlled by a loop
seal. The “clean” OC then flows by gravity to the oxidation stage where it is “com-
busted” with air and recovered to the fully oxidized form before starting a new
cycle. The AR is usually configured to be a fast fluidized bed (reaction zone) and
a riser, with the latter providing the drive force for the global solid circulation.

The PCLC island generates two gas streams when it is operated at high tem-
perature (1000–1050 ∘C for the AR and 950–1000 ∘C for the FR) and elevated
pressure such as 1.2 MPa, but depending on the pressure limit of the available
FGT. The first is a high-volume/high-pressure/hot spent air stream from the AR
that is devoid of CO2, which will pass through a cyclone for solid recirculation
and a ceramic candle filter or a multi-stage, micro-channel cyclone unit for solids
removal. Then the hot spent air is used to drive an FGT (Brayton cycle) fol-
lowed by a HRSG for electricity generation (HRSG-Rankine cycle). The second



5.2 Coal-Based Pressurized Chemical Looping Combustion Combined Cycle 127

is a lower volume stream from the FR, consisting primarily of CO2, H2O, and a
very small quantity of CO and H2. The CO2/H2O stream is expanded and also
heat-recovered by the steam cycle (via the other HRSG), then particulates and
water vapor are removed by a filter and a condenser prior to the CO2 compres-
sion strain, leaving a CO2-rich gas stream for sequestration (>95% CO2 purity).
Part of the CO2/H2O stream is recycled for fluidization of the FR bed materials.
Obviously, the arrangements in Figure 5.3 provide the bases for further optimiza-
tion of heat and mass integration, and the details should comply with application
requirement.

The direct coal-fueled PCLC-CC for power generation has the following
advantages and technical features:

1. Noticeable reduction to cost of electricity (COE) and CO2 capture due to high
plant efficiency and the avoidance of costly ASU, and coal pyrolyzer and tar
cracker without comprising on concerns with OC agglomeration.

2. Simplicity with only one solid recirculation loop but possessing appropriate
physical arrangements of the FR, which enable sufficient fuel utilization and
high purity of CO2 stream.

3. A relatively small volume of coal impurity-containing gas produced in the FR
that is less costly to treat.

4. Combined cycle that eliminates the need to install heat-transfer surfaces
inside pressure vessels for temperature control, thereby eliminating their
associated corrosion/erosion problems.

5. Cost-effective iron-based OC (red mud OC or ilmenite OCs) with high reac-
tivity to significantly improve coal char gasification, high resistance to water
vapor without loss of reactivity, high mechanical and thermal stability, and
high selectivity of converting syngas to CO2/H2O.

6. Reduced reactor size through high reaction kinetics and lower power require-
ments for compression of the enriched CO2 stream due to the elevated pres-
sure (>1.2 MPa).

7. Taking advantage of differential density and particle size between coal ash and
iron-based OCs to realize a simple and effective in-line ash separation.

5.2.3 Process of the Direct Coal-Fueled PCLC at SEU, China

SEU, China, had tentatively developed a combined cycle using direct CLC of the
solid fuel under elevated pressure. The overall process is similar to the natural
gas CLC combined cycles. The PCLC island consists of two pressurized reactors,
where the FR is a pressurized spout-fluidized bed composed of a mixer and a riser,
and the AR is a moving bed reactor. The authors argued that the spout-fluid bed
provides strong solids mixing and enough residence time both for coal gasifica-
tion and OC reduction. The whole PCLC Island is contained in a big pressurized
vessel. A gas turbine (GT), expanding depleted air from the AR, and a CO2 tur-
bine, expanding the FR outlet gas, are adopted. The exhaust gas heat from GT is
recovered in HRSG to drive an ST. No calculated plant efficiency was provided
for this system. The detailed plant configuration can be found in Ref. [1].
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5.3 Fundamentals and Experiments of Pressurized
Chemical Looping Combustion

Several reactions are involved in the direct coal-fueled PCLC: (i) solid fuel con-
version to gaseous fuel via devolatilization and gasification, (ii) OC reduction by
intermediate gaseous fuel, (iii) the solid–solid reaction between solid fuel and
OC, which occurs via direct contact at high temperature, (iv) the homogeneous
WGSR in the FR, and (v) OC regeneration in the AR. This section focuses on OC
reduction and oxidation (ii and v), because they are the two major chemical reac-
tions dominaing the overall CLC process. The WGSR takes place between the gas
products and just influences the final gas composition [4]. The solid–solid reac-
tion between solid fuel and OC could be negligible at the typical CLC operational
temperature [5]. This section also describes two pilot-scale experiments that are
being used to establish the baseline of direct coal-fueled PCLC.

5.3.1 Transient Oxidation of Magnetite to Hematite in PCLC

The transient oxidation of magnetite (Fe3O4) to hematite (Fe2O3) has been theo-
retically analyzed at UK-CAER with emphasis on the influence of environmental
conditions with the view of using pure magnetite as OC to reduce the complexity
of analysis. The parameters of interest are the oxidation rates and the burnout
times of the particles at high temperature under high pressure environments.
The results presented here just provide a fundamental understanding of the oxi-
dation mechanisms of Fe3O4 particles and necessary information for the design
and operation of PCLC facilities.

The reduced OC entering the AR is assumed to be a spherical, porous Fe3O4
particle of radius rs and surface temperature T s in a quiescent environment of
temperature T∞ and oxidizer mass fraction Y∞. OC oxidation occurs both on
external particle surface and within its pores. During oxidation, the particle
size remains constant while its bulk density increases. Oxidation involves a
two-step mechanism [6, 7] with the exothermic oxidation of Fe3O4 to metastable
maghemite, γ-Fe2O3, immediately followed by an exothermic transition from
γ-Fe2O3 to stable α-Fe2O3. In analyses, an Arrhenius-type oxidation mecha-
nism has been employed, and the influence of the radiation and heating from
environment is considered.

Figure 5.4 shows the analytical results: (a) Burnout time and final particle
temperature at the end of oxidation for different particles at T∞ = 1273 K and
various initial particle temperatures Ts,0. (b) The mass oxidation rates at different
pressure, rs = 100 μm, Ts,0 = 300 K, and T∞ = 1273 K. (c) Burnout times and final
particle temperatures of various Fe3O4 particles oxidized in air with T∞ = 1273 K
and Ts,0 = 873 K under different pressures. (d) Environmental temperature
influences on the burnout times and final particle temperature, rs = 100 μm,
Ts,0 = 300 K.

High pressure enhances the oxidation rates. For example, at Ts = 1000 K, the
oxidation rates under high pressure (10 atm) are almost doubled as compared
to atmospheric pressure. The burnout time decreases monotonically as the
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Figure 5.4 Oxidation rates, burnout time, and final particle temperature during Fe3O4 OC
regeneration.

particle sizes decrease and is shortened under high pressure. Higher initial
particle temperatures result in shorter burnout times, but this influence is not so
significant. The final particle temperature gradually decreases as the particle size
decreases from 1000 μm, then increases rapidly, and the lowest final temperature
occurs at around rs = 100 μm particles. Environmental temperature is expected
to affect the burnout times significantly. As T∞ increases, the burnout time
decreases and final particle temperature increases. When the T∞ is below 900 K,
the final particle temperature is greater under high pressure than at 1 atm. But
when the T∞ is above 1000 K, this pressure influence is reversed, i.e. the final
particle temperature under high pressure is lower than that at low pressure.

5.3.2 The Solid Behaviors in the Solid-Fueled PCLC (Fuel Reactor Side)

A comprehensive research investigation was performed experimentally at
UK-CAER to understand the complex reactions in the FR of solid-fueled PCLC
in the range of 1–6 bars. A series of tests were performed in thermogravimetric
analysis (TGA) and fixed and fluidized bed reactors, respectively, to demonstrate
the effects of operational pressure, coal char reactivity, and different iron-based
OCs behaviors.

5.3.2.1 Materials
Three iron-based OCs, including activated ilmenite ore and two red mud OCs,
were selected for experimentation. Before ilmenite ore was used, it was stabilized
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Table 5.1 Chemical composition and physical property of iron-based OCs.

RM-1 RM-2 Ilmenite

Composition Fe2O3 48.35 45.47 52.46
SiO2 11.68 9.69 5.4
Al2O3 17.07 21.76 4.32
TiO2 6.19 8.95 33.04
CaO 12.77 5.08 0.99
MgO 0.48 0.27 3.26
Na2O 2.31 8.07 —
K2O 0.22 0.09 —
Balance 0.93 0.62 0.53

Particle density g cm−3 3.53 3.64 4.09
Bulk density g cm−3 1.30 1.15 2.20
d50 μm 254 266 310
BET m2 g−1 0.246 0.311 0.284

in air at 950 ∘C for 24 h, and then activated by 10 redox cycles in a fluidized bed
reactor. The two RM OCs, RM-1 and RM-2, were prepared from two different
bauxite residuals of aluminum industry by freeze-granulation, and they were cal-
cinated at 1150 ∘C for 6 h to obtain a desirable mechanical strength. The chemical
and physical properties and scanning electron microscope (SEM) images of these
OCs are presented in Table 5.1 and Figure 5.5. The active content of the two
RM OCs is Fe2O3, while those in the activated ilmenite are Fe2TiO5 and a small
amount of Fe2O3. The reaction during reduction and oxidation proceeds accord-
ing to Equations (5.1)–(5.6). The pre-determined reactivity of these OCs with wet
simulated syngas in the TGA apparatus, designated as OC conversion (XOC) vs.
time, is shown in Figure 5.6.

Three different coal chars, prepared from Powder River Basin (PRB), Eastern
Kentucky, and Western Kentucky coals (EKY and WKY), were used as solid fuels.
The proximate and ultimate analyses of coal chars are presented in Table 5.2.
Coal char was used instead of coal just because char gasification is the major
step occurring in the CLC FR and because the complexity of the experiments
due to the flash volatilization when coal is fed into the reactor and the potential
agglomeration caused by coal tar produced from initial coal combustion could be
avoided.

5.3.2.2 Experiment Setup
A fluidized bed facility, consisting of a fluidized bed reactor, gas feeding setup, flue
gas cleaning system, gas analysis system, and data acquisition system, was used
to perform the experiments of the coal char-fueled PCLC, as shown in Figure 5.7.
All CLC experiments were performed at 950 ∘C using 50 vol% steam balanced by
N2 as gasification agent. Pressures of 1, 2, 4, and 6 bars (absolute pressure) were
adopted to investigate the effects of operational pressure. To avoid segregation
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Figure 5.5 SEM images of iron-based OCs: (a) RM-1, (b) RM-2, and (c) activated ilmenite.
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Table 5.2 Proximate and ultimate analyses of coal char.

PRB EKY WKY

Proximate analysis (wt%)
Ash 16.28 15.92 14.72
Volatiles 3.13 4.33 4.34
Fixed carbon 80.59 79.39 79.38

Ultimate analysis (wt%)
C 77.4 78.26 76.74
H 1.38 1.67 1.84
O 1.52 1.38 2.55
N 1.72 1.75 1.67
S 1.70 1.02 2.48
Heating value (MJ kg−1) 27.6 28.4 27.9
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Figure 5.7 Fluidized and fixed bed reactor used for coal char-fueled PCLC experiments.

of coal char particles from the bed materials, the experiments were designed at a
slow bubbling fluidization regime for the OC particles and a slightly more vigor-
ous fluidization regime for the coal char particles. The amount of feeding gas for
fluidization was enlarged linearly with operational pressure. This arrangement
ensured that the superficial velocity (Uo) in the FR was fixed at 0.165 m s−1 at
950 ∘C at different operation pressures. Figure 5.8 illustrates the flow regime in
the FR of various pressures, where the PRB char, RM-1, and ilmenite OCs were
used as example. Experiments of external gasification were also performed in the
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Figure 5.8 Calculated minimum velocity (Umf), terminal velocity (Ut), and superficial velocity
(Uo) of different solid particles involved in the PCLC experiments.

fluidized bed reactor to determine the reactivity of coal char at various pressures,
which was used as the baseline to evaluate the PCLC performance. Fused Al2O3
particles were used as bed materials. The resulting reactivity of these coal chars
are in the following order: PRB>WKY≫EKY.

5.3.2.3 In situ Gasification
As example, the gas concentration profiles of CLC experiments using RM-2 and
PRB char at 1 and 6 bars are shown in Figure 5.9a,b. Owing to high reactivity and
selectivity of RM-2, CLC experiments at various pressures consisted of high con-
centration of CO2 and very low concentration of combustible gas (H2 and CO)
during the reduction period. Obviously, most of the intermediate syngas around
the coal char particles were effectively removed with the presence of OC parti-
cles. The in situ gasification rate is significantly promoted as operational pressure
increases.

OC reactivity and steam partial pressure are the most important factors
that impact in situ gasification. The use of OCs improves coal conversion (e.g.
gasification rate) through the lowered inhibition from gas products of CO and
H2. Figure 5.10 compares the instantaneous gasification rate of CLC experiment
using RM-2 and that of external gasification at 1 and 6 bars. The gasification rate
of the external gasification at ambient and elevated pressure linearly increased
with XC (carbon conversion under steady reaction condition). Solid conversion
via in situ gasification with RM-2 increased remarkably the rate of char gasifi-
cation. It is noted that both RM-2 and PRB char possess the highest reactivity
among the OCs and chars tested, respectively. On the contrary, ilmenite and
EKY char possess the lowest reactivity among OC and char respectively. When
the pair of ilmenite and EKY char was used, char gasification exhibited a
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char.
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different behavior, as shown in Figure 5.11. This CLC experiment resulted in
little improvement in gasification, and showed similar gasification behaviors as
the external gasification at various pressures.

Figure 5.12 shows the average instantaneous gasification rates of CLC and
external gasification, rc against operational pressure for different coal chars.
Here, the value of rc at steady-state reaction condition (0.1<XC < 0.8) is used.
The values of rc for both CLC and external gasification increased linearly with
operational pressure despite the type of coal char. When the same OCs and
pressure were used, the reaction rate of coal char from PRB (active char due
to high porosity) was consistently higher than that of less active coal char
from KY coal. For a given coal char and operational pressure, the value of rc
strictly followed the same order of OCs reactivity tested in TGA apparatus:
RM-2>RM-1> ilmenite> Fused Al2O3.
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Figure 5.12 Average gasification rate of PCLC and external gasification at various pressures.
(a) PRB Char; (b) Western Ky Char; and (c) Eastern Ky Char.
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The gasification reaction of coal char-fueled CLC (800–1050 ∘C) can be classi-
fied into a kinetically controlled regime, which follows a Langmuir–Hinshelwood
(LH) mechanism [8, 9].

Cf + H2O
k1

⇐==⇒
k2

C(O) + H2 (5.7)

C(O)
k3
−−→CO (5.8)

here, Cf is a free carbon site, and C(O) is the surface complex that is converted
to the gaseous phase of carbon monoxide CO via Equation (5.8). H2 and CO are
the gasification products that will inhibit any further gasification. The presence
of hydrogen inhibits the steam–carbon reaction by two possible pathways:

Cf + H2
k4
↔C(H2) (5.9)

Cf + 0.5H2
k5
↔C(H) (5.10)

According to the abovementioned regime, PCLC experiments using RM-2 and
inert Al2O3 provide the top and bottom boundaries to analyze the roles of OCs
in the complex reaction system. The in situ gasification with RM-2 was totally
dominated by the reaction between steam and char (Reaction (5.7)), and almost
free of inhibition from CO or H2 because of the thermodynamic selectivity of
CO2/H2O over CO/H2. For the external gasification with inert Al2O3, the inter-
mediate syngas was not locally consumed as it was generated, and the built-up
syngas composition inhibited further char gasification. When OC reactivity fell
between these two materials, the gasification process was controlled by both
steam–carbon reaction and a reduced inhibition effect. Therefore, the results
in Figure 5.12 qualify the limitation of using OCs and elevated steam partial
pressure for the complex reaction in the FR. Line 1 (in zone II) represents the
dependence of external gasification rate on the steam partial pressure (half of
the total pressure), while Line 2 (in zone II) defines the dependence of the rate
of “real” in situ gasification (free of gasification inhibition) on the steam partial
pressure. For a given fuel char, the PCLC with OCs of different reactivity will
be operated at a rate between the two boundaries. The “real” in situ gasification
exhibits higher increasing rate with the steam partial pressure compared to
the external gasification. Therefore, a higher potential for promoting char
gasification (the differences between Line 1 and Line 2) can be achieved at a
higher steam partial pressure. In addition, the potential for promoting char
gasification in CLC is related to the coal char reactivity.

Reasonable operational pressure for PCLC-CC is in the range of 12–30 bars
depending on the FGT available. There will be uncertainties in directly predict-
ing the PCLC gasification behavior of higher pressure via extrapolation from
the present results (such as zone III in Figure 5.12). So, reliable measurement at
higher pressure is needed for more accurate understanding of the reaction model.

5.3.2.4 Combustion Efficiency
The concentrations of combustible gas (CO and H2) in the CO2/H2O stream of
the FR should be as low as possible. Otherwise, a purification process is needed
prior to CO2 sequestration. The following equation is used to calculate the
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combustion efficiency of intermediate syngas (ηsyn) that can be oxidized by OCs
in the FR [8]:

ηsyn = 1 −
0.5fCO + 0.5fH2

fCO2
+ 0.5fCO + 0.5fH2

(5.11)

here, f i is the volumetric fractions of the i gas component.
Figure 5.13 shows the combustion efficiency of WKY char-fueled PCLC, where

the instantaneous value of ηsyn is plotted against OC conversion, XOC. Under
stable reaction conditions (0.1<XC < 0.8, XC-carbon conversion), ηsyn of the
two RM OCs was high and stable, and unaffected by operational pressure. The
values of ηsyn for ilmenite OC decreased as the operational pressure increased.
Tables 5.3–5.5 list the average combustion efficiencies (ηsyn) of the PCLC
experiments when different coal chars were used. In the CLC experiments
using RM-2, 0.97–0.98 of ηsyn was achieved, and the value of ηsyn was evidently
independent of operational pressure and the type of coal char. Similar behaviors
were observed for the CLC experiments using RM-1, but the value of ηsyn was
fixed between 0.93 and 0.94. The value of ηsyn of ilmenite OCs declined with
operational pressure, but was also independent of the type of coal char.

In Tables 5.3–5.5, the average combustion efficiency of OCs with wet syngas
obtained in the fixed bed model, Ssyn, are listed for comparison. In the fixed
bed experiment, the syngas was introduced from the bottom of the reactor,
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Table 5.3 Average combustion efficiency of PCLC using RM-1.

Pressure (bar) Ssyn 𝛈syn of PCLC

PRB char EKY char WKY char

1 0.996 0.928 0.935 0.924
2 0.995 0.936 0.937 0.938
4 0.994 0.928 0.941 0.930
6 0.996 0.942 0.944 0.933

Table 5.4 Average combustion efficiency of PCLC using RM-2.

Pressure (bar) Ssyn 𝛈syn of PCLC

PRB char EKY char WKY char

1 0.995 0.979 0.973 0.972
2 0.994 0.980 0.975 0.973
4 0.996 0.977 0.972 0.973
6 0.995 0.975 0.969 0.963

Table 5.5 Average combustion efficiency of PCLC using Ilmenite OC.

Pressure (bar) Ssyn 𝛈syn of PCLC

PRB char EKY char WKY char

1 0.971 0.931 0.923 0.927
2 0.964 0.913 0.920 0.914
4 0.948 0.911 0.918 0.900
6 0.944 0.862 0.846 0.842

and the syngas was burned out by a large amount of OCs along the bed height.
So, syngas in these experiments had enough time to react with OCs, and Ssyn
is an ideal value to directly reflect the performance of OC. In the solid-fueled
PCLC, the reaction between coal char and OCs occurs via the intermediate
gas. The mismatch reactions between gaseous compositions and char and OCs
respectively (including gasification on char particle, and combustion on OC
particle and localized non-uniform gas and steam distribution) may lead to
some amount of unconverted gas exiting the FR with the fluidization gas. For
RM-2 OC, the incomplete combustion, expressed by the difference between
ηsyn and Ssyn, is minor, varying between 1.7% and 2.4% points. This suggests
that the flow pattern used for the present CLC experiments could ensure



5.4 Direct Coal-Fueled PCLC Demonstration in Laboratory Scale 139

char gasification taking place throughout the fluidized bed zone, and the gas
compounds transferred between the two different particles (char and OC) was
not the limiting step. Owing to the relatively lower OC reactivity, the value of
(Ssyn − ηsyn) for RM-1 was increased to 5.6–6.4%. The value of Ssyn for ilmenite
OCs was lower than RM OCs, and evidently pressure dependent. The value of
(Ssyn − ηsyn), the loss of combustion efficiency, is higher than that of RM OCs,
and is strongly pressure dependent.

5.4 Direct Coal-Fueled PCLC Demonstration
in Laboratory Scale

5.4.1 100 kWth PCLC Facility at SEU, China

The 100 kWth facility at SEU, Nanjing, China [10], is the first-in-kind to be built
to validate the concept of the coal-fueled PCLC in the continuous operation of
two interconnected reactors. It consists of AR/FR reactors, coal feed system, air
and steam supply system, data acquisition system, and auxiliaries, as shown in
Figure 5.14. The AR is of 276 mm inner diameter and 2 m in total height. The FR
has an inner diameter of 80 mm and a total height of 8.5 m, with a metal distrib-
utor placed at 0.5 m from the bottom of the FR. The FR and AR were designed to
be operated in fast and turbulent fluidization regime, respectively. It is believed
that the fast fluidization and large height of the FR could provide the driving
force of solid circulation, a favorable gas–solid contact, homogeneous mixing
between OCs and coal particles, and sufficient residence time. Each reactor was
equipped with an electric oven that was used to supply heat for the start-up
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Table 5.6 Operation conditions for testing of 100 kWth PCLC unit.

Parameters Test 1 Test 2 Test 3

Operation pressure (MPa) 0.1 0.3 0.5
Coal feed rate (kg h−1) 7 7 7
Steam temperature (FR, ∘C) 800 800 800
Air temperature (∘C) 300 300 300
Bed temperature in FR (∘C) 950 950 950
Bed temperature in AR (∘C) 970 970 970
Hours for stable operation (h) 4.5 5.0 4

and compensate the heat loss of reactors during testing. The oven’s rated electric
power was 20 kW for the AR and 40 kW for the FR. Two loop seals were used to
prevent gas mixing between the two reactors and to control the solid flux. One FR
cyclone was mounted on the top of the AR, where the reduced OC particles were
separated from the exist gas of FR and then led to AR via the loop seal. Another
cyclone, named AR cyclone, was used to separate the gas–solid flow of the AR.
The captured solid particles were returned to the AR.

Experiments were performed using bituminous coal as fuel and MAC iron
ore as OCs at three different operational pressures (0.1, 0.3, and 0.5 MPa), and
the unit was successfully operated for 19 h in total with steady coal feeding,
13.5 h of which was realized under stable operation. The operation of this unit
demonstrated the major effects of operational pressure on the performance of
coal-fueled PCLC. Table 5.6 summarizes the operation conditions. The coal
feeding rate was 7.0 kg h−1 for all tests, corresponding to a fuel thermal input of
half of the design value.

The variation of bed temperature, gas concentration of FR, pressure drops
of the fluidized beds, and pressure difference between the two reactors were
chosen to estimate the reaction and gas–solid flow conditions in the CLC unit.
The best performance was obtained under an elevated pressure of 0.5 MPa, at
which the CO2 concentration, carbon conversion, and combustion efficiency
reached 97.2%, 84.7%, and 95.5%, respectively. Figure 5.15 shows the profiles of
these parameters for the test under 0.5 MPa. These parameters together with
the outlet gas concentrations of the FR were roughly stable during operation,
indicating stable hydrodynamics of solid particles and chemical reactions.
Figure 5.16 shows the average volume fraction of each gas component at the
outlet of the FR. Carbon and gas conversions in the FR as well as carbon capture
of the facility are shown in Figure 5.17. When the operation pressure increased
from 0.1 to 0.5 MPa, the gas conversion and carbon conversion increased from
93.5% and 81.3% to 98% and 84.7%, respectively. Figure 5.18 illustrates the
effects of operational pressure on heat balance of the unit, indicating that the
combustion efficiency increased from 92.8% to 95.5%, and the energy loss due
to unburned gas from the FR (q3) decreased from 5.2% to 2.3%. It is interesting
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Figure 5.15 The profiles of important parameters with time for coal-fueled CLC experiment at
0.5 MPa.
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Figure 5.16 Gas concentration at the outlet of FR for coal-fueled CLC experiment at 0.5 MPa.

that the energy loss due to the unburned residual char (q4) did not change with
operational pressure. The carbon conversion was relatively low, but combustion
efficiency was very high. This is because most of the residual char leaving the FR
was captured by the cyclone and burnt in the AR.

The losses of fine OCs were also determined for each test. The results indicated
that the properties of elutriated OC particles were closely related to operational
pressure. The time-averaged mass flow rates increased from 1.35 to 3.18 kg h−1

when pressure increased from 0.1 to 0.5 MPa. Accordingly, the carbon concen-
tration in the captured fly ash decreased from 14.21 to 6.45 wt%.
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Figure 5.18 Combustion efficiency, q3 (energy loss due to unburned gaseous phase in exist
gas of the FR) and q4 (energy loss due to unburned coal) under different operational pressures.

5.4.2 50 kWth PCLC Unit at UK-CAER

Since 2016, UK-CAER has designed and is building a 50 kWth coal-fueled PCLC
facility under contract with DOE-NETL. The objective of the research program is
to demonstrate a compacted CLC technology, (i) using the spouted bed reactor
with a draft tube to provide strong mixing and rapid heating of the pulverized
coal to avoid OC–char agglomeration, (ii) using a cost-effective Fe-based OC
developed from solid waste to provide catalytic gasification and improved coal
combustion rate, (iii) using the pulverized coal and elevated pressure system to
enhance the overall reaction rate in the FR, and (iv) using a slow bubbling bed to
serve as a device for in-line coal ash separation from the reduced OC on the basis
of density and particle. The diagram of 50 kWth PCLC unit is shown in Figure 5.19.
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Figure 5.19 Diagram of 50 kWth PCLC unit under construction at UK-CAER.

This unit will be used for the conceptual validation on the solid-fueled PCLC
technology that UK-CAER has proposed, collecting various data and information
to fill those technical gaps that impede the application of PCLC into solid fuel.

5.5 Tech-economic Analysis

5.5.1 Technical Performance Evaluation on the Direct Coal-Fueled
PCLC-CC

Aspen Plus modeling and simulation were carried out to evaluate the plant con-
figuration, feasibility, and performance of the direct coal-fueled PCLC-CC plant
presented in Figure 5.3. The detailed plant configuration for simulation is given
in Figure 5.20.

One of the key parameters for this process is the GT inlet temperature, the
selection of which is limited by the melting point of OC materials. In simula-
tion, it was assumed to be 1100 ∘C, based on the physical properties of the red
mud OCs developed by UK-CAER. The efficiency of compressor (GC), GT, ST,
generators, expander, booster, and pumps were selected according to the gen-
eral performance of the components commercially available. The pressure drops
of the pipelines and equipment were estimated. Sizing of key components was
adjusted to meet the process design, and not picked up from the actual vendor
list. In all case studies, the flow rate of air was fixed at 1000 kg h−1. The reader
is reminded that the following case studies are intended as a guide to the initial
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consideration of deployment options, and the technical performance of the plant
is little relevant to the selection of plant capacity.

5.5.1.1 Combined Cycle
The combined cycle has an FGT, HRSG, and ST. Most of the compressed air
from the compressor (GC) is ducted to the AR, while the spent hot air exiting
from the AR is used to drive the FGT for electric power generation. The rest of
the compressed air is directly fed to the GT being used as cooling air. The heat
of the exhaust gas from the FGT is recovered in HRSG to drive the bottoming
ST for additional power generation. The FGT exhaust temperature is fixed
at 568 ∘C in simulation. To improve plant efficiency, a 3-P HRSG is adopted
to recover low-grade heat. 3-P HRSG is complex in terms of the pinch-type
tube bank arrangement for heat recovery with different pressures. To avoid
varying/iterating configuration with conditions and the available heat, a single
multi-stream heat exchanger module (MHeatX) in Aspen is applied with
zone analysis to manually debug the approach temperature inside HRSG by
manipulating feed water flow for all 3-P pressures. The approach temperature is
fixed at approximately 10 ∘C, and 3-P pressures are also prefixed.

5.5.1.2 PCLC Unit
The layout of PCLC unit is exactly the same as that shown in Figure 5.1. It
is assumed that the spouting/circulating fluidized bed reactor is used as the
respective FR and AR for heat and material balance (H & MB) calculation.
Compressed air (11 bars) is used for OC regeneration and as fluidization agent,
while CO2/H2O mixture recirculated from the exhaust gas stream of the FR is
used as gasification agent. The conversion of red mud OC is specified for each
reactor. The separation of solids from the gas stream is realized by cyclone,
and ash separation from OC materials by a module selective electrostatic
precipitator (SEP). Both are assumed to be an ideal separation process of 100%
cut efficiency. In simulation, the fuel feeding rate to the FR is adjusted to ensure
a conversion of oxidized OC to Fe3O4 state. The fuel conversion (both solid fuel
and syngas product) in the FR is specified according to the results of the PCLC
experiments conducted at UK-CAER. The exist gas of the FR is also ducted
to another HRSG (parallel to the former HRSG) for heat recovery, and then
majority of the cool CO2/H2O mixture is recirculated as fluidization gas of the
FR. Before compression, the balanced CO2/H2O gas mixture is cooled down for
the removal of moisture.

5.5.1.3 Physical Properties
The property method of solids in Aspen is applied for these general solids
(coal, ash, and OCs). Ideal gas law is applied for the gas phase and the most
recent steam table for the steam cycle. Red mud OCs developed from bauxite
residual of the alumina industry by UK-CAER [11] are used as cyclic materials,
and their chemical composition and heat capacity are given in Table 5.7 and
Figure 5.21 respectively. In simulation, red mud OC is considered a mixture
of Fe2O3, Fe3O4, Al2O3, SiO2, etc. and thus its specific heat capacity (effective
specific heat capacities of mixture, Cp) is the mass-weighted average of specific
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Table 5.7 Chemical composition of red mud OCs (wt%).

Composition Oxidized Reduced

Fe2O3 51.56 —
Fe3O4 — 50.71
SiO2 9.98 10.15
Al2O3 18.18 18.5
TiO2 6.47 6.58
CaO 7.77 7.91
MgO 0.51 0.52
Na2O 1.85 1.88
K2O 0.18 0.18
Balance 3.5 3.56
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Figure 5.21 Specific heat capacity of red mud OC (RM-1). Source: Chen et al. 2017 [12].
Reproduced with permission from Elsevier.

heat capacities of the constituent substances. The predicted values of Cp for
the reduced and oxidized forms of RM OCs are shown as continuous curves
in Figure 5.21. The measured values (by thermogravimetric analysis-differential
scanning calorimetry (TGA-DSC), shown in discrete points) are in agreement
with the predicted values.

The design coal is a sub-bituminous PRB coal, and its proximate and ultimate
analyses are listed in Table 5.8.

5.5.1.4 Case Study
Six case studies were performed for the direct coal-fueled PCLC-CC plant, and
the results of major plant performances are listed in Table 5.9. It is worth noting
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Table 5.8 Design Coal Characteristics.

Rank Sub-bituminous

Seam PRB
Sample location Montana

AR Dry

Proximate analysis (wt%)
Moisture 25.77 0
Ash 8.19 11.04
Volatile matter 30.34 40.87
Fixed carbon (BD) 35.70 48.09
HHV (kJ kg−1) 19 920 26 787
LHV (kJ kg−1) 19 195 25 810

Ultimate analysis (wt%)
Moisture 25.77 0
Carbon 50.07 67.45
Hydrogen 3.38 4.56
Nitrogen 0.71 0.96
Chlorine 0.01 0.01
Sulfur 0.73 0.98
Ash 8.19 11.03
Oxygen (BD) 11.14 15.01

that the flow rates of the recycling gas (CO2/H2O gas mixture) in all cases are
adopted to realize a heat balance of the FR. So, in Case A and Case D, the resulting
flow rates of the recycling gas are obviously out of the range for the practical
operation of a fluidized bed reactor.

Case A to Case D was used to evaluate the influence of the temperature dif-
ference between the AR and FR. A net plant efficiency as high as 43.8% was
obtained in Case A, which corresponds to near zero gas flowing through the FR.
This results in a combination of a low circulation rate of OCs and a low temper-
ature difference between two reactors. From Case A to Case D, it can be found
that the circulation rate of red mud OCs is exactly proportional to the coal feed-
ing rate. Thus the ratio of OC flow rate to coal feeding rate is kept constant at 143
(wt/wt). Owing to the increase in the flow rate of the recirculated CO2/H2O gas
mixture, more heat is carried out of the PCLC unit and fed directly to HRSG to
support the bottoming cycle. As a result, the net plant efficiency declines from
43.8% for Case A to 36.3% for Case D. At the same time, a change in trend can be
found in that the 3-P HRSG (Case A) essentially shrinks to 1-P HRSG (Case D,
no temperature pinch issues inside HRSG). Owing to the fixed air flow rate and
coal feeding rate increase, O2 concentration at the outlet of the AR declines from
Case A to Case D.
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Table 5.9 Performance of study cases.

Case A B C D E F

FR
Temperature (∘C) 1060 1030 1000 970 970 970
Coal flow rate (kg h−1) 36.1 45.5 60.8 91.7 50.3 50.3
Recirculated CO2/H2O gas (kg h−1) 5 193 530 1237 679 500

AR
Temperature (∘C) 1100 1100 1100 1100 1100 1100
OC circulation rate (kg h−1) 5144 6463 8667 13080 7181 7181
OC conversion 0.8 0.8 0.8 0.8 0.8 0.8
Air flow rate (kg h−1) 960 960 960 960 960 960
Temperature of compressed air (∘C) 330 330 330 330 700 700
O2 concentration at AR outlet (vol.%) 14.6 13.1 10.2 3.9 13.2 13.2

Power
GT (kW) 66.5 62.7 58.0 48.6 61.2 61.2
ST (kW) 63.5 93.1 143.9 237.3 106 109.5
Total auxiliary load (kW) 10.9 15.0 22.1 35.2 16.8 17.3
Net output (kW) 119.1 140.8 179.8 250.7 150.4 153.4

Plant efficiency (%)
Net 43.8 41.1 39.3 36.3 39.7 40.5

5.5.1.5 Optimization of Plant Configuration
In Case A to Case D, the temperature of the compressed air before feeding to
the AR is set at 330 ∘C. Preheating the compressed air to high temperature level
would evidently improve plant efficiency. In Case E, the compressed air stream is
preheated from 330 to 700 ∘C by the exit gas of the FR, which is simultaneously
cooled down from 970 to 564 ∘C before entering HRSG. Therefore, the net plant
efficiency is improved from 36.3% (Case D) to 39.7% (Case E). Compared to Case
D, OC circulation rate, coal feeding rate, and the flow rate of the recirculated
CO2/H2O gas mixture of Case E decrease significantly.

Another option to further improve plant efficiency (Case F) is using an inter-
nal heat exchanger of the FR to heat up steam superheater/reheater (SH/RH) of
the bottoming cycle. This would significantly reduce the flow rate of the recircu-
lated CO2/H2O gas mixture. Accordingly, the net plant efficiency is boosted from
39.7% (Case E) to 40.5% (Case F).

5.5.2 Performance of the UK-CAER’s PCLC-CC Plant

A conceptual cost estimate of the PCLC-CC technology has been carried out by
UK-CAER and WorleyParsons Group Inc. The power plant has a nominal output
of 550 MWe, in which the AR operated at 1100 ∘C is proposed for high combined
cycle efficiency. This requires a high temperature particulate filter that has to be
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operated at 1100 ∘C, but it does not have any development track record. Fluidized
bed or spouted bed reactor is suggested to be the FR, which is configured with
multiple jet nozzles to feed solid fuel to reduce the system complexity and cost
investment. UK-CAER performed Aspen modeling to incorporate PCLC tech-
nology into the nominally 550 MWe sub-bituminous coal-fired power generation
facility to determine system performance and sizing of the major components.
WorleyParsons used the information from the process modeling to identify and
define the remaining balance of plant (BOP) items (such as coal feeding and
drying equipment) and then developed capital costs for the facility.

The UK-CAER’s PCLC-CC plant is broken down into the following sub-
systems:

• Fuel and sorbent handling
• Coal and sorbent preparation and feed
• Feed water and miscellaneous systems and equipment
• PCLC island
• Flue gas cleanup
• CO2 capture (high-level)
• Air compressor–gas expander–generator
• HRSG, ducting, and stack
• ST generator and auxiliaries
• Cooling water system
• Ash/spent OC recovery and handling
• Accessory electric plant
• Instrumentation and control

Table 5.10 illustrates the overall performances of the PCLC-CC plant that
is used for capital cost estimation. The DOE reference Cases 12A and 12B are
also presented for comparison. The full-scale rate-based Aspen simulation with
external FORTRAN sub-routine has shown that the PCLC-CC configuration
will provide an overall plant net efficiency of 43.0% with CO2 pressurized to
2215 psi, which is 3.7% points higher than that of DOE/NETL reference Case

Table 5.10 UK-CAER’s PCLC-CC performance summary.

Case 12A Case 12B PCLC-CC

Gross generation (terminals kWe) 582 700 673 000 534 755
Steam turbine power (kWe) 582 700 673 000 273 180
Combustion turbine power (kWe) — — 261 575
Total auxiliary loads (kW) 32 660 122 940 41 760
Net power (kWe) 550 040 550 060 492 995
Net plant efficiency (HHV) 39.3% 28.4% 43.0%
Net plant heat rate (kJ/kWh HHV) 9 298 13 330 8 372

Consumables
As-received coal feed (kg h−1) 256 753 368 084 207 054
Thermal input (kWt) 1 420 686 2 036 717 1 146 500
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S12A supercritical system without CO2 capture (39.3%) and 14.6% points higher
than Case S12B supercritical system with carbon capture system (CCS) (28.4%),
respectively.

Following the Cost Estimation Methodology for NETL Assessments of
Power Plant Performance, capital cost estimates have been made using various
models available to WorleyParsons for conceptual level capital cost estimating,
including in-house proprietary parametric models and ICARUS from Aspen
Tech. ICARUS was used for developing costs for reactor vessels, cyclone, and
other specialized process equipment based on the equipment size, basic design,
and materials of construction information provided by UK-CAER. Factored
estimates for equipment such as pumps, compressors, turbines, etc. were devel-
oped using in-house proprietary models of WorleyParsons. For components
similar to those in the DOE/NETL reference report, the capital costs escalated
to June 2012 dollars was used along with the developed capital costs to estimate
a total plant cost. In particular, the costs of the AR and FR were developed based
on the dimensions and weights; the air compressor–gas expander–generator
set was assumed to have all three components mounted on the same shaft.
Equipment costs were developed based on the compression requirements (gas
flow rate and pressure) of the systems; the ceramic candle filter specified in
the UK-CAER’s PCLC-CC configuration is beyond the technical specifications
for technologies currently on the market. Current particulate filters, to operate
up to 1000 ∘C, are commercially available from Pall Corporation [13]. The
technology relies on silicon carbide/alumina/mullite filtering medium. The
estimated cost for the candle filter in this study is based on similar advanced
filter technologies. The potential of cost savings through future advancements in
particulate filtering from hot gas streams or selection of an alternate technology
is considered. The results showed that the PCLC unit, particulate separation
and filtration, and gas turbine/accessories are three costly items. Operation and
maintenance costs estimates were based on consumable consumption rates and
manpower estimates developed by UK-CAER. For general consumables such
as fuels and water, costs provided by the DOE report escalated to June 2012
dollars were used. For consumables specific to the UK-CAER process, such as
red mud OCs, UK-CAER has provided the costs to be used. The UK-CAER
determines an alternate number of plant personnel for estimating the operating
labor costs.

The comparative financial analysis was performed to compare the UK-CAER
CO2 capture technology to state-of-the-art coal-fired generation technologies
(with and without CO2 capture), as listed in Table 5.11. The analysis has esti-
mated and compared the first year COE, the 30-year levelized cost of electricity
(LCOE), and the cost of captured CO2 emissions using the plant performance and
capital and operation and maintenance costs. The UK-CAER’s PCLC-CC plant
has an increase in COE of 25.2% from the non-capture, Case 12A. Compared to
DOE/NETL Case 12B supercritical unit with post-combustion CCS, PCLC-CC
plant has the following advantages:
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Table 5.11 Comparison of operating parameters and economic analysis between the
DOE/NETL baseline cases and the UK-CAER’s PCLC-CC (in 2012$).

Case 12A Case 12B PCLC-CC

Operating parameters
Net plant output (MWe) 550.0 550.1 493.0
Net plant heat rate (kJ/kWh HHV) 9 298 13 330 8 372
CO2 captured (kg/MWh net) 0 1 106 770
CO2 emitted (kg/MWh net) 858 123 9

Costs (2012$ kW−1)

Risk Low High High
Total plant costs 2 271 3 993 2 492
Total overnight cost 2 766 4 861 3 204
Bare erected cost 1 859 3 084 1 852
Home office expenses 169 281 199
Project contingency 244 496 101
Process contingency 0 133 341
Owners costs 495 867 712
Total overnight cost (×1 000) 1 521 592 2 673 946 2 013 286
Total as spent capital 3137 5541 4253
Annual fixed operating costs ($ yr−1) 44 211 196 70 779 589 60 474 591
Variable operating costs ($/MWh) 7.66 12.29 9.39
Coal price ($/ton) 16.91
COE ($/MWh, 2012$) 70.26 128.59 87.98
CO2 TS&M costs 5.60 3.49
Fuel costs 8.70 12.47 7.68
Variable costs 7.66 12.29 10.09
Fixed costs 10.80 17.28 16.17
Capital costs 43.10 80.95 50.56
LCOE (2012$/MWh) 89.08 163.06 111.57
Cost of CO2 captured ($/ton CO2) 52.74 27.62

• A lower COE by $40.61/MWh, a 31.6% reduction
• A lower LCOE by $51.49/MWh, also a 31.6% reduction
• A lower cost of CO2 captured by 25.12 tonne−1 CO2, a 47.6% reduction because

of high overall plant efficiency for PCLC power plant

The total plant cost breakdown for the UK-CAER’s PCLC-CC technology is
listed in Tables 5.5–5.12.



Table 5.12 The Total plant cost breakdown for the UK-CAER’s PCLC-CC technology.

Client: USDOE/NETL Report date: 31 October 13

Project: low rank (Western) coal baseline study

Total plant cost summary

Case: Case 1 – base case

Plant size: 493.0 MW, net Estimate type: conceptual Cost base (January) 2012 ($×1000)

Acc. No. Item/description
Equipment
cost ($)

Material
cost ($) Labor

Sales
tax ($)

Bare Erect
Cost ($)

Eng’g CM
HO& Fee ($) Contingencies Total plant cost

Direct ($) Indirect ($) Process Project $ $/kW

1 Coal and sorbent
handling

26 674 3 335 13 958 0 0 43 966 3 642 0 8 801 56 409 114

2 Coal and sorbent
prep and feed

118 822 6 511 20 372 0 0 145 705 11 413 0 31 458 188 577 383

3 Feedwater and
MISC. BOP systems

8 810 7 250 7 761 0 0 23 821 2 063 0 5 992 31 876 65

4. Pyrolysis and CLC island
4.1 Pyrolysis and cracker

equipment
– – – 0 0 0 – – – – –

4.2–4.5 CLC reactors 54 981 13 909 30 266 0 0 99 156 14 873 19 831 17 104 150 964 306
4.6–4.7 Particulate

separation and
filtration

60 725 17 378 34 755 0 0 112 858 13 543 10 806 15 574 152 781 310

Subtotal 4 115 706 31 287 65 021 0 0 212 014 28 416 30 637 32 678 303 745 616



5 Gas cleanup and compression
5A GAS cleanup and

piping
0 0 0 0 0 0 0 0 0 0 0 0

5B CO2 compression 18 093 0 10 682 0 28 775 2 561 0 6 309 37 645 76

Subtotal 5 18 093 0 10 682 0 0 28 775 2 561 0 6 309 37 645 76
6 GAS

turbine/accessories
125 000 39 933 17 778 0 0 182 711 26 784 18 271 30 879 258 645 525

7 HRSG, ducting and stack
7.1 Heat recovery steam

generator
37 408 0 5 418 0 0 42 826 3 764 0 4 690 51 280 104

7.2–7.9 Selective catalytic
reduction (SCR)
system, ductwork and
stack

3 328 2 994 3 557 0 0 9 879 774 0 1 710 12 363 25

Subtotal 7 40 736 2 994 8 975 0 0 52 705 4 538 0 6 400 63 643 129
8 Steam turbine generator
8.1 Steam TG and

accessories
30 317 0 5 206 0 0 35 523 3 151 0 3 893 42 567 86

8.2–8.9 Turbine plant
auxiliaries and steam
piping

10 678 1 081 7 701 0 0 19 460 1 637 0 4 230 25 327 51

Subtotal 8 40 995 1 081 12 907 0 0 54 983 4 788 0 8 123 67 894 138

(Continued)



Table 5.12 (Continued)

Client: USDOE/NETL Report date: 31 October 13

Project: low rank (Western) coal baseline study

Total plant cost summary

Case: Case 1 – base case

Plant size: 493.0 MW, net Estimate type: conceptual Cost base (January) 2012 ($×1000)

Acc. No. Item/description
Equipment
cost ($)

Material
cost ($) Labor

Sales
tax ($)

Bare Erect
Cost ($)

Eng’g CM
HO& Fee ($) Contingencies Total plant cost

Direct ($) Indirect ($) Process Project $ $/kW

9 Cooling water system 12 322 16 363 16 567 0 0 45 252 3 880 0 10 663 59 795 121
10 ASH/SPENT sorbent

handling SYS
2 383 1 420 1 257 0 0 5 060 446 0 850 6 356 13

11 Accessory electric
plant

31 042 13 569 26 583 0 0 71 194 5 666 0 15 028 91 888 186

12 Instrumentation and
control

9 712 1 787 6 263 0 0 17 762 1 488 888 3 378 23 516 48

13 Improvements to site 3 498 2 062 8 791 0 0 14 351 1 311 0 4 730 20 392 41
14 Buildings and

structures
0 6 746 7 817 0 0 14 563 1 225 0 2 611 18 399 37

Total cost 553 792 134 338 224 732 0 0 912 862 98 221 49 796 167 901 1 228 780 2 492

Eng’g CM HO& Fee, engineering, construction management, home office and fee.
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5.6 Technical Gaps and Challenges

Some of the technical gaps and challenges are special for the development of the
direct coal-fueled PCLC-CC plant.

1. Heat integration. Heat integration of UK-CAER’s PCLC-CC plant could follow
a similar method for either integrated gasification combined cycle (IGCC) or
PFBC processes to obtain higher plant efficiency. However, the requirement
on the HRSG configuration of PCLC-CC plant is far from that standard of
IGCC or PFBC process. The special feature of the coal-fired PCLC-CC plant
is the ability to generate two heat streams to drive the ST (bottoming cycle).
The first one is a relatively low-quality stream of the FGT exhaust, composed
of N2 and O2, with a temperature of 560–590 ∘C, and ambient pressure; the
second one is high quality from the CO2/H2O stream of the FR with tempera-
ture up to 950–1000 ∘C, high pressure of 1.2–3.0 MPa, and high content of fly
ash, which accounts for about 20% of the total energy for the steam cycle. To
avoid the mixing of two gas streams, their heat needs to be recovered by two
HRSG units to drive a supercritical, three pressure-level reheated ST, mak-
ing the system much more complex compared to the typical IGCC or PFBC
process. The design of HRSG and the steam cycle for the PCLC-CC plant
would reconsider the effect of dual working mediums, process optimization,
a thermal–economic balance, and flexibility/reliability for unit operation.
The other special considerations for heat integration may be (i) the heat sur-
face arrangement and water hydraulics inside HRSGs to eliminate potential
heat stop points; (ii) supplementary firing of natural gas before HRSG if the use
of high temperature of the AR needs to be avoided; (iii) internal heat exchanger
of the FR to heat up steam SH/RH of bottoming cycle; (iv) the recycling of the
CO2/H2O gas mixture to the FR; and (v) preheating the compressed air to
the AR.

2. Monitor and control of hydraulic flow. Quantification of solids flow and
mixing is important to ensure stable operation and maximize performance
of the PCLC unit. However, direct monitoring and control of the complex
multiphase fluid dynamics in the complex PCLC reactor system is not yet
possible. At least, the following parameters need to be estimated: the overall
solid mass flux in the chemical loop, solid residence time distribution in each
component of the PCLC reactor, and the gas–solid flow pattern. In addition,
monitoring the malfunction of fluidization and the pressure profile are the
major concerns.

3. Hot flue gas cleanup. The present specifications of gas turbine manu-
facturers for the required flue gas quality are at a maximum particulate
content of 5 mg m−3 STP, diameter of <5 μm, and a maximum alkali con-
tent <0.01 mg m−3 STP (http://netl.doe.gov/publications/proceedings/02/
GasCleaning/1.08paper.pdf). No commercially available filter material has
been developed to meet all the requirements for hot spent air cleanup of the
coal-based PCLC-CC process. The filter material should offer the benefits
of non-brittle mechanical behavior at temperatures as high as 1100 ∘C, and
improved resistance to thermal fatigue, wear, and deformation. The material
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should be light, strong, resistant to thermal shock, and relatively inexpensive.
Simultaneously, the filter materials should not react with the surrounding
gas phase and the metallic OC particles. In the last 30 years, as a part of the
research work of PFBC/PCFBC technology, ceramic materials, FeAl and FeCr
alloy, Ni-Cr-Al-Fe based alloys, and iron aluminide have been developed
to form candle filter architecture for hot flue gas cleanup (https://www
.netl.doe.gov/events/conference-proceedings/2002/gas-cleaning-at-high-
temperatures). However, no material was successfully operated at tempera-
tures higher than 900 ∘C in the long run. Furthermore, an efficient dust cake
cleaning system needs to protect the filter itself from dust-induced damage;
and the integrated filter with failsafe system is necessary to protect the down-
stream gas turbine and to prevent unscheduled shutdown of the system. The
integrated filter device should be capable of limiting particle leakage with low
pressure drop, and allow high system availability, commensurate with annual
maintenance outages. In recent years, significant achievements in material
science provide the possibility to develop advanced filter elements that could
be used for the coal-fueled PCLC-CC. Technologies for flue gas cleanup at
1400 ∘C have been proposed with an efficient ash and alkali separation rate by
several companies, including Babcock-Borsig-Power Env. GmbH (BBP Env.),
E.ON Kraftwerke GmbH, SaarEnergie GmbH, Siemens AG, and Steag AG.

4. Online ash separation. In order to avoid coal ash accumulation in the system,
ash separation from binary mixtures of OCs and solid fuel ash is needed.
A simple and effective way is to develop an online ash separation device
integrated with reaction system based on the difference in particle size and
density between OC and coal ash. However, when operated at high pressure,
the separation efficiency would drop due to the decrease in terminal velocity
of coal ash. Another option is to develop a magnetic separator. Unlike
nickel- and copper-based OCs, the iron-based OCs become magnetic when
they are reduced to magnetite in the FR. Therefore, magnetic separation can
be applied to recover the spent OCs.

5. Retrofit of natural gas turbine. Instead of developing a new gas turbine
technology, retrofitting a natural gas turbine to FGT is the easier way for
the development of the PCLC-CC plant. Some lesson can be learned for
the following two cases. (i) A 15 MWe ABB STAL FGT (GT)-35P has been
successfully modified and tested for the PFBC technology at Tidd in the last
century. (ii) Japan tested a 75 MWe FGT on the PFBC facility at the Karita
Power Station in the 2000s. Those two FGTs are different from the natural
gas-based turbine. The modification/retrofit covers (i) unmatched airflow
and power generation for application to PFBC – the air compressor having
higher inlet flow, which requires a large open mouth and longer blades; (ii)
a lower gas turbine inlet temperature between 950 and 1100 ∘C versus 1350
and 1400 ∘C for NG turbine. The blade angle and working profile across
stages have to be adjusted to maintain a reasonable exhaust temperature for
downstream steam generation; and (iii) blade erosion and corrosion as well
as particle deposition. The gas turbine in the coal-based combined cycle is
subjected to harsh conditions from coal impurities.
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6. Pollutant emission. Little effort has been made to study the pollutant emission
and mitigation for the solid-fueled CLC. The results obtained from a 100 kWth
CLC facility using iron-based OCs and solid fuels at Chalmers University
of technology, Sweden, showed that the concentration of NO is in the
range of 1000–2000 ppm and 10–20% fuel-N is oxidized to NO [14]. The
sulfur-containing gas is in the form of SO2 and H2S in the FR, and their
concentrations depend on the type of solid fuel and the content of elemental
sulfur. Similar observation was obtained on a 25 kWth unit at the Ohio State
University [15]. The pollutants at the outlet of the FR are 600–1170 ppmv
for SO2 and 1148–1669 ppmv for NOx. So, effective emission mitigation
strategies and methods need to be developed for the coal-fueled CLC process.
There are several avenues for pollutant control that can be integrated with
the solid-fueled CLC, (i) using desulfurized fuels to avoid the introduction
of impurities to the reaction system, (ii) in situ desulfurization in the FR
using a sorbent, and (iii) using flue gas desulfurization unit prior to CO2
sequestration.

7. Solid waste management. Research work is necessary to develop suitable
methods for OC recovery to minimize the operating cost associated with
OC makeup. Recently, some work on the solid waste management of a CLC
plant was carried out by C.S.I⋅C Spain, in which a recovery process with 80%
recovery efficiency was developed to mitigate the loss of active OCs [16].
For the UK-CAER’s PCLC-CC plant, there are two spent OC streams from
the PCLC island. The first stream is some amount of OC particles together
with coal ash from the FR, and the second is the spent OC particles captured
by the high-temperature filter from hot spent air stream. The loss of OC
from the first stream is dependent on OC attrition rate and the efficiency of
ash–OC separation device, while the second is dependent on the cyclone cut
efficiency before the candle filter. There may be two options for solid waste
management: (i) disposal of those solids to landfill in a safe manner and (ii)
recovery and recycling of the spent OC materials.
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6.1 Introduction

Chemical looping combustion (CLC) produces concentrated carbon dioxide
(CO2) from the combustion of fossil fuels. Instead of air, a solid oxygen carrier
(OC) supplies oxygen for combustion, which eliminates the presence of nitrogen
(N2) from the resulting flue gas. The significant advantage of CLC over conven-
tional combustion for CO2 capture is that CLC can produce a concentrated CO2
stream, which minimizes the energy penalty for CO2 separation from N2 after a
combustion process [1–3].

The development of applicable oxygen carriers is a core technology for
CLC. The efficient transfer of oxygen from the lattice phase to the surface
site for combustion reaction is essential for ideal oxygen carriers. So far, a
tremendous number of oxide-based materials have been developed to study
their reactivity/physical properties under high temperature, including iron (Fe)
oxide, copper (Cu) oxide, manganese (Mn) oxide, nickel (Ni) oxide, etc. [4–22].
Besides natural ores containing those oxides, a variety of inert oxide materials
are used as carrier supports/binders to synthesize practical oxygen carriers,
aiming for improved reaction kinetic and stable performance, such as alumina,
titania, or naturally occurring clays, such as bentonite. Meanwhile, reaction and
hydrodynamic parameters, such as reaction temperature, fuel concentration,
particle size, and circulation rate and residence time directly affect the selection
and optimization of feasible oxygen carriers. This valuable information is critical
for kinetic modeling and reactor design.

In this chapter, we will summarize the experimental results conducted
on Fe2O3-based oxygen carriers by following the important criteria for a
regenerable, economically affordable oxygen carrier [2]:

• High reactivity with fuel and air
• Low fragmentation and attrition
• Low tendency for agglomeration under high temperature

Handbook of Chemical Looping Technology, First Edition. Edited by Ronald W. Breault.
© 2019 Wiley-VCH Verlag GmbH & Co. KGaA. Published 2019 by Wiley-VCH Verlag GmbH & Co. KGaA.
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• Low carrier production cost
• Being environmentally benign
• Stability of fluidized particles under repeated reduction/oxidation cycles

6.2 Primary Oxide Selection

The oxides of the transition metals such as copper, iron, nickel, cobalt, and man-
ganese have received much attention because they have favorable reduction/
oxidation characteristics. Among those transition metal oxides, nickel oxide,
iron oxide, and copper oxides are being intensively investigated for their fast
reaction rates, high oxygen transfer capacities, low production cost, and stability.

Nickel oxide (NiO) has been studied in greater detail in the early stage of CLC
development because it has more favorable characteristics for methane CLC. It is
generally accepted that NiO-based oxygen carriers possess faster reaction rates
than CuO and Fe2O3. Al2O3-supported NiO oxygen carriers have been inten-
sively investigated with laboratory-scale instruments and bench-scale pilot plants
with fluidized bed reactor facilities [6–9]. NiO/NiAl2O4 oxygen carriers were
tested in a 10-kW reactor for 160 hours with approximately 99% conversion. The
major drawback of NiO-based oxygen carriers is their carcinogenic characteris-
tics, which will be a daunting issue if CLC will be deployed in pilot-scale or up to
commercial deployment.

Copper oxide has several favorable features [23–25]: (i) it is highly reactive
in both reduction and oxidation cycles; (ii) it is thermodynamically favored to
reach complete conversion using gaseous hydrocarbon fuels (e.g. methane);
(iii) reduction and oxidation reactions of Cu-based oxygen carriers are both
exothermic, reducing the need for energy supply in the reduction reactor; and
(iv) it is less expensive than other oxygen carrier materials, such as nickel (Ni),
manganese (Mn), and cobalt (Co). However, CuO has a fairly low melting point,
which results in particle agglomeration during multiple CLC reaction cycles.
Inert support/binder materials such as Al2O3, TiO2, SiO2, and natural clays
such as bentonite can be used to avoid particle agglomeration and enhance the
characteristics of CuO and Fe2O3, such as reactivity, durability, and fluidizability.
Overall particle size, ratio of metal oxide to inert support, porosity, oxygen
carrier grain size, and geometry are some factors that affect the reaction
performance of a particular oxygen carrier.

Fe2O3 has fair reactivity, stable reaction performance, and very little envi-
ronmental concern. The reduction kinetics from Fe2O3 to Fe3O4 is fast, but the
subsequent reduction to FeO is very slow for methane (CH4) conversion to CO2
and H2O. Fe2O3/Al2O3 was investigated to improve reactivity and to overcome
agglomeration. Samples prepared by impregnation of 80% Fe2O3/Al2O3 are
reported to be stable in 20-cycle thermogravimetric analysis (TGA) tests with
methane conversions between 85% and 94%. Agglomeration has been reported
to be a problem with supported iron oxide materials; thus, circumventing
agglomeration is important to achieve stable CLC fluidized bed operation
with iron-based oxygen carriers. Although its redox characteristics are not the
strongest of the metal oxides, iron oxide is widely considered an attractive option
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Figure 6.1 TGA profile of combustion segment of coal with CuO in nitrogen.

for CLC application because of its low cost and environmental compatibility
[5, 26–28].

A systemic study of various oxides CuO, Fe2O3, NiO, Mn2O3, and Co3O4 has
been done on direct-coal (Illinois #6 Coal) chemical looping [7]. TGA was widely
applied for the measurement of CLC kinetic and weight change during coal
combustion in temperature-programming mode. The weight loss profile and
corresponding rate data of the CuO–coal mixture during heating in nitrogen
up to 900 ∘C is shown in Figure 6.1. There is a continuous weight loss with the
coal–CuO mixture during the heating that indicates that CuO contributes to
the combustion of coal after coal volatilization. The weight loss corresponds to
100% coal combustion with CuO in the presence of N2. The profile of reaction
rates indicates the presence of two peaks at 425 and 708 ∘C.

The major peak at 708 ∘C is due to char combustion by oxygen from CuO,
and the coal combustion appears to initiate around 500 ∘C. The rate data from
TGA measurements and the outlet CO2 profile collected from in-line mass spec-
trometry (MS) analysis (not shown here) are consistent. TGA data during the
introduction of air after the reduction reaction with coal is shown in Figure 6.2.
The oxidation rate is significantly higher than the rate of the reduction reaction. In
addition, the weight gain during oxidation reaction is consistent with the amount
of oxygen present in the original CuO sample, which indicates that the reduced
copper can be fully reoxidized.

Combustion experiments similar to the CuO–coal system were performed
with coal and NiO, Fe2O3, Mn2O3, and Co3O4 in the presence of both N2 and
CO2. The results are shown in Table 6.1. It is interesting to note that the lowest
combustion reaction temperature at 700 ∘C and the highest combustion rate
were observed for the CuO–coal system. In addition, the combustion reaction is
exothermic with CuO. From a practical standpoint, this could be an advantage
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Figure 6.2 TGA profile of oxidation segment of coal with CuO in air.

in using CuO (versus other metal oxides) because both the fuel and air reactor
(AR) are exothermic, avoiding the need to transfer heat from the oxidizer to the
reducer. Full combustion and oxidation were also achieved for coal combusted
by CuO with bigger particle size (63–173 μm), but higher reaction temperature
(788 ∘C). The percentages of combustion and oxidation were close to 100% for
the CuO, indicating that the complete coal-combustion reaction can be obtained
with the CuO, and reduced copper can be completely oxidized at 900 ∘C.

For Fe2O3–coal system, the maximum combustion rate takes place at a higher
temperature (973–977 ∘C) than that with CuO. Combustion conversion of 95%
was achieved with Fe2O3. The percentage of oxidation was about 77% when the
oxidation-state change of Fe was assumed to be from Fe(III) to Fe(II) during the
CLC reaction. X-ray photoelectron spectroscopy (XPS) analysis conducted with
samples after the combustion reaction also indicated that metallic iron was not
present on the surface of the sample. The heat of the reduction reaction for the
Fe2O3–coal system is endothermic. Consequently, heat transfer from the oxidizer
to the reducer will be required for a CLC process with Fe2O3. The combustion rate
for Fe2O3 appears to be lower than that with the CuO system, but the oxidation
rate appears to be higher with Fe2O3.

The characteristics of the NiO–coal system were similar to the Fe2O3–coal sys-
tem. For NiO–coal, the combustion reaction, which is also endothermic, takes
place at a higher temperature of 993 ∘C with a lower reaction rate than with a
CuO–coal system. However, the percentage of combustion with NiO–coal was
lower than that observed with CuO–coal.

For Mn2O3–coal, the combustion reaction took place at 900 ∘C, showing the
lowest combustion rate as compared to the four other metal oxides, but the reac-
tion is slightly exothermic. The percentage of combustion was similar to that with
NiO. For Mn2O3, the CLC reaction appears to occur between the oxidation states
Mn(III) and Mn(II). XPS analysis data also confirmed that Mn(0) is not present
in the sample after combustion. The Co3O4–coal system appears to be similar



Table 6.1 Thermodynamic and reaction properties of coal CLC on various metal oxides.

Combustion Oxidation

Samples Gas media
Combustion
temperature (∘C)

Combustion
rate (min−1) % Combustion

𝚫H
(kJ mol−1)

Oxidation
rate (min−1)

Oxygen
uptake (%)

𝚫H
(kJ mol−1)

CuO (5 μm) CO2 703 0.098 100 −96.5 0.172 98.6 −156
N2 708 0.083 100 0.175 99.2

CuO (63 μm) N2 780 0.079 100 −96.5 0.174 99.2 −156
NiO (44 μm) CO2 993 0.061 73.05 75.2 0.84 77.5 −327.7

N2 1000 0.017 68.4 0.82 71.6
Fe2O3 (44 μm) CO2 973 0.055 94.9 79.2 0.77 93.7 Fe(II) −347.4

N2 977 0.05 91.6 0.78 90.6 Fe(II)
Mn2O3 (44 μm) CO2 905 0.011 76.76 −36.1 0.42 72.2 Mn(II) −216.4

N2 978 0.01 71 0.38 68.3 Mn(II)
Co3O4 (70 μm) CO2 781 0.096 83.3 −8.6 1.74 78.2 Co(II) −243.9

N2 781 0.096 83 1.74 78.0 Co(II)



166 6 Regenerable

to CuO with a low combustion temperature of 781 ∘C, but the oxidation rate
was highest for the Co3O4. The heat of reaction was slightly exothermic, yet the
percentage of combustion was lower than that with CuO–coal. For Co3O4, the
combustion-oxidation reaction was assumed to be between Co3+ and Co2+ oxi-
dation states. XPS analysis verified the presence of Co2+ on the surface of the
samples after combustion. From the five metal oxides tested, Fe2O3 and CuO
appeared to have the best combustion characteristics. Fe2O3 possesses fair reac-
tivity with the lowest cost, while the agglomeration of CuO due to a relatively
lower melting point (∼1000 ∘C) must be addressed for applicable oxygen carriers.

6.3 Supported Single Oxides

Inert supports, such as bentonite, alumina, and titania have been applied over
primary oxides (Ni, Fe, Cu oxides) for improved reactivity, agglomeration
resistance, and better mechanical strength. It is necessary to select consistent
experimental conditions to compare the reaction performance of various oxygen
carriers. A suitable screening condition should avoid carbon deposition during
the CLC reaction over most oxygen carriers. Most carbon formation in CLC
is due to methane decomposition between 700 and 1100 ∘C, which can be
catalyzed by reduced metals, including metallic Ni, Cu, and Fe formed from
the combustion reaction. Carbon formation is strongly affected by reaction
temperatures, the nature of active species and supports, as well as other physical
properties. Pre-modification of reaction temperature, methane concentration,
and reaction times are necessary to identify reaction conditions that minimize
carbon formation.

For the initial set of tests, 60% CuO/bentonite and 60% Fe2O3/bentonite were
selected. The TGA profiles of 10-cycle CLC tests over 60% CuO/bentonite with
methane as fuel are presented in Figure 6.3. The reduction and oxidation times
were set for 30 and 60 minutes, respectively. During reduction, the sample weight
decreased because the supported CuO reacted with methane and formed metal-
lic copper, water, and CO2. During oxidation, the sample weight gain was asso-
ciated with the reduced metallic copper regenerated by air to form CuO. The
extent of the reduction/oxidation reaction remained constant as the cycle num-
ber increased, also reinforcing the stability of the CuO/bentonite samples. The
oxygen transfer capacity was in the range of 12–14%. No other weight change
was observed, indicating no significant carbon formation for CuO oxygen car-
riers. Overall, 60% CuO/bentonite demonstrated excellent stability, because the
reduction weight and oxidation weight remained constant for all 10-cycle tests in
the temperature range of 700–900 ∘C.

TGA profiles of 10-cycle CLC tests over 60% Fe2O3/bentonite with methane as
fuel are presented in Figure 6.4. Under the flow of methane, the sample weight
initially decreased due to the reduction of Fe2O3, but then continuously increased
due to carbon formation, until the methane flow was stopped. It should be noted
that total sample weight gain could exceed the initial metal oxide weight due
to heavy carbon deposition onto the carrier sample. Under the flow of air, the
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Figure 6.3 TGA profile of 10-cycle CLC tests of 60% CuO/bentonite with methane as fuel (Reduction time: 30 minutes; oxidation time: 30 minutes; pure CH4).
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Figure 6.4 TGA profile of 10-cycle CLC tests of 60% Fe2O3/bentonite with pure methane as fuel (Reduction time: 30 minutes; oxidation time: 30 minutes; pure
CH4).
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Figure 6.5 TGA profile of 10-cycle CLC tests of 60% Fe2O3/bentonite at 900 ∘C under
screening conditions.

sample weight sharply decreased because of the initial oxidation and removal of
carbon, and then the carrier weight continued to increase due to the reoxida-
tion. The CO2 produced from the removal of carbon formation is mixed with
exhausted air flow and would eliminate the benefit of CO2 separation efficiency
in a large-scale CLC process. As shown in Figure 6.4, the carbon formation rate
decreased at lower methane concentrations and higher reaction temperatures
(700–900 ∘C). An effective approach for avoiding carbon formation is to dilute
methane concentration or shorten reduction time before the formation of carbon
deposits.

The 10-cycle TGA profile of 60% Fe2O3/bentonite at 800 ∘C with 20% CH4/N2
as reducing agent is shown in Figure 6.5. Using diluted CH4, no carbon deposition
was observed in reduced reduction time (10 minutes). At 800 ∘C, the reduction
weight remained constant, but the oxidation weight decreased with increasing
cycle numbers. Therefore, oxygen transfer capacity decreases from the initial
value of 2.9% in the third cycle to 2.2% in the seventh cycle. The oxidation weight
decreases with each test cycle during the first five cycles, suggesting that some
material conditioning is required for 60% Fe2O3/bentonite before stable perfor-
mance can be observed. After 300 minutes of activation, both reduction and oxi-
dation weights stabilized, and the oxygen transfer capacity remained at 2.4%.
Regarding the reaction activity, the reduction and oxidation rates decreased with
increasing cycles at 750 ∘C, but slightly increased in oxygen transfer capacity with
cycles observed at 900 ∘C. Therefore, reaction temperatures positively affect the
reduction/oxidation rate, as well as oxygen transfer capacity. In this study, all
oxygen carriers were compared and screened at the following conditions: 20%
methane/nitrogen for reduction reaction, 750–900 ∘C as reaction temperatures,
and 10-minute reduction time for a 10-cycle reduction/oxidation cycle.
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6.4 Natural Oxide Ores

Beside synthetic materials development, some naturally occurring materials,
mainly iron-based ores, have been investigated because of their low cost and
wide availability [28–33]. Long-term experiments have been conducted with
ilmenite, FeTiO3, for approximately 25 hours at 975 ∘C. Scanning electron
microscope (SEM) images of the sample indicate that the porosity of the ilmenite
particles increased with visible cracks. The Brunauer–Emmett–Teller (BET)
surface area measurements also confirmed an increase of surface area from 0.11
to 0.28 m2 g−1 for used samples. Another report studied hematite for methane
CLC processing. Six reduction/oxidation cycles were conducted with pure
methane as fuel and air as oxidant at 950 ∘C. The rate of conversion of Fe2O3 to
Fe varied from 1% to 8% per min−1 with the yield of methane to CO2 ranging
between 10% and 99%.

Three copper oxide ores (chryscolla, cuprite, malachite) and five iron oxide ores
(hematite, ilmenite, limonite, magnetite, taconite) were purchased from Ward’s
Natural Science. ICP (inductively coupled plasma) analysis was conducted to
measure elemental components of the samples (Ref. here). The overall reaction
performances of coal/natural ores systems for coal CLC are summarized in
Table 6.2.

The reactivates of iron-based ores were very low and it was not possible to
obtain accurate rates by differentiating TGA data. All iron-based ores showed
poor performance without steam. To obtain better reactivity with natural
ores, it will be necessary to add steam in the fuel gas steam. The coal CLC
reactions with natural ores were conducted in a bench-scale, fixed-bed reactor.
To understand the effect of steam in CLC conversion, 20% steam was added.
The maximum operational temperature for the fixed bed reactor is 800 ∘C, and
the reduction reaction information was only obtained up to 800 ∘C. With the
20% steam addition, the reaction peak temperatures did not change for the
coal–limonite and coal–magnetite systems, but the outlet CO2 concentration

Table 6.2 The reaction rates and oxygen transfer capacities of natural ores in coal CLC reaction
in the fifth cycle TGA tests.

Reaction
temperature (∘C)

Reduction
rate (min−1) % Combustion

Oxidation
rate (min−1) % Oxidation

CuO 780 0.079 100 0.174 99.2
Chryscolla 876 0.02 35.0 0.01 67.2
Cuprite 1100 Negligible 12.9 0.11 46.1
Malachite 1100 Negligible 11.6 0.13 23.2
Fe2O3 977 0.05 91.6 0.78 90.6
Magnetite 1000 Negligible 10.4 0.57 70.3
Limonite 973 Negligible 15.6 0.35 65.2
Hematite 900 Negligible 12.1 0.08 34.7
Taconite 900 Negligible 26.4 0.08 35.6
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Table 6.3 Analysis of extent of reduction of various ore oxygen carriers during coal CLC and
methane CLC: oxygen transfer capacities were normalized by the concentration of active CuO
or FeOx species.

Coal/carbon CLC Methane CLC

Oxygen
carriers/
reduction

Reduction
percentage

Species after
reduction
reaction

Oxygen carriers/
reduction
reaction

Oxygen
transfer
capacity (%)

Species
after
reduction

CuO
(CuO→Cua))

99.4 Cu CuO→Cu2O 6 Cu2O

CuO→Cu 12 Cu
Chryscolla
(CuO→Cu)

35.0 CuO
(major),
Cu2O
(minor)

Chryscolla
(CuO→Cu)

10 Cu/Cu2O

Cuprite
(CuO→Cua))

12.9 CuO
(major),
Cu2O
(minor)

Cuprite
(CuO→Cu)

5.1 Cu2O

Malachite
(CuO→Cua))
(Fe2O3 → FeOa))

11.6 CuO,
Fe2O3
(major),
Cu2O/Fe3O4
(minor)

Malachite
(CuO→Cu)
(Fe2O3 → Fe3O4)

6.6 Cu2O/Fe3O4

Fe2O3
(Fe2O3 → FeOa))

54 Fe3O4 Fe2O3 → Fe3O4 3.3 Fe3O4

Fe2O3 → FeO 10 FeO
Fe2O3 → Fe 30 Fe

Magnetite
(Fe3O4 → FeOa))

10.4 Fe2O3
(major)
Fe3O4
(minor)

Magnetite
(Fe3O4 → Fe)

9.5 FeO/Fe

Limonite
(Fe2O3 → FeOa))

15.6 Fe3O4 Limonite
(Fe2O3 → Fe)

13.1 FeO/Fe

Hematite
(Fe2O3 → FeOa))

12.1 Fe3O4 Hematite
(Fe2O3 → Fe)

10.6 FeO/Fe

Taconite
(Fe2O3 → FeOa))

26.4 Fe3O4 Taconite
(Fe2O3 → Fe)

9.8 FeO/Fe3O4

a) The reduction percentages were calculated assuming the reactions indicated in the parenthesis.

increased significantly at 800 ∘C after steam addition. This demonstrated better
coal combustion efficiency in the presence of steam and indicated that the
addition of steam is effective in improving the reaction performance of natural
ores in direct coal CLC process (Table 6.3).

To understand the positive effect due to steam on coal CLC, the reaction of coal
with steam was conducted in the bench-scale, fixed-bed reactor tests with 20%
steam/Ar while the temperature increased to 800 ∘C. The outlet concentrations



172 6 Regenerable

3.0

2.5

20% H2O/N2

N2

2.0

1.5

1.0

0.5

0.0

25

20

15

Reaction time (min)

O
u
tl
e
t 
c
o
n
c
e
n
tr

a
ti
o
n
 (

%
)

O
u
tl
e
t 
C

O
2
 c

o
n
c
e
n
tr

a
ti
o
n
 (

%
)

10

5

0
100 200 300 400

800

700

600

500

400

300

200

100

0

200

(a)

(b)

300 400

Reaction temperature (°C)

R
e
a
c
tio

n
 te

m
p
e
ra

tu
re

 (°C
)

500 600 700 800

H2O

H2

CO

CO2

Figure 6.6 (a) Bench-scale,
fixed-bed reactor test in 20%
steam/Ar of coal-limonite
and (b) MS profile of
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reactor test of coal
gasification with 20%
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of steam gasification products are shown in Figure 6.6. The data indicates that
the coal gasification reaction initiated at temperatures as low as 670 ∘C. Observa-
tions show that the increase in gaseous products, CO, H2, and CO2, corresponded
with the decrease in steam concentration. While hydrogen and CO were the
most abundant species in steam gasification, these gases were not observed in
coal/20% steam CLC reactions when oxygen carriers were present. Therefore, it
is reasonable to conclude that the oxygen carriers have reacted continuously with
gaseous H2/CO produced from steam gasification reaction initiating at a rela-
tively low temperature (∼670 ∘C), accelerating the combustion reaction of oxygen
carrier/coal with the presence of steam. CO may have been converted to CO2 by
the oxygen carrier and H2 may have been converted to water, which was con-
densed prior to mass spectrometry. Therefore, the fixed bed reactor tests data
suggested that coal gasification is the major reaction when steam was introduced
in the CLC process. Steam gasification of coal may be accelerated due to fast
removal of gasification products, H2 and CO, from the reaction with the oxygen
carrier.
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6.5 Supported Binary Oxides System

Fe2O3 and CuO were chosen for developing oxygen carrier materials to obtain
high reactivity and stable reaction performance, and to address cost and envi-
ronmental concerns. Perovskite-type compounds (such as La0.8Sr0.2Co0.2Fe0.8O3)
have been reported for their ability to release oxygen without major chemical
or physical changes in the bulk phases, but the application of these com-
pounds in CLC systems may not be feasible due to expensive production cost
and low oxygen capacity [34]. Bimetallic compounds (such as Co–Ni/Al2O3
and Fe–Mn oxides) have been evaluated as oxygen carriers. It was found that
Co–Ni/Al2O3 samples displayed high reactivity and stable behavior over multiple
reduction–oxidation experiments. Ryden et al. concluded that combined oxides
of iron and manganese have very favorable thermodynamic properties and could
potentially be suitable for CLC applications. However, they also found that the
examined material exhibited low physical stability, which could be improved by
the addition of inert material. In our previous work, we investigated a supported
Fe–Mn oxide mixture for chemical looping combustion using coal synthesis gas
for fuel [17]. The addition of Mn oxides exhibited a positive effect on the chemical
stability of Fe2O3 multi-cycle CLC reactions at 900 ∘C. We also observed that
the support had a significant effect on both fractional reduction–oxidation and
reaction rate. Moghtaderi et al. conducted both experimental and theoretical
studies to understand the reactivity of H2, CO, and CH4 with binary mixtures
of CuO, Fe2O3, and NiO [35]. It was found that the reaction parameters of the
binary mixtures can be calculated directly using the kinetic parameters of
the parent materials. Wang et al. have conducted bench-scale reactor tests of
chemical looping combustion with a MgAl2O4 supported Fe2O3–CuO mixture
and coke oven gas. The optimized oxide composition contained 45 wt% Fe2O3
and 15% CuO supported on 40% MgAl2O4.

6.5.1 Thermodynamic Analysis of CuO–Fe2O3 Phases

Thermodynamic calculations were conducted with Factsage 6.0 software to
determine possible interactions/phases that could be formed during thermal
treatment of the CuO, Fe2O3, and Al2O3 mixtures. Phase diagram of the
CuO–Fe2O3 bimetallic system is shown in Figure 6.7. There was no interaction
between CuO and Fe2O3 at 761 K (488 ∘C), but a solid solution of CuO–Fe2O3
could be formed with various CuO–Fe2O3 compositions when the mixture
was heated above 761 K (488 ∘C). When the concentration of Fe2O3 was higher
than that of CuO, Fe2O3 was also observed in addition to the CuO–Fe2O3
solid solution. Similarly, CuO was observed when CuO concentration was
higher than that of Fe2O3. Therefore, at the temperature range in which CLC is
conducted, the formation of Cu–Fe oxide solid solution is thermodynamically
favorable.
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(CuO)(Fe2O3)(S2) + Fe2O3(s) CuO(s) + (CuO)(Fe2O3)(S2)
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Figure 6.7 Thermodynamic analysis of interaction between CuO–Fe2O3–Al2O3 systems.

6.5.2 Decomposition–Oxidation Cycle of Chemical Looping
Oxygen Uncoupling

Chemical looping oxygen uncoupling (CLOU) has been proposed for com-
bustion of solid fuels, such as coal, char, or biomass, utilizing oxygen released
from thermal decomposition of oxygen carriers. To determine the ability of
CuO–Fe2O3 mixtures to release oxygen, 5-cycle decomposition–oxidation reac-
tion of 60% CuO/bentonite, 60% Fe2O3/bentonite, 60% CuO–20% Fe2O3/Al2O3,
and 40% CuO–40% Fe2O3/Al2O3 were conducted in TGA at 900 ∘C with nitrogen
as flow gas for decomposition and air for oxidation. The plots of relative weight
loss versus time of various oxygen carriers are shown in Figure 6.8. During
decomposition, 60% Fe2O3/bentonite indicated negligible weight loss (0.33%),
which may be due to partial decomposition of Fe2O3 to Fe3O4. The weight loss of
60% CuO/bentonite is 6%, which corresponds to the full decomposition of CuO
to Cu2O. The decompositions of bimetallic 60% CuO–20% Fe2O3/Al2O3 and 40%
CuO–40% Fe2O3/Al2O3 oxygen carriers are 6% and 4% respectively, which are
associated with the decomposition of CuO components of oxygen carriers and
no significant contribution from Fe2O3 species. Therefore, the synergetic effect
was not observed in the oxygen released during the decomposition reaction of
mixed bimetallic CuO–Fe2O3 system in nitrogen.

6.5.3 Coal Chemical Looping Combustion

CuO–Fe2O3 mixtures 60% CuO/bentonite and 60% Fe2O3/bentonite were tested
in TGA to obtain baseline data for coal chemical looping combustion, and the
results are listed in Table 6.4. The combustion reaction of 60% CuO/bentonite
sample showed full conversion from CuO to metallic Cu with moderate reaction
rate (0.08 min−1) at 708 ∘C. In addition, the reduction of 60% Fe2O3/bentonite
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Figure 6.8 TGA profile of five-cycle decomposition in N2/oxidation reaction with (a) 60%
CuO/bentonite, (b) Fe2O3/bentonite, (c) 60% CuO–20% Fe2O3/Al2O3, and (d) 40% CuO–40%
Fe2O3/Al2O3.

Table 6.4 Direct coal CLC reaction performance of supported copper–iron metal oxides with
various compositions from TGA.

Sample
(wt%)

%
Combustion

Peak
temperature (∘C)

Combustion
rate (min−1)

60% CuO–30% Fe2O3/10%
bentonite

95 807 0.07

80% CuO–10% Fe2O3/10%
bentonite

100 748, 810 0.07, 0.06

10Cu80Fe10Al 83 888 0.04
45Cu45Fe10Al 85 786 0.07
60Cu30Fe10Al 89 786 0.07
80Cu10Fe10Al 93 765 0.07
40Cu40Fe20Al 80 774 0.05
60Cu20Fe20Al 95 765 0.07
46Cu24Fe30Al 79 785 0.05
24Cu46Fe30Al 72 887 0.04
60% CuO/Bentonite 99.4 (Cu) 708 0.08
60% Fe2O3/Bentonite 54 (Fe(II)) 979 0.04

showed lower combustion percentage from Fe2O3 to Fe(II) and slower reaction
rate (0.04 min−1) at 979 ∘C. Both 60% CuO/bentonite and 60% Fe2O3/bentonite
demonstrated high oxidation rates and high percentage oxygen uptakes during
the oxidation reaction. Severe agglomeration of copper particles was observed
when the 60% CuO/bentonite sample was tested in a bench-scale reactor for coal
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CLC reaction at 700–800 ∘C (not shown). Thus, bulk or supported single CuO
with more than 60% CuO loading cannot be used as an oxygen carrier unless the
agglomeration issue is addressed. Severe agglomeration was not observed with
60% Fe2O3/bentonite in bench-scale reactor tests, but its application for coal CLC
may be limited due to low combustion conversion and slow reaction rates. There-
fore, mixed CuO–Fe2O3 oxygen carriers were evaluated in this study to overcome
the reactivity and physical stability issues with monometallic oxide carriers.

CLC performance of 60% CuO/bentonite, 60% Fe2O3/bentonite, and mixed
CuO–Fe2O3 mixtures with coal are shown in Figure 6.9. TGA data for all
supported bimetallic Fe–Cu oxygen carriers are summarized in Table 6.4. The
coal/60% CuO/bentonite system peaks at low temperature (708 ∘C), while
coal/60% Fe2O3/bentonite system peaks at higher temperature (979 ∘C). The
CuO–Fe2O3 mixtures did not show any peaks corresponding to either CuO or
Fe2O3. This indicated that these mixtures of bimetallic CuO–Fe2O3 appear to
behave as one component even though they contain separate metal oxides. It is
also important to note that the reaction temperatures of bimetallic oxide mix-
tures are lower than mixtures with Fe2O3, indicating that CuO has a synergetic
effect on Fe2O3 to release oxygen at lower temperatures for the CLC reaction.
As shown in Figure 6.9, when the bimetallic carriers had higher iron content, the
combustion peaks were broad and the peak maximum temperature was closer to
that of 60% Fe2O3/bentonite. For 60Cu30Fe10Al (as 60% CuO–30% Fe2O3/10%
Al2O3), the reaction peak was narrow but close to the temperature of CuO. The
sample with the composition of 60% CuO and 30% Fe2O3 appeared to act mostly
like a single component material.

As shown in Table 6.4, CuO/bentonite has the highest combustion percentage
while Fe2O3/bentonite has the lowest reaction performance. For the samples
containing 10% Al2O3, a minimum of 60% CuO weight loading is required
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Figure 6.9 Reduction rates of various bimetallic CuO–Fe2O3 oxygen carriers with coal.
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to obtain >90% combustion conversion. The addition of Fe2O3 increases the
reaction temperature and decreases the reaction rate. A reasonable (∼80%)
combustion percentage can be obtained with samples containing as much as
80% Fe2O3. To achieve reasonable rates, Fe2O3 loading must be below 45%. In
addition, the reaction rate and combustion percentages of alumina-supported
mixed CuO–Fe2O3 oxygen carriers are very sensitive to Al2O3 loading; with 30%
inert supports, the combustion percentage of CuO–Fe2O3 oxygen carriers was
below 80%. Combustion percentages greater than 80% can be obtained when the
support concentration is less than 20%. Both 60Cu20Fe20Al and 40Cu40Fe20Al
showed a reasonable combustion percentage, lower reaction peak temperatures,
and moderate reaction rates. To obtain reasonable performance at temperatures
below 900 ∘C, mixed Cu–Fe oxide carriers should contain at least 40% CuO, but
less than 45% Fe2O3 and less than 30% inert support, such as Al2O3. In addition,
bentonite-supported oxygen carriers generally showed better reaction perfor-
mance than alumina-supported samples. Assuming CuO to be fully reduced to
metallic Cu and Fe2O3 to Fe(II)O, the combustion percentages of various mixed
CuO–Fe2O3 oxygen carriers were calculated and are summarized in Table 6.4.
Since the sample containing 60Cu20Fe20Al showed good performance during
TGA tests, that composition was chosen for bench-scale reaction tests and
evaluation of different preparation methods.

The samples prepared with the physical mixing method, co-precipitation
method, and direct decomposition have similar reduction rates and combustion
percentages. The sample prepared by the direct decomposition method exhibits
slightly higher combustion temperature due to homogenous mixing of chemical
components. However, the physical mixing method and co-precipitation were
the preferred preparation methods because they were simple and the samples
exhibited good performance.

6.5.4 Chemical Looping Combustion with Methane as Fuel

The 10-cycle TGA profiles of methane CLC reaction over 60% CuO/bentonite,
60% Fe2O3/bentonite, 60Cu20Fe20Al, and 40Cu40Fe20Al at 800 ∘C are shown
in Figure 6.10a–d, and the reaction performance including reduction/oxidation
rates and oxygen transfer capacity at various temperatures are summarized in
Table 6.5. 60% CuO/bentonite demonstrated fast reduction and reoxidation. The
oxygen transfer capacity obtained in TGA was about 12%, indicating that CuO
was fully reduced to a metallic Cu species even with a shortened reduction time.
The final reduced weight of 60% Fe2O3/bentonite remained constant, but the
final oxidation weight decreased with increasing cycles in the 10-cycle CH4 CLC
reaction in TGA at 800 ∘C. The oxygen transfer capacity continuously decreased
with increasing cycles as shown in Table 6.5. Similar behavior was observed at
900 ∘C, but the increase in reaction temperatures had a positive effect on the
reduction/oxidation rate for 60% Fe2O3/bentonite. The oxygen transfer capacity
of Fe2O3/bentonite is significantly lower than that of CuO-based oxygen carriers
for methane CLC.

The samples of 60Cu20Fe20Al and 40Cu40Fe20Al prepared with the physical
mixing method showed constant reduction/oxidation weight during 10-cycle
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Figure 6.10 10-cycle TGA test of methane CLC at 800 ∘C with various oxygen carriers prepared by physical mixing method (Reduction with 20% CH4/N2 for
10 minutes; oxidation with air for 30 minutes) (a) 60% CuO/bentonite (b) 60% Fe2O3/bentonite (c) 60Cu20Fe20Al, and (d) 40Cu40Fe20Al.



Table 6.5 CLC reaction performance of various oxygen carrier materials in the 3rd, 5th, 7th, and 9th cycle TGA tests with methane.

Cycle 3 Cycle 5 Cycle 7 Cycle 9

Sample T (∘C) Rred Roc Rox Rred Roc Rox Rred Roc Rox Rred Roc Rox

60% CuO/
bentonite

750 0.37 12.85 0.25 0.38 12.85 0.25 0.38 12.85 0.25 0.38 12.85 0.25

800 0.68 12.92 0.24 0.69 12.92 0.24 0.69 12.92 0.24 0.69 12.92 0.24
850 0.78 13.02 0.22 0.79 13.01 0.22 0.79 13.02 0.22 0.79 13.02 0.22
900 0.94 13 0.39 0.94 13 0.39 0.95 13 0.39 0.94 13 0.39
750 0.27 1.37 1.16 0.23 1.37 1 0.23 1.53 1.04 0.23 1.56 1.01

60% Fe2O3/
bentonite

800 0.36 2.7 0.83 0.32 2.7 0.96 0.32 2.24 1 0.31 2.1 1.07

900 2.61 2.98 1.69 2.14 2.98 1.99 2.14 2.4 2.1 2.14 2.38 2.12
60Cu20Fe20Al 800 1.09 13.63 0.38 1.1 13.63 0.39 1.09 13.68 0.38 1.07 13.84 0.38

900 1.26 13.63 0.38 1.21 13.67 0.37 1.176 13.71 0.36 1.162 14.1 0.36
40Cu40Fe20Al 800 0.92 13.86 0.35 0.92 13.86 0.35 0.91 14.13 0.35 0.9 14.31 0.34

900 1.49 16.5 0.35 1.378 17.9 0.292 1.295 17 0.27 1.3 17.9 0.27

Rred, rate of reduction (min−1); Rox, rate of oxidation (min−1); Roc, oxygen transfer capacity (%).
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Figure 6.11 30-Cycle TGA test of methane CLC at 900 ∘C with 60Cu20Fe20Al prepared by
physical mixing method (Reduction with 20% CH4/N2 for 10 minutes; oxidation with air for
30 minutes).

TGA tests. The reduction rate of 60Cu20Fe20Al oxygen carrier was about
1.1 min−1, while the oxidation reaction rates are about 0.4 min−1. The rates
remained constant during 10-cycle tests. The reaction rates of 40Cu40Fe20Al
were slightly lower than those of 60Cu20Fe20Al, but the oxidation rates
were similar. It is interesting to note that the reduction rates are higher with
CuO–Fe2O3 mixture than that with either CuO or Fe2O3 alone. This indicates a
synergetic effect of the CuO–Fe2O3 system in improving reduction rates. This
synergetic effect of the bimetallic CuO–Fe2O3 oxygen carrier system was also
observed with oxygen transfer capacities.

TGA profiles of 60Cu20Fe20Al oxygen carrier materials for 30-cycle
(2000 minutes) long-term TGA tests are shown in Figure 6.11. For 60Cu20Fe20Al,
a reduction rate increase of 22%, an oxidation rate increase of 7%, and an oxygen
transfer capacity increase of 1% were observed from the 5th cycle to the 30th
cycle.

6.5.5 Bulk Phase and Oxidation State Analysis of Mixed
CuO–Fe2O3 System

To understand the reduction behavior of the CuO–Fe2O3 system, temperature
programmed reduction (TPR) experiments were conducted with TGA. The oxy-
gen carriers were heated in 5% methane/N2 flow at a heating rate of 5 ∘C min−1.
The relative weight loss rates (d(w/w0)/dt) versus reaction temperature are shown
in Figure 6.12. TPR plot of 60% CuO/bentonite indicated a single reduction peak
starting from 700 ∘C with maximum value at 870 ∘C, which corresponds to the
reduction of CuO to Cu2O. The starting temperature of the reduction reaction
of 60% Fe2O3/bentonite is quite lower (650 ∘C), and the first reduction peak
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Figure 6.12 TPR of (a) 60% CuO/bentonite, (b) 60% Fe2O3/bentonite (c) 60Cu20Fe20Al, and
(d) 40Cu40Fe20Al with 5% CH4/N2 up to 950 ∘C.

temperature is observed at 850 ∘C, which proved the fast reduction of Fe2O3
to Fe3O4. The intensities of TPR peaks of 60% Fe2O3/bentonite are much lower
than those of other oxygen carriers. 60Cu20Fe20Al and 40Cu40Fe20Al start to
reduce around 580 ∘C, a temperature which is significantly lower than that of
both 60% CuO/bentonite and 60% Fe2O3/bentonite, demonstrating improved
oxygen release for methane combustion. In addition, all three CuO–Fe2O3
oxygen carriers showed the reduction peak maximum at 772 ∘C, which is
significantly lower than the reduction peaks of either 60% CuO/bentonite
or 60% Fe2O3/bentonite. This single reduction peak at lower temperature
(772 ∘C) indicates that CuO–Fe2O3 acts as a single component even though it
contains two separate metal oxides. This faster oxygen release in the bimetallic
CuO–Fe2O3 system versus the single CuO or Fe2O3 species may be attributed to
the formation of solid solution of CuO and Fe2O3.

X-ray diffraction (XRD) analysis has been performed to validate the formation
of solid solution of the CuO and Fe2O3 system: For the physical mixture of
60% CuO, 20% Fe2O3, and 20% Al2O3 before calcinations at 900 ∘C, crystalline
CuO and Fe2O3 were observed with non-crystalline alumina state. After
calcinations at 900 ∘C, only extra CuO species were present, indicating that
crystalline Fe2O3 may have dispersed in the CuO phase to form CuFe2O4, which
is consistent with thermodynamic calculations and temperature-programming
reduction-thermogravimetric analysis (TPR-TGA) results. Particle agglomera-
tion is a major concern with CuO-containing oxygen carriers. Discrete particles
were observed in the SEM images (similar magnification) of 60Cu20Fe20Al
after 10-cycle bench-scale fixed bed reactor tests with carbon, as shown
in Figure 6.13. This clearly demonstrated the improved physical stability of
bimetallic CuO–Fe2O3 oxygen carriers in cyclic carbon CLC tests as compared
to CuO.
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Figure 6.13 Photomicrographs of 60Cu20Fe20Al: Fresh, after reduction with methane, and
after reoxidation (elemental mapping: copper-green, iron-blue, and aluminum-red).

6.5.6 Synergetic Reactivity–Structure of CuO–Fe2O3 Oxygen Carriers

Based on theoretical oxygen capacities for possible reactions, the final reduced
oxide species were identified and are summarized in Table 6.6. For the
coal/carbon CLC reaction, the reduction percentage based on TGA weight loss
of 60% CuO/bentonite compares favorably with the reaction weight loss corre-
sponding to full reduction of CuO to metallic copper. For 60% Fe2O3/bentonite,
there was only partial (54%) conversion of Fe2O3 to FeO during coal CLC reac-
tion and the major components after reduction may correspond to FeO/Fe2O3.
The bimetallic CuO–Fe2O3 system showed very high combustion conversions:
95% for 60Cu20Fe20Al and 80% for 40Cu40Fe20Al. The presence of CuO species
enhanced the extent of reduction of Fe2O3 to FeO in coal CLC reaction, and the
major components for reduced bimetallic CuO–Fe2O3 are Cu and FeO. This
demonstrated the synergetic effect of CuO in increasing the extent of reduction
of Fe2O3.

In addition, CuO species in 60% CuO/bentonite was reduced to metallic Cu
in methane, which is similar to what was observed in coal CLC. During the
methane CLC reaction, 60% Fe2O3/bentonite showed an increase in oxygen
transfer capacity from 1.37% to 3% when the reaction temperature was increased



Table 6.6 Analysis of extent of reduction of 60% CuO/bentonite, 60% Fe2O3/bentonite, 60Cu20Fe20Al, and 40Cu40Fe20Al during coal CLC and methane CLC.

Coal/carbon CLC Methane CLC

Samples
Reduction
reaction

Reduction
percentage (%)

Reduced
species

Reduction
reaction

Theoretical
oxygen transfer
capacity (%)

Actual
oxygen transfer
capacity (%)

Reduced
species

60% CuO/bentonite CuO→Cu 99.4 Cu CuO→Cu2O 6 12 Cu
CuO→Cu 12

60% Fe2O3/bentonite Fe2O3 → FeO 54 Fe3O4 Fe2O3 → Fe3O4 2 Fe3O4/FeO
Fe2O3 → FeO 4.8 1.3–3
Fe2O3 → Fe 18

60Cu20Fe20Al CuO→Cu
Fe2O3 → FeO

95 Cu, FeO CuO→Cu

Fe2O3 → FeO 13.6
CuO→Cu 13.63–14 Cu, FeO/Fe
Fe2O3 → Fe 18

40Cu40Fe20Al CuO→Cu
CuO→Cu Fe2O3 → FeO 12.2
Fe2O3 → FeO 80 Cu, FeO CuO→Cu 13.86–18 Cu, FeO/Fe

Fe2O3 → Fe 20
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from 750 to 900 ∘C. At temperatures below 900 ∘C, this reduction weight
loss corresponds to Fe3O4 formation, while at 900 ∘C it corresponds to the
formation of both Fe3O4 and FeO. The higher reaction temperature improved
the reduction conversion of Fe2O3 to FeO. Excellent reaction rate and oxygen
transfer capacities were observed during the reaction of methane with bimetallic
CuO–Fe2O3 oxygen carriers. As shown in Table 6.6, CuO–Fe2O3 carriers were
reduced to metallic Fe and Cu in the methane CLC system at 900 ∘C during
the same reduction time. This shows the synergetic effect of the CuO–Fe2O3
system in increasing the reduction rate of Fe2O3 to Fe, which could not have
been achieved with Fe2O3 alone in methane.

The reduction ability of CuO–Fe2O3 mixtures was superior to that of Fe2O3
and CuO with both methane and carbon/coal. Kang et al. observed better reduc-
tion of CuFe2O4 as compared to Fe2O3 with methane during their studies related
to methane reforming reactions [36]. CuFe2O4 has a tetragonally distorted spinel
structure with the structural formula Fe3+(Fe3+Cu2+)O4

2−, in which the octahe-
dral cations are placed inside the square bracket. Thermal treatment is known to
place some of the Cu2+ ions in tetrahedral sites, dispersing both Fe3+ and Cu2+

uniformly throughout the CuFe2O4 structure. During reduction, Cu metal seg-
regates from CuFe2O4 and simultaneously Fe2O3 further reduces to FeO. The
segregation of Cu from the spinel structure could promote defective structure
formation and cracking in the micro structure. This crack growth can enhance
the methane gas transfer and facilitate Fe2O3 reduction. This may explain why
the extent of reduction with CuFe2O4 in methane is faster and better than with
Fe2O3 as observed in the present study.

For pure CuO, the Cu–O bond is reported to be about 1.73 and 1.738–1.819 Å.
For Cu2O, the reported Cu–O distance is about 1.75 Å. The Fe–O bond distances
reported for Fe2O3 are 1.95 and 2.08 Å, those for Fe3O4 are 1.887 and 2.059 Å, and
that for FeO is 2.15 Å. In CuFe2O4, copper ions occupy the octahedral interstices
in the spinel lattice, wherein the copper atoms form four short coplanar covalent
bonds and two long ionic bonds with the six neighboring oxygen atoms. The cor-
responding Cu–O distances have been reported to be 1.97 and 2.21 Å. The Fe–O
distances of tetrahedrally and octahedrally coordinated iron atoms are 1.74 and
2.14 Å respectively. The metal–oxygen bond distances in CuFe2O4 are different
from Fe2O3 and CuO. Cu–O distances are longer in CuFe2O4 as compared to that
of CuO. Better reduction ability of CuFe2O4 may also be due to the differences
in metal–oxygen bond energies in CuFe2O4 as compared to single metal oxides,
in addition to the contributions from better gas diffusion and better elemental
distribution.

Kameoka et al. studied the reduction of CuFe2O4 with hydrogen as it relates
to work on steam reforming of methane [37]. These studies showed that the sin-
tering of Cu particles over CuFe2O4/SiO2 during reduction with H2 was signifi-
cantly lower than with CuO/SiO2. The crystallite particle size of reduced copper
particles on CuFe2O4/SiO2 was significantly smaller than with CuO/SiO2. The
even dispersion of these fine copper particles in the CuFe2O4 inhibited sinter-
ing of copper even at high temperature. They also observed that the presence
of copper promoted the reduction of Fe3+ by H2, suggesting that dissociated H2
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may migrate from Cu to iron oxide and contribute to faster reduction of Fe2O3.
Kamoeka et al. also found that Cu(0) and Fe3O4 are immiscible, which keeps Cu
highly dispersible while maintaining small particle size. During oxidation, Cu
also reforms CuFe2O4 quickly because of the well-dispersed Cu and Fe in the
structure.

In order to form 1 mol of CuFe2O4, it is necessary to have 1 mol of CuO and
1 mol of Fe2O3. This corresponds to a 1 : 2 weight ratio of CuO:Fe2O3. In the 40%
CuO–40% Fe2O3 formulation, if all Fe2O3 is consumed for CuFe2O4 formation,
20% of CuO may be present in a monometallic state. Some of that may also be
consumed for CuAl2O4 formation with the support, leaving only a small amount
of CuO present in the formulation and that may be well distributed in the struc-
ture. Since copper enhances the faster and deeper reduction of Fe2O3 during CLC
with methane, the formulation with higher Fe2O3 showed a better oxygen capac-
ity. Even distribution of fine Cu and Fe oxide particles in the CuFe2O4 and better
gas diffusion in the micro-cracks formed during reduction may have contributed
to the improved reactivity performances that were observed in the present work.
Even distribution of Cu particles in the structure may also have contributed to the
minimal agglomeration problems observed in the present work with bimetallic
Cu–Fe carriers.

6.6 Kinetic Networks of Fe2O3-based Oxygen Carriers

Research on oxygen carrier development for CLC has so far mainly been focused
on the selection of suitable oxygen carrier materials and the implementation of
this concept in pilot-scale tests. However, few studies reported have been focused
on the determination of kinetic parameters in particle scale. The knowledge of
the kinetics data is of great importance in the design of a CLC process, because
it determines the solid inventory necessary in the fuel and air reactors, as well as
the recirculation rate of oxygen carriers between the reactors.

One of the most important parameters of the reduction reaction is the
apparent activation energy as it defines the reactor dimensions and the energy
consumption, which depends on many factors such as chemical structure of the
starting raw material, nature of reducing gas, temperature range, reaction step,
presence of water vapor, and other gases in the gas mixture. The literature data
suggests that activation energy obtained by reducing iron oxides with methane
varies from 49 to 271 kJ mol−1 [27, 35]. This wide range is due to the variation in
the rate-controlling step assumed in developing the kinetic rates. Moreover, the
rate-controlling mechanism is related to many factors such as the chemical and
physical nature of the starting raw material, gas composition, and temperature
range. To determine the kinetic parameters of the hematite reduction reaction
with methane, several experiments were conducted at different temperatures
(700–825 ∘C) and concentrations (15%, 20%, and 35%).

Consider the following series of reactions for hematite reduction:

Fe2O3 → Fe3O4 → FeO → Fe (6.1)
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The theoretical weight changes in accordance to reaction stoichiometry for CH4
gas reduction of hematite were calculated according to the following reactions:

12Fe2O3 + CH4 → 8Fe3O4 + CO2 + 2H2O (6.2)
4Fe2O3 + CH4 → 8FeO + CO2 + 2H2O (6.3)
4Fe2O3 + 3CH4 → 8Fe + 3CO2 + 6H2O (6.4)

It was thus determined that the theoretical weight decrease corresponding to
transformation of Fe2O3 into Fe3O4 is 3.3 wt%. Transformation of Fe2O3 into
FeO and Fe corresponds to weight decrease of 10 and 30 wt% respectively. In this
chapter, mf is considered as the mass of FeO and 100% conversion means that the
hematite was all converted to FeO (wüsite).

Kinetic analysis of thermally stimulated reactions is traditionally expected to
produce an adequate kinetic description of the process in terms of the reaction
model and of the Arrhenius parameters using a single-step kinetic equation

dX
dt

= k(T)f (X) (6.5)

where t is the time, T is the temperature, X is the extent of conversion, and f (X)
is the reaction model. In Eq. (6.9), k(T) is the Arrhenius rate constant, which is
given as

k(T) = A exp
(−E

RT

)
(6.6)

where R is the gas constant, and A and E are Arrhenius parameters, the
pre-exponential factor and the activation energy, respectively. For reaction
kinetics under isothermal conditions, Eq. (6.7) can be analytically integrated to
yield

g(X) =
∫

X

0

dX
f (X)

= k(T)t (6.7)

where g(X) is the integral form of the reaction model.
To apply the model-fitting method, the cited mathematical integral expressions

g(X) (Table 6.7) together with the experimental X and t values for a given temper-
ature were inserted in Eqs. (6.6) and (6.7). If one of the reaction models presented
in Table 6.7 fits the experimental data, it will result in a straight line with the
slope of k. That is, the values of kinetic rate constant, k, can be determined at dif-
ferent temperatures from the slope of the straight line obtained by plotting g(X)
against time. This value can be subsequently inserted in the Arrhenius equation
together with the corresponding temperature value to yield activation energy
and pre-exponential factor values from the slope and intercept of the regression
straight line.

We have chosen a simple multi-step process that involves two parallel or series
independent reactions.

A
k1(T)
−−−−→B

C
k2(T)
−−−−→D (6.8)
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Table 6.7 Kinetic models for solid-state reactions.

Kinetic model
Kinetic
mechanism f (X) g(X)

Kinetics-order models 1st order (1−X) −ln (1−X)
2nd order (1−X)2 (1−X)−1−1
3rd order (1−X)3 (1/2)((1−X)−2−1)

Diffusion model 1-D 1/(2X) X2

2-D 1/(−ln (1−X)) (1−X) ln (1−X)+X
3-D (3/2)(1−X)2/3(1−(1−X)1/3) (1−(1−X)1/3)2

Contraction model 2-D 2(1−X)1/2 (1−(1−X)1/2)
3-D 3(1−X)2/3 (1−(1−X)1/3)

Nucleation model variable n n(1−X)(−ln (1−X))(1−1/n) (−ln (1−X))(1/n)

Figure 6.14 Activation energy
values as a function of X obtained by
an isothermal operation.
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Although simple, this mechanism may reasonably approximate the process of
conversion of a substance that exists in two isomeric forms, or a conversion of
a reactant that simultaneously exists in two phases or a conversion of a solid by
two separate paths to different products. As Figure 6.14 indicates, the activation
energy decreases as conversion increases. The decreasing trend of activation
energy in the multi steps of the reduction can be explain in terms of a nucleation
and growth model of reduction in which the activation energy required during
nucleation is higher than that needed in the growth stage [38]. The equations
involved in isothermal processes are fitting nucleation and kinetic control in
parallel:

Xt

X∞
= w1(1 − e−a1tn1 ) + w2(1 − e−a2tn2 ) (6.9)
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where
a1 = nucleation rate constant for the first mechanism (min.-n1),
a2 = nucleation rate constant for the second mechanism (min.-n2),
n1 = shape parameter for the first mechanism,
n2 = shape parameter for the second mechanism,

t = time (min),
w1 = weight factor for the first mechanism,
w2 = weight factor the second mechanism,
Xt = total conversion at any time t,

X∞ = equilibrium conversion.

For a given temperature, values of X∞, w2, a1, a2, n1, and n2 were determined
by curve fitting the raw TGA data with the parameters in Eq. (6.9) using TABLE-
CURVE available from Statistical Package for the Social Sciences. The values
determined for the shape parameters, n1, ranged from 0.8 to 1.4 for all the tem-
peratures and all the CH4 concentrations; the average value of n1 was 1.01± 0.2
(95% CL). The values determined for the shape parameters, n2, ranged from 1.57
to 3.1 for all the temperatures and all the CH4 concentrations. The observed value
of n1 = 1.01 was very close to the value of n1 = 1 that defines the pseudo-first order
rate expression. To simplify the analysis, value of n1 = 1 was used. The values of
X∞, w2, a1, a2, and n2 were recalculated based on the approximation of n1 = 1 for
every set of conversion data at different temperatures and CH4 concentrations.
The values determined for the shape parameters, n2, ranged from 1.37 to 2.8 for
all the temperatures and CH4 concentrations with an average value of 2.17± 0.44.
The value of n2 = 2.17 is relatively close to the value of n2 = 2, which defines the
Rayleigh distribution. The Rayleigh distribution is a special case for modeling the
lifetime of a device that has a linearly increasing instantaneous failure rate. In
order to simplify further analysis, a value of n2 = 2 was used. The values of X∞,
w2, a1, and a2, were recalculated based on the approximation of n1 = 1 and n2 = 2
for every set of conversion data taken at different temperatures and CH4 concen-
trations.

In order to determine the rate-controlling mechanism, the value of apparent
activation energy was calculated from Arrhenius equation as a function of Avrami
kinetic constant (a):

k = a1∕n = k0e
−E
RT (6.10)

where k is the reduction rate constant, k0 is the frequency factor, R is the gas
constant, and T is the absolute temperature. The linear regression of the exper-
imental data of ln k against 1/T determines E/R. A plot of ln k versus 1/T for
reduction of hematite for both R1 and R2 is shown in Figure 6.11 at different
reaction temperatures for all inlet CH4 concentrations (15%, 20%, and 35%). The
error bars lengths are defined by the range of the data at each temperature. The
pre-exponential factor, k0, and activation energy, E, were obtained from the inter-
cept and slope of the straight line of ln k versus 1/T for a given CH4 concentration.
The apparent activation energies for both reactions R1 and R2 were estimated to
be 34.4± 0.5 and 39.3± 1.5 kJ mol−1 respectively (Table 6.8).



Table 6.8 Parameters obtained by fitting Equation (6.15) to experimental data for different temperatures and CH4 concentrations. R2 for all curve fits was
greater than 0.999.

CH4 = 35% CH4 = 20% CH4 = 15%

T (∘C) 700 750 800 825 700 750 800 825 750 800 825

X∞ 0.524 0.583 0.808 1.000 0.311 0.565 0.638 0.746 0.330 0.489 0.623
w1 0.492 0.565 0.625 0.638 0.563 0.577 0.621 0.679 0.582 0.581 0.646
a1 0.068 0.071 0.085 0.085 0.039 0.049 0.042 0.051 0.020 0.023 0.025
n1 0.831 0.802 0.796 0.791 1.132 1.012 0.937 0.923 1.248 1.133 1.111
a2 0.057 0.109 0.292 0.325 0.036 0.038 0.122 0.134 0.016 0.039 0.048
n2 2.518 2.346 1.788 1.568 2.319 2.441 1.946 1.962 2.392 2.102 2.078

n1 = 1
X∞ 0.506 0.552 0.772 0.955 0.315 0.565 0.624 0.730 0.349 0.506 0.642
w1 0.569 0.513 0.465 0.458 0.380 0.417 0.404 0.354 0.329 0.369 0.310
a1 0.073 0.140 0.331 0.360 0.023 0.036 0.131 0.151 0.007 0.030 0.037
a2 2.312 2.081 1.555 1.374 2.582 2.472 1.881 1.844 2.800 2.264 2.257
n2 0.041 0.040 0.046 0.045 0.060 0.051 0.035 0.041 0.042 0.034 0.035

n1 = 1 n2 = 2
X∞ 0.520 0.555 0.757 0.926 0.323 0.581 0.618 0.724 0.385 0.527 0.658
w1 0.576 0.515 0.446 0.425 0.435 0.448 0.401 0.348 0.385 0.380 0.321
a1 0.099 0.149 0.273 0.280 0.048 0.062 0.118 0.133 0.027 0.043 0.051
a2 0.035 0.039 0.052 0.054 0.025 0.035 0.037 0.042 0.024 0.029 0.032
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One of the goals of kinetic studies is to deduce the reaction mechanism. As
apparent from Figure 6.14, activation energy decreases with increasing con-
version. In our case, the reduction of hematite to magnetite probably proceeds
through the exothermic stage at low conversion, which results in high activation
energy. The initial high activation energy represents the sum of the enthalpy
of reversible process and of the activation energy of the irreversible process.
On the other hand, lower value of the activation energy at higher conversion
is a characteristic of the process proceeding through a reversible endothermic
process.

The possible reaction mechanism is summarized below.

Methane decomposition and reduction of hematite to Fe3O4:

3CH4 → 3C + 6H2 ΔH∘
r,800 ∘C = 268.34 kJ mol−1 (6.11)

CH4 + 12Fe2O3 → 8Fe3O4 + CO2 + 2H2O ΔH∘
r,800 ∘C = 164.1 kJ mol−1

(6.12)

3C + 12Fe2O3 → 8Fe3O4 + CO2 + 2CO ΔH∘
r,800 ∘C = 346.2 kJ mol−1

(6.13)

H2 + 3Fe2O3 → 2Fe3O4 + H2O ΔH∘
r,800 ∘C = −6.75 kJ mol−1 (6.14)

4CH4 + 27Fe2O3 → 18Fe3O4 + 2CO2 + 2CO + 3H2O + 5H2

ΔH∘
r,800 ∘C = 771.86 kJ mol−1 (6.15)

Methane decomposition and reduction of Fe3O4 to FeO:

2CH4 → 2C + 4H2 ΔH∘
r,800 ∘C = 178.9 kJ mol−1 (6.16)

CH4 + 4Fe3O4 → 3FeO + 2H2O + CO2 ΔH∘
r,800 ∘C = 377.9 kJ mol−1

(6.17)

2C + 3Fe3O4 → 9FeO + CO2 + CO ΔH∘
r,800 ∘C = 377.5 kJ mol−1 (6.18)

H2 + Fe3O4 → 3FeO + H2O ΔH∘
r,800 ∘C = 46 kJ mol−1 (6.19)

3CH4 + 8Fe3O4 → 24FeO + 2CO2 + CO + 3H2O + 3H2

ΔH∘
r,800 ∘C = 981 kJ mol−1 (6.20)

7CH4 + 27Fe2O3 → 10Fe3O4 + 24FeO + 4CO2 + 3CO + 6H2O + 8H2

ΔH∘
r,800 ∘C = 1752.9 kJ mol−1 (6.21)

These results suggest that the reduction of hematite (Fe2O3) is initially
controlled by the topochemical process. First, a thin layer of lower iron oxides
(wüsite) is formed on the surface; then the mechanism shifts to two simultaneous
reaction mechanisms (Fe2O3 to FeO and production of CO and H2, intrinsic
topochemical kinetics; and Fe2O3 to Fe3O4 and production of CO2 and H2O,
nucleation and growth kinetics). The apparent activation energy was obtained
as 206 kJ mol−1 in the temperature range of 800–950 ∘C and 105.7 kJ mol−1 in
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the temperature range of 950–1025 ∘C for Reaction (6.1). Furthermore, they
claimed that most of this apparent value was due to increase in concentration of
hydrogen with increase in temperature due to enhanced cracking of CH4.

6.7 50-kWth Methane/Air Chemical Looping
Combustion Tests

The chemical looping facility is designed for 50 kWth of natural gas and consists
of a 20-cm diameter bubbling bed fuel reactor (FR) and a 15-cm diameter turbu-
lent bed air reactor. A schematic of the chemical looping system components is
shown in Figure 6.15. Solids are conveyed from the fuel reactor to the air reac-
tor using an L-valve and conveyed from the air reactor to a seal pot through a
5-cm riser. The solids pass through a cyclone and enter a fluidized bed seal pot,
which helps to keep the air and fuel streams separate at the top of the unit. The
solids circulation rate is controlled with the L-valve, which also acts to seal gases
between the air reactor and the fuel reactor. The fuel reactor, air reactor, and seal
pot gas exit streams contain secondary cyclones to separate any coarse solids that
are entrained from the reactors. The oxygen carrier materials separated in these
cyclones are drained and weighed through the test period. Additionally, sintered
metal filters are used to capture fines that are not collected from the secondary
cyclones. The pressures in the reactors are controlled using back-pressure control
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Figure 6.15 Schematic of NETL’s 50-kWth chemical looping reactor.
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Table 6.9 Hydrodynamic and physical properties of
commercially prepared CuO–Fe2O3–alumina oxygen
carrier (200–600 μm, tumbling method).

Property
Particles from
tumbling method

Particle density (g cm−3) 2.9
Skeletal density (g cm−3) 4.73
Bulk density (g cm−3) 1.85
Heat capacity (J kg−1 ∘C) 2.9
Surface area (m2 g−1) 1
Minimum fluidization velocity
(Umf) at 800 ∘C (m s−1)

0.135

Particle size (μm) 200–600

valves. Make-up solids can be added via a lock hopper system, and the operator
can choose to add make-up oxygen carrier material to either the air reactor or the
fuel reactor. To measure reactor performance, such as methane conversion, car-
bon balance, and CO2 purity, gases from the fuel reactor are characterized using a
bank of non-disperse infrared analyzers (NDIRs) and a gas chromatograph. Com-
pared to other prototypes of this scale, the Nation Energy Technology Laboratory
(NETL) 50-kWth unit is unique because it is refractory-lined and no heat can be
added directly to the solids flow path. This allows the oxygen carriers tested in the
unit to experience conditions that more represent a potential commercial unit.

Commercial-scale batches of the oxygen carrier were also prepared to obtain
particle sizes in the range 200–600 μm using the solid-state mixing/tumbling
method. The composition of the oxygen carrier was 30 wt% CuO, 30 wt% Fe2O3,
and 40 wt% alumina. Hydrodynamic and other physical properties of the oxygen
carriers are listed in Table 6.9.

The overall operational summary is shown in Figure 6.16, which shows the tem-
perature profiles for the fuel reactor, air reactor, and seal pot, the pressures in the
air and fuel reactors, and the total solids inventory. The second-generation car-
rier particles circulated at the target temperature for 75 hours. As indicated by
the green bars in Figure 6.16, the carrier underwent chemical looping conditions
for 40 hours, which ranged from 7 to 50 kWth of fuel input. Around 5.4 hours of
chemical looping, trials were performed without natural gas addition to the air
reactor, and 1.6 hours of “autothermal” operation was performed. “Autothermal”
is a term that is used to describe operation without any gas preheating or supple-
mental heat addition to the system. Further details of the autothermal operation
period showing flow rates, methane conversion, and gas mole fractions in the
fuel reactor flue gas are presented in Figure 6.17, with the autothermal period
shaded red. During this time, the fuel reactor was fed with natural gas at a rate
of 45. 7–50.0 kWth diluted at 40–42 mol% using nitrogen as the diluent; the car-
rier was able to produce a natural gas conversion between 40% and 65%, with a
circulation rate estimated between 146 and 194 kg h−1 from L-valve cutoff tests.
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Figure 6.16 Summary of the NETL 50-kWth operation with oxygen carrier manufactured using
the tumbling method. Source: Mattisson et al. 2001 [5]. Reproduced with permission of
Elsevier.

The fuel reactor was operated around 2 Umf. Thus, it is estimated that the oxygen
carrier utilization, i.e. the moles of oxygen consumed from the carrier divided by
the total available oxygen in the carrier ranged from 25.4% to 32.0%.

The particle losses from the reactor with the oxygen carrier prepared with the
tumbling method (200–600 μm) were significantly low. The losses are due to elu-
triation, attrition, system upsets, and transport disintegration due to the design
of the system. Particle size distributions of fresh oxygen carrier, collected from
the air reactor and from the fuel reactor, are shown in Figure 6.18. Particle size
distribution of the oxygen carrier collected from the reactor beds after the test
was very similar to that of the fresh carrier. A slight decrease in the particle size
was observed with OC collected from the fuel reactor.

Tests in NETL’s 50-kWth chemical looping circulating fluidized bed combus-
tor unit with the first-generation oxygen carrier (100–200 μm) showed promis-
ing results. It is remarkable that there was no agglomeration of solid during the
week-long tests at 900 ∘C even though the oxygen carrier had a high CuO concen-
tration (30%). The average fuel reactor temperatures ranged from 760 to 815 ∘C
for these test periods, and the average air reactor temperature ranged from 840
to 915 ∘C. The fuel conversion from natural gas to CO2 ranged from 50% to 80%.
Approximately 1.6 hours of continuous operation was achieved with no gas pre-
heat and no augmented natural gas combustion.
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7.1 Introduction

As early as the 1950s Lewis and Gilliland proposed a method for production of
syngas or carbon dioxide from a carbonaceous fuel using iron- and copper-based
oxygen carriers [1, 2]. Although the aim of the proposed methodology had little
to do with sustainable energy conversion, the concept is in principle the same as
chemical-looping combustion (CLC), as coined by Ishida et al. [3], and described
in more detail in other chapters of this book. There was only limited research in
the 1990s on the process, most of it performed by Ishida et al., e.g. [4–6]. It was in
1994 that the technology was first proposed as a combustion option for efficient
CO2 capture. At the start of the millennium, research around CLC accelerated,
spurred by increased interest in carbon capture, where this emerging technology
had a significant advantage with respect to efficiencies and costs in comparison
to other technologies. Since then, a large number of materials have been investi-
gated as oxygen carriers, and the technology has been demonstrated at a scale
up to 3 MW [7, 8]. The cornerstone of the CLC technology is finding oxygen
carrier particles that are sufficiently reactive with fuel, while at the same time
having high resistance toward attrition over many redox cycles. This has been
described more in detail in other chapters of this book. The initial focus was on
monometallic oxide systems based on the transition metals Ni, Fe, Cu, and Mn.
These metals have oxide systems that enable a rapid bulk transfer of oxygen at
conditions relevant for combustion. As the metal oxides are often supported on
an inert material, such as Al2O3, MgAl2O4, or SiO2, there have been numerous
different compositions investigated in the last two decades [9–11].

The CLC process is highly fuel flexible. The utilization of gaseous fuels is
straightforward, and the gas is actually the fluidizing medium, e.g. [12]. Liquid
fuels could also be injected directly to the bed together with steam, although
this likely depends on the viscosity and form of the fuel [13, 14]. For solid
fuels, the fuel conversion process is a little different. One way to process solid

Handbook of Chemical Looping Technology, First Edition. Edited by Ronald W. Breault.
© 2019 Wiley-VCH Verlag GmbH & Co. KGaA. Published 2019 by Wiley-VCH Verlag GmbH & Co. KGaA.
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fuel via CLC is to first perform an external gasification of the fuel to syngas,
and then process the syngas using gaseous CLC [15, 16]. As this would entail
an external gasification unit and also an air separation unit (ASU) for oxygen
production for the partial oxidation, it is doubtful that this is an economi-
cally viable alternative. Instead, the fuel can be directly introduced into the
fuel reactor together with the metal oxide particles [17–20]. The fuel in this
case devolatilizes to a gaseous fraction, i.e. volatiles, and solid char part; see
Figure 4.1. The volatile part, composed mainly of CO, H2, and CH4, reacts
directly with the oxygen carrier particles, here denoted by MexOy, according to
Reactions (7.1)–(7.3).

CnH2m + (2n + m)MexOy → (2n + m)MexOy−1 + nCO2 + mH2O (7.1)
CO + MexOy → CO2 + MexOy−1 (7.2)
H2 + MexOy → H2O + MexOy−1 (7.3)

The char component is gasified in the presence of steam and carbon dioxide,
producing CO and H2 according to Reactions (7.4) and (7.5):

CnH2m (mainly C) + nH2O → nCO + (n + m)H2 (7.4)
CnH2m (mainly C) + nCO2 → 2nCO + mH2 (7.5)

The CO and H2 from these reactions will then need to react with the oxygen
carrier to fully oxidized products, as in Reactions (7.2) and (7.3). Clearly, Reac-
tions (7.4) and (7.5) do not directly involve the oxygen carrier particles. Still, the
rate of these reactions determines how well the solid fuel is converted to gas in
the fuel reactor, and governs the residence time of solids needed in the fuel reac-
tor for high char conversion [18]. When work was initiated around CLC with
solid fuels, Fe-based materials such as ilmenite or iron oxide were often employed
[17, 18, 21]. A problem identified early on was the slow rate of Reactions (7.4) and
(7.5), which meant significant residence times and solids inventories for complete
carbon burnout in the fuel reactor. Strategies were identified to limit the bed
inventory, including raising the temperature for enhanced gasification rates, or
separating and recirculating unburnt carbon via a carbon stripper. Another alter-
native is the use of chemical-looping with oxygen uncoupling (CLOU), which is
the main topic of this chapter as well as Chapter 4.

In CLOU, combustion is completed through three overall steps, Figure 7.1.
First, the oxygen carrier particles release oxygen to the gas phase in the fuel reac-
tor, Reaction (7.6). In the following step, the released oxygen reacts directly with
the fuel through combustion, Reaction (7.7).

2MexOy ↔ 2MexOy−1 + O2 (7.6)

CnH2m +
(

n + m
2

)
O2 → nCO2 + mH2O (7.7)

In the third and final steps, the oxygen carriers need to be oxidized back to the
fully oxidized state, i.e. reverse of Reaction (7.6). CLOU particles need to fulfill
many of the same criteria as normal CLC oxygen carriers. The particles need to
(i) have a high resistance toward attrition and fragmentation in a fluidized bed
system, (ii) be produced at low cost for an economical carbon capture process,
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Figure 7.1 Principal layout of
chemical-looping with oxygen
uncoupling (CLOU). The oxygen
carrier is denoted by MexOy

and MexOy−1, where MexOy is a
metal oxide and MexOy−1 is a
metal or a metal oxide with
lower oxygen content
compared to MexOy . The fuel is
here carbon (C). A fluidization
gas, e.g. recirculated CO2 or
steam, is most likely needed for
the case of solid fuel.
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(iii) be nontoxic for environment and human health. In addition, CLOU oxygen
carriers need to have special thermodynamic and kinetic requirements in com-
parison to oxygen carriers used in normal CLC. More specifically, (iv) the metal
oxide needs to have a sufficient equilibrium partial pressure of O2 as to create a
significant driving force for reaction in the fuel reactor; (v) the oxide system needs
to have an equilibrium partial pressure low enough for oxidation to be possible at
the oxygen concentration level in the outlet of the air reactor; and (vi) the reac-
tions in the fuel reactor, including O2 release by the carrier and combustion of the
fuel, should be overall exothermic. This will result in a temperature increase in
an adiabatic fuel reactor, which will promote the release rate of gas-phase oxygen
from the particle to the bulk gas.

There are several advantages with utilizing oxygen carriers with the so-called
uncoupling properties:

1. The combination of uncoupling and combustion of solid fuels means that the
rather slow char gasification reactions, i.e. Reactions (7.4) and (7.5), could be
partially or completely eliminated.

2. Oxygen release from particles in the freeboard could help convert combustible
components not oxidized in the bottom region of a fluidized bed.

3. The oxygen release could compensate for imperfect mixing in a fluidized
bed as direct contact between the fuel and oxygen carrier is not necessary.
This could make CLOU highly applicable also for gaseous and liquid fuel
chemical-looping.

Since the technology was proposed in 2009, there has been significant research
around CLOU. Aspects related to oxygen carrier development and testing,
kinetic modeling as well as process simulations have been studied, and also
reviewed in several articles [22, 23]. The focus of this chapter will be on work
related to oxygen carrier development, with emphasis on the research conducted
in the last few years. The chapter begins with a brief consideration of important
thermodynamic criteria for these types of oxygen carriers. This is then followed
by a review of literature around oxygen carrier development.
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7.2 Thermodynamics of CLOU

Oxygen carriers for CLOU need to fulfill many of the same criteria as normal
CLC oxygen carriers, e.g. the particles need to be mechanically stable, have lim-
ited tendencies for agglomeration, and be inexpensive. In addition, for the CLOU
process it is important to consider the interplay between oxygen partial pressure
of the oxygen carrier system, the heats of reaction, and the temperature levels in
the air and fuel reactors.

7.2.1 Equilibrium Partial Pressure of O2

In a thermodynamic analysis of oxygen carriers for CLC, Jerndal et al.
[24] showed that it was not possible to use the oxide pairs CuO–Cu2O,
Mn2O3–Mn3O4, and Co3O4–CoO as oxygen carriers for CLC at higher temper-
atures due to decomposition of the most oxidized phase. Later, Mattisson et al.
identified this aspect as a possible advantage, and suggested these systems as
possible candidates for chemical-looping. The conditions for applications were
outlined in two papers [25, 26]. The mono-metallic oxides of Cu, Mn, and Co
release oxygen in the fuel reactor through Reactions (7.8)–(7.10):

4CuO ↔ 2Cu2O + O2(g) ΔH850 = 263.2 kJ mol−1 O2 (7.8)
6Mn2O3 ↔ 4Mn3O4 + O2(g) ΔH850 = 193.9 kJ mol−1 O2 (7.9)
2Co3O4 ↔ 6CoO + O2(g) ΔH850 = 408.2 kJ mol−1 O2 (7.10)

The equilibrium partial pressure of O2 for the above reactions can easily be cal-
culated. It will be assumed that the condensed phases are pure species and that
standard Gibbs free energy of the gas phase components is much greater than
the Gibbs free energy of the solid phase. The equilibrium constant and also equi-
librium partial pressure of oxygen for the above reactions can then be calculated
from the change in the Gibbs free energy of Reactions (7.8)–(7.10):

ΔG∘ = −RT ln(pO2,eq) = −RT ln(K) (7.11)

where pO2,eq is the equilibrium partial pressure of oxygen and K is the equilibrium
constant for the above reactions. Normally, ΔG∘ can be approximated as a linear
function of temperature:

ΔG∘ = A + BT (7.12)

where A and B are constants, and T is the temperature. Figure 7.2 shows the equi-
librium partial pressure of O2 as a function of temperature for the above reactions
involving pure condensed species. From this, it can be seen that CuO releases
oxygen in air (pO2

= 0.21 bar) at temperatures above 1028 ∘C, Mn2O3 at tempera-
tures above 899 ∘C, and Co3O4 above 889 ∘C. It is expected that the temperature
in the air reactor would be lower since an efficient combustion process will be
operated with a lower partial pressure of O2 from the outlet of the air reactor, a
value which is dependent upon the excess air ratio [26].
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Figure 7.2 The partial pressure of gas phase O2 over the metal oxide systems CuO/Cu2O,
Co3O4/CoO, and Mn2O3/Mn3O4 as a function of temperature.

Several combined or mixed oxides systems containing more than one metal
in the lattice have been studied for CLOU (Table 7.1). Of special interest
are combined oxides based on Mn, as doping with various metals can tweak
the thermodynamic properties for enhanced performance. One of the more
extensively studied systems is the Mn–Fe–O system, which has shown great
promise for the CLOU application. Figure 7.3 shows a phase diagram for this
binary system calculated at an equilibrium partial pressure of 0.05 atm O2, as
presented by Azimi [64]. It is evident that the temperatures for the different
phase transitions are highly dependent upon the ratio of Mn/Fe. Rydén et al. [65]
reviewed the thermodynamics of this system in addition to a number of other
such combined oxide systems, most of which have now been experimentally
investigated, e.g. [41, 66–69]. The decomposition reaction for a combined oxide
system of (MnyFe1−y)Ox, which has shown promise as a CLOU material both
thermodynamically and experimentally, can be written as

6(Mn0.8Fe0.2)2O3 ↔ 4(Mn0.8Fe0.2)3O4 + O2(g) ΔH850 = 254 kJ mol−1 O2

(7.13)

Figure 7.4 shows the partial pressure of O2 for three such mixed oxide systems,
where critically evaluated thermodynamic data are available, i.e. for Mn–Fe–O
and Mn–Si–O. For reference, the pure Mn2O3/Mn3O4 is also included. It is clear
that the equilibrium temperature is increased for the combined oxides in compar-
ison to the pure system. This could be an advantage as the concentration driving
force, i.e. (pO2,eq − pO2

) for uncoupling will increase in the fuel reactor at a given



Table 7.1 Overview of oxygen carriers investigated for chemical-looping with oxygen uncoupling (CLOU) in the last few years.

Authors References
Oxygen carrier (OC)
(Mex Oy/support)

Preparation
method (OC) Fuel TCLOU (∘C)a) Apparatus Notes

Arjmand et al. (2014) [27] Mn3O4/SiO2 SD CH4, biomass
char

900–1100 FzB a, b, d

Adánez-Rubio et al. (2014) [28] CuO/MgAl2O4 SD Lignite 900–935 CFzB d
Hallberg et al. (2014) [29] CaMnyMg(1−y)O3−𝛿 ,

CaMn0.775Ti0.125Mg0.1O3−𝛿

SD CH4 900 CFzB a

Jing et al. (2014) [30] Mn3O4/SiO2 SD CH4 900–1100 FzB a
Adánez-Rubio et al. (2014) [31] CuO/MgAl2O4 SD Biomass 860–930 CFzB
Ksepko et al. (2014) [32] Fe2O3–CuO/Al2O3 MM H2 600–950 TGA b
Arjmand et al. (2014) [33] CaxMn1−yMyO3−𝛿 (M=Mg, Ti) SD CH4 900–1050 FzB d
Clayton et al. (2014) [34] CuO/TiO2, CuO/ZrO2 FG, MM — 600–950 TGA a, c
Clayton and Whitty (2014) [35] CuO/SiO2, CuO/TiO2, CuO/ZrO2 FG, MM, I — 750–950 TGA a, b
Zhao et al. (2014) [36] Cu-ore Conc. Anthracite 850–1000 FzB
Imtiaz et al. (2014) [37] CuO/MgAl2O4, CuO/CeO2,

CuO/Al2O3,
CP — 950 FzB, TGA a

Rydén et al. (2014) [38] CuO/ZrO2, CuO/ZrO2/La2O3,
CuO/Y–ZrO2, CuO/MgAl2O4,
CuO/MgAl2O4/La2O3, CuO/CeO2,
CuO/CeO2/La2O3, CuO/Fe2O3,
CuO/Fe2O3/ Mn2O3, CuO/Fe2O3/MgO,
CuO/Fe2O3/Al2O3

SD CH4 800–925 FzB, CFzB

Azimi et al. (2014) [39] (Mn0.75Fe0.25)2O3/MgAl2O4,
(Mn0.75Fe0.25)2O3/CeO2,
(Mn0.75Fe0.25)2O3/Y2O3–ZrO2,
(Mn0.75Fe0.25)2O3/ZrO2

SD CH4, syngas 850 FzB

Pour et al. (2014) [40] Mn-ore/Fe2O3 MM CH4, syngas,
petcoke

900–950 FzB e

Shafiefarhood et al. (2015) [41] (CoxFe1−x)3O4, (MnxFe1−x)2O3,
(CoxFe1−x)3O4/La0.8Sr0.2CoxFe1−xO3−𝛿 ,
(MnxFe1−x)2O3/La0.8Sr0.2MnxFe1−xO3−𝛿

MM, SG CH4, H2 850–950 TGA a, f



Imtiaz et al. (2015) [42] CuO/CeO2, CuO/Al2O3 CP CH4 900–950 TGA, FzB a, f
Adánez-Rubio (2014) [43] CuO/MgAl2O4 SD 900–1000 TGA a, b
Arjmand et al. (2015) [44] (MnxFe1−xSiy)2O5 SD CH4, syngas 850–1000 FzB a
Wang et al. (2015) [45] CuO/ZrO2 MM 1065 TGA a, f
Mayer et al. (2015) [46] CaMn0.9Mg0.1O3−𝛿 ,

CaMn0.775Ti0.125Mg0.1O3−𝛿

SD Natural gas 900–960 CFzB

Mei et al. (2015) [47] CuO/CuAl2O4 SG CH4, H2 900–1000 TGA
Galinsky et al. (2015) [48] Ca1−xAxMnO3 (A= Sr, Ba) SG Coal char 650–950 TGA, FzB a, f
Azimi et al. (2015) [49] (MnxFe1−xAly)2O5 SD CH4, syngas,

wood char
850–1000 FzB a

Zhang et al. (2015) [50] CuO, CuO/CuAl2O4, CuAl2O4 SG 900–1000 TGA b
Galinsky et al. (2016) [51] CaMn1−xBxO3−𝛿 (B=Al, V, Fe, Co, Ni) SG Coal char 850 TGA, FzB a
Hanning et al. (2016) [52] Mn3O4/SiO2, Mn3O4/SiO2/TiO2 SD CH4, syngas,

wood char
800–1050 FzB, CFzB b

Schmitz and Linderholm (2016) [53] CaMn0.775Ti0.125Mg0.1O3−𝛿 SD Wood char 800–950 CFzB
Ku et al. (2017) [54] CuO/ZrO2 MM Syngas 950 TGA a
Mattisson et al. (2016) [55] Mn-ores, CaMnO3−𝛿 SD CH4, syngas 900–1050 FzB a
Pishahang et al. (2016) [56] CaTixMn0.9−xMg0.1O3−𝛿 SD H2, CH4 800–1000 TGA d
Mendiara et al. (2016) [57] CuO/MgAl2O4 SD Pine sawdust 900–935 CFzB
Zhao et al. (2017) [58] CuO/TiO2, CuO/ZrO2, CuO/CuAl2O4,

CuO/MgAl2O4

I 900–950 TGA a, b

Abian et al. (2017) [59] (MnxFe1−xTiy)Oz E CO, H2, CH4 850–950 TGA a
Mungse et al. (2017) [60] FeMnO3 MM — FzB f
Perez-Vega et al. (2017) [61] (Mn0.77Fe0.23)2O3 MM CO, H2, CH4 900–950 TGA, FzB a
Tian et al. (2017) [62] Cu-ore — Coal 870–930 FzB c
Sundqvist et al. (2017) [63] Mn-ores (8) — CH4, syngas 850–1000 FzB a

Abbreviations: SD, Spray-drying; FG, Freeze granulation; MM, Mechanical mixing; SG, Sol–gel; E, Extrusion; CP, Co-precipitation; I, Impregnation; SP, Spray pyrolysis;
Conc., Concentrating; NG, Natural gas; FzB, Batch fluidized bed reactor; CFzB, Continuous interconnected fluidized bed reactor; FxB, Fixed bed reactor; TGA,
Thermogravimetric analyzer.
Notes: (a) utilized inert with or without O2 to study decomposition reactions; (b) kinetic/mechanistic investigation of decomposition; (c) kinetic/reactivity of oxidation;
(d) investigated effect of sulfur; (e) investigated different manganese ores; and (f ) conducted TPR/TPO.
a) The temperature generally refers to the temperature used during isothermal decomposition (uncoupling) reaction or the temperature in the fuel reactor, the

exception being in studies with the specific aim of studying the oxidation reaction.
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Figure 7.4 Partial pressure of oxygen as a function of temperature for a series of combined
Mn-oxides as well as pure Mn2O3/Mn3O4. Partial pressure of O2 is calculated from the reactions
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temperature. For the combined oxide system of (Mn0.8Fe0.2)2O3 there are two
parallel curves that converge at higher temperatures, which are due to the pres-
ence of a two-phase region where both the oxidized and reduced oxide exist, and
this is clearly seen in the phase diagram in Figure 7.3.

Combined oxides with perovskite structure have also been explored as oxy-
gen carriers for CLOU. These types of materials have the general formula ABO3,
where A is a large cation and B is a smaller cation. Perovskite materials exhibit
interesting redox properties and have been investigated for both CLC and CLOU
[70–74]. Oxygen carrier particles can exhibit oxygen non-stoichiometry and can
release substantial amounts of oxygen via

ABO(3−𝛿)AR
↔ ABO(3−𝛿)FR

+ 1
2
(𝛿FR − 𝛿AR)O2 (7.14)

The oxygen released in the gas phase, given by (𝛿FR − 𝛿AR), can be used during
CLOU process to burn gas, liquid, or solid fuel. The equilibrium value for oxygen
in the gas phase is thus given by the temperature and the degree of solids conver-
sion, which is a little bit different compared to the other systems explored above.
The thermodynamics of the most common material CaMnO3 has been explored
by several researchers, e.g. [75, 76].

When the oxygen carrier particles are transferred to the fuel reactor, it is of
course an advantage if the temperature is as high as possible, as this promotes
the rate of oxygen release. This depends upon the thermal nature of the overall
reaction in the fuel reactor, and this will be explored in the following section.

7.2.2 Thermal Considerations

When the hot oxygen carrier material from the air reactor is transferred to the
fuel reactor, the oxygen carrier should release oxygen, which will react with the
fuel. Considering that the total heat evolved from a CLOU system will be that of
normal combustion, the sum of the heats of reaction in the fuel and air reactor will
be that of normal combustion. The enthalpies of the uncoupling reactions for sev-
eral metal oxide systems are shown in Figure 7.5 [65]. Also shown is the reaction
enthalpy of fuels, carbon (representing coal) and methane, the major component
in natural gas. Systems with an oxygen carrier reaction enthalpy greater than
the reaction enthalpy of the fuel would have an overall endothermic reaction in
the fuel reactor. This would effectively mean a temperature drop with respect
to the air reactor. From the figure it can be observed that utilization of CuO,
Mn2O3, and combined Mn-oxides would always result in an overall exothermic
reaction in the fuel reactor, which would result in a temperature increase in an
adiabatic fuel reactor. For Co3O4 the reaction is slightly endothermic when uti-
lizing CH4, and thus there will be a temperature decrease for Co3O4 using such
fuels. Although the reaction with Co3O4 is slightly exothermic for carbon, con-
sidering heat losses and that heat will be needed to heat the fluidization gas, there
will likely be a temperature drop also for a Co-based oxygen carrier. The fact that
a temperature increase is possible for most oxide systems is significant and of
considerable advantage for the following reasons: (i) the higher temperature will
promote the oxygen release rate from the metal oxide particles and (ii) the recir-
culation rate of particles between the air and fuel reactor can be kept low, as the
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Figure 7.5 Heat or reaction, ΔH, for O2 release for different oxygen carrier materials. Source:
Rydén et al. 2013 [65]. Reproduced with permission of Elsevier.

recirculating particles do not need to provide heat for an endothermic reaction,
which is the case for CLC with solid fuels [18]. The temperature drop in the fuel
reactor for the cobalt oxide in combination with its high cost and toxicity likely
makes this oxygen carrier unsuitable for a CLOU system.

7.3 Overview of Experimental Investigations
of CLOU Materials

In the last eight years, a significant number of articles have been published with
experimental investigations of different oxygen carrier materials. There have also
been several reviews that are entirely or partially devoted to CLOU, including
reviews of oxygen carrier materials [9, 22, 23]. Table 7.1 contains an overview
of the experimental investigations of CLOU materials in the last few years. A
similar table was presented by Mattisson for work conducted prior to 2014
[23]. The table is not meant to be a complete and detailed analysis, but rather
is included to give a broad overview of the type of materials that are currently
being investigated for CLOU. Further, it only contains research published in
peer-reviewed journals in English. It should be noted that only articles that have
the aim of utilizing the oxygen uncoupling behavior of metal oxide particles are
included. Most of the investigations related to CLOU have been carried out at
Chalmers University of Technology in Sweden and at ICB-CSIC in Zaragoza,
Spain, but there are several other groups working with development of the
CLOU process, including research groups at the University of Utah in the United
States, Tsinghua University in China, Swiss Federal Institute of Technology in
Switzerland, and North Carolina State University in the United States among
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others. From the table, the investigations can be divided into two major classes
of (i) Cu-based materials and (ii) combined/mixed oxides.

7.3.1 Copper Oxide

Prior to 2014, most investigations of CuO materials utilized particles with
Al2O3, MgAl2O4, or ZrO2 as support, but there had also been studies of
Cu-materials for CLOU utilizing refined natural materials [77] as well as other
supports [37, 78–80]. For instance, Hedayati et al. used CuO with CeO2 and
Ce0.9Gd0.1O1.9 prepared by extrusion [78]. The particles were investigated in a
batch fluidized bed reactor with respect to oxygen release behavior and reactivity
with CH4 and syngas. Most work prior to 2014 was performed with gaseous
fuels, but solid and liquid fuels had also been investigated [81, 82].

From Table 7.1 it is clear that significant amount of research has been con-
ducted with Cu-based materials also in the last several years, including the use
of various supports and preparation methods, including the use of Cu as part of
mixed oxides oxygen carriers [83]. A variety of reactors have also been employed,
from thermogravimetric analyzers using only small amounts of particles to con-
tinuous circulating units using kilograms of particles. Most of the studies utilized
some type of fuel, but most investigations also evaluated the oxygen carriers’
decomposition in an inert atmosphere with no or some oxygen in the gas phase.
Here a thermogravimetric analysis (TGA) is highly applicable as the differential
conditions facilitate the use of a precise oxygen partial pressure in the gas
phase, for both oxidation and reduction [34, 35]. A number of studies have
used this methodology to establish kinetic constants and solid-state reaction
models, as will be described in Section 7.4. In addition, several more funda-
mental studies have been conducted recently with respect to Cu-based oxygen
carriers, including first-principles investigation of oxygen transport activation
barriers [50].

With respect to continuously operated chemical-looping investigations, Rydén
et al. conducted a major screening study of nine different Cu-based oxygen car-
riers in batch and continuous operation [38]. Although the reactivity of many of
these was very high, the carriers tested in continuous operation always suffered
degradation and fragmentation. Adánez-Rubio et al. conducted the first success-
ful tests with biomass in continuous operation [31]. Here, an oxygen carrier of
CuO/MgAl2O4 was employed, showing a combination of high combustion effi-
ciency and carbon capture, i.e. char burnout in the fuel reactor. However, only
10 hours of operation was performed, and thus the mechanical stability over a
significant period was not determined. Mendiara et al. compared the combustion
efficiency and carbon capture efficiency of the same Cu-based CLOU oxygen car-
rier with an Fe-based material using sawdust as fuel [57]. The Cu-based material
showed significantly better behavior with respect to the combustion efficiency,
and somewhat increased carbon capture. Also, the tar content in the off-gases
was non-existent using the CLOU material, which was not the case for the iron
oxide. Prior to the work with biomass, the same group of researchers had con-
ducted successful tests with coal using the same oxygen carrier and circulating
reactor system [84].
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7.3.2 Combined and Mixed Oxides

There are several disadvantages with utilizing Cu-material for CLOU, including
questionable stability of the particles and the relatively high cost of Cu in addi-
tion to the low melting temperature of copper, 1089 ∘C. Although the melting
temperatures of the relevant oxides, CuO and Cu2O, are higher compared to
metallic Cu, it is expected that some Cu will be formed in a fuel reactor, owing
to reduction of copper oxides with volatiles or gaseous fuel components. It is
also clear that there could be problems related to attrition and fragmentation
of Cu-based oxygen carriers. Manganese oxides, on the other hand, suffer
from the apparent slow kinetics of oxidizing Mn3O4 to Mn2O3 at the low
temperature needed in order to oxidize the material fully, Figure 7.2 [78, 85]. The
use of combined Mn-oxides could be a way of overcoming the low equilibrium
temperatures. Shulman et al. investigated a number of combined oxides of Mn
for the first time with respect to CLOU, and found that the incorporation of
certain metals into the Mn3O4 matrix could result in an enhanced reaction rate
of the manganese oxide [68]. This was followed by a number of articles where
combined oxides were utilized as oxygen carriers for CLOU, e.g. [69, 86, 87].
The common denominator for all of these investigated materials is that they
contain manganese in the structure, but the Mn is exchanged partly with another
metal in the lattice. These combined oxides have thermodynamic and/or kinetic
properties that differ from pure Mn2O3, and which enable decomposition of the
oxide with release of gaseous oxygen at conditions suitable for CLOU, Figures 7.3
and 7.4. Figure 7.6 summarizes the compositions evaluated in the literature in
a number of ternary diagrams, which clearly shows that the ternary and binary
systems of Mn with Mg, Si, Fe, and Ca are very well explored.

Of the combined manganese oxygen carriers studied for CLOU, most research
has been conducted around the CaMnO3-type of perovskite, Reaction (7.14). It
has been found that such material can exhibit a combination of high mechani-
cal stability, good fluidization properties as well as good reactivity with gaseous
fuels. The fact that this type of material can be produced with cheap raw materials
is an added advantage. Several works had been performed prior to 2014, mostly
utilizing gaseous fuels in smaller reactor units. Leion et al. [93] investigated the
CLOU behavior and reactivity of a series of materials of general composition
CaMnxTi1−xO3 with CH4 in a TGA. Based on the oxygen capacity and the reac-
tivity, the oxygen carrier of CaMn0.875Ti0.125O3 was chosen for further testing
with CH4 and petroleum coke. The reactivity with petroleum coke at 900 and
950 ∘C was slower compared to that in previous experiments with Cu-based oxy-
gen carrier [25], which was explained by the slower rate of oxygen uncoupling in
this material. Rydén et al. investigated the same material in a bench-scale con-
tinuously circulating reactor using natural gas [71]. The material exhibited very
smooth fluidization behavior for over 70 h at hot conditions. The uncoupling
effect was dependent upon the oxygen concentration in the air reactor, with a
higher concentration of O2 from the fuel reactor as the oxygen concentration was
increased in the air reactor. It was possible to achieve complete fuel conversion at
950 ∘C. Further, Källén et al. investigated the performance of CaMn0.9Mg0.1O3−𝛿
in a 10 kW natural gas-fired CLC unit [94]. The results showed high rates of
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Figure 7.6 Molar fractions of metals/metalloids of investigated combined manganese oxides.
Symbols indicate compositions that have been investigated in the literature according to
Mattisson et al. [67] (×), Azimi et al. [88] (○), Shulman et al. [68] (•), Shulman et al. [69] (△),
Jing et al. [30] (◊), Frick et al. [89] (⧫), Arjmand et al. [33] (⬜), Jing et al. [90] (◾), Hallberg et al.
[91] (⊳), Arjmand et al. [44] ( ). *Several works have studied particles in the Ca–Mn binary with
a similar amount of Ca and Mn, often doped with additional metals, e.g. [46, 51, 56, 92].

oxygen release and full conversion of natural gas – a behavior superior to that of
NiO-based oxygen carrier in the same unit [95, 96]. As is evident from Table 7.1,
significant research has been conducted around this type of oxygen carrier also
in the most recent years. Most of the research has been performed in Europe,
within the scope of EU-financed projects [97]. This includes testing in different
types of batch reactors [51, 56, 98], continuous units with gas and solid fuels [29,
46, 53], in addition to investigations of kinetics and effect of impurities [33, 56,
92]. For example, Figure 7.7 shows the gas conversion from natural gas obtained
in a 10 kW pilot CLC unit (Figure 7.7a) using different types of calcium man-
ganites, most of which were produced in the EU-financed SUCCESS project.
Here, the idea was to up-scale the production of CaMn0.775Ti0.125Mg0.1O3−𝛿 to
multi-ton scale [99]. It is evident that full conversion of gas could be obtained
in the fuel reactor, although the reactivity was dependent on the actual mate-
rial used. The CLOU effect of these materials was also clearly seen during oper-
ation with these types of materials. This is illustrated in Figure 7.8 where the
outlet oxygen concentration is shown as a function of temperature using a small
bench-scale unit [99]. Here, no fuel is added to the fuel reactor, but it is simply
fluidized by nitrogen. The oxygen carrier is oxidized in the air reactor, in a simi-
lar manner as when fuel is added. Evidently, the measured outlet volume fraction
from the fuel reactor can approach 13 vol%. Based on these promising results, an
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specific fuel-reactor bed mass in the 10 kW unit using methane with different calcium
manganite oxygen carriers. The temperatures given in the legend are for the fuel reactor.
Source: Taken from Moldenhauer et al. 2017 [99].

oxygen carrier of CaMn0.775Ti0.125Mg0.1O3 was scaled up to multi-ton production
and tested successfully at 1 MW scale using natural gas [100]. A similar type of
material has also been tested using solid fuels. Schmitz and Linderholm tested
CaMn0.9Mg0.1O3−𝛿 using petroleum coke and wood char using a pilot similar to
the one shown in Figure 7.7a, but designed for in-bed feeding of fuel as well as
with a carbon stripper [53]. The oxygen demand (OD) of the outlet gases from the
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fuel reactor is shown as a function of the circulation index in Figure 7.9a. The oxy-
gen demand is below 10% for both fuels, but lowest for the low volatile char. Also,
here the CLOU effect was determined by measuring oxygen release during inert
fluidization of the fuel reactor, Figure 7.9b. All in all, from the studies performed
with calcium manganite it can be concluded that very high gas conversions can be
obtained with gas and solid fuels while the mechanical integrity seems reasonable
and indicates that lifetimes of greater than 1000 hours should be possible, at least
using gaseous fuels. However, the material does seem to react with sulfur com-
ponents, such as H2S and SO2, which likely affects the reactivity negatively. How-
ever, several studies have shown that this effect is very dependent upon process
conditions, such as temperature and time under oxidation and reduction [33, 56].

Calcium manganate can be produced with very cheap material, i.e. CaO
and manganese ore [102]. This is likely a very important aspect for solid fuel
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the fraction of oxygen needed for complete combustion of the gases generated in the fuel
reactor. (b) The volume fraction of oxygen from the fuel reactor as a function of fuel reactor
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combustion, as the lifetime of particles in a solid fuel combustor is likely to be
much lower than in a gas-fired unit due to deactivation with ash as well as loss
of material with the ash flows. The highly promising results from testing of these
materials clearly make this one of the more promising combined oxides.

Another well-investigated combined oxide is the system composed of
Mn–Fe–O. Oxygen carriers composed of Mn–Fe have earlier been tested by
Lambert et al. [103], but the CLOU effect was not observed in this inves-
tigation. In addition to the work of Shulman et al. described earlier, Azimi
et al. [66, 86, 88, 104] conducted extensive investigations of this system using
spray-dried oxygen carriers and using both solid and gaseous fuels. In one
investigation [88], an extensive number of Fe/Mn particles were tested with
Mn/(Mn+ Fe) from 0.2 to 0.8 using methane and syngas. The oxygen uncoupling
effect was dependent on the Mn/Fe ratio and the temperature of oxidation and
reduction. Oxygen carrier particles with a Mn/(Mn+ Fe) ratio of 0.2–0.4 release
oxygen at 900 ∘C, whereas materials with a higher Mn content showed no oxygen
uncoupling. On the other hand, at the lower temperature of 850 ∘C materials
with a Mn/(Mn+ Fe) ratio greater than 0.5 released considerable amounts of
oxygen. The behavior of these materials agreed well with what is expected based
on the calculated phase diagram of the Fe–Mn–O system, seen in Figure 7.3.

From Table 7.1, it can be seen that a number of papers have focused on the use
of Mn–Fe combined with other active or inert supports. Both Shulman et al. [68]
and Rydén et al. [105] have earlier reported on problems with respect to mechani-
cal stability, which may be the driving factor for many of these investigations [68].
For instance, Azimi et al. investigated the use of (Fe0.2Mn0.8)2O3 on inert supports
of CeO2, MgAl2O4, and ZrO2 [39].

Another binary system of interest for CLOU is that of Mn–Si–O, Figure 7.4.
Shulman et al. [68] prepared particles of 80 wt% Mn3O4 with SiO2 by freeze
granulation. The particles released oxygen in the gas phase in the temperature
interval 810–900 ∘C. Interestingly, from X-ray diffraction (XRD) analysis of the
samples calcined at 950 and 1100 ∘C, there did not seem to be any interaction
between Mn3O4 with SiO2. However, in a thermal evaluation, Rydén et al.
presented a relevant phase diagram for the system and identified several possible
CLOU transformations [65]. Jing et al. investigated a significant number of
spray-dried particles of Mn3O4/SiO2 with varying contents of Mn using a batch
fluidized bed reactor [30]. Here, the SiO2 content was varied between 2 and
75 wt%. The propensity to uncouple oxygen to the gas phase and the reactivity
with methane were varied in the temperature interval 900–1100 ∘C. The exper-
iments showed that the reactivity was highly dependent upon the SiO2 content
in addition to the temperature, with very low reactivity for oxygen carriers with
a SiO2 content exceeding 45 wt%. But for materials with lower SiO2 fractions,
full CH4 conversion could be obtained together with a high oxygen release rate
provided that the temperature was above 950 ∘C. For these materials, it seems
as if the main oxygen releasing phase was braunite, Mn7SiO12, which can be
reduced to both MnSiO3 and Mn2SiO4 in the fuel reactor. This is in conformity
with the phase diagram presented by Rydén et al. [65]. Hanning et al. conducted
experiments with two optimized oxygen carriers of Mn–Si and Mn–Si–Ti in
both batch and continuous fluidized bed reactors [52]. It was found that although
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the inclusion of some Ti in the structure resulted in lower reactivity, the attrition
resistance increased substantially. The latter materials were also investigated
successfully by Schmitz et al. in a 10 kW CLC pilot, Figure 7.9 [101]. The material,
denoted here as M66, showed a combination of high propensity for CLOU,
high rate of reaction with fuels of low volatile content, and good stability. Using
wood char, an oxygen demand of only 2% was achieved in this study. Finally,
Arjmand evaluated a matrix of materials in the Fe–Mn–Si–O system and found
that particles with a combination of high reactivity and low attrition could be
obtained [44].

7.3.3 Naturally Occurring Oxygen Carriers

Almost all investigated oxygen carriers for CLOU have been prepared using
some type of production method, such as impregnation or spray-drying.
Although many such processes are commercial and available for multi-ton
production of particles, the production cost could be substantial and be a
significant added cost for the carbon capture process. The cost of oxygen carrier
is related to the specific solids inventory (kg/MW), the cost of manufacturing
of the particles ($/kg), and the lifetime (h). With respect to the latter, this may
be particularly challenging for solid fuels, where the lifetime may be limited due
to flow of particles out of the process together with ash as well as deactivation
due to ash–oxygen carrier interaction. Cheaper natural materials, such as iron
ore and ilmenite, are commonly employed for normal CLC with solid fuels.
One interesting development with respect to CLOU in the last few years is the
use of cheaper natural ores of Cu and Mn as oxygen carriers. The Cu content
in natural ores is very low, and thus concentrating and refining is necessary
prior to use in order to be applicable as oxygen carriers. Manganese ores, on the
other hand, have Mn-oxide as the main phase. In addition, they often contain
high fractions of Fe, Si, and Ca, all of which could actually be beneficial for the
CLOU process, as discussed earlier. Arjmand et al. [106, 107] found a small
CLOU effect for several manganese ores at 950–970 ∘C. Further, Sundqvist et al.
evaluated a significant number of manganese ores both with respect to oxygen
uncoupling and reactivity with methane and syngas using a small fluidized bed
reactor [63, 108, 109]. Although the uncoupling rate was relatively low when
using nitrogen as fluidizing gas, a small oxygen release was noted for most
materials. Further, when evaluating the rate using devolatilized char in the
fluidized bed, several ores showed high rates of oxygen transfer at temperatures
of 950 ∘C and above [109]. Figure 7.10 shows the mass-based conversion, 𝜔, as
a function of time for one such manganese ore, Gloria (from South Africa). At
1000 ∘C almost 1 wt% of oxygen is removed from the particles by the underlying
uncoupling reactions [109]. As the fluidized bed in the evaluations was fluidized
with nitrogen, the only source of oxygen for wood combustion was from
the oxygen carrier. The rate of release was judged to be of such a magnitude
that it could certainly be of relevance in the fuel conversion process at high
temperatures.
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7.4 Kinetics of Oxidation and Reduction of Oxygen
Carriers in CLOU

The rate for the oxygen uncoupling, Reaction (7.6), is a function of an effective
rate constant, the conversion level of the solids, and the partial pressure of O2. In
general, the rate of the oxygen release can be expressed as

rred = kr(pO2,eq − pO2
)nf (𝜔) (7.15)

Here, kr is an effective reaction rate constant, pO2
is the bulk partial pressure of

oxygen in the gas phase, and f (𝜔) is a function that describes the rate dependence
on the conversion of the solid oxygen carrier. In a similar way, the oxidation reac-
tion, reverse of Reaction (7.6), can be expressed as

rox = ko(pO2
− pO2,eq)nf (𝜔) (7.16)

From Equation (7.11) it is clear that the equilibrium partial pressure of O2
varies exponentially with temperature. This means that not only the intrinsic rate
constant is a function of temperature but also the driving force in the gas phase,
given by (pO2,eq − pO2

) in Equation (7.15). To generalize, research around kinetics
has focused on determining (i) the activation energy and pre-exponential factor
(from Arrhenius equation) and (ii) the form of f (𝜔).Until 2013, several studies
had been performed with respect to determination of kinetic parameters of
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the CLOU reactions, e.g. [80, 110–112]. There had also been several rele-
vant studies related to the process known as chemical-looping air separation
(CLAS), which utilizes the same underlying reactions as CLOU, e.g. [113]. The
investigations up to this time were almost exclusively conducted on Cu-based
oxygen carriers, with rate of reaction and kinetic parameters determined for
both pure CuO and with CuO on several types of inert support materials.
Adánez-Rubio et al. provided a review of the results of these investigations
[43]. The methodology and conditions for kinetic determinations varied in a
wide range, as did the calculated activation energies and the conversion form,
f (𝜔). For instance, Arjmand et al. [110] introduced an excess of devolatilized
wood char to a bed of freeze-granulated CuO/MgAl2O4 particles, and in this
way were able to calculate the rate of decomposition, Reaction (7.6), in the
temperature interval 850–900 ∘C. The decomposition reaction was modeled
using the Avrami–Erofeev mechanism and the kinetic data were obtained using
an Arrhenius expression. From the analysis, an overall activation energy of
139.3 kJ mol−1 was calculated for the decomposition reaction, Reaction (7.6).

Whitty and Clayton [80] performed decomposition experiments of CuO on
SiO2, TiO2, and ZrO2 in three types of reactor systems using N2 and found
that the rates of decomposition were similarly independent of reactor type,
and also very similar for the three Cu-based oxygen carriers evaluated, with
activation energies of 147–180 kJ mol−1 in the temperature range 800–1000 ∘C.
However, it was also found that the activation energy was dependent on the
temperature range investigated. A considerably higher activation energy of
281 kJ mol−1 was obtained by Sahir et al. [114] for the decomposition reaction of
a freeze-granulated CuO/ZrO2 oxygen carrier. Peterson et al. investigated the use
of impregnated CuO on SiC support [112]. An activation energy of the uncou-
pling of 220 kJ mol−1 was determined in the temperature range 850–950 ∘C.

From Table 7.1 it is evident that there have been a number of newer investiga-
tions with respect to kinetics of Cu-based materials [35, 43]. Clayton and Whitty
conducted a follow-up investigation on earlier investigations of CuO/TiO2 and
CuO/ZrO2, and decoupled the reaction rate constant from the oxygen driving
force [35]. In this way two separate activation energies were determined, i.e. one
global and one kinetic. Adánez-Rubio et al. investigated the reduction reactions
of a spray-dried oxygen carrier of CuO/MgAl2O4 using a TGA at different
O2 concentrations and at varying temperatures [43]. A combined Langmuir–
Hinshelwood and nucleation model was employed to describe the surface and
bulk reactions, and an activation energy of 270 kJ mol−1 was determined.

Most of the investigations mentioned above also evaluated the kinetics of
the oxidation reaction, i.e. reverse of Reaction (7.6). From Equation (7.16) it is
clear that a higher temperature would reduce the driving force for the reaction,
i.e. pO2

− pO2,eq, and thus off-set the expected kinetic increase (given by the
reaction rate constant ko in Equation (7.16)). Whitty and Clayton investigated
the rate of oxidation for an oxygen carrier of CuO/ZrO2 as a function of
temperature and oxygen driving force. Although an increase in oxidation was
seen when the oxygen partial pressure was increased, the increase in rate was
not as high as expected, indicating that there were other mechanisms restricting
oxidation, which is an observation in conformity with previous studies [80]. An
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activation energy of the oxidation of 202 kJ mol−1 was found for this oxygen
carrier. A considerably lower activation energy was found in a later study of
CuO/MgAl2O4, where an activation energy of 30 kJ mol−1 was determined from
experiments in a TGA [43].

Studies on the kinetics of the CLOU reactions for other metal oxide systems,
such as Mn-based, are few. Arjmand et al. [115], used a batch fluidized bed
reactor to determine the rate of oxygen release for a series of perovskite materials
of general formula CaxLa1−xMn1−yMyO3. The maximum rate of uncoupling was
approximately 0.0003–0.0004 kg O2/(kg OCs) at 950 ∘C, which is about 15 times
slower than for the earlier investigated Cu-based oxygen carrier at 900 ∘C [110].
A similar perovskite material of CaMn0.775Ti0.125Mg0.1O3 was investigated by de
Diego et al. using a TGA with different fuel components [92]. Both the CLC and
CLOU reaction kinetics were determined and modeled using a shrinking-core
type of mechanism. With respect to other Mn-combined oxides, the kinetic
investigations are in principle non-existent. In one such study directly related
to the CLOU concept, Arjmand et al. determined the apparent kinetics of a
few oxygen carriers of Mn2O3/SiO2 [27]. Three spray-dried oxygen carriers
were exposed to wood char at 975–1100 ∘C, and the kinetics of release were
determined from the measured outlet CO2 concentration. Activation energies
of between 229 and 300 kJ mol−1 were calculated for the oxygen release. At
temperatures above 1050 ∘C, rates were very high, translating into very low
solids inventory in the fuel reactor, i.e. <50 kg/MWth.

7.5 Conclusions

CLOU is a relatively new and promising variation of normal chemical-looping.
The difference between CLC and CLOU is the mechanism for oxidation of the
fuel in the fuel reactor. In CLOU the oxygen carrier releases oxygen in the gas
phase, which then reacts with the fuel through normal combustion, in contrast to
CLC, where the oxygen carrier reacts directly or indirectly with the fuel through a
non-catalytic gas–solid reaction. This chapter surveys the development of CLOU
materials and necessary requirements of these, and provides an overview of the
experimental investigations that have been performed in the last couple of years.
Oxygen carrier development has to a large extent focused on Cu-based mate-
rial, although there has been an increase in the development of combined oxides,
specifically oxides based on Mn. The process has been tested in continuous work-
ing CLOU reactors for gaseous, liquid, and solid fuels, with very promising results
with respect to rates of fuel conversion. Although it is likely that the biggest
advantages with CLOU can be obtained for solid fuels, most experiments have
been performed with gaseous fuels. Here, oxygen carriers with CLOU properties
have been scaled-up to multi-ton production and investigated at MW scale.
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8.1 Overview

Early studies on oxygen carriers generally focus on monometallic oxides of nickel,
iron, and copper. While oxides of cobalt and manganese were also considered,
they do not possess suitable redox properties for chemical looping combustion
(CLC) in their monometallic oxide forms [1–3]. It is also noted that although Ni,
Cu, and Fe oxides are suitable chemical looping materials, they face challenges
in terms of toxicity (Ni), high cost (Ni, Cu), defluidization (Cu), or relatively low
activity (Fe). Although strategic selection of support and synthesis strategies
can significantly enhance the performance of these oxygen carriers, the limited
number of monometallic oxides suitable for chemical looping greatly restricts
the material design space and their potential applications. The “re-discovery”
and investigation of mixed metal oxides as chemical looping oxygen carriers
opened up an exciting area for chemical looping research by significantly
expanding the design space for primary (oxygen carrying) oxide selection and
applications. For instance, mixed oxides can offer high tunability in terms of
their bulk thermodynamic, structural, and surface properties. Such properties
can be valuable towards rationalization of the design of oxygen carriers for
various chemical looping applications. Figure 8.1 summarizes year-over-year
publication counts on oxygen carrier-related publications. Besides the upward
trend in the overall publication counts, it is worth noting that the number of
studies on mixed metal oxides has steadily increased from virtually nonexistent
prior to 2008. With this in mind, the current chapter focuses on (first-row)
transition metal-containing mixed metal oxides and their applications in both
CLC and selective oxidation applications. It should be noted that mixed metal
oxides are covered under specific applications in Chapters 6 and 7. Chapter 6
discusses iron and copper oxide systems for CLC whereas Chapter 7 covers some
Mn-containing mixed metal oxide oxygen carriers for chemical looping with
oxygen uncoupling (CLOU). This chapter aims to provide a general overview
of various exciting opportunities enabled by mixed metal oxides. It will also

Handbook of Chemical Looping Technology, First Edition. Edited by Ronald W. Breault.
© 2019 Wiley-VCH Verlag GmbH & Co. KGaA. Published 2019 by Wiley-VCH Verlag GmbH & Co. KGaA.
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Figure 8.1 Year-over-year chemical looping publication counts on the general chemical
looping topic (blue bars) and mixed oxide-based oxygen carriers (yellow bars). (Source:
SciFinder database with keywords “chemical looping” and “chemical looping”+ “mixed oxide,”
respectively.)

discuss in extensive detail with respect to the development, status, and the
potential of mixed oxides as tunable oxygen carriers or redox catalysts for
various chemical looping applications including CLOU, in situ gasification
chemical looping combustion (iG-CLC), and chemical looping partial oxidation
(CLPOx) such as chemical looping reforming (CLR). Furthermore, this chapter
will also discuss the importance of bulk and surface properties for oxygen carrier
design in selective oxidation applications. Future research directions of mixed
oxide-based oxygen carriers will also be discussed.

Chemical looping processes rely on the redox properties of transition metal
oxides for the oxidation of carbon-containing fuels. Although the rates of
carbonaceous fuel oxidation reactions and product distributions are largely
affected by kinetic parameters such as surface catalytic activity and conductivity
of bulk lattice oxygen (O2−) and electrons, thermodynamic analyses can be
very effective in providing general guidance on oxygen carrier selection. From
a thermodynamic standpoint, chemical looping processes involve indirect and
cyclic exchange of oxygen between a fuel and one or more oxidants such as air
and/or steam. Although such exchange is facilitated by the oxide-based oxygen
carrier, a simple thermodynamic analysis can be carried out by investigating the
independent reactions below, using methane and air as an example.

Oxygen carrier reduction step 2CH4 +O2 ↔ 2CO+ 4H2

2CO ↔ C+CO2

2CO+O2 ↔ 2CO2

2H2 +O2 ↔ 2H2O
2MeOx ↔ 2MeOx−1 +O2

Oxygen carrier regeneration step 2MeOx−1 +O2 ↔ MeOx
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Here, the metal oxide is merely treated as an oxygen source and sink from a
thermodynamic standpoint. As such, the equilibrium oxygen chemical poten-
tial or partial pressure (PO2

) for the MeOx/MeOx−1 redox pair directly affects the
equilibrium product distributions from the fuel oxidation reactions. In addition,
Equilibrium PO2

also determines the regenerability of the reduced metal oxide.
That is, the MeOx/MeOx−1 pair with high equilibrium PO2

(e.g. >0.05 atm) will be
difficult to be reoxidized by air without significant amount of unconverted oxygen
exiting the oxidizer or air reactor. The relationship between redox pair equilib-
rium PO2

and the corresponding chemical looping applications can be illustrated
on an Ellingham diagram (Figure 8.2). As can be seen, redox pairs with relatively
high PO2

can be suitable for CLOU applications due to the capacity for sponta-
neous O2 release under chemical looping conditions. The upper bound PO2

for
CLOU material is set at 0.05 atm as required for reasonable conversion in the
reoxidation step. A sample monometallic redox pair residing within this region
is CuO/Cu2O. The green region below the CLOU zone defines redox pairs with
suitable properties for the iG-CLC applications. With 95% CO2 yield defining
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the lower bound of the region, metal oxides with properties in this region can
generate concentrated CO2 from carbonaceous fuels. Sample redox pairs in this
region include NiO/Ni and Fe2O3/Fe3O4. Compared to the CLOU and iG-CLC
regions that generate combustion products, the purple region highlights an area
where high syngas (CO and H2) selectivity can be anticipated since the carbona-
ceous fuels will not be over- or under-oxidized provided that an oxygen car-
rier redox pair possesses equilibrium properties residing in such a region. It is
worth noting that none of the known first row transition metal oxides possess
redox properties defined by this partial oxidation (POx) zone. As will be illus-
trated in the following sections, redox properties of a number of mixed oxides
can be tailored to this POx zone. This is in a stark contrast to the limited options
for monometallic oxides. We also noted that the analysis above is made purely
from a thermodynamic standpoint. One can certainly envision a metal oxide with
high PO2

exhibiting high syngas selectivity, provided that the oxide surface is tai-
lored, kinetically or catalytically, to favor POx reactions. In the following sections,
mixed oxides with properties suitable for CLOU, iG-CLC, and CLPOx are dis-
cussed, respectively.

8.2 Mixed Oxides for Chemical Looping with Oxygen
Uncoupling (CLOU)

CLOU differs from traditional CLC primarily in terms of the way oxygen is
delivered from the oxygen carrier to the fuel. In CLOU, the oxygen carrier
spontaneously releases molecular oxygen under typical fuel reactor operat-
ing temperature and PO2

. As such, CLOU involves both gaseous and lattice
oxygen, leading to both homogeneous gas-phase reactions and heterogeneous
gas–solids reactions. In comparison, molecular oxygen is not present in the fuel
combustion and metal oxide reduction reactions in conventional CLC. CLOU
is particularly advantageous for solid fuel combustion as gaseous oxygen can
significantly enhance fuel combustion kinetics. In addition to the improved
kinetics, the fuel reactor’s heat management in CLOU can be simpler than that
in conventional CLC since a high equilibrium PO2

for the oxygen carrier leads
to less endothermic or even exothermic metal oxide–fuel reactions. Despite
these advantages, selection of CLOU oxygen carriers can be challenging due
to the delicate requirements for oxygen carrier redox properties, as evidenced
by the narrower CLOU region in Figure 8.2 compared to the (conventional)
iG-CLC region. Figure 8.3 compares the redox properties of several commonly
encountered monometallic redox pairs. With the exception of CuO/Cu2O
and Co3O4/CoO, none of the monometallic oxides possess desirable CLOU
properties. Co3O4 is typically considered to be unsuitable for chemical looping
due to toxicity concerns. Moreover, Co3O4 is challenging to reoxidize because of
its high equilibrium PO2

.
Although CuO has been extensively investigated for CLOU, it faces challenges

such as sintering and defluidization, when reduced to metallic copper, and
high cost. To address defluidization concerns, inert support materials with high
sintering resistance are often mixed with (or to “support”) CuO to improve



8.2 Mixed Oxides for Chemical Looping with Oxygen Uncoupling (CLOU) 233

102

100

10–2
CuO/Cu2O

Mn2O3/Mn3O4
Co3O4/CoO

Mn3O4/MnO
Fe2O3/Fe3O4

NiO/Ni

Optimal PO2
 range

10–4

10–6

10–8

10–10

P
O

2
 (

a
tm

)

10–12

10–14

Cu Mn Co

Metal

Fe Ni

Figure 8.3 Thermodynamic properties of various monometallic redox pairs relative to the
desired PO2

range for CLOU (between 800 and 950 ∘C).

the mechanical stability of the oxygen carriers under CLOU operations. These
supports include TiO2, Al2O3, MgAl2O4, SiO2, MgO, and ZrO2 [4–7]. This limits
the oxygen-carrying capacity of copper oxide-based oxygen carriers. Although
CuO has a theoretical CLOU capacity of 10 wt%, the use of inert support, which
represents at least 40 wt% of CuO-based oxygen carriers, significantly limits
their oxygen-carrying capacity [8–11]. This can be improved upon through
synthesis techniques, such as co-precipitation, that allow for high dispersion of
the support and copper oxide phases in which up to 80 wt% CuO can be achieved
[12]. However, scale-up is a concern in these types of synthesis procedures.
Additionally, CuO tends to form solid solutions or mixed oxides with a variety of
metals, leading to varying CLOU properties compared to its pure oxide forms.
As such, mixed oxides containing CuO must balance the oxygen decomposition
kinetics while improving the mechanical stability that pure CuO lacks. A few
studies of mixed oxides utilizing copper involve the Cu—Mn system: Azad et al.
investigated a Cu—Mn oxygen carrier containing a 1 : 1 molar ratio of Cu—Mn
[13]. The authors showed that at 800 ∘C in pure N2 the oxygen concentration was
nearly 0.8%, which is significant at this relatively low temperature. Cu3Mn3O8
was determined to be the primary phase of the oxygen carrier with Cu0.1Mn2.9O4
as a minor component. Over the short term, no agglomeration was observed,
and the oxidation reaction was fast, which is a concern with Mn-containing
oxides. A separate study by Pour et al. investigated the effect of Cu:Mn ratio
on the mixed oxide CLOU properties [14]. The amount of CuO ranged from
5 to 60 wt%. The authors only observed a spinel phase of (Cu,Mn)3O4 above
10 wt% CuO. The 5, 10, and 61 CuO wt% oxygen carriers performed the best,
showing up to 1.4 wt% oxygen capacity. Additionally, complete conversion of
the char for these oxygen carriers required a minimum ratio of oxygen carrier
(OC)/char of approximately 30, which was half the ratio needed for the oxygen
carriers containing 20 and 31 CuO wt%. The authors determined that, in general,
oxygen carriers containing more Cu were less prone to attrition. Additionally,
copper-containing ores have been investigated for their CLOU properties. More
details on these systems were covered in Chapter 7.
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Manganese oxides offer the advantage of being able to release their oxygen
at lower temperatures than CuO. However, the oxidation rate from Mn3O4 to
Mn2O3 is kinetically slow. This is due to the low reaction temperature required
for Mn3O4 oxidation from a thermodynamic standpoint. In addition to the slow
reoxidation kinetics, Mn2O3 also suffers from similar mechanical stability issues
as copper oxides, such as agglomeration. Manganese forms solid solutions with
several metals that can modify the redox thermodynamics, improve the oxida-
tion kinetics, and/or improve the mechanical stability. Some of these systems
include Mn—Fe—O [15–21], Mn—Si—O [16, 22–25], Mn—Mg—O [26–28],
and Mn—Ni—O [1]. Besides synthetic mixed Mn oxides, manganese ores offer
potential for CLOU. Sundqvist et al. investigated 11 different manganese ores for
CLOU and conversion of syngas and methane [29]. The primary Mn-containing
phase for these ores was Mn3O4, but also included Mn2O3 and bixbyite phases.
Oxygen concentrations in the reactor varied between 0.2% and 0.85% for all
the ores between 900 and 1000 ∘C. The ores achieved varying yields of CO2
when methane was used as the fuel, with 90% being the maximum. When
CO was used as a fuel, CO2 yield varied between 50% and 90%. It should be
noted that attrition, mechanical stability, and sulfidation issues are of concern
for manganese ores. It was concluded that Slovakian and Metmin ores, which
contain higher contents of Fe and/or Ca than other ores, have the highest O2
release. Attrition, however, is a concern for these ores.

Perovskites represent a family of mixed oxides that offer highly tunable redox
properties. Typical perovskites take the form of ABO3−𝛿 where A is a larger
cation usually of an alkali or rare earth metal and B is typically a transition
metal. With regard to Mn-based perovskites, CaMnO3 offers potential as an
oxygen carrier for CLOU. CaMnO3 has lower oxygen uncoupling properties
than copper oxides but offers lower costs as it can be synthesized using cheap
manganese ores and calcium precursors. CaMnO3 has been studied extensively
as an oxygen carrier for both CLOU and CLC applications [30–42]. However,
CaMnO3 suffers from potential degradation with redox cycling. The result of
the degradation is due to the formation of undesirable spinel (CaMn2O4) and
Ruddlesden–Popper (Ca2MnO4) phases [43]. High sulfur-containing solid fuels
create additional challenges for CaMnO3 due to the potential formation of
CaSO4, which could also affect its long-term stability [32, 41]. To overcome this
potential challenge of degradation during redox cycles, many researchers have
investigated doping of A- and/or B-site metals into the perovskite structure to
improve the oxygen carrier stability and performance. A-site metals added to
the structure include La, Ba, and Sr while B-site dopants include Ti, Mg, and Fe.
Most studies involving dopants use a trial-and-error approach in attempting to
achieve long-term stability with gaseous and solid fuels.

Recent studies by Galinsky et al. offered an interesting strategy to tune the oxy-
gen carrier’s oxygen release properties through doping of the CaMnO3 perovskite
A- and B-sites. With regard to the A-site, the authors used Sr- and Ba as potential
dopants to replace a portion of the Ca in the oxygen carrier [31]. The authors
determined that through the addition of Ba, oxygen uncoupling properties were
significantly reduced. In addition to the reduced oxygen uncoupling properties,
Ba-doped CaMnO3 additionally did not prevent decomposition into undesired
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phases at high temperature. In contrast, Sr is able to incorporate well into the
CaMnO3. Additionally, Sr-doped CaMnO3 does not alter significantly the total
amount of oxygen released; however, the oxygen release temperature is lowered
by approximately 200 ∘C. Additionally, noticeable amounts of potential 𝛼-oxygen
(chemisorbed) were observed. Sr-doped oxygen carriers showed long-term
(100 cycles) and high-temperature resistance toward decomposition into unde-
sired phases. As a follow-up study, the same authors investigated how different
B-site metals affected the oxygen release properties and overall chemical stability
of the CaMnO3 oxygen carrier [35]. B-site dopants included Fe, Ni, Co, V, and
Al. Fe exhibited the best incorporation into the perovskite phase where the other
metals produced undesired secondary or ternary oxide phases. Doping of 5% of
Fe into the B-site improved the oxygen carrier’s high-temperature stability while
improving the overall oxygen carrier CLOU activity.

Besides using perovskites as a primary CLOU oxygen carrier, a study by Shafie-
farhood et al. used perovskites as supports with mixed oxide CLOU oxygen carri-
ers based on Fe—Mn and Fe—Co oxides [44]. The authors used perovskite-based
mixed conductive supports to enhance the oxygen anion/electron mobility
through the catalyst. They investigated the addition of La0.8Sr0.2M1−xFexO3−𝛿
(M=Mn and Co) support in a similar B-site cation ratio found in the primary
mixed oxide phase between Fe—Mn and Fe—Co. The addition of perovskite sup-
port improved the overall CLOU properties of the oxygen carrier by decreasing
the initial decomposition temperature by up to 9%. Oxygen-carrying capacity
for Fe—Co oxides more than doubled for the supported oxygen carrier. While
the Fe—Mn supported oxides did not exhibit significant oxygen release under
isothermal cyclic redox conditions, the activity for H2 and CH4 conversion
was significantly improved compared to the unsupported oxygen carriers. The
authors attribute the poor CLOU properties of the supported Fe—Mn to a
redistribution of Mn and Fe ions in the perovskite phase whereas the Fe—Co
supported oxygen carrier exhibited stability in terms of its composition. A
summary of key CLOU mixed oxide oxygen carriers is shown in Table 8.1.

8.3 Mixed Oxides for iG-CLC

iG-CLC is an alternative chemical looping scheme for solid fuels conversion. In
iG-CLC, solid fuels are gasified into syngas using steam or CO2 as a gasifying
agent. These reactions are shown in Reactions (8.1) and (8.2):

C + CO2 → 2CO (8.1)
C + H2O → H2 + CO (8.2)

Subsequently, the syngas is further oxidized by the oxygen carriers’ lattice oxy-
gen into CO2 and H2O via Reactions (8.3) and (8.4).

CO + MexOy → CO2 + MexOy−1 (8.3)
H2 + MexOy → H2O + MexOy−1 (8.4)

The net production of gasifying agents, i.e. CO2 and H2O, from Reactions
(8.1)–(8.4) increases as the reactions proceed. Therefore, enhanced conversion



Table 8.1 Summary of key mixed oxide oxygen carriers for CLOU.

Oxygen carrier
system Main phases Synthesis Tested scale Pros Cons References

Cu—Mn—O (Cu,Mn)3O4 Slurry Laboratory-
scale FB

–Fast oxidation kinetics
–Low temperature oxygen release
–High solid fuel conversion

–No long term study
–Mechanical stability over
long term

[13, 14]

Mn—Fe—O (MnyFe1−y)Ox Spray drying Laboratory-
scale FB

–Better O2 release than
Fe-containing Mn ores

–Lack of detailed phase analysis
–Mechanical stability

[17, 21]

Mn—Fe—Ti—O (Mn,Fe)3O4,
Fe2TiO4, Fe2O3,
MnTiO3,
Mn2O3, Mn3O4

Solid-state
reaction

TGA –Detailed phase and composition
analysis on oxygen carrier properties
–Ferromagnetic materials would
allow easy separation from coal ash
–Good mechanical stability

–Oxidation reaction in some
materials a concern

[15]

Mn—Si—O Mn7SiO12,
Mn2O3, SiO2

Spray drying Laboratory-
scale FB

–High sulfur resistance
–High temperature capability

–Mechanical stability
–Long-term operation is a
concern

[22–25]

Mn—Mg—O Mg2MnO4 Freeze
granulation

Laboratory-
scale FB

–High fuel conversion –Mechanical stability
–Lower oxygen uncoupling
properties

[26]

Mn Ores Mn3O4, bixbyite,
Mn2O3

N/A Laboratory-
scale FB

–Cheap, abundant
–High gaseous fuel reactivity

–Sulfidation
–Long-term mechanical stability
–Deactivation during redox
cycles

[29]

Ca—Mn—O CaMnO3 Spray drying,
sol–gel

TGA, lab
scale FB,
10 kWth FB

–Low-temperature oxygen
uncoupling
–Easily tunable with dopants
–Good fuel conversion

–Sulfidation
–Deactivation through phase
decomposition

[30–35,
37, 38, 41,
42]

FB, fluidized bed; FBR, fixed bed reactor; and TGA, thermogravimetric analysis.
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rates for both the fuel and oxygen carrier particles can be anticipated when a
relatively small amount of gasification agents are used to initiate the reactions. In
addition to the reactions above, several other reactions including the water gas
shift (WGS) reaction, devolatilization reactions, and reactions between volatile
components of the solid fuels and oxygen carriers can take place. The main
challenge of iG-CLC is that the reverse Boudouard reaction (Reaction (8.1)) and
steam carbon reaction (Reaction (8.2)) are relatively slow. This poses a problem as
unconverted carbon will be transported to the air reactor or carried out through
the cyclone, leading to decreased overall carbon capture efficiency [45, 46].
Additionally, chemical looping applications involving solid fuels can suffer from
oxygen carrier deactivation caused by ash and sulfur in coal, and oxygen carrier
loss in ash removal and separation can be high. Therefore, utilization of cheaper
oxygen carriers is desired. As a result, mixed oxides investigated in the iG-CLC
space are often composed of oxide ores. We note that specifically synthesized
Cu—Fe based oxygen carrier materials have also been extensively investigated
for iG-CLC. This topic is extensively covered in Chapter 7.

Ilmenite (FeTiO3) and hematite (Fe2O3) ores are more commonly used in
iG-CLC [47–61]. Iron ores are potentially attractive oxygen carrier candidates
due to their low cost and abundance. Additionally, they tend to possess good
mechanical stability. Cuadrat et al. investigated the effects of temperature,
gasifying agents, activity with fuels, and fluidization gases on ilmenite oxygen
carriers for iG-CLC of South African bituminous coal [54]. Ilmenite is known
to increase its activity during redox cycles due to increased pore formation
and surface structures [62]. Cuadrat et al. found that the ilmenite oxygen
carrier would be fully activated in the fuel reactor only after 7 cycles, but in
the oxidation reaction full activation was not observed even after 16 cycles.
The authors attributed this to the low variation in ilmenite conversion between
each redox cycle. This result was further confirmed by Cuadrat et al. in a paper
in which they tested ilmenite oxygen carriers in a 500-Wth CLC unit [52]. In
determining the effects of gasifying agents, the coal gasification rate increased
when steam/CO2 was added to the reactor in the presence of the ilmenite oxygen
carrier. Additionally, it was determined that steam led to the production of more
H2 whereas CO2 gasifying agent led to more CO. It was concluded that steam is a
preferred gasifying agent because the ilmenite oxygen carrier has higher activity
for H2 combustion than CO. The authors’ final analysis showed that the solids
inventory needed to be approximately 1000–1500 kg/MWth when achieving at
least 90% conversion of the solid fuels. Cuadrat et al. also investigated the effect
of coal rank on the overall performance of ilmenite in iG-CLC applications
[53]. The authors used lignite, high and medium volatile bituminous coals, and
anthracite as the solid fuels. Carbon capture efficiencies of over 90% without
a carbon separation system was obtained for the lignite coal at 920 ∘C due to
its fast gasification rates. The authors determined that oxygen demand, defined
as the fraction of additional oxygen needed to fully combust the fuel reactor
exhaust, was less than 10% for all fuel types. One potential issue was found for
coals with higher volatile contents as certain volatiles were difficult to convert
using the ilmenite oxygen carrier. No change was observed in experiments using
the lignite coal depending on the gasifying agent, but with anthracite coals that
have slower gasification rates a significant performance drop was observed.
Berguerand and Lyngfelt investigated ilmenite oxygen carriers conversion with
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Mexican petroleum coke and South African bituminous coal in a 10-kWth CLC
unit [48–50]. The authors operated the reactor between 10 and 140 hours for
the testing with varying results. The oxygen demand reported in these papers
averaged between 25% and 30% while the solid conversions ranged from 50% to
80% depending on the fuel. The low conversion was mainly attributed to the poor
efficiency of the cyclone that they used in their reactor set-up. Attrition rates of
the ilmenite oxygen carriers were found to be between 0.01 and 0.03 wt% h−1.

Besides ilmenite, other low-cost iron oxide-based ores and industrial wastes
such as hematite ore and bauxite waste (Fe2O3/Al2O3) have been investigated as
potential oxygen carriers in iG-CLC applications. Mendiara et al. compared differ-
ent low-cost oxygen carriers including hematite ore, ilmenite ore, bauxite waste,
a copper oxide-enriched iron oxide ore (1.0 wt% CuO), and a synthetic iron oxide
[56]. Of the oxygen carriers investigated, the hematite ore and synthetic iron oxide
resulted in the highest combustion efficiency followed by the bauxite waste. The
copper oxide enriched iron oxide ore did not show any CLOU effects and cycling
produced no noticeable changes in activity. In addition to its high combustion effi-
ciency, the hematite ore, similarly to ilmenite, exhibited an increase in its activity
with cycle number. As a follow-up study, Mendiara et al. investigated a Spanish
hematite ore mined in Tierga (Zaragoza, Spain) as an oxygen carrier for various
solid fuels [55]. The authors used anthracite, bituminous, and lignite coals in a
500-Wth continuous CLC unit at temperatures ranging from 875 to 930 ∘C. The
authors reported less than 4% oxygen demand for all the fuels investigated. In
addition, similar carbon capture efficiencies (>95%) were obtained compared to
bauxite and ilmenite oxygen carriers. These ores also contained a high amount of
CaO (∼5 wt%) that could potentially capture SO2 in the fuel reactor. However, the
authors noted that make-up rates would likely be too high to maintain the reten-
tion capacity. Additional improvement to gasification rates using hematite ores
can be done through addition of potassium dopants to the ore.

Bauxite waste was studied in several other studies [56, 63–65]. Mendiara et al.
investigated the potential to use bauxite waste, which is a byproduct during the
production of alumina in the digestion step of bauxite in the Bayer process. The
sand fraction that is obtained from the suspension when aluminum is extracted
through dissolving of bauxite contains Fe2O3 (70 wt%) as a primary phase and
β-Al2O3 as a secondary phase. The authors tested the oxygen carrier for fuel con-
version with char produced from bituminous coal under various temperatures
and gasifying mixtures [64, 65]. The bauxite waste oxygen carriers demonstrated
higher activity toward the gasification products compared to ilmenite. A 70/30
molar mixture of steam/CO2 gasifying agents was adequate to achieve a com-
bustion efficiency of 0.95 at both 900 and 980 ∘C. Solids inventory for the bauxite
waste was determined to be 812 kg/MWth to achieve a combustion efficiency of
0.99. Mendiara et al.’s follow-up study included testing the bauxite waste carrier
with different coal ranks. Similar combustion efficiencies were found for each
rank of coal. The same authors also investigated the oxygen carrier in a contin-
uous 500-Wth CLC unit with bituminous coal [63]. Combustion efficiencies of
up to 90% were obtained, and oxygen demand was lower than 5%. Continuous
operations exhibited no defluidization or agglomeration issues.

While many manganese ores were investigated in the context of CLOU, some
Mn-containing ores can also be applied for IG-CLC. Brazilian Mn ores were



8.3 Mixed Oxides for iG-CLC 239

shown to exhibit catalytic properties to improve the gasification rate. However,
the ores suffer from mechanical stability issues. These ores are comprised primar-
ily of MnO (70 wt%) and contain significant Al2O3 (∼7.5 wt%), SiO2 (∼9 wt%), and
Fe2O3 (∼8 wt%) while, in addition, trace amounts of alkali and alkali earth metal
oxides such as potassium, sodium, barium, and calcium can be found. Arjmand
et al. examined the steam gasification rate of petcoke in the presence of Brazilian
manganese ore compared to ilmenite [66]. The authors found that the steam gasi-
fication of Mexican petroleum coke in the presence of the manganese ore was five
times faster than with the ilmenite. Since the manganese ores often produce fines,
which is undesirable, Linderholm et al. suggested combining the manganese ore
with ilmenite to produce an oxygen carrier with high reactivity and mechanical
stability inside the reactor [47]. The authors indicated that adding even a small
amount of manganese ore (about 8% of the total inventory) to ilmenite can elim-
inate nearly half of the unconverted gas produced from the gasification reaction
of bituminous coal combustion.

It is expected that the presence of oxygen carriers would lead to higher coal
gasification rates than if the bed is filled with inert particles [46, 67, 68]. However,
the underlying reasons behind the increased rates could be one of the following
two possibilities, in addition to the propagation of gasification agents via
Reactions (8.1)–(8.4): (i) release of gas-phase oxygen by the oxygen carrier and
(ii) catalytic effect that enhances carbon gasification rate (e.g. in the presence
of alkali metals). Mechanism 1 occurs in oxygen carriers with high partial
pressure of oxygen as a part of CLOU, as discussed earlier. It should be noted
that while many of the manganese ores do exhibit minor CLOU properties, their
oxygen release is much smaller or even negligible when compared with synthetic
Mn—Fe oxygen carriers. The mechanisms behind the increased gasification
rates of solid fuels in the presence of manganese ores were studied by Keller et al.
[69]. To simulate the performance of CLOU on the effect of gasification rates, the
authors introduced a small, fixed amount of oxygen into the stream containing
steam. The authors found no additive relationship between the overall char
conversion and the steam gasification when the gaseous O2 was introduced.
Moreover, the authors found that adding more O2 to the reactor caused the
gasification reaction to be slightly suppressed. Elemental analysis of the typical
Brazilian manganese coals reveals contents of barium, potassium, and iron,
which can contribute to catalytically enhanced gasification reactions. Through
the use of electron dispersive spectroscopy (EDX), the authors analyzed partially
gasified petroleum coke mixed in a bed of sand and manganese ore. Little change
was determined between the fresh and partially gasified petroleum coke when
sand was used in the bed. However, noticeable amounts of potassium could be
observed when the Mn ore was used. Furthermore, EDX mapping showed that
the potassium was evenly distributed throughout the surface of the partially
gasified coke particles, leading to a likely effective gas-phase transport of the
potassium from the ores to the carbon surface. These results were confirmed
in a later study by Arjmand et al. using different manganese ores with varying
levels of K and Na contents [66]. Despite the improved activity and gasification
rates when manganese ores are used, mechanical stability of the ores is of major
concern. A summary of commonly used mixed oxides for iG-CLC is shown in
Table 8.2.



Table 8.2 Summary of key mixed oxide oxygen carriers for iG-CLC.

Oxygen carrier
system Main phases Synthesis Tested scale Pros Cons References

Ilmenite ore Ilmenite
(FeTiO3)

Natural ore Laboratory-scale FB,
10–50 kWth CLC unit

–Cheap, abundant ores
–Good mechanical
properties
–Good conversion of
gasification products

–Poor solid conversion
and gasification rates
–Poor volatile
conversion rate

[48, 49,
52–54, 70,
71]

Hematite ores Fe2O3, SiO2,
CaO, MgO

Natural ore TGA, laboratory-scale
batch FB, 1–100 kWth
CLC unit

–Better fuel conversion than
ilmenite based ores
–Mechanical stability
–Cheap and abundant

–High circulation rates
needed
–Poor solid conversion
rates

[56, 57,
59–61]

Bauxite waster Fe2O3, Al2O3 Produced from
the Bayer process

TGA, batch FB,
500 Wth FB reactor

–Higher conversion
rates/low inventory needed
compared to ilmenite
–Cheap and easily obtained
–Mechanically stable

–Poor solid conversion
rates
–Sulfur effects not studied

[56, 57,
63–65]

Mn ores MnO, Fe2O3,
SiO, Al2O3

Natural ore TGA, laboratory-scale
FB, 10–100 kWth CLC
unit

–Improves gasification rates
–High solid and gas
conversions
–Cheap and abundant

–Mechanical stability
–Long-term operation is a
concern

[47, 66, 69,
72, 73]

FB, fluidized bed; FBR, fixed bed reactor; and TGA, thermogravimetric analysis.
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8.4 Mixed Oxides for Chemical Looping Reforming
(CLR)

8.4.1 Chemical Looping Reforming

Although both CLC and CLOU research focuses on carbon capture from coal
conversion, the abundance of natural gas compared with petroleum and its
notably lower emission have led to renewed interest in converting methane to
value-added products [74–77]. Currently, most methane conversion processes
adopt an indirect route due to its demonstrated reliability and economic feasi-
bility. In these processes, methane is converted to syngas (a mixture of carbon
monoxide and hydrogen) in a reforming step. The syngas is further processed
to value-added products such as hydrogen, liquid fuels, or chemical feedstocks
through one or more conversion and purification steps. Being the common
operation among these methane conversion processes, methane reforming
has been a topic of interest for decades. At present, all commercial reforming
processes are performed in the presence of a heterogeneous catalyst and using
a gaseous oxidant such as oxygen (partial oxidation), steam (steam reforming),
or carbon dioxide (dry reforming) [78–80]. Dry reforming faces severe catalyst
deactivation problem as a result of coke formation and is not commercially
practiced [81, 82]. While steam methane reforming (SMR) and POx processes
are currently commercially implemented, their efficiencies are limited due
to their high energy demand for steam generation, reforming reactions, or
cryogenic air separation [83, 84].

Compared to conventional reforming technologies, CLR offers a potentially
more efficient and environmentally friendly option for methane reforming. Sim-
ilar to CLC, CLR process is performed in two interconnected reactors in the
presence of a solid oxygen carrier, also known as redox catalyst following a def-
inition used in catalysis literature. The redox catalyst donates its lattice oxygen
(O2−) to partially oxidize methane to syngas in the reducer (fuel reactor); the
oxygen-depleted redox catalysts are then transferred to the oxidizer to regenerate
with a gaseous oxidant [2, 85–87]. As illustrated in Figure 8.4, gaseous oxidants

Figure 8.4 Schematic of chemical looping
reforming; various regeneration options are
shown.

CO + H2

Methane Air/steam/CO2

Reducer Oxidizer

MOx

MOy

(y < x)

N2/H2/CO
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that are being investigated in CLR are air, steam, and carbon dioxide. Use of
air as an oxidant provides in situ air separation and eliminates the need for the
energy-intensive air separation unit (ASU) in POx. The air regeneration also leads
to significant heat release, allowing an autothermal operation for the CLR pro-
cess. Compared to methane POx, avoidance of direct contact between methane
and gaseous oxidant can also enhance process safety. Use of steam and/or CO2
for redox catalyst regeneration, on the other hand, leads to production of hydro-
gen and/or CO respectively. The added value of such products can enhance the
overall efficiency and economics of the process. In such cases, however, the CLR
process needs external heat inputs. The heat required can be satisfied by com-
bustion of additional fuels or concentrated solar energy. Despite its potentials,
CLR is still in the early developmental stages and faces many challenges in both
synthesis of more active, selective, and stable redox catalyst, and more effective
reactor design to improve the gas–solid interaction and heat integration. It should
be noted that the term CLR is also referred to the process of combusting pressure
swing adsorption (PSA) offgas in CLC scheme and using the generated steam and
heat for SMR. However, the oxygen carrier design principles for this process are
similar to the CLC process and hence are not covered in this section.

8.4.2 Monometallic Redox Catalysts for CLR

Compared to typical CLC oxygen carriers whose primary function is to oxidize
the carbon and hydrogen atoms in fuels to their most stable gaseous states, i.e.
CO2 and water, the requirements on redox catalyst is more stringent since a high
selectivity toward syngas, a partial oxidation product, is desired. As such, the effi-
ciency and product yield of the CLR process are highly dependent on the perfor-
mance of the redox catalyst. To be effective for CLR applications, a redox catalyst
must possess several characteristics, namely good reactivity with methane, high
syngas selectivity, long-term recyclability and stability, and high oxygen capac-
ity. To date, extensive research activities have been devoted to the design and
synthesis of such redox catalysts.

Typically, redox catalysts contain a primary (transition metal) oxide phase
for oxygen storage and a support phase for activity/stability enhancement.
The support is commonly considered as an “inert” phase and does not have
major contributions to the redox reactions. Among all the CLR redox catalysts,
nickel-based and iron-based oxygen carriers attracted the most attention during
the early stages of CLR research [2, 85, 88–90]. Nickel seemed to be a logical
option due to its high oxygen-carrying capacity and well-established catalytic
activity toward partial oxidation [91–94]. Initial tests on Ni-based oxygen
carriers showed very promising activity, which led to pilot-scale tests [95, 96].
Pilot-scale CLR tests are performed at a 140-kW plant at Vienna University
of Technology using NiAl2O4-supported NiO as the redox catalyst. They
reported close to complete methane conversion and up to 60% CO selectivity
at 747–903 ∘C operating temperatures with decreasing CO selectivity and
methane conversion at higher temperatures and higher global air/fuel ratios.
Despite good activity, research interests in nickel-based redox catalysts saw
significant decrease over the years due to their low CO selectivity in oxidized
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forms, sulfur poisoning, deactivation, cost, toxicity, and environmental concerns
[97, 98]. Iron was also considered because of its abundance, high oxygen content,
and environmental benignity, but research on developing iron-based redox
catalysts also declined due to its low activity with methane, low selectivity, and
agglomeration issues [2, 89, 90]. Other monometallic oxides such as oxides of
manganese, copper, cobalt, and cerium were also tested. However, they all faced
challenges such as poor stability/recyclability, agglomeration, low selectivity,
slow kinetics, and toxicity [2, 89, 90]. It was shown, however, that addition of
inert supports such as Al2O3, TiO2, SiO2, YSZ, and MgAl2O4 help alleviate some
of these problems [88, 99–111].

While the inert support phase does not contribute to the redox reactions,
their presence can be crucial for the activity and long-term performance of the
redox catalysts, especially when using monometallic oxides such as Fe2O3, CuO,
Mn2O3, and NiO as the oxygen carriers. The presence of a support phase not
only provides a stable matrix for metal oxide particles and prevents them from
sintering and agglomeration in reduced states, but also facilitates the oxygen
anion conduction through the solid particles by reducing the energy barrier
for oxygen migration [112]. Adánez et al. studied the effect of different inert
supports and sintering temperatures on the performance of the abovementioned
metal oxides and reported the best inert supports on the basis of reactivity with
methane and crushing strength. The Cu-based oxygen carriers performed the
best when supported on SiO2 or TiO2. Among the Fe-based oxygen carriers,
Al2O3 and ZrO2 showed better performance, and TiO2 and ZrO2 are shown to
be effective for Ni-based and Mn-based oxygen carriers respectively. The under-
lying reasons for the enhancement in redox performance and support–primary
oxide interactions, however, were not reported.

Regardless of the support, most monometallic oxides exhibit low syngas
selectivity when reacting with methane, especially during the early stages
of the reaction. This low selectivity is the result of both the thermodynamic
limitations of redox pairs and the inherent low selectivity of methane oxidation
on metal oxide surfaces. As shown in Figure 8.2, the equilibrium PO2

for
most common redox pairs is not suitable for methane partial oxidation. Hu
and Ruckenstein extensively studied the kinetics and reaction mechanisms of
methane oxidation on Ni oxide surfaces both with and without the presence
of gaseous oxidants. They reported methane oxidation proceeding through
Eley–Rideal reaction mechanism on NiO surface, which gives rise to methane
combustion reaction. However, on reduced Ni, methane is converted through
the Langmuir–Hinshelwood mechanism, which is more selective toward partial
oxidation. Although the mentioned reaction mechanisms are aimed at explaining
the reaction mechanisms for heterogeneous catalytic reactions, they corroborate
well with the pilot-scale testing results on NiO-based oxygen carriers, which
showed low syngas selectivity in CLR.

These limitations of supported monometallic oxides call for improvements
in surface and/or thermodynamic properties of the redox catalysts in order
to achieve higher syngas yield. Use of mixed metal oxides as either a support
or a standalone redox catalyst is recently introduced as an approach that can
potentially address both of the abovementioned limitations.
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8.5 Redox Catalyst Improvement Strategies

As discussed earlier, both thermodynamic and kinetic limitations contribute to
low selectivity of methane partial oxidation in redox conditions. Most metal oxide
redox pairs do not provide suitable oxygen partial pressure for partial oxidation
reactions. Moreover, oxide surfaces are often not selective toward syngas. With
the promising possibilities mixed oxides offer, two potential approaches can be
adopted to enhance the properties of mixed oxides for CLR: (i) design and synthe-
sis of single-phase mixed oxides with suitable bulk properties to thermodynam-
ically limit the over-oxidation of syngas products and (ii) modification of redox
catalysts’ surface catalytic properties to enhance the syngas formation. The latter
can be achieved by development of core–shell structured redox catalysts with a
metal oxide with high oxygen capacity at the core and a selective mixed oxide
shell to regulate the oxygen donation and provide a catalytic surface, or by pro-
moting the surface of the redox catalysts with small amounts of catalytic sites.
Both strategies have been put into practice in recent years and very promising
results have been reported.

Mixed oxides often possess thermodynamic and surface properties that are dif-
ferent from those of their parent metal oxides. This can be used to our advantage
to design and synthesize endless number of metal oxide combinations for various
purposes. Many different combinations of first row transition metals have been
tested for CLR [2, 89, 90]. Without the presence of a support phase, however,
most of these mixed oxides experienced irreversible phase segregation and phase
changes through cyclic redox reaction, leading to deactivation or slow kinetics.
Additionally, the majority of these mixed oxides showed poor syngas yields due
to thermodynamic limitations, which is predictable from the Ellingham diagram
(Figure 8.2).

Recent studies showed that mixed oxides with stable structures such as spinel
and perovskite can be effective as support materials [113–115]. In fact, some of
these mixed oxides such as LaxSr1−xFeyCo1−yO3−𝛿 possess mixed ionic-electronic
conductivity (MIEC), which allows countercurrent diffusion of electrons and
lattice oxygens, which further facilitates the oxygen migration [113–115].
These advantages, however, come at a cost. Use of mixed oxide as a support
for monometallic oxides introduces a new level of complexity in the process
conditions; cations can redistribute to form more stable mixed oxide with less
favorable redox properties. As a result, long-term phase compatibility investi-
gations are essential when designing a mixed oxide-supported oxygen carrier. It
was also found that some of these oxides can withstand some degree of oxygen
non-stoichiometry and donate small amounts of lattice oxygens before going
through any phase change [44, 90, 116]. These characteristics, along with provid-
ing more active catalytic sites on the surface, make mixed oxides a very appealing
option not only as a support material, but also as a stand-alone redox catalyst.

Introduction of mixed oxides as stand-alone oxygen carriers started a new
era in redox catalyst synthesis. With practically endless number of metallic
combinations with different crystal structures, redox properties, and mechanical
characteristics, numerous mixed oxides can be designed, synthesized, and
fine-tuned for partial oxidation applications [2, 88]. Because of its low cost and
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environmental impact, and high oxygen capacity, iron is the most common
metal in mixed oxides [2, 89, 90]. Other transition metals such as copper,
manganese, cobalt, and nickel were also tested extensively due to their higher
equilibrium partial pressure and catalytic activities [117–120]. Despite some
reported improvements in terms of selectivity, activity, and tunability, most of
the tested mixed oxides suffered from coke formation and agglomeration issues.

Among all mixed oxides for CLR applications, perovskite-structured materials
showed very promising results, making them the most widely studied redox cat-
alysts [36, 38, 41, 42, 121–126]. These oxides have the general formula of ABO3−𝛿
with the A-site representing a large cation, usually from alkali earth or rare earth
metals, and the B-site representing a smaller transition metal. Each of these sites
can also be filled with multiple cations, extending the number of possibilities.
Figure 8.5 illustrates the possible combinations of metals in perovskite structures.
Various combination of cations can lead to perovskites with a wide range of struc-
tures from cubic to more complex orthorhombic and rhombohedral variations.
These classes of material have characteristics that are very attractive for CLR.
They can withstand moderate deviation from their perfect oxidation states and
donate some of their lattice oxygen without collapsing their structures. They also
demonstrated vastly reversible phase changes in reductive and oxidative environ-
ments, which make them highly stable redox catalysts. Different combinations of
perovskite materials have different stabilities. A semi-empirical parameter named
“Goldschmidt tolerance factor” is commonly used to compare their relative sta-
bility [127]. This factor is defined as

t =
rA + rO√
2(rB + rO)

with rA, rB, and rO being radii of A-site and B-site cations and oxygen anions
respectively. The value of the Goldschmidt factor is about 0.9–1 for the ideal cubic
structures and deviates from it for other structure variations.

Lanthanum ferrite and calcium manganate-based materials are among the per-
ovskites that are studied the most for CLR applications. Various dopants have
been added to the A-site (Ca, Ba, Sr, and La) and B-site (Mn, Fe, Co, and Ni) of
these materials to tune their mixed conductivity, oxygen-carrying capacity, equi-
librium partial pressure, coke resistance, catalytic activity, etc. [31–33, 36, 38, 42,
128–130]. The presence of cations with lower oxidation states in the A-site con-
tributes to formation of oxygen vacancies, which facilitates the anion migration
while cations with higher oxidation states stabilize the structure. B-site dopants
on the other hand reduce faster and provide catalytic surface sites.

Among all the perovskite structures investigated for chemical looping appli-
cations, LaxSr1−xFeyCo1−yO3−𝛿 (LSCF) [121, 123], LaxSr1−xFeO3 (LSF) [131],
and CaMnO3-based (CM) [30, 32–34, 36, 38, 40–42, 125, 126] showed superior
performance for CLR, CLC, and CLOU respectively. Not only did LSF (with
x ranging from 0.6 to 0.8) show close to 100% selectivity toward syngas at
reasonable oxygen donation capacity and reaction kinetics [131] but it also
significantly enhanced the syngas selectivity of single metal oxides when used as
a support phase. Recent research attributes the higher selectivity of LSF to both
controlled release of oxygen, which regulates the partial oxidation reaction and
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prevents over-oxidation, and presence of metallic sites with catalytic activity
toward the partial oxidation route. The most prominent drawbacks of perovskite
materials are their low oxygen capacity relative to pure oxides and high cost due
to the presence of rare earth metals. The latter can be addressed by using less
expensive alkali earth metals such as calcium and barium.

To address the cost issue, the perovskites can also be mixed with cheaper metal
oxides with higher oxygen capacity. Recent findings showed that use of high
selectivity perovskites as supports can significantly enhance the selectivity and
activity of iron oxide-based oxygen carriers [44, 113, 114, 132]. This enhance-
ment can be further improved by forming core–shell structures and minimizing
the exposure of the less selective oxides to the surface [116]. This significantly
reduces the cost of redox catalyst production by minimizing the use of more
expensive phases and concentrating them on the surface to fully exploit their
selective surface and regulate oxygen release. Despite very promising results,
the presence of more than one phase introduces more variables such as phase
compatibility and diffusion, and significantly increases the complexity of the
system. This is demonstrated in recent studies on methane activation and partial
oxidation mechanism on FeOx@LSF core–shell redox catalyst [116, 133, 134].
The core–shell redox catalyst goes through multiple reduction stages/regions
with markedly different mechanism and consequently different product selectiv-
ities [133, 135]. This exacerbates the dynamic nature of the CLR process, which
makes overall process design more challenging.

Catalytic surface promotion is another alternative that has the potential to
further increase the selectivity and activity of the mixed oxide redox catalyst.
Addition of very small amounts of catalytically active metals such as alkali metals
(to change the acidity of the surface) or platinum group metals (which are known
to have good C—H bond activation and/or partial oxidation activity) can poten-
tially lead to higher CO selectivity and/or higher activity at lower temperatures.
The promoting effect of Rh2O3 has been demonstrated by Nakayama et al. who
used Rh2O3 to promote Fe2O3/YSZ for high syngas selectivity through methane
partial oxidation with air [136]. More recent studies by Shafiefarhood et al. con-
firmed the promoting effect of Rh on the kinetic and thermodynamic behavior of
CaMnO3 and LaCeO3.5. They reported up to 10 times faster reaction kinetics and
up to 300 ∘C reduction in the onset temperature of methane partial oxidation.
This option has been proposed very recently and not been tested extensively yet.

The discussed bulk (thermodynamic) and surface (kinetic) improvement strate-
gies provide us practically endless possibilities to develop more effective redox
catalysts for more efficient methane partial oxidation using the CLR scheme.

8.6 Mixed Oxides for Other Selective Oxidation
Applications

As discussed earlier, chemical looping scheme offers quite a few advantages over
methane combustion and reforming by preventing direct contact between the
fuel and gaseous oxygen. However, these advantages are not limited to methane
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from light hydrocarbon
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oxidation to syngas. In principle, any oxidation (or reduction) reaction can be
carried out via the chemical looping scheme. The modification of chemical loop-
ing scheme in order to adapt for different applications, however, can be challeng-
ing. The main challenges lie in the design of effective redox catalysts.

Light olefin production, for instance, is one of the most important industrial
processes that can be enhanced using the chemical looping scheme. Olefins in
general, and ethylene and propylene in particular, are one of the most important
classes of materials in chemical, petrochemical, and polymer industries. From
2010 to 2015, the global production of ethylene has been increased by about
15% (from 145 to 167 million metric tons per year) and the global capacity is
projected to increase to over 200 million metric tons per year by 2020. As shown
in Figure 8.6, converting light hydrocarbons to ethylene results in higher value
creation compared to power or hydrogen/syngas production. This has motivated
the development of novel and more efficient technologies for olefin production
from light hydrocarbon feedstocks. Currently, steam cracking of ethane is one
of the most commonly used commercial technologies for ethylene production,
representing nearly 45% of the global ethylene production capacity, with the
remaining provided by steam cracking of heavier feeds such as naphtha. Typical
steam cracking facilities have an ethylene production capacity in the order of
1 million tons per year due to economy of scale. The primary challenges to scale
down steam cracking reside in its high operating temperature (up to 1200 ∘C),
high endothermicity and energy requirements (16 GJ per ton of ethylene), and
equilibrium limitations. In Sections 8.6.1 and 8.6.2, we will discuss two novel
applications of chemical looping process for ethylene production.

8.6.1 Oxidative Coupling of Methane

Oxidative coupling of methane (OCM) is an alternate route for ethylene
production from methane feedstocks that was initially proposed by Keller and
Bhasin in 1982 [137]. OCM has attracted more attention in recent years due to
advances in fracking technologies that enable cheaper production of natural gas
from shale gas reserves. This process is based on formation of methyl radicals by
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catalytic activation of methane and C—H bond cleavage, and recombination of
methyl radicals in the gas phase to form ethane [138–140]. The main challenges
of the OCM process are the parallel activation of coupled products along with
the methane and their deep oxidation to combustion products as a result of the
high temperature needed for methane activation. This results in low selectivity
and yield of C2 products [140].

The chemical looping oxidative coupling of methane (CL-OCM) process,
which was proposed more recently, has the potential to enhance the OCM
process by replacing O2 with lattice oxygen and minimizing the gas-phase
combustion route [141]. Like before, in CL-OCM the redox catalyst func-
tions as both oxygen reservoir and catalyst. Studies conducted on the use of
Na2WO4/Mn/SiO2 as redox catalyst confirmed higher selectivities at lower
methane conversions [140, 141]. Typically, CL-OCM results in ∼10% C2+ yield
increase compared to OCM with O2 co-feed. Figure 8.7 compares the C2
selectivity and methane conversions of redox OCM experiments reported by
2016.

8.6.2 Oxidative Dehydrogenation (ODH) of Ethane

Ethane oxidative dehydrogenation (ODH) in the presence of heterogeneous
catalysts, which has been extensively studied, has the potential to address the
challenges associated with ethane steam cracking. It can potentially provide
higher olefin yields, is autothermal (H2 oxidation provides most of the required
energy), and can effectively remove the equilibrium constraints of ethane
conversion. Despite all these benefits, the need for a cryogenic air separation
plant, complexity of reactor design, and the safety concerns over O2–ethane
mixing make conventional ODH unattractive when compared to steam cracking.
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The chemical looping-oxidative dehydrogenation process (CL-ODH) addresses
the limitations in both cracking and conventional ODH. The chemical looping
scheme and use of a redox catalyst, which acts both as a catalyst and an air sepa-
ration agent, avoid O2–ethane mixing, provide in situ oxygen separation, balance
the process energy requirements, and enhance ethylene selectivity. Recent pro-
cess analysis indicates that nearly an order of magnitude reduction in energy
consumption can be achieved with CL-ODH when compared to state-of-the-art
cracking processes. The recent discovery of “low-temperature” redox catalysts,
which is enabled through surface catalytic promotion (e.g. lithium), allows
efficient CL-ODH processes at low to intermediate temperatures (650–850 ∘C)
and offers additional advantage for modular ethylene production at small scales.
CL-ODH is also self-sufficient from a process heat requirement standpoint,
making it a highly efficient and low emission technology ideal for distributed
systems.

In the CL-ODH process, ethane is partially oxidized with lattice oxygen from a
mixed metal oxide-based redox catalyst such as a promoted Ruddlesden–Popper
phase (e.g. LiOx/La2Sr2−xFeO4−𝛿) to produce water and ethylene (Reaction 8.5).
The removal of hydrogen by converting it to water significantly improves equi-
librium conversion of the ethane to ethylene at lower temperatures. In a separate
step, air is introduced into the packed bed to regenerate the redox catalyst’s lat-
tice oxygen (Reaction 8.6). The general process scheme is identical to CLC and
CLR. The exothermic regeneration provides heat to both the catalyst bed and the
endothermic reactions in parallel channels. This cyclic operation can be achieved
through alternation of gas feed in reactor channels, similar to the industrially
proven Houdry process, or by using moving bed reactors to circulate the redox
catalyst between the two reactors. In a recent study, Neal et al. reported up to
66% ethane conversion, 61% ethylene yield, and over 80% steam selectivity (per-
centage of H2 converted to steam) using a sodium tungstate-promoted Mg6MnO8
redox catalyst. Gao et al. also reported promising results (61% ethane conversion,
55% ethylene yield, and close to 100% steam selectivity) using lithium-promoted
LaxSr2−xFeO4 redox catalyst. They attributed the higher ethylene selectivity to
regulating the rate of O2− conduction and surface evolution caused by surface
enrichment of Li cations on the surface of the redox catalyst. The same scheme
can also potentially be used for ODH of propane to propylene. While many stud-
ies have been conducted on propane ODH on heterogeneous catalysts, not much
effort has been devoted to CL-ODH of propane as of now.

C2H6 + MOx → C2H4 + H2O + MOx−1 (8.5)
MOx−1 + 1∕2O2 → MOx (8.6)

8.7 Toward Rationalizing the Design of Mixed Metal
Oxides

With emerging applications for chemical looping-based processes, the need for
rational design of mixed oxide-based redox catalysts for different purposes is
felt more than ever. Deeper understanding of the surface reaction mechanisms
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and bulk properties of different phases are crucial for a truly rational material
selection. However, the dynamic nature of redox reactions makes detailed
investigation of the redox system rather challenging. An example of this dynamic
behavior is demonstrated in the FeOx@LSF core–shell redox catalyst system,
which undergoes several reduction regions with markedly different reaction
mechanisms and selectivities during a reduction half-cycle.

As effective as the experimental methods are for investigating the bulk
thermodynamic and kinetic properties of the mixed oxide, the repetitive nature
of the experimental techniques and virtually endless number of possible mixed
oxide combinations make trial and error very inefficient and time consuming.
The use of available resources such as thermodynamic and phase diagram
databases along with softwares such as HSC chemistry, FactSage, and ASPEN
can help with more educated selection when choosing materials for different
applications. The more recent ab initio calculations are shown to have the
potential to efficiently predict the bulk and surface properties of complex oxides.
For instance, density functional theory (DFT) can be used to determine vacancy
formation energies, anion/cation migration energies, and electronic properties
such as band gap. These methods, however, can be computationally expensive.
Moreover, the magnetic properties for the mixed oxides and inaccuracies caused
by electron self-interaction with d-Electrons of many transition metal oxides can
impose additional challenges and complexity for DFT calculations.

On top of bulk thermodynamics and kinetics, surface properties are very
important to consider when designing oxygen carriers and redox catalysts,
especially the ones with core–shell structures and/or promoters present on the
surface. The aforementioned limitations and complexities are often intensified
when surface properties of the redox catalyst are taken into account. This is
due to the uncertainties about the surface terminations of different phases. As
confirmed by experimental evidence, the topmost layers of the heterogeneous
catalyst can be entirely different from the bulk of the material. This is a very
important factor to consider when designing a redox catalyst as the surface
catalytic properties may alter the overall selectivity of the reactions. Experi-
mental methods are often limited to investigating the apparent activation or
adsorption energies or predicting the rate-determining steps and fall short from
determining the actual adsorption, dissociation, and desorption routes/energies
and reaction mechanisms. Computational methods, when supplemented with
experimental data, can be very useful for studying site-specific properties and
predicting the reaction mechanism.

8.8 Future Directions

Considering the promising outlook of mixed oxides in chemical looping
applications in general and partial oxidation applications in particular, the
future success of these fields is tied with developing active and cost-effective
mixed oxides and exploiting their full potentials. This mandates continued
investigations on rational design of mixed oxides, exploration of natural and
readily available ores, and design of oxygen carriers or redox catalysts with
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tailored bulk and surface properties. Moreover, chemical looping research may
find applications well beyond power generation and CO2 capture. Development
of redox catalysts that are suitable for chemical production via the chemical
looping scheme can create significant opportunities for value creation while
reducing the energy intensity and carbon emissions in conventional industrial
processes.
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9.1 Introduction

The oxygen carrier (OC) material will be subject to severe conditions of temper-
ature and pressure in the chemical looping process. The material must cope with
mechanical forces due to thermal and chemical expansion as well as hydrody-
namically caused impacts and shearing. It can be expected that these conditions
will introduce changes to the physical and chemical properties of the oxygen
carrier structure. From a mechanical point of view, the material must be strong
enough to support its own weight initially and to cope with the hydrodynamically
caused impacts and shearing after several thousand cycles. Additionally, other
problems can be expected, such as variations in heat flux, downstream fouling,
and so on. Mechanical failure is due to the brittle fracture arising from a sud-
den catastrophic growth of a critical flaw under stress induced within the bulk
particle. The oxygen carrier can be porous and full of defects, crystal edges, dis-
locations, and non-identical materials. Any discontinuation that appears in the
oxygen carrier bulk may be treated as a flaw and hence an origin of stress con-
centration. Variations in size, shape, and orientation of these flaws result in the
wide scatter of the strength data of the oxygen carrier pellets.

Particle attrition is defined as the breakdown of solids in a system whose main
design intent is not comminution [1]. Among various reasons why attrition is
undesirable in a chemical looping combustion (CLC) system, the greatest is the
cost required to replace the attrited oxygen carrier. For novel, emerging processes
such as chemical looping, this has the potential to offset the economic benefits
that the emerging technologies are trying to attain. The CLC concept has the
advantage that the oxygen needed for fuel combustion is supplied by means of
a cyclically reacted oxygen carrier instead of being taken directly from air. The
oxygen carrier is usually circulated between two fluidized beds, one in which the
fuel is oxidized by the carrier, and the other in which the carrier is reoxidized
by air. As a result, the particles are subjected to high mechanical stresses caused

Handbook of Chemical Looping Technology, First Edition. Edited by Ronald W. Breault.
© 2019 Wiley-VCH Verlag GmbH & Co. KGaA. Published 2019 by Wiley-VCH Verlag GmbH & Co. KGaA.
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by interparticle collision and bed to wall impacts, thereby resulting in particle
attrition. It is also well known that both thermal stresses and chemical reaction
can influence the propensity of a particle to undergo attrition. Therefore, par-
ticle attrition is a major issue that can cause many problems such as inventory
losses that impact significantly the operating costs. Thus, the choice of oxygen
carrier particles is a key parameter for the process development of CLC to allow
for minimization of cost.

9.2 Oxygen Carrier Structure

This section will discuss in depth the oxygen carrier structure as affected by ther-
mal and chemical stresses encountered in chemical looping systems. The primary
focus will be on hematite and hematite-based oxygen carriers, understanding
how thermal and chemical stresses affect the structure of the oxygen carriers, and
its importance to activity and mechanical stability in chemical looping processes.

9.2.1 Unsupported Oxygen Carriers

Unsupported oxygen carriers are not typically tested in chemical looping systems
because of mechanical issues such as agglomeration. However, understanding
the changes in surface and bulk structures of unsupported oxides can improve
understanding of the degradation of performance of the oxygen carrier while
undergoing thermal and chemical stresses encountered by typical chemical loop-
ing systems. These structural changes can additionally cause mechanical issues
such as agglomeration, which can lead to defluidization (in the case with copper
oxides). Additionally, the particles can degrade and form cracks and pores in the
bulk structure that can lead to higher attrition rates.

9.2.1.1 Surface
The thermal and chemical stresses that oxygen carriers undergo during chemical
looping can lead to significant changes in the surface of the oxygen carrier. This
fundamental change to the surface structure correlates to significant changes in
the observed activity of the oxygen carrier with gaseous fuels. Hematite (Fe2O3)-
based oxygen carriers are especially susceptible to surface changes. Tang et al. [2]
used scanning tunneling microscopy (STM) results to introduce the theory of
a triphase depicting the various topmost Fe atomic layers at 850 ∘C and above,
under reducing conditions. The study defines a third structure as a 𝛾-Fe2O3
domain, which prompts instability on the Fe2O3 oxidizing surface [2]. These
areas of instability appear to be the surface layers missing from the oxidizing
surface. The lath structure (a dense platelet or crystal plane of magnetite) could
result from the instability, opening an artery line into the Fe2O3/Fe3O4 interface.
Breaking down the Fe2O3 surface into Fe3O4 layers is through reduction, and it
is difficult to regenerate the Fe3O4 layers during oxidation. During reoxidation,
it is proposed by Kim et al. [3] that once an Fe2O3 layer is formed on the sample
surface, it may act as a barrier that prevents oxygen from penetrating into
the lattice underneath. This has been confirmed through a separate study by
Breault et al. [4].
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Figure 9.1 Surface area as a function of pretreatment temperature of unreacted hematite [5].

Oxygen carriers are often thermally pretreated to reduce the initial thermal
stress during operation. Breault et al. investigated the effects of pretreatment tem-
perature on hematite ore surface area [5]. Figure 9.1 shows the effects of various
pretreatment temperatures on the Langmuir surface area of hematite before the
reduction process begins. The surface area is significantly reduced as the pre-
treatment temperatures rise above 600 ∘C and decreases by more than an order
of magnitude by 1000 ∘C. As can be seen with the line fitted, the surface area
drops from ∼6.0 m2 g−1 for the fresh carrier to 0.3 m2 g−1 when pretreated at
1000 ∘C. With the surface area of a spherical hematite particle being on the order
of 0.001 m2 g−1, most of the surface area can be attributed to an internal area asso-
ciated with pores and grains. The change in surface area by a factor of 20 implies
that significant internal changes occur as the grains grow [6].

Furthermore, as an oxygen carrier is cycled through reduction and oxidation
reactions, the surface area can be significantly altered if no pretreatment is
conducted before the redox process begins. Figure 9.2 shows the changes in the
surface area as a function of the number of reduction/oxidation cycles for both
untreated and treated hematite ore-based oxygen carrier. The surface area of
the oxygen carrier that does not undergo any thermal pretreatment is reduced
by more than 50 times in just 10 cycles. Additionally, the oxygen carrier’s
reaction rate is also observed to continually decrease as a result of the surface
area decrease [7]. This reduction in surface area for the untreated material is
compared to the surface area for the treated material, also shown in Figure 9.2.
There is a slight degradation in the surface area from 0.301 to 0.226 m2 g−1 (25%
change). As reduction cycles are continued from the 25th to the 75th cycle, the
surface area increases from 0.226 to 0.557 m2 g−1, a 250% increase. This new
surface area is from the formation of gas pores and lath structure penetrating
the particle, which helps to increase the surface area by about 175% over that for
the fresh hematite.
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Figure 9.2 Surface area of thermally pretreated and untreated hematite oxygen carrier [5].

For the untreated oxygen carrier, the surface structural components change as
the reduction process proceeds. A probable explanation of this phenomenon is
that the hematite particle is made up of grains varying in size. Owing to the ther-
mal grain growth [6], large grains consume smaller grains. This process opens lath
structures between large and growing grains as the small grains are consumed. As
the surface phases change and volume expansion occurs on the oxide surface, the
growth of the lath structure is slowed [8–10]. Hayes and coworkers conducted an
experiment confirming the phase of the surface and change in structure forma-
tions with temperature and bulk gas content [11].

These lath structure paths form according to the crystal structures defining the
inner grains of the pellet. Additionally, thermal expansion and stresses may also
cause a shift in these crystal structures and cut off the lath structures that form
within the grain. The material goes through a biphase change of Fe2O3 and Fe3O4
between the temperatures of 650 and 810 ∘C until it stabilizes at 850 ∘C [10]. This
may create a lag in formation of a lath structure into the hematite grain. The
effects of thermal exposure are illustrated in Figure 9.3.

9.2.1.2 Structure
Besides the surface, bulk structures can undergo very large chemical stresses
during the redox process. For example, hematite particles experience vol-
ume changes during the reduction process in the following trend: Fe2O3
(100%)→ Fe3O4 (124%)→ FeO (131%)→ Fe (126%) [12–14]. Yi et al. [8] inves-
tigated the phase composition of iron containing particles between 800 and
1000 ∘C in an atmosphere of 1 : 1 H2 and CO by analysis of X-ray diffraction
(XRD). The authors observed the magnetite, wüstite, and iron phases that coex-
isted in the swollen pellet at 800 ∘C. As the temperature increases, magnetite
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Figure 9.3 Thermal exposure effects on hematite.

and iron phases dissipate as wüstite increases. At 1000 ∘C, the magnetite phase
is completely reduced and wüstite becomes 87.5% of the particle. Meanwhile,
the proportion of wüstite in particles at 800 and 900 ∘C was only 55.5% and
70.3%, respectively. This volume change leads to mechanical property changes.
Particle strength has shown strong correlation with volume change in hematite.
The strength sharply decreases to 20%, from ∼2500 N per pellet to the lowest
∼500 N per pellet at 10–20 minutes reduction times [8]. At reduction times of
10–20 minutes, particle formations consisted primarily of the wüstite phase.
The conclusion is that most structural damage occurs in the site stage where
the particle showed the maximum swelling and lowest strength. Thereafter,
bonding between grains enhanced with the iron phase formation and particles
experienced volume contraction and strength improvement.

Two distinct microstructures have been identified during the reduction of
hematite to magnetite. It has been reported [15] that at low reduction temper-
atures a porous magnetite phase is formed, which advances equiaxially into
the solid from nucleation sites at the oxide/gas interface. Figure 9.4a shows
the porous growth morphology in a partially reduced hematite crystal and
Figure 9.4b a fully reduced sample. For reaction temperatures greater than
700 ∘C, the magnetite grows in the form of dense plates or laths, which traverse
the width of the particles while other areas of the oxide remain completely
untransformed (Figure 9.4c) but partially reduced; Figure 9.4d shows the
transformation across the width of the crystal. The experimental method used
by Brill-Edwards et al. for the preparation of the reduced oxide is significant to
the reduction morphology. H2/H2O/Ar gas mixtures were adjusted so that the
reduction of the pellets was achieved after an arbitrary time of six hours; no
specific gas mixtures are quoted for the reduction temperatures.

A reaction mechanism between methane and hematite was observed based
upon the earlier work of Breault and Monazam [7]. The reaction of methane with
hematite takes place according to the process defined below. Methane migrates
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Figure 9.4 Microstructures observed during the Fe2O3 → Fe3O4 transformation: (a, b) porous
magnetite; (c, d) lath magnetite (Fe2O3 has the lighter appearance). Source: Hayes and
Grieveson 1981 [15]. Reprinted with permission from Springer Nature.

to the particle surface region (outer shell of particles/grains) and reacts within a
shallow layer on the order of 70 Å associated with the shell to produce CO and H2
species and likely the solid species FeO. This is shown in the sketch presented in
Figure 9.5. The carbon monoxide and hydrogen can either react very rapidly with
hematite in this shell or will escape from the particle through the large pores to
react downstream. Hematite and hydrogen reaction kinetics [17–19] are so fast
that the observed free hydrogen is usually at the detection limit of most labo-
ratory gas analyzers except when the methane undergoes cracking late into the
particle reduction stage. Once a reasonable large share of the surface-available
oxygen has been consumed, oxygen diffuses from the core (particle/grain) to the
surface region where it reacts with the migrating methane in the same chemical
reactions, although the rate is controlled by the speed at which oxygen can diffuse
from the core hematite lattice to the attached methane.



9.2 Oxygen Carrier Structure 269

Growth

Time

O diffusion to
surface

Particle

Time = 0 FeOFe3O4

Fe2O3

Complete

consumption of

shell
Nucleation/growth

Figure 9.5 Particle model concept for hematite. Source: Breault and Monazam 2015 [16].
Reprinted with permission from Elsevier.

9.2.1.3 Gas Pores and Diffusion
As discussed in the above sections, the actual surface of the oxygen carrier repre-
sents minimal Langmuir surface area. This means that an intricate pore structure
is obtained for oxygen carriers. As the oxygen carrier’s surface area decreases with
exposure to high temperatures (>800 ∘C), generation of a new surface area dur-
ing the reduction process through the diffusion of gas pockets in the core of the
pellet to the outer surface is needed. Fick’s law of diffusion suggests that the rates
should decrease with time because the diffusion distance increases as the reac-
tion progresses [20]. However, through a number of cycles, there is a progressive
movement of gas pores from the sample surface toward the dense Fe2O3 mate-
rial as pores and larger lath structures are formed, which maintains a high rate
of diffusion [21]. Instabilities on the surface form central gas pores. Gas microp-
ores (<0.1 μm diameter) form 45∘ below the central gas pore [11]. Fracturing of
the product oxide occurs at right angles from the pore as the phase changes from
magnetite to wüstite. As the phase change occurs, volume expansion/shrinkage
can occur, which prompts stresses at the growing pore tip, and the growth of these
porous structures is influenced by the preexisting crystal structure [21]. Control-
ling and maintaining pore penetration with stable lath structures deep within and
between grains are essential for stabilizing the particles’ ability to oxidize the fuel.
Figure 9.6 illustrates this phenomenon. The reaction front continues to grow until
it intersects with the micropores, forming a dendritic structure. Between these
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Figure 9.6 Development of lath structure into hematite material.
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dendritic, treelike structures are volumes of dense magnetite reaction product.
The lath structure penetrates deeper, growing slowly toward inner gas pores and
fissions until a network between the inner grains of the pellet is completed after
several cycles.

Hayes and coworkers showed that with higher thermodynamic driving forces,
the formation of stress cracks, or fissures, was found within the porous product
structures planar to the dense Fe2O3 material [8, 21]. These fissures can serve
as interconnecting pathways as the gas pore penetrates the material. The grain
growth and structure of the material are stabilized through thermal pretreatment.
Within the 850–950 ∘C range, the surface of the pellet is stabilized and gas pores
grow without impedance of shifting crystal structure.

9.2.1.4 Ilmenite
Ilmenite is a naturally obtained iron-based ore that contains titanium. Ilmenite
undergoes significant structural changes during the redox process involved
with chemical looping. The major change with respect to the initial ilmenite is
that porosity increases substantially with the redox cycles as the surface area
decreased. For a 100 cycle test using syngas as reducing agent [22], the initial
porosity of calcined ilmenite was measured to be 1.2%, after 8 cycles it increased
to 12.5%, after 20 cycles it was 27.5%, and after 100 cycles it reached the value
of 38% [22]. Final Brunauer Emmett Teller (BET) surface area measurements
for activated ilmenite were as follows: with CH4, after 23 cycles, 0.4 m2 g−1; with
CO, after 20 cycles, 0.6 m2 g−1; and with CO+H2 mixture, 0.4 m2 g−1. The initial
calcined ilmenite had a BET surface of 0.8 m2 g−1.

Figure 9.7 shows the morphological characterization of the ilmenite oxy-
gen carrier during 100 redox cycles. Scanning electron micrography (SEM)

(a) (b)

(c) (d)

100 μm

100 μm 100 μm

100 μm

Figure 9.7 SEM–EDX images of cross-cut ilmenite particles (a) calcined and after (b) 16, (c) 50,
and (d) 100 redox cycles. Source: Cuadrat et al. 2012 [22]. Reprinted with permission from
Elsevier.
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microphotographs confirm the low pore development for calcined ilmenite.
Throughout the reduction–oxidation cycles, there is continuous appearance of
cracks, which generate the abovementioned rise in porosity. Moreover, a gradual
generation of an external layer slightly separated from the rest of the particle,
which grows with the number of cycles, could be clearly observed. This space
between the layer and the core also enhances the porosity measured for the
particle.

Electron dispersive spectroscopy (EDX) analyses were done to determine Fe
and Ti distributions throughout the particles. In calcined ilmenite both distribu-
tions were uniform, which agrees with the XRD analysis finding that Fe2TiO5 is
the main component. With increasing number of cycles, Fe2TiO5 has been seen
to undergo a physical segregation and the particle core gets titanium enriched,
whereas the external part gets iron enriched. XRD analyses of the external layer
found that this region is composed only of iron oxide; XRD of the internal core
revealed the existence of TiO2 and Fe2TiO5. After each cycle, there is an increase
in the amount of TiO2 in the core and iron oxide in the external shell, together
with a decrease of iron titanates. This means that there is migration of iron oxide
toward the external part of the particle, where there is no TiO2 to form iron
titanates. Since the active phase for a CLC application is the iron oxide, the fact
that iron oxide is at the outer part of the solid facilitates the reaction.

9.2.2 Supported Oxygen Carriers

9.2.2.1 Copper Oxides
Copper oxides are highly active oxygen carriers owing to their ability to release
gaseous oxygen as a potential chemical looping with oxygen uncoupling carrier
and are talked more about in detail in Chapters 7 and 8. While pure CuO has
mechanical stability issues such as agglomeration due to the relatively low melting
point of pure Cu, supported Cu oxides such as that with alumina are commonly
used in chemical looping applications. Forero et al. used a Cu–Al oxygen car-
rier extracted from the air reactor (AR) at different operation times to determine
changes produced in the structure of the solid materials during operation [23].
Moreover, some particles were embedded in resin, cut, polished, and analyzed by
SEM and EDX. Images of the cross section of fresh and used particles at different
tests and operation times are shown in Figure 9.8. Fresh Cu–Al particles exhib-
ited an outer shell of CuO, which disappeared during the first hours of operation
by the process of attrition. This qualitatively agrees with the CuO loss observed in
the particles during operation. The CuO content of the particles decreased from
14.2% in the fresh particles to about 11.8 wt% after 63 hours of operation at high
temperature.

Samples of used Cu–Al particles presented important changes both in the
integrity and CuO grain dispersion depending on the temperatures used. At
the lower temperatures, TFR = 1073 K and TAR = 1173 K, the small CuO grains
are dispersed throughout the entire matrix, which was corroborated with an
EDX profile. An increase in AR temperature produces an increase in the CuO
grain size by sintering of copper. At the highest temperatures, TFR = 1173 K
and TAR = 1223 K, oxygen carrier particles start to break apart, forming fines.
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Figure 9.8 SEM pictures of a cross section of fresh and used Cu–Al particles at different pair
FR–AR temperatures and operation times. Source: Forero et al. 2011 [23]. Reprinted with
permission from Elsevier.

Although the exact mechanism of formation of these structural defects is
unidentified, the sintering of copper and the formation of the metastable
CuAlO2 compound could help to break the particles.

9.2.2.2 Iron Oxides
Cho et al. looked at zirconia-supported iron-based oxygen carriers as they
undergo morphological changes during repeated redox cycles with respect to
the calcination temperature, degree of solid conversion, and gas used in the
oxidation reaction [24]. Four types of activated particles with different reactivity
could be obtained with respect to solid conversion (i.e. FeO or Fe) and the gas
used for the oxidation reaction (i.e. steam or air) shown in Figure 9.9. These
conditions determined mainly the distribution of iron species and the formation
of cracks or pores during the repeated cycling. Cho et al. reported that reduction
to FeO was favorable for the bottom product of the fuel reactor (FR) when CH4
was used as a feedstock due to the large endothermic reaction between CH4 and
Fe2O3 in the FR [25, 26]. This reaction means that a reactor design and process
operation based on the data from the Fe–Fe2O3 particle would not be correct if
the bottom product of the FR was determined to be FeO or vice versa.

Cho et al. observed more cracks or pores formed after air oxidation for the
iron-based oxygen carriers than after steam oxidation [24]. Crack or pore for-
mation was attributed to the atomic volume increase of the iron oxide because
such increases in gas–solid reactions could increase the internal stresses in the
product layer, causing its possible fracture [27]. However, this explanation is not
sufficient to explain the rare formation of pores or cracks as well as the aggre-
gated surface of the activated Fe–Fe3O4 particle in which the molar volume also
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Figure 9.9 Activation of ZrO2 supported iron oxides under various oxidation conditions.
Source: Cho et al. 2015 [24]. Reprinted with permission from American Chemical Society.

increases. Mitchell and coworkers [28] observed spalling and decohesion of the
outer hematite layer during the high-temperature oxidation of pure iron, and
analysis of the resulting scrolled oxide indicated a strong compressive stress gra-
dient. The observed growth stress at the Fe2O3–Fe3O4 interface was explained
by a compressive stress in the Fe2O3 layer and a tensile stress in the Fe3O4. Addi-
tionally, the heat release in the particle in the oxidation step should be considered.
During the oxidation step with O2, there is no gaseous product that converts the
heat away from the reaction site. All the exothermic energy is released within
the particle. This results in very high local temperatures and rapid grain growth,
which might result in local stress. When steam is used as the oxygen regeneration
source, the heat of reaction is significantly less. Additionally, there is H2, which is
produced via the steam–Fe reaction, to convert a part of the heat away and might
lead to less growth and fewer pores and cracks. Therefore, the formation of many
pores or cracks found in activated FeO–Fe2O3 and activated Fe–Fe2O3 particles
could be explained by a localized stress at the interface between the lower oxides
and Fe2O3 and/or rapid changes in local temperature.

Besides the porosity, the distribution of iron species had a notable effect on
the reactivity of the zirconia-supported iron oxide oxygen carrier. The diffusion
of iron species during the activation, mainly due to the sintering of iron species,
contributed to the formation of the activated particles covered by the aggregated
iron oxide. This particle (i.e. Fe–Fe2O3) exhibited a relatively low yield of H2 and
the possible formation of unreacted sintered iron. This result implied that an oxy-
gen carrier with iron oxide sintering potential is at risk of lowering the amount
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of H2 from the steam reaction as well as loss of reactivity in the application to
chemical looping. In addition, the low reactivity of the activated particles oxi-
dized by only steam were mainly attributed to the agglomeration of iron oxide
due to the growth of the atomic volume or sintering of the iron oxide. Finding the
optimal activation procedure that fully invigorates the oxygen carrier will affect
the start-up operation, reactor design, and overall system efficiency. Air oxida-
tion after the reduction of iron oxide without oxidation by steam was found to be
the optimal activation procedure with the minimum number of cycles.

Galinsky et al. investigated supported iron oxides for stability and activity
in methane [29]. The authors investigated supports with various chemical
and physical properties. These included perovskite (Ca1−xSrxTi1−yNiy), fluorite
(CeO2), and spinel (MgAl2O4) supports. The perovskite and fluorite supports are
known mixed-ionic and electronic conductors (MIECs) while the spinel support
is an inert ceramic. Mixed conductors can transfer electrons and oxygen anions
at a high rate. For the Ca1−xSrxTi1−yNiy supported oxygen carrier, the oxygen
carrier deactivates slightly in the first few redox cycles, but exhibits high redox
activity and stability over multiple redox cycles. The authors observe a surface
area decrease by nearly a factor of 4 over the first 10 cycles. The corresponding
deactivation is less than 15%. Additionally, no volume expansion is observed for
this oxygen carrier over 50 redox cycles. CeO2-supported iron oxide deactivates
by iron oxide aggregation on the surface, through Fex+ migration (similar to
that seen with ilmenite oxygen carriers [22]). Aggregation of iron oxide causes
deactivation through increased gaseous and solid-state diffusion resistances
[30, 31]. Decrease in sample surface area, as observed in 800 ∘C sintered sample,
is a consequence of iron migration/agglomeration as opposed to the primary
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Figure 9.10 Summary of structural changes observed during redox reactions with CH4/O2 for
variously supported iron oxides. Source: Galinsky et al. 2015 [29]. Reprinted with permission
from Elsevier.
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cause for deactivation. In contrast to the mixed conductors that both deactivated
to some degree, spinel MgAl2O4 was observed to activate in redox cycles with
methane and oxygen as the fuels. Increase in surface area was observed with
repeating cycles. The increase of surface area is determined to be a result of
deformation of the oxygen carrier particles. The deformation of the particle is
due to growth of the filamentous carbon, causing interstitial gaps within the
oxygen carrier. Visual inspection of the sample also indicates significant expan-
sion of the oxygen carrier sample over multiple redox cycles. The same oxygen
carrier deactivated over time when hydrogen was used as a fuel. This further
confirms that the carbon filaments, because of the methane decomposition
reaction, helped activate the oxygen carrier. A summary of the structural and
activity stability of the oxygen carriers is shown in Figure 9.10.

9.3 Attrition

Because of the great variety of forces and energy sources in a circulating sys-
tem, attrition in a chemical looping system has the potential to be multifaceted
and ubiquitous. Various authors have defined the term attrition slightly differ-
ently. For the purposes of this chapter, attrition will be defined as the uninten-
tional breakdown of the oxygen carrier. Figure 9.11 shows that attrition can be
divided into two main types: abrasion and fragmentation [32]. Abrasion is the
main mechanism of attrition when particles are subjected to lower velocities.
The wearing of surface asperities leads to the production of very fine particles,
which are easily elutriated. Given that the mother particles follow a single nor-
mal particle size distribution, abrasion results in a bimodal particle size distribu-
tion. When particles are subjected to higher velocities, attrition is controlled by
particle fragmentation. Fragmentation causes the particles to break into two or
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Figure 9.11 Particle size distributions of abrasion and erosion attrition mechanisms. Source:
Bayham et al. 2016 [1]. Reprinted with permissions from Elsevier.



276 9 Oxygen Carrier Structure and Attrition

more fragments that are non-elutriable and can be subject to further attrition.
Fragmentation is divided into primary and secondary fragmentation. Primary
fragmentation is the result of feeding fresh particles into a hot furnace whereas
secondary fragmentation occurs in a fluid bed or process [33]. In summary, abra-
sion is generally more responsible for fines production and economic losses from
material elutriation and replacement of the lost sorbent, while fragmentation
causes greater changes in the mean bed particle size, resulting in decreased per-
formance and increased control issues [34]. The production of particle fragments,
however, allows for the possibility of a greater rate of surface abrasion, since the
daughter particles from fracture are non-spherical, and the protuberances are
more easily worn compared to spherical particles.

9.3.1 Sources of Attrition

Attrition of particles can be expected when the material undergoes stress in any
of the three categories: (i) thermal, (ii) chemical, and (iii) mechanical (or hydro-
dynamic) [35, 36]. These are described in detail as follows. Thermal stress is pro-
duced as a result of the uneven expansion or contraction of the particle as it is
heated or cooled, causing decrepitation [37]. During the feeding of cold particles
to a high temperature region, such as a hot fluidized bed, the material can spall
due to thermal shock [35]. Examples of this include the addition of cold solid
fuel to a hot fluidized bed combustor or the addition of cold makeup catalyst or
sorbent to the system. Additionally, thermal stress is exacerbated when the par-
ticles are spatially confined, e.g. at the bottom of a standpipe or bed, and when
the particles undergo cyclic heating and cooling, e.g. in a chemical looping sys-
tem, where the particles undergo reduction at one temperature and oxidation at
a higher temperature.

Chemical stress is produced as a result of a chemical reaction on the surface
of the particle (e.g. fluidized catalytic cracking or CO2 adsorption catalysts) or
within the particle (e.g. coal or metal oxide oxygen carrier). Chemical reaction
produces internal stresses that change the lattice structure. This weakens the par-
ticles and produces surface features that can be easily abraded upon application
of small external stresses. For oxygen carriers that undergo both reducing and
oxidizing reactions, the phase change of the parent material produces different
physical properties because each possible phase in the particle exhibits differ-
ent properties. For example, for the reduction of hematite by carbon monoxide
or hydrogen, such as in a chemical looping system, the hardness of the material
was shown to decrease due to the reduction in hardness of the corresponding
phases [37]. Additionally, if the gas–solid reaction is highly exothermic, chemi-
cal stress can be coupled with thermal stress, causing temperature gradients to
occur. This is common in CLC reactors as the oxidizing reaction is exothermic.

Mechanical stresses are those that are a result of compression, tensile, or shear
stresses on a particulate material, which can be the result of the simple support of
static loads or more complex due to the dynamic motion of particles. Mechanical
stresses are divided into two: static and kinetic [38]. Static stress can be the result
of particles undergoing a compressive load with no motion or a very low veloc-
ity of solids, such as in the lower portion of a standpipe, at the bottom of a bed,
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Figure 9.12 Locations of
attrition in a chemical
looping reactor system.
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or in a silo. Kinetic mechanical stresses involve the motion of solids, whether at
high velocity such as impacts with the wall in a riser, or at lower velocity where
the particles rub together when bubbles pass through a fluidized bed. The parti-
cles can undergo both compressive and tensile stresses. When particles undergo
impact, tensile stresses are exhibited as a portion of the material wedges the par-
ticle apart; after a low- or high-velocity impact, the particle can crack under the
release of residual tensile stresses [39, 40].

A summary of the locations in chemical looping circulating fluidized beds
(CFBs) where attrition due to mechanical (static and kinetic) stress is likely
to occur is shown in Figure 9.12. The locations for attrition to occur consist
of the (i) fluidized bed, (ii) conveying lines and risers, (iii) cyclones or other
gas–particle separation devices, and (iv) standpipes.

The sources of attrition in a fluidized bed are threefold. The first area is bub-
ble attrition (1a in Figure 9.12), which is the result of particles rubbing against
each other due to bubbles passing through the bed [41]. Thus, the main mech-
anism of this type of attrition is particle–particle abrasion. The attrition rate is
proportional to the “excess” velocity in the bed, namely the superficial gas velocity
minus the minimum fluidization velocity. In beds that do not use porous distrib-
utor plates, or in beds where the introduction of fluidizing gas is highly localized,
grid jet attrition can occur (1b in Figure 9.12). The jets have the propensity to
provide a high amount of kinetic energy to the solids by entraining solids locally
through the bottom of the jet and accelerating particles toward other particles.
As a result, gas jets provide a location for both abrasion and erosion, since the
impact can produce fragmentation or chipping due to the high impact veloc-
ity. The third area is the freeboard region (1c in Figure 9.12), where breakage
of bubbles causes whole particles to become ejected into the freeboard region to
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impact other particles or the wall. This area is more difficult to quantify because
it consists of a small region of low-velocity impacts. The attrition in the free-
board region can be preliminarily assumed to be negligible, except in the case of
fluidized beds in the turbulent fluidization regime. Depending on the conditions,
the freeboard attrition can also be assumed to be negligible if the particle–particle
impact velocities are lower than the threshold velocities required to initiate chip-
ping or fracturing.

For risers and conveying lines, the gas velocity required to convey particles
has the potential to create high-velocity impacts for particles near sharp turns or
bends [42]. Additionally, in some CFB designs, the particles may impact U-beams
that intend to separate flue gas from the bed material [43] and anti-wear beams
in the riser that intend to reduce the downward particle velocity in the annular
region [44, 45]. Impact in these locations can cause significant particle fragmen-
tation if the impact velocity is above the threshold velocity.

Because the principal of operation of a cyclone requires high velocities of gas
and solid flow to separate gas and solids, the rate of attrition has the potential
to be high. Zenz has stated that attrition in cyclones for a fluid catalytic cracker
(FCC) process has been shown to be several orders of magnitude greater than in
gas grids in the fluidized bed [46]. For a traditional reverse-flow cyclone, there are
two main regions where particle attrition occurs: (i) high-velocity impacts of the
particles at the tangential inlet section and (ii) particle abrasion on the walls of the
cyclone as the system reaches steady state. The particles from the inlet are thrust
toward the wall due to the vortex pressure gradient [47]. This is mainly prevalent
for fresh materials, where the weaker fraction of the manufactured material is
easily fractured as a result of impact. The produced daughter particles from the
impacts are more easily worn down. When the system attrition reaches a steady
state, the mode mainly shifts to particle abrasion, which is the result of particles
sliding against the walls of the cyclone as they travel down toward the collection
hopper or standpipe [48, 49]. For steady-state abrasion, the rate of attrition has
been shown to be a function of the inlet gas velocity to the power of 2.5 [47].
Surprisingly, the rate of steady-state attrition in cyclone experiments has been
shown to be independent of cyclone geometry [47].

Other sources of mechanical attrition in chemical looping CFB systems include
standpipes. The main mode of attrition is by abrasion of particles with the wall
of the standpipe and additionally by particle–particle abrasion due to radial solid
velocity gradients. Additionally, for standpipes that have gas injected locally, such
as non-mechanical valves, the attrition can be a result of fragmentation, similar
to that for jets as described for fluidized beds. However, in population balance
models used for determining particle size distribution as a function of time and
attrition in CFBs, the abrasion in the standpipe has been assumed to be negligible
[49, 50].

9.3.2 Solids Properties Relevant to Attrition

As described previously, the attrition of particulate solids can be divided into
abrasion (wear) or erosion (fragmentation). This section will delve deeper into
these topics to show how to quantify the rate of each process based on known
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material properties. In theory, with knowledge of the phenomenological rate laws
for a material, the rate of attrition can be determined using information about the
stresses and strains exhibited in various sections of a CFB system. Many of these
parameters described in the following sections are summarized in Figure 9.13.

9.3.2.1 Hardness
Hardness is defined as the resistance to local plastic deformation on a material’s
surface. Historically, hardness has been categorized into three different types:
(i) scratch, (ii) static indentation, and (iii) dynamic or rebound hardness [51].
Scratch hardness describes the ability of standard materials to scratch a sample,
and its use is limited to simple characterization in mineralogy. The static inden-
tation hardness is quantified by applying a load to an indenter of a certain shape
onto a material and measuring the resulting area of indentation. Several examples
include tests by Brinell, Vickers, Knoop, and Rockwell [6]. The hardness value
mainly used for attrition research is the indentation hardness, and this parame-
ter shows up in numerous models for abrasion and erosion, both for particulate
and non-particulate (e.g. agglomerate) materials [52]. For a Vickers pyramid, the
hardness, with a unit of pressure, is obtained by dividing the load applied by the
area of indentation formed, based on the length of the indents from the pyramid.
The Vickers hardness (HV), denoted as H , is then determined from a relationship
between the load and the depth of penetration as shown in Eq. (9.1) [53]:

H = 1.8544 F
l2 (9.1)

where F is the contact force and l is indentation length. As described in later
sections, the hardness of a material is an important parameter for determining
the rate of wear and the loss of material upon impact. For applications of wear,
assuming that the hardness of the asperities is the same as that of the entire mate-
rial, asperities are broken off when the load applied is close to the flow pressure,
which is related to the hardness [54].

Numerous factors affect the hardness of a material and the rate of attrition
(both abrasion and erosion). The surface treatment of particles, such as in a flu-
idized bed or in a ball mill [55], causes the particles to become work hardened
[56]. Work (or strain, or cold) hardening is the resulting increase of surface hard-
ness due to the application of loads that cause plastic deformation. Surface hard-
ening is a result of the increase in dislocations in the material [6]. Dislocations
exhibit localized fields of compression and tension, and since the number of dis-
locations increases with strain, the motion of the dislocations is constrained due
to repelling of the compression or tension fields [6]. This is usually reversed by
applying heat to the material, which releases the stress around the dislocations.
Kimura et al. studied the effects of ball milling on the microhardness of iron
powder (−100 mesh), and the Vickers hardness increased from around 50 HV
(∼0.5 GPa) up to 950 HV (∼9.5 GPa) due to the work hardening effect [55].

Another important factor for hardness is the temperature, which can change
the hardness in two ways. The first is the presence of different phases inside a
material at varying temperatures, and the second is the effect of temperature
on each individual phase. The existence of different phases is also attributed to



Low velocity

Erosion (Large θ)

Abrasion (Small θ) Abrasion

A
b

ra
s
io

n
 r

a
te

F
ra

g
m

e
n

ta
ti
o

n
 r

a
te

Archad’s equation

2 body/3 body contact

dVw
=

=

= Fnξw

ζ α
ρpUpdpH

ds

k

H

Chipping

Particle velocity (U
p
)

Ghadiri’s equation

Particle velocity (U
p
)

U
p
*

Fragmentation

High velocity

d

Ft

Fn

Fn

Ft

Fn

Up

θ

Needs for attrition

determination:

α, H,Kc, k, Uchip, Ufrag

Uchip < Up < Ufrag

 Up > Ufrag

2

Kc
2

Figure 9.13 Summary of abrasion and erosion expressions. Source: Bayham et al. 2016 [1]. Modified with permissions from Elsevier.



9.3 Attrition 281

700

600

500

400

300

V
ic

k
e

rs
 h

a
rd

n
e

s
s
 (

H
V

)

200

100

0
20 °C 400 °C 600 °C 800 °C

Fe2SiO4

Fe2O3

Fe3O4

FeO

Temperature (°C)
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the partial pressure of the oxidizing or reducing gases in the particle environ-
ment. Generally, the hardness of a material decreases with temperature as dislo-
cation strains are overcome by the added thermal energy. Takeda et al. showed
the effects of temperature, from room temperature to 1000 ∘C, on iron oxides and
an iron silicate. Figure 9.14 illustrates the Vickers hardness (HV) for the differ-
ent iron oxide and iron silicate phases [57]. In each case, the hardness of oxides
decreases as temperature increases, and the magnitude of decrease follows the
order: Fe2SiO4, Fe2O3, Fe3O4, and FeO. Furthermore, the hardness of Fe2SiO4
and Fe2O3 is especially high at room temperature, but above 400 ∘C, the hardness
values of the two are similar to the lower oxidation states. The lowest oxidation
state (FeO) represents the softest material. From this analysis, it should be noted
that iron oxide, as indicated, is a proposed oxygen carrier for CLC, so that as the
hardness decreases with increase in temperature, the rate of wear will increase
due to the softening of the material, ignoring other factors such as work harden-
ing. Additionally, ignoring the chemical stress introduced by chemical reaction
as the oxygen carrier becomes reduced in the FR, it drops to a lower oxidation
state, which is also a softer material. Thus, these parameters need to be taken into
account in the attrition models for particulate solids.

9.3.2.2 Fracture Toughness
A material may seem to be smooth and without imperfection to the naked eye.
However, the material usually contains microscopic flaws such as gaps, cracks,
or fissures. When an external load is applied to the material, the gaps in the
material act as “stress raisers,” or “stress concentrators,” causing the stress at the
tips of these cracks to go beyond the yield stress – or even the ultimate stress – of
the material, even if the external stress applied is not above the yield stress.
Depending on the curvature of the crack at the tip, the effective stress at the
tip can be as high as 60 times the stress applied externally to the material [58].
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For brittle materials, the theoretical stress derived from knowledge of cohesive
forces and bond strength in a perfect material are much higher because most
materials exhibit these microscopic gaps. The stress of these materials in terms
of order of magnitude is usually one tenth of the Young’s modulus [6].

In general, the state of stress around a crack in a material can be determined
with knowledge of the crack size and load applied. The critical stress intensity
factor (often termed the fracture toughness) of a material is the combination of
applied external stress and the crack size [59]. Fracture toughness can be thought
of as the resistance to brittle fracture, whereby a high value of the fracture tough-
ness will indicate that failure is more likely to occur through ductile fracture. It is
also an indication of the propensity for crack propagation, given a crack size and
applied load.

The critical stress intensity factor for a material is a function of several
parameters. Temperature plays a role in the degree of ductility the material
exhibits: the higher the ductility, the more likely the material will undergo ductile
fracture instead of brittle fracture. This is shown qualitatively in Figure 9.15.
Hidaka et al. performed tensile tests on iron oxides under various temperatures
and oxidation states [60]. For 𝛼-Fe2O3, the fracture of the specimen is via brittle
fracture at 800 ∘C, via intergranular fracture at 1000 ∘C, and via ductile fracture
indicated by necking at 1200 ∘C [60]. Fracture toughness is a strong function
of the temperature and microstructural properties (e.g. grain size) of the
material [6].

Composition has a strong influence on crack toughness, as it describes the
propensity to produce plastic deformations around the crack tip. Rocha-Rangel
studied the effect of metallic additions to aluminum oxide that formed compos-
ites on the indentation fracture toughness, the results of which are graphically
shown in Figure 9.16 [62]. Furthermore, adding other ductile metals such as
nickel and titanium to the aluminum matrix caused an increase in fracture
toughness. The added metals are able to bridge the cracks, causing closing
stresses [62]. Additionally, certain elements also help maintain a homogeneous

800 °C 1000 °C 1200 °C

Figure 9.15 Fracture properties of 𝛼-iron oxide from tensile stress testing. Source: Hidaka et al.
2002 [60]. Reprinted with permissions from Springer Nature.
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microstructure in the material. In the study of the mineral grains in rocks,
measurements by Viktorov et al. show that magnetite (Fe3O4) has greater
fracture toughness than hematite (Fe2O3), which is due to the lower oxidation
state being more ductile [61].

9.3.3 Mechanistic Modeling of Attrition

9.3.3.1 Attrition due to Wear (Abrasion)
The rate of wear (abrasion) can be deduced from laws in the area of tribology,
which is the study of rubbing or sliding of solid surfaces [52]. While the study
of wear is not new, a universal model for abrasion between two surfaces based
on material properties, loads, and sliding distances is not available. On the
other hand, there exist hundreds of models that describe the rate of wear
based on parameters such as applied load, material properties, and sliding
distance [63]. The wear models in the literature can be categorized as (i) empir-
ical, (ii) contact-mechanics based, and (iii) material failure mechanism [63].
A contact-mechanics-based model that has found moderate success is derived
from Archard [64]. Archard’s equation argues that the distance rate of wear
(the volume worn per distance traveled) of surface asperities is independent of
the actual contact surface area and linearly dependent upon the normal load
applied (P) between the two surfaces and inversely proportional to the material
hardness (H) [64]:

𝜉w =
dVw

ds
= k

H
P (9.2)

where k is a wear constant, which is added to account for the fact that not all
asperity contacts result in breakage. Typically for two-body cases, k is in the range
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of 0.006< k < 0.06 and for three-body cases, it is in the range 0.0003< k < 0.003
[54]. The abrasion of particulate solids could be considered a multi-body problem,
depending on the conditions. Thus, for a material with known hardness and wear
characteristics, if the normal load is known as well as the distance traveled, the
wear volume can be calculated.

An important factor to consider in wear experiments that utilize Archard’s law
is the effect of the initial unsteady-state “break-in” wearing period that is exhib-
ited for fresh materials. For non-particulate samples in tribology experiments,
it has been shown that this unsteady period at the start of the experiment is due
to wearing down of very rough asperities, as shown in Figure 9.17 as a plot of
the wear volume or the standard wear coefficient versus sliding distance. After
the initial startup period, the wear coefficient approaches an asymptote and can
describe the degree of wear in a system at steady state [65]. This is different than
the “cushioning effect” found in comminution experiments in linear time-variant
population balance models [66].

Wear has also been considered to be due to the formation of subsurface lateral
cracks due to a chipping mechanism. Ning and Ghadiri propose the following
relation for wear based on a material failure mechanism due to a particle sliding
a curved distance L over another particle [67]:

Vw = 0.07P
5
4

π
5
4 KcH

1
4

(
2L + π

1
4 H

1
4 P

3
4

17.1Kc

)
(9.3)

where P is the load applied, K c is the fracture toughness, and H is the material
hardness (assumed the same for both particles). The equation for wear is based
on a material relation between the crack length and the indentation radius [67];
the contact radius can be related to the hardness and load applied (similar
to Archard’s law), and both surfaces undergo wear (which is an overestimate,
according to Ning and Ghadiri).
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9.3.3.2 Impact Attrition
A mechanistic model to describe the fragmentation or chipping process was also
developed by Ghadiri and Zhang [40]. The formulation of the model is based on
the indentation fracture mechanics of lateral cracks. A fractional loss per impact,
𝜁 , is defined as the ratio of the volume removed from a particle to the volume
of the original particle. According to the model, the fractional loss per impact is
given by

𝜁 = 𝛼

𝜌pU2
pdpH

K2
c

(9.4)

where 𝛼 is a proportionality factor, 𝜌p is the particle density, Up is the impact
velocity, dp is a characteristic particle size, H is the material hardness, and K c is
the critical stress intensity factor [40]. As mentioned by Meier et al., Gahn pro-
poses a slightly different fractional volume removal model upon impact, which is
of the following form [68, 69]:

𝜁 = 𝛼

𝜌pU
8
3

p dpH
2
3

G𝛽max
(9.5)

where G is the shear modulus of the material and 𝛽max is the maximum fracture
energy of the material. Vogel and Peukert developed a different correlation based
on Weibull statistics and parameters from the dimensional analysis of Rumpf [39]
on comminution [70]. It relates the breakage probability to two “material” param-
eters, f mat, which is a propensity of breakage parameter, and W m,min, which is the
minimum energy per unit mass required to cause breakage.

S = 1 − exp(−fmatdp fcoll(Wm,kin − Wm,min)) (9.6)

where dp is the particle size, f coll is the frequency of impacts, and W m,kin is equal
to the mass-specific kinetic energy of impact (Wm,kin = 1

2
U2

impact). The parame-
ter f mat is based on the crack extension energy and parameters related to the
deformation (Young’s modulus and Poisson ratio), but the material parameters
are usually derived from data fitting of post-mortem particle size in controlled
impact experiments. The equation is fit from data with the particle velocity upon
impact as the abscissa, which is known, and the fraction of particles broken after
impact as the ordinate.

9.4 Attrition Modeling

An important aspect of attrition research is developing quantitative models
for attrition rate prediction to help foresee the cost of solids makeup. This is
especially important in CLC, where the makeup cost of the oxygen carrier may
potentially outweigh the cost benefits of the technology. Thus, the following
section discusses some of the quantitative or semi-quantitative attrition rate
models derived from studies on previously developed technologies, such as FCC
and CFB combustion. There are two groups of attrition rate models developed
based on observations from these more established technologies: unsteady
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state and steady state. The unsteady-state phase is characterized by a higher
attrition rate due to abrasion of the rough edges of the particle and the breakage
of very weak particles. Once the protuberances and rough edges are smoothed
down, the attrition rate decreases and settles to a nearly constant, steady state
if the process conditions are constant. This can be described as having the
characteristics of a Markov process [48, 71], occurring when around 3–5% of
the initial bed mass has attrited [71]. For the latter period, models for specific
unit operation have been developed. The two groups of models are discussed in
Sections 9.4.1 and 9.4.2.

9.4.1 Unsteady-State Models

When fresh solids are added to a fluidized system and gas and solid flows are initi-
ated, the attrition rate is initially high and changes with time, usually decreasing
with time exponentially. This has caused researchers to attempt to fit the data
according to a chemical kinetics analogy, with the attrition rate being propor-
tional to the bed weight and/or time:

dm
dt

= f (t,m) (9.7)

The authors have used various functions f (t, m) to represent the transient rate
of attrition measured in their processes, and some of these functions are shown
in Table 9.1. The simplest function is first order in the bed weight, which Para-
manathan and Bridgwater have reported to describe the disappearance of par-
ticles in a given size interval in an annular shear cell with limited success [72].
Similarly, Cook et al. used a second-order model to fit data from attrition tests in
a CFB [73].

The most successful and versatile unsteady-state model for describing attrition
is the empirical formulation of Gwyn [74], in the original form of which the mass
of fines produced is proportional to the time elapsed to some power, usually a
negative value. Several authors have found this form effective in fitting attrition
data, such as Neil and Bridgwater’s experiments in annular shear cells, fluidized
beds, and a screw pugmill [75–77]. Mathematically, an issue with Gwyn’s for-
mulation exists in that the model implies that the attrition rate is infinite at the
initiation of attrition (time equals zero). Other authors have found limitations in

Table 9.1 List of expressions for estimating the unsteady-state rate of
particulate attrition.

f (t, m) Used by authors

1 −km Paramanathan and Bridgwater [72]
2 −k(m2 − m2

min) Cook et al. [73]
3 mtotalkgbtb− 1

(original form: m
m0

= kgtb)

where kg = ad
− 2

3
p

Gwyn [74]
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using Gwyn’s formulation as well. Under high normal stress in the annular shear
cell unit, Ghadiri et al. [78] found that the data deviated from Gwyn’s formula-
tion, indicative of a more complex attrition mechanism. A weakness of this type
of attrition modeling is that the exponents and the model form are unknown a
priori, so detailed experimental studies are required to determine the form of this
model and the corresponding constants for new materials and novel experimental
apparatuses.

9.4.2 Steady-State Models

The source of attrition in a fluidized bed is due to the gas jet impingement at the
bottom of the bed and the passing of bubbles through the bed [48]. The attrition
mechanism for jet impingement in a bubbling fluidized bed is due to the impact
of solids at the top of the jet and abrasion of the solids due to circulation of the
solid material around the jet [79]. Werther and Xi developed a steady-state grid
jet attrition model based on the efficiency of kinetic energy from the gas jet to pro-
duce new surface area of the bed material. The resulting expression, as shown in
Table 9.2, is a function of the gas density, the orifice diameter squared, and the gas
orifice velocity to the third power [82]. A bubbling attrition rate expression can
be similarly derived assuming that the energy balance is between the excess gas
velocity (i.e. the superficial gas velocity minus the minimum fluidization velocity)
and the energy required to create new surface area of the bed material [35, 38].
The derivation involves an assumed bubble frequency, the energy required to
create new surface, and the velocity of the particles upon collision. The main
parameters in the derived model are thus the excess gas velocity, the specific sur-
face energy, the particle density, and dimensional parameters related to the mass
of the bed (e.g. bed height). With important parameters lumped together, the
attrition rate is then proportional to the Bond number, namely, the ratio of iner-
tial forces to surface forces. Thus, the greater the excess gas velocity, the lower
the specific surface energy for the material, and the greater the mass of the bed
of solids, the higher the rate of attrition due to bubbling. It is assumed in these

Table 9.2 List of expressions for estimating steady-state rate of particulate attrition.

Rate of attrition expression Used by authors

Jet attrition Rj,abr =
(
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Ciliberti et al. [35] and
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Bayham et al. [81]
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analyses that the bubbling and jetting attritions follow a principle of superposi-
tion and that their effects are additive.

A model for particulate wear in a cyclone has been developed by Reppenhagen
and Werther [47] and assumes that the transfer of kinetic energy of the particles
(i.e. the square of the cyclone inlet gas velocity, Ugas,in) is related to the energy of
new surface creation, as shown in Table 9.2. From experiments on cyclone attri-
tion, the attrition rate was also shown to be inversely proportional to the solids
loading in the solids laden gas. The constant Ccyc is assumed to be proportional
to the surface free energy of the material and independent of cyclone geom-
etry [47]. At high velocities, the experimental data deviated from the derived
expression owing to the particle impacting the wall, causing fragmentation of the
particle [47]. Nevertheless, authors such as Tamjid et al. use this model to pre-
dict attrition from computational fluid dynamics (CFD) simulations based on the
velocity of particles at each point in the cyclone [80]. Bayham et al. [81] devel-
oped a model similar to Reppenhagen and Werther but based on a wear-path
mechanism. The model resulted in a similar functionality with respect to inlet gas
velocity. Additionally, it also incorporated a geometric term that was a function
of the dimensions of the cyclone.

9.4.3 System Modeling

The models previously mentioned can be combined to estimate the rate of attri-
tion in a system, and a population balance can be used to track the fates of particle
sizes. This is particularly important for systems with multi-modal particle size
distributions such as CLC, where solid fuels are mixed with attrited oxygen car-
rier [83, 84]. A population balance consists of mass balances within size classes.
The effect of attrition on a certain size of particle causes it to move to a smaller
size class. The balance for a size class consists of a breakage rate function and
a particle selection function. The breakage rate function acts as a kinetic con-
stant that describes how quickly a particle undergoes attrition from a certain size
class, while the particle selection function describes what fraction of the original
particle size goes into which smaller size class. Restrictions exist on the break-
age rate and the breakage distribution functions. First, particles in the finest size
class cannot disappear. The analysis can also assume no agglomeration, which
prevents the finer particle sizes from growing into a larger particle size. Finally,
the conservation of mass causes the sum of the mass fractions to add to unity [66].
Variations of the model include constants that are based on time, such as Gwyn’s
equation, and include changes in density and chemical reaction [83, 85].

Kramp et al. simulated a steady-state 50-kWth gaseous fuel process based on the
laboratory scale and a 100-MWth gaseous fuel CLC process based on a potential
commercial-scale unit [84]. Three locations for attrition were used in this work:
cyclone, grid jets, and bubbling bed. Since the attrition constants were not known
for the oxygen carriers in question, representative constants were chosen from
vanadium phosphorous oxide (VPO) and FCC catalysts from small-scale labo-
ratory studies. The locations of loss of oxygen carrier from the vessel differed
between the scales, where most of the fines elutriated out the FR at the small
50 kWth scale, while at the large scale, most fines were lost from the AR cyclone.
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The main source of the attrition in both the 50 kWth and the 100 MWth processes
was due to the cyclones [84]. Unfortunately, the model does not consider attrition
due to reaction.

9.5 Experimental Testing

To complement the attrition modeling approaches discussed in Section 9.4,
experimental techniques to quantitatively and qualitatively compare materials
are needed. Traditionally, attrition research has been performed using two
approaches as described by Werther and Reppenhagen [32]. One is a test facility
method, which uses a smaller version of the desired unit that consists of the
types of stresses that the large-scale unit would exhibit. Small-scale tests facility
can often give a rapid, inexpensive indication of material behavior, and results
from several sources can be compared. For example, a small-scale fluidized bed
attempts to mimic a larger-scale bed. The resulting model is usually a result
of a few key variables, e.g. gas velocity and bed weight, times a bulk system
constant, which is system and material dependent. Furthermore, a determina-
tion of reduction of bias and precision errors as well as data verification and
identification process needs to be used to increase the accuracy. Since significant
impact on this process may have been generated by bias error, its reduction and
determination is the key issue. This approach works under the assumption that
the small laboratory unit will maintain dynamic similarity to the large-scale unit;
however, this may not necessarily be the case. Furthermore, the bulk constant is
unknown without performing experiments.

The second alternative approach attempts to consider both the types of stresses
and the range of magnitude of stresses exhibited on the particles [32]. While the
testing apparatus does not necessarily involve simulating the actual components
found in the large-scale system, the resulting force-attrition data can be coupled
with multiphase fluid mechanical models to obtain the attrition of a large-scale
unit. A number of the parameters described in Sections 9.3 and 9.4 can be deter-
mined from representative experiments that provide the same types of forces as
would be seen in the actual CFB system. Most experimental test rigs for attrition
are intended to isolate either abrasion- or impact-based attrition mechanisms.

9.5.1 Nanoindentation

The hardness of a material is historically considered the most important param-
eter in measuring the attrition of materials. Determination of the hardness of
non-particulate materials is straightforward by measuring the projected area of
the permanent indentation for a given load on a sample of the material [51]. Sim-
ilarly, the fracture toughness can be determined by performing tensile tests on a
material with a known crack size [6]. However, properties of a material in partic-
ulate form may deviate from its equivalent properties in larger non-particulate
form or particles bound together in an agglomerate. Thus, a technique is needed
that can provide a small enough indenter load and size to fit onto the surface
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of a particle. Because the creation of tensile samples of the same material as the
catalyst powder and the same physical properties is not always possible, an anal-
ogous technique is required for fracture toughness. Additionally, since CFB pro-
cesses are designed to run at high temperatures, the material properties should
be tested at the respective temperature, with low partial pressure of oxygen in
some cases, since some of these environments are reducing.

Nanoindentation is a powerful technique that can determine physical prop-
erties such as Young’s modulus, hardness, and fracture toughness at a small
scale [86]. During the indentation test, a diamond indenter tip penetrated
the sample under a normal load that can be increased continuously up to a
designated level. The load can then gradually decrease back to zero, resulting in a
load–displacement (depth) curve. The maximum penetration depth (d), related
to the hardness, is the displacement under the maximum load. The technique
uses a small diamond indenter, such as a Vickers, Berkovich, and cubed corner,
and sensitive transducers to apply a known loading rate to the sample while
continuously measuring the corresponding displacement of the indenter in the
sample. From the load–displacement curve, the Young’s modulus and hardness
can be calculated. The testing is usually programmed to stop at a maximum load,
the indenter is held for a short period of time, and then, the indenter begins
the unloading process. Owing to the locally plastic nature of the material, a
hysteresis effect is observed upon unloading of the sample. The transducers
for a nanoindentation instrument are very sensitive, with typical values of
resolution for load around 1 μN and for depth on the order of angstroms [87].
The technique requires knowledge of the functional relationship between the
indenter depth and projected area of the indenter. The projected area can be
estimated from experiments that fit data from knowledge of the projected area
and the indentation depth [88].

The nanoindentation technique can also be used to find the fracture char-
acteristics if the load applied to the indenter can be greatly increased to cause
the material to crack. For such small scales, the load required to crack the
material using a Vickers probe is impractical, so a cube-corner probe is often
used instead, which lowers the cracking load threshold [89]. While hardness
is traditionally assumed to be independent of the load applied, care should be
taken to indent the material sufficiently enough to prevent the phenomenon
of the indentation size effect from hampering accurate measurements of the
particle [87].

The versatility of the technique can be due to the very small nature of the inden-
ter, allowing for measurement of individual particles and grains. The motivation
behind nanoindentation was to determine hardness of thin films where tradi-
tional hardness indentation techniques would indent at a depth longer than the
thickness of the material [90], so the technique naturally applies well to small
particles. The technique has been used at room temperature to deduce the prop-
erties of pharmaceutical crystals [91], steam methane reforming catalyst [92],
silica [86], and yttria stabilized zirconia [86]. Most importantly, the technique can
also measure the material properties in inert environments at high temperatures,
which is important for processes such as combustion and oxidation/reduction
in CLC [93].
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9.5.2 Fluidized Beds

The advantage of fluid bed methods is that samples can be prepared in the fluid
bed itself, and the stresses experienced by the particles are representative of the
actual process. Furthermore, fluid bed method has good mixing abilities, excel-
lent heat transfer, and efficient gas–solid contacting. However, the main causes
of particle attrition in fluid bed are fluid-dynamics-induced stresses such as high
and low velocity impacts, stresses due to chemical reactions, and thermal stresses
resulting in change in internal pressure. Depending on the types of solids used,
a significant size reduction of solid pellets may occur due to attrition during
fluidization. The size reduction resulting from attrition may affect the reactor
performance as well as the fluidizing properties, or cause a significant loss of
bed materials by elutriation during fluidization. Attrition in fluidized beds can
be caused by either abrasion or fragmentation mechanisms.

The laboratory fluidized bed can take several forms. For studying jet attrition,
the gas distribution will either consist of a single orifice [94] or three orifices, such
as in the ASTM D5757 test [95]. Forsythe and Hertwig designed a fluidized bed
attrition testing unit with a gas distributor consisting of a single orifice [94]. Addi-
tionally, to only study bubbling attrition, the plate is replaced with a perforated
plate, such as by Ray et al. [71]. The obvious use of the fluidized bed attrition unit
is to monitor the attrition due to bubbling or grid jets, but fluidized bed tests have
also been used in an attempt to predict the susceptibility of attrition in pneumatic
conveying lines [32]. Bemrose and Bridgwater provide a more detailed summary
of prior work using fluidized beds [96].

Ray et al. studied limestone attrition (300–1000 μm feed size) in a small flu-
idized bed consisting of a porous plate distributor [71]. They developed a multi-
component attrition model to determine the relative rate of attrition between dif-
ferent particulate species, comparing the attrition of different sizes of limestone
(high degree of attrition) and silicate sand (low degree of attrition) to validate
their model. Ray et al. [71] also proposed a “surface reaction” model to simulate
the distribution of attrition rates for a multicomponent mixture. Ray et al. [97]
developed a population model for particle mixtures undergoing both attrition
and reaction.

For CLC applications, Brown et al. studied the effects of bubbling fluidization
on pure iron oxide (hematite) and alumina-supported copper oxide under three
different hot conditions at 850 ∘C: (i) fluidization with air, (ii) single reduction
stage with carbon monoxide/carbon dioxide, and (iii) oxidation–reduction
over 10 cycles, as well as an 11th reduction after sieving and reheating the
particles [98]. Attrition was measured by the elutriation rate, using a pair of
filters at the gas outlet of the fluid bed, switching between new and used filters
periodically throughout the run. The first set of experiments showed the typical
exponential decay of the time dependence of attrition by abrasion. The second
set showed the rate of attrition at multiple points during reduction of the oxygen
carriers. For the unsupported iron oxide, attrition increased gradually through
the reduction phase, then decreased with time after the reaction stopped. For
the alumina-supported copper oxide, however, the attrition rate dropped as a
function of time, even during chemical reaction. Multi-cycle testing showed
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that the unsupported iron oxide attrition rate increased dramatically with
increased oxidation–reduction cycles, while the same for the supported copper
oxide decreased, for the most part. The magnitudes of the attrition rates for
the different materials were also vastly different, with unsupported iron oxide
having a peak attrition rate of around 110 mg min−1 during the 10th oxidation
cycle, with the alumina–copper oxide having a peak of around 2.7 mg min−1

during the first reduction cycle [98]. This is confirmed through work conducted
by He et al. [99]; however, they observed a steady-state attrition rate for the
alumina-supported copper oxide after approximately 1000 redox cycles.

Reactions that cause the loss of species such as CO2 during calcination in flu-
idized bed combustion and lattice oxygen during reduction in CLC tend to cause
higher attrition rates, while reactions that add to the lattice structure of the par-
ticles such as sulfation cause the attrition rate to be hindered. Finally, grid jets
in fluidized beds cause a great degree of localized attrition, so the attrition rate
results will depend on the size of the bed compared to the size of the jet.

9.5.3 Impact Testing

Particulate impact tests are used for determining the resistance to impact, the
size of the daughter products, and the threshold velocity at different velocities.
The particle will not experience significant breakage typically when the velocity is
below the threshold velocity. Traditionally, these tests have been performed using
a drop tube, whereby the particle free-falls to a hard target below, and the particle
size distribution is measured post mortem [48]. However, researchers such as
Yuregir et al. have developed an apparatus that utilizes an air-blown eductor to
convey particles, usually one at a time, at a target [100]. This apparatus allows for
a much greater range of impact velocities. The apparatus is shown in Figure 9.18
and consists of an eductor that allows solids to be fed into the air stream, a filter
for the fines collection, and a camera or velocimetry device to capture the particle
velocity upon impact.

Zhang and Ghadiri studied the impact attrition of cut crystals of MgO,
NaCl, and KCl over 20 impacts at velocities of 4.3–8.4 m s−1. They were able
to extract the proportionality factor (𝛼) for impact attrition, which was around
1.2–1.7× 10−4 for MgO, 4.3–8.2× 10−4 for NaCl, and 1.0–4.6× 10−4 for KCl and
show that the impact attrition follows this model [101].

For CLC, Brown et al. studied impact attrition of iron oxide in the form
of unsupported hematite and alumina-supported copper oxide, both after 1
and 10 reduction–oxidation cycles described previously in the fluidized bed
experiments [98]. Hematite and magnetite particles (reduced form) after 1
reaction cycle showed a reasonable impact attrition resistance, with 4.6% and
11.7% of the original particle mass being fragmented at 45 m s−1, respectively,
but after the 10th oxidation and 11th reduction for hematite and magnetite,
such as at 38 m s−1, a > 97% mass fragmentation occurred [98]. Meanwhile, the
alumina-supported copper oxide showed a much greater resistance to impact
fragmentation, whereby the breakage after the 10th oxidation and 11th reduction
cycles is around 18% of the original mass [98]. This indicates the importance of
using a support for oxygen carriers.
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Figure 9.18 Impact attrition device. Source: Meier et al. 2009 [69]. Reprinted with permissions
from Elsevier.

The impact velocity for solids depends on the properties of the solid and the
conditions present, such as temperature and partial pressure of oxygen. Ghadiri
and coworker found that the mother salt crystals tend to begin to chip around
4 m s−1 and undergo fragmentation around 13 m s−1 [101]. Chen et al. found that
limestone particles begin to fragment at velocities around 8.5–13.5 m s−1 from 25
to 580 ∘C [102], and Reppenhagen and Werther found that the abrasion model
for attrition in a cyclone for FCC powder begins to deviate due to fragmenta-
tion of the particles around 20 m s−1 [47]. Thus, the threshold velocity could be
considered a material parameter (this is qualitatively shown in Figure 9.13).

9.5.4 Jet Cup

The Grace-Davidson jet cup is a common device used to compare the attrition
characteristics of fine catalysts, usually in small quantities [32, 103]. As shown
in Figure 9.19, it consists of a cup that holds the catalyst sample, with a tangen-
tial gas inlet that impinges a small but high-velocity gas jet, causing the particles
to impact other particles and the walls of the cup. The gas and solids exit the
cup through a disengagement section, allowing for gravity to separate most of
the particles, while the remaining particles are captured with a filter, either inter-
nally or external to the device. This provides a good screening tool for catalyst
development, since only a small amount is required for testing [32]; however,
smaller sample sizes can result in larger measurement error [33]. Additionally,
there is no standard for the dimensions of a jet cup nor is there a standard gas
velocity [33]. The usual value that comes out of this test is the attrition index,
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Figure 9.19 Grace-Davidson
jet cup attrition device.
Source: Cocco et al. 2010
[104]. Reprinted with
permissions from Elsevier.

which is the mass of fines generated below either 44 or 20 μm divided by the
mass of the unattrited sample. This is mainly prevalent for Group A particles.
The Grace-Davidson jet cup usually is considered to represent the attrition in a
cyclone in a CFB. Additionally, the incoming air is usually humidified to prevent
the particles from sticking to the walls due to static electricity [33].

Amblard et al. studied the attrition characteristics of a Geldart Group A FCC
catalyst and a Group B CLC mineral oxygen carrier, and their work attempted to
develop a new attrition index for Group B particles, which are prevalent in CLC,
since breakage by fragmentation of Group B particles is not below 44 μm [105].
Their new attrition index involved measuring the difference in particle size distri-
bution before and after attrition, named the total particles generated index. This
parameter tended to increase dramatically after a certain jet velocity, indicative
of the transition from abrasion to fragmentation. CFD analysis using Barracuda
showed that in order to have the same mechanical flow patterns of the parti-
cles, the volume of solids in the cup needed to be constant, as opposed to equal
weight [96].

Rydén et al. [33] characterize the attrition in the jet cup test by measuring the
weight of fines that are elutriated and recovered in a filter. However, one problem
is that the number of particles elutriated at a constant gas velocity depends also
on particle properties such as the density. Therefore, when comparing two solids
with different densities, the number of fines elutriated to the filter might be lower
for the heaviest solids but it does not mean that the attrition rate is lower.

Rydén et al. tested 25 different oxygen carrier materials in a conical jet cup
unit as part of an assessment for the selection of oxygen carriers for CLC, both
before and after oxidation and reduction reactions [33]. They ran conical jet-cup
testing using 5 g of material with a jet velocity of around 94 m s−1, weighing the
filter every 10 min. Many of the used oxygen carriers exhibited a linear attri-
tion rate, while many of the fresh oxygen carriers, which consisted of perhaps
rough surfaces, tended to show the time dependence of attrition. They conclude
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that iron- and nickel-based oxygen carriers supported on alumina-type supports
(NiAl2O4, MgAl2O4) and perovskite materials had a higher resistance to attrition
after reaction, while copper-based and ZrO2 and Mg–ZrO2 supported material
showed lower resistance to attrition. They attribute the resistance of attrition to
the lower porosity of the material. Finally, with exception of crushing strengths
above 2 N, they indicate that there was no strong correlation between the par-
ticle crushing strength and the performance in the larger continuous chemical
looping units, but the jet cup correlated better, despite the fact that chemical and
thermal stresses were not applied to the particles in the room-temperature jet
cup experiments [33].

The design philosophy of a jet cup should be to cause as much of the sample
to undergo attrition conditions. Therefore, Cocco et al. looked at various design
changes to the original Grace-Davidson jet cup to determine which one mini-
mizes the degree of particle stagnation, and they found that a conical jet cup with
a single tangential inlet produced the most active material [104]. Tests were run
with both an FCC catalyst and a proprietary catalyst, and the gas velocities ranged
from 76 to 274 m s−1. The cups were made of Plexiglas to be able to monitor the
solids motion externally. They also simulated the original Davidson jet cup using
CFD to monitor where regions of particulate trauma were high and low, and they
indicate that the particles tend to hit the wall rather than slide over it. Further-
more, the particulate velocity near the jet was only around 12% of the gas velocity.
For the simulation of the conical jet cup, the particulate trauma was higher as well
as the collisional frequency [104]. Similar to the work by Rydén et al., Cocco et al.
compared the jet cup testing to attrition in an actual unit, namely a 12′′ fluidized
bed with three recycle cyclones, and the conclusion showed limited correlation
between the cylindrical jet cup performance and that at a larger scale [104].
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10.1 Introduction

CO2 and other gases such as CH4 produced from burning fossil fuels trap ther-
mal radiation from the Sun in the Earth’s atmosphere and lead to an increase in
the Earth’s surface temperature by the greenhouse effect. Following the industrial
revolution at the turn of the twentieth century, the world began to consume fos-
sil fuels for energy at an ever-increasing rate. As a result of the rapid combustion
of fossil fuels, the level of CO2 in the atmosphere has risen by almost 30% com-
pared to the pre-industrial times and the International Panel on Climate Change
reported that the “warming of the climate system is unequivocal” and “most of the
observed increase in global average temperatures since the mid-twentieth cen-
tury is very likely due to the observed increase in anthropogenic greenhouse gas
concentrations” [1]. This global warming is projected to cause an increase in sea
levels caused by melting of the polar ice caps as well as increase in the frequency
and intensity of extreme weather events. While renewable energy is expected to
account for an increasing portion of the energy supply in the future, fossil fuels
will still remain the dominant energy source for at least the next 25 years as shown
in Figure 10.1 [2]. Hence, addressing carbon emissions from power plants has
become an active area of research.

In recent years, several technologies have been demonstrated to capture CO2
emissions from fossil-fueled power plants and greatly reduce emissions into the
atmosphere. These technologies can be broadly categorized as pre-combustion
capture, such as the integrated gas combined cycle (IGCC); post-combustion
capture, such as sorbent-based absorption; and oxy-fuel combustion. However,
each of these technologies requires a separate process to isolate CO2 from the
other gases, which consumes much of the total energy produced by the plant and
can lead to a significant increase in the cost of electricity [3, 4]. On the other
hand, one technology that has shown great promise for high-efficiency low-cost
carbon capture is chemical-looping combustion (CLC). The CLC process typi-
cally utilizes dual fluidized bed reactors and a metal oxide oxygen carrier that
circulates between the two reactors, as shown in Figure 10.2a. Another setup for

Handbook of Chemical Looping Technology, First Edition. Edited by Ronald W. Breault.
© 2019 Wiley-VCH Verlag GmbH & Co. KGaA. Published 2019 by Wiley-VCH Verlag GmbH & Co. KGaA.
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Figure 10.2 Schematic representation of a chemical-looping combustion system with (a)
interconnected fluidized beds and (b) packed bed with alternating flow [5].

CLC that has been documented in the literature employs a single vessel with a
packed bed of oxygen carrier that is alternatingly used as an air and fuel reactor
via a high-temperature gas switching system, shown in Figure 10.2b.

The primary advantage of CLC is that the combustion of fuel in the fuel reactor
takes place in the absence of air using oxygen provided by the oxygen carrier; the
flue stream from the fuel reactor is not contaminated or diluted by other gases
such as nitrogen. This provides a high-purity carbon dioxide stream available for
capture at the fuel reactor outlet without the need for an energy-expensive gas
separation process. The reduced oxygen carrier from the fuel reactor is pneu-
matically transported to the air reactor where it is reoxidized by oxygen from air
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and circulated back to the fuel reactor to complete the loop. The only energy cost
of separation associated with CLC is the cost of solid recirculation; research has
shown that this is only about 0.3% of the total energy released by the CLC pro-
cess [6]. This is considerably lower than the benchmark for technologies such as
oxy-fuel combustion where the oxygen separation process can consume about
15% of the total energy. Several studies on the energy and exergy of CLC sys-
tems in the literature suggest that power efficiencies greater than 50% can be
achieved along with nearly complete CO2 capture [7–11]. Recently, a technoeco-
nomic study to assess the benefits of CLC has reported that the cost of electricity
for a CLC plant using Fe2O3 oxygen carrier is $115.1 per MWh, which compares
favorably against the cost of $137.3 per MWh for a conventional pulverized coal
boiler when additional amine-based CO2 absorption is considered [12].

A lot of the early research in the area of CLC focused primarily on the use of
gaseous fuels such as natural gas and syngas. However, as shown in Figure 10.1,
since coal is projected to remain one of the dominant fossil fuels in the near
future, the use of coal for CLC has garnered significant interest in recent years.
One way to utilize coal in a CLC process is to first gasify the coal into syngas
in a stand-alone gasifier and then inject the freshly converted syngas into the
fuel reactor. To ensure the absence of nitrogen and other gases in the syngas,
the gasification must be carried out with oxygen instead of air, which requires an
additional air separation unit. As such, this approach introduces the inefficiencies
associated with oxy-fuel combustion and similar technologies. From the perspec-
tive of the CLC process, this scenario is identical to the one that uses gaseous
fuel. An alternate approach is to inject pulverized coal directly into the fuel reac-
tor, a process known as coal-direct chemical-looping combustion (CD-CLC). The
CD-CLC concept eliminates the necessity of a separate gasifier and reduces the
complexity of the power plant. Within CD-CLC, two alternatives have been pro-
posed as to how the metal oxide will participate in the coal combustion since
the solid–solid reaction rate of coal with the metal oxide is negligible [13]. One
option, which is considered in this report, is to gasify the coal in the fuel reac-
tor with CO2 or H2O as the fluidized agent and react the oxygen carrier with
the products of gasification [14]; this process is known as CD-CLC with in situ
gasification. The other option, based on a patent by Lewis and Gilliland [15] and
discussed in the context of chemical looping by Mattisson et al. [16], is known as
chemical-looping with oxygen uncoupling (CLOU), which utilizes special oxygen
carriers that release gaseous oxygen under reactor conditions that can sustain the
combustion of solid coal in the fuel reactor.

The work of Leion et al. [17] has identified that the rate of fuel conversion in
the CD-CLC process is limited by the char gasification step. The agglomeration
between oxygen carrier and coal ash is another concern as it has been reported
to reduce the reactivity of the metal oxide particles [18]. These concerns are
addressed by utilizing a spouted fluidized bed for both reactors with relatively
large diameter particles, unlike in CLC using gaseous fuels that can use a bub-
bling or fast fluidized bed for the fuel reactor. The larger particles correspond to
Group D or spoutable particles according to Geldart’s powder classification [19].
In a spouted fluidized bed, a high velocity jet of pulverized coal and the fluidizing
agent is injected at the center of the fluidized bed to induce strong circulation
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rates for the solid particles and enhance the solid–gas mixing. The increased
friction from the mixing of solids can also serve to slough off the ash build-up
on the metal oxide particles and restore reactivity [20].

The bulk of the literature on CLC so far involves laboratory-scale experiments
of CLC systems. Setting up and executing such an experiment can be an expen-
sive and laborious process. On the other hand, simulations at the system level
using computational fluid dynamics (CFD) models provide an efficient means to
analyze the performance of a CLC system in terms of the energy balance and
chemical kinetics as well as the intricacies of the fluidization behavior. There are
several excellent reviews on the chemical looping process from a chemical engi-
neering perspective in the literature [21–23] but a review of the simulation aspect
of CLC is lacking. Given the significant recent progress in this area, the authors
feel it is timely to present a summary of recent developments in reactor-level
simulations in chemical looping combustion. The work presented in this chapter
provides valuable insights into the various process and design optimizations crit-
ical to the efficient operation and performance of the CLC process. The successful
design and optimization of a CLC system requires the development of credible
simulation models for multiphase flow, which include solid particle dynamics and
chemical kinetics.

10.2 Reactor-Level Simulations of CLC Using CFD

CFD provides an efficient means to analyze the performance of a CLC system
and characterize the fluidization and chemical kinetics in the system. In order
to establish a credible simulation for an interconnected dual circulating fluidized
bed configuration typical of a CD-CLC setup with particulate metal oxides and
fuel present, it is critical to accurately capture the solid circulation and separa-
tion as a result of the solid–gas two-way coupling and the solid–solid interaction.
Numerical modeling of multiphase flows involving a granular solid and a gas of
the kind seen inside a CLC fuel reactor can be achieved with varying degrees of
accuracy with varying computational cost depending on the Eulerian–Eulerian
or Eulerian–Lagrangian modeling approach considered in the simulation.

The Eulerian–Eulerian approach or multi-fluid model circumvents the high
computational demand of the particle-based models while retaining fidelity. In
the multi-fluid models, the solid phase is also considered as a continuum fluid
and particle variables such as mass, velocity, temperature, etc. are averaged over
a region that is large compared to the particle size. As such, this approach only
accounts for the bulk behavior of the solid phase. Constitutive equations for the
solid-phase pressure and solid-phase viscosity, which are required to model the
interactions between the solid and the gas phases, are provided by the kinetic
theory of granular flow. The kinetic theory of granular flow is an extension
of the classical kinetic gas theory that includes the inelastic particle–particle
interactions [24, 25].

Initial CFD studies employing the Eulerian–Lagrangian approach focused on
demonstrating the capability of computational methods to model a multiphase
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gas–solid system and were not based on any particular experiment [26, 27].
Later, the work of Mahalatkar et al. [28, 29] based on a single reactor setup
similar to Figure 10.2b showed that the multi-fluid model is able to match
the reaction mechanics inside a CLC fuel reactor with reasonable accuracy.
However, the single reactor setup “cannot be operated with solid fuels and the
design and operation of the hot gas switching system is problematic” [30]. To
design a CLC system for operation using solid coal given its likelihood to remain
a dominant fossil fuel in the near future, the use of the dual fluidized bed setup
shown in Figure 10.2a is necessary. The single reactor simulations that exist in
literature do not provide any information about the circulation of oxygen carrier
inside a dual fluidized bed setup.

The drawback of the Eulerian–Eulerian simulation is that the exact particle
dynamics in the system cannot be determined and optimized. Moreover, the
work of Gryczka et al. [31] with 2-mm-diameter particles has suggested that
accurate numerical representation of particle dynamics is not likely to be
achieved for spouted beds using the multiphase granular solid-phase approxi-
mation due to “the inadequacies of the continuum model.” The inaccuracy arises
from the non-physical closure terms used in the Eulerian–Eulerian model such
as the frictional solids viscosity or solids pressure based on the kinetic theory
of granular flow. To address these shortcomings, the Eulerian–Lagrangian
particle-based model known as discrete element method (DEM) has been
proposed. The trajectory of each individual particle in DEM is resolved based
on a force balance calculation. The particle tracking is coupled with the CFD
solution for the fluid phase by considering the interaction between the particles
and the fluid separately for each particle. The coupled CFD-DEM simulation
can model the multiphase solids–gas flow with high accuracy, although the high
computational cost associated with tracking the individual particles and their
collisions is the reason behind the scarcity of particle-based models for CLC
simulation in the literature to date. For the relatively large Geldart Group D
particles, cold-flow simulations using the coupled CFD-DEM model have proved
capable in accurately matching the particle dynamics of various laboratory-scale
fluidized bed experiments [32–34]. The coupled CFD-DEM approach was
recently employed by Parker [35] to develop a comprehensive model of the
circulating reactor system at the National Energy Technology Laboratory with
reacting flow for CD-CLC but the complexity of the work was such that it took
81 days to complete 50 seconds of simulation.

In a multiphase CFD simulation, the interaction between the solid phase and
the gas flow manifests as a drag force on the particles and a corresponding drop in
pressure in the gas phase. The Stokes’ drag law for a single spherical particle in a
viscous fluid significantly under-predicts the actual drag force when the particles
are clustered in a fluidized bed; the drag is calculated using empirical relations
instead. The choice of the drag model plays a crucial role in the accuracy of the
multiphase simulation results. The Ergun equation [36] describes the drag for
both low Reynolds number and high Reynolds number flows but is only accurate
for packed beds. For bubbling or fast fluidized beds that include both dilute
and dense regions, the Gidaspow drag law [37] is a good choice as it switches
between the Ergun prediction and the Wen and Yu drag model [38] based on the
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local solids volume fraction. The Syamlal–O’Brien drag law [39] is well suited for
spouted fluidized beds because it has a correlation based on the terminal velocity,
the minimum fluid velocity that is large enough to lift the particle out of the bed,
which is an important parameter for characterizing a spouted bed. Recently, a
non-empirical model based on Lattice Boltzmann simulations of a particle-laden
flow was derived by Beetstra et al. [40] that promises superior prediction of
drag for binary particle systems but its usefulness is impeded by inconsistencies
in the drag formulation presented and a scarcity of validation cases in the
literature.

10.3 Governing Equations

All modeling and simulation work in this chapter have been performed using the
Eulerian–Lagrangian approach using the commercial CFD solver ANSYS Fluent
v14.5 [41, 42]. The Navier–Stokes equations of fluid motion are slightly modified
to account for the presence of the solid particles by including the porosity or fluid
volume fraction 𝛼f in the computational cell where the equations are applied.
The continuity equation and momentum equations for a cold flow simulation are
given by

𝜕

𝜕t
(𝛼f𝜌f) + ∇ ⋅ (𝛼f𝜌f uf) = 0 (10.1)

𝜕

𝜕t
(𝛼f𝜌f uf) + ∇ ⋅ (𝛼f𝜌f uf uf) = −𝛼f∇pf + ∇ ⋅ 𝜏 f + 𝛼f𝜌f g − Rsg (10.2)

The source term Rsg in Eq. (10.2) accounts for the gas–solid momentum
exchange and is obtained from the average of the drag forces acting on all the
discrete particles in the given cell.

For an incompressible Newtonian fluid, the shear stress tensor 𝜏 f is simply the
Cauchy stress tensor with zero bulk viscosity

𝜏 f = 𝜇f

[
(∇uf + ∇uT

f ) −
2
3
∇ ⋅ uf I

]
(10.3)

For reacting flow simulations, additional source terms are added to Eqs. (10.1)
and (10.2) to account for the interphase transfer of mass and momentum due to
the reaction.

𝜕

𝜕t
(𝛼f𝜌f) + ∇ ⋅ (𝛼f𝜌f uf) =

∑
(ṁsg − ṁgs) (10.4)

𝜕

𝜕t
(𝛼f𝜌f uf) + ∇ ⋅ (𝛼f𝜌f uf uf) = −𝛼f∇pf + ∇ ⋅ 𝜏 f + 𝛼f𝜌f g

−
∑

(Rsg + ṁsgusg − ṁgsugs) (10.5)

In addition, the chemical reactions in the flow require additional equations to
characterize the local mass fractions of each species Y j in the computational cell.
The species conservation equations can be written as

𝜕

𝜕t
(𝜌Yj) + ∇ ⋅ (𝜌uYj) = −∇ ⋅ Jj + Rj + Sj (10.6)
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where J j is the diffusion flux of the species due to concentration gradients in the
flow field, Rj is the net rate of production of the species due to chemical reactions,
and Sj is the rate of creation of the species from devolatilization.

The equation for the conservation of energy for the fluid phase can be expressed
in terms of the internal energy as

𝜕

𝜕t
(𝛼f𝜌f Ef)∇ ⋅ (𝛼f uf(𝜌fEf + pf)) = ∇ ⋅

(
kf∇Tf −

∑
hjJj + (𝜏 f ⋅ uf)

)
+ Sh

(10.7)

The trajectory of each particle is computed by integrating the force balance
on the particle, which can be written in the Lagrangian frame per unit particle
mass as

𝜕up

𝜕t
= g

(𝜌f − 𝜌p)
𝜌p

+ FD(uf − up) + Fcoll (10.8)

where the subscript p denotes an individual particle. The terms on the right-hand
side of Eq. (10.8) account for the gravitational and buoyant forces, the drag force,
and an additional force due to particle–particle or particle–wall collisions. Forces
such as the virtual mass force and pressure gradient force can be neglected for
gas–solid flows given that 𝜌p far exceeds 𝜌f. The net drag coefficient FD is given
by

FD =
18𝜇f

𝜌pd2
p

CDRep

24
(10.9)

where dp is the particle diameter, CD is the particle drag coefficient, and Rep is
the Reynolds number based on the particle diameter defined as

Rep =
𝜌fdp|uf − up|

𝜇f
(10.10)

The drag coefficient can be modeled using various empirical relations. The
collision force in Eq. (10.8) is computed using the soft-sphere model, which
decouples its normal and tangential components. The normal force on a particle
involved in a collision is given by

Fn
coll = (K𝛿 + 𝛾(u12e))e (10.11)

In Eq. (10.11), 𝛿 is the overlap between the particles pair involved in the collision
as illustrated in Figure 10.3 and 𝛾 is the damping coefficient, a function of the par-
ticle coefficient of restitution 𝜂; e is the unit vector in the direction of u12. Previous
research by Link [43] has demonstrated that for large values of K , the results of the
soft-sphere model are identical to those obtained using a hard-sphere model. The
tangential collision force is a fraction 𝜇 of the normal force with 𝜇 as a function
of the relative tangential velocity vr given as

𝜇(vr) =

{
𝜇stick + (𝜇stick − 𝜇glide)(vr∕vglide − 2)(vr∕vglide)
𝜇glide

if vr < vglide
if vr ≥ vglide

(10.12)
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Figure 10.3 Schematic of
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Figure 10.4 Reacting particle in the
multiple surface reactions model [42].

For reacting flow simulations, the multiple surface reactions model is used for
the reaction of the oxygen carrier particles with the injected gases. To understand
this model, consider a reacting particle as shown in Figure 10.4. For a reaction of
order 1, the depletion rate of particle species j in kg s−1 is given by

Rj = Ap𝜂rYjpn
RkinD0

D0 + Rkin
(10.13)

where Ap is the spherical surface area of the particle, 𝜂r is the effectiveness factor,
Y j is the mass fraction of the species j, pn is the bulk partial pressure of the reacting
fluid species n, and D0 is the diffusion rate coefficient for the reaction defined as

D0 = C1
[(Tp + T∞)∕2]0.75

dp
(10.14)

where C1 is the diffusion rate coefficient obtained empirically.
The remaining term in the Eq. (10.18) for depletion rate Rkin is the kinetic reac-

tion rate obtained from literature for the particular reaction considered. The net
depletion of particle mass dmp/dt due to the reduction of the metal oxide Fe2O3
provides the source term ṁsg used in the continuity equation. Heat transfer to
the particle is governed by the equation for particle heat balance, which can be
written as

mpcp
dTp

dt
= hAp(T∞ − Tp) − fh

dmp

dt
Hreac (10.15)

where cp is the particle heat capacity, h is the convective heat transfer coefficient,
Hreac is the heat released by the reaction, and f h is the fraction of the energy pro-
duced that is captured by the particle; the remaining portion (1− f h) is applied as
the heat source in the energy equation.
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10.4 Eulerian–Lagrangian Simulation of a Spouted
Fluidized Bed in a CLC Fuel Reactor with Chemical
Reactions

The current focus in the area of CLC is to develop a CLC system that works well
with solid coal fuel given its likelihood to remain the dominant energy source in
the near future [2]. In the real world operation of CD-CLC, the implementation of
a spouted fluidized bed fuel reactor offers several technical benefits. The spouted
fluidized bed was proposed by Mathur and Gishler [44] to overcome the limita-
tion of a typical bubbling or fast fluidized bed to handle particles larger than a
few hundred micrometers in diameter. Relatively larger particles of the oxygen
carrier are beneficial for CD-CLC operation for easier separation of the smaller
coal and ash particles from the recirculating oxygen carrier; based on the diam-
eter and density, these particles can be classified as Group D particles according
to Geldart’s powder classification [19]. The spouted fluidized bed utilizes a high
velocity gas stream to create a local high velocity region at the center of the bed
(known as the spout) where the particles and voids (bubbles) move in a struc-
tured manner with little radial displacement [45]. The high velocity jet injection
can create strong solid–gas mixing in the spout and high circulation avoiding loss
of reactivity due to the ash agglomeration with the oxygen carrier [18].

The fluidization performance of spouted beds in cold flow settings has been
investigated in detail by Sutkar et al. [32, 45, 46]. However, there have been no
reacting flow experiments employing a spouted bed configuration in the litera-
ture to date. Owing to the scarcity of experimental data, the transient cold flow
simulations of Zhang et al. [34] of a spouted bed fuel reactor are extended to
incorporate a chemical reaction between the metal oxide oxygen carrier and a
gaseous fuel.

Most coupled CFD/DEM simulations of the spouted fluidized bed configura-
tion for CLC in the literature have been limited to cold flow simulations using
glass beads [32–34]. Previous work by the authors has shown that if pure Fe2O3
(𝜌p = 5240 kg m−3) is used as the bed material, the high density precludes success-
ful fluidization [47]. In this work, the glass beads from the cold flow simulation
of Zhang et al. [34] are replaced with an oxygen carrier consisting of 60% Fe2O3
by weight on MgAl2O4 support sintered at 1100 ∘C. This material, designated
F60AM1100, was shown to provide excellent reactivity and sufficient hardness
for CLC and its apparent density of 2225 kg m−3 making it an ideal choice for
fluidized bed operation [48].

The geometry and computational model of the CLC fuel reactor are shown
in Figure 10.5. The geometry is derived from the pseudo-3D Plexiglas test rig
used in the cold flow experiment conducted at Technische Universität Darmstadt
with the cyclone, down-comer, and loop-seal [38]; a chute is added to the geom-
etry based on the work of Zhang et al. [34] to improve the particle circulation.
The mesh is generated such that the solution is stable when using second-order
numerical schemes with minimal under-relaxation to achieve faster convergence
at each time step. The total particle load in the bed is doubled compared to the
work of Zhang et al. [34] to partly offset the tighter packing associated with the
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Figure 10.5 Geometry outline with pressure taps, mesh, and wireframe of the CLC fuel reactor.

heavier particles. Additional particles are also deposited in the down-comer and
loop-seal to ensure adequacy of the number of particles for recirculation; a total
of 87 320 particles are employed in the entire system in the present work.

The drag law proposed by Syamlal and O’Brien [49] is selected for the spouted
fluidized beds simulations in this chapter. The Syamlal–O’Brien drag law is a good
choice because it uses a correction based on the terminal velocity of the parti-
cle, which is the minimum velocity that is large enough to lift the particle out
of the bed and is an important parameter for characterizing a spouted bed. The
Syamlal–O’Brien drag law defines

CD =
⎛⎜⎜⎜⎝
0.63 + 4.8√

Rep∕vr,p

⎞⎟⎟⎟⎠

2

(10.16)

In Eq. (10.16), vr, p is the terminal velocity correction for the particulate phase
given by

vr,p = 0.5
(

A − 0.06 Rep +
√

(0.06 Rep)2 + 0.12 Rep(2B − A) + A2
)

(10.17)



10.4 Eulerian–Lagrangian Simulation of a Spouted Fluidized Bed in a CLC Fuel Reactor 315

where

A = 𝛼
4.14
f and B =

{
0.8𝛼1.28

f
𝛼

2.65
f

if 𝛼f ≤ 0.85
if 𝛼f > 0.85

The central jet velocity and the background velocity are slightly increased to
compensate for the slightly higher minimum fluidization velocity of the reacting
particles and maintain the same spouted fluidization regime as in the cold flow
work of Zhang et al. [34]. The flow injection in the fuel reactor consists of 10%
CH4 and 10% H2O by mass fraction. The remaining 80% of the flow injection is
inert nitrogen. The absence of CO2 in the gas injection is maintained so that the
mass fraction of CO2 generated by the reaction in the fuel reactor can be tracked
without it being overshadowed by the injected mass fraction of CO2. Similarly, the
aeration gas in the down-comer and the loop-seal comprises solely of N2 so that
the recirculation of particles from the loop-seal to the fuel reactor can be easily
identified; the particles that originate in the loop-seal have a smaller mass frac-
tion of Fe3O4 since they were initially exposed to inert flow. Since the MgAl2O4
is non-reactive, the only reaction that takes place on the particle surface is the
reduction of Fe2O3 to Fe3O4. The stoichiometric reaction is given as

12Fe2O3(s) + CH4 → 8Fe3O4(s) + CO2 + 2H2O (10.18)

The kinetics for the reduction of Fe2O3 to Fe3O4 by CH4, Rkin in Eq. (10.13), are
based on the experimental work of Son and Kim [50]. All other parameters in the
simulation are kept unchanged from the cold flow simulation of Zhang et al. [34].
Some of the key numerical parameters in the present simulation are summarized
in Table 10.1.

Table 10.1 Key modeling parameters for reacting flow simulation in a CLC
fuel reactor.

Primary phase Gaseous mixture of CH4, H2O, CO2, and N2

Discrete phase F60AM1100 particles
Particle diameter 0.0025 m
Particle density 2225 kg m−3

Mass load of particle in bed ∼0.7 kg
Inlet boundary condition Velocity inlet with central jet velocity of 40 m s−1,

background flow velocity of 2 m s−1

Outlet boundary condition Pressure outlet with zero gage pressure
Drag law Syamlal–O’Brien [39]
Particle collision model Soft-sphere model
Spring constant 10 000 N m−1

Coefficient of restitution 0.97
Friction coefficient 0.5
Time step size Particle: 1× 10–5 s, Fluid: 1× 10–4 s
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10.5 Spouted Fluidized Bed Simulation Results

The spouted bed simulation is run for 1600 ms to complete a few cycles of the bed
spouting and its settling back down. Figure 10.6 shows the particle distributions
and velocities at 80 ms intervals for the simulation duration.

From Figure 10.6, a prominent gas bubble can be observed to form immediately
upon gas injection in the CLC fuel reactor. The leading front of the spout reaches
the top of the fuel reactor around 400 ms and a large number of particles are
deposited into the cyclone through the connecting duct. As the bed expands,
the pressure buildup in the fuel reactor dissipates and the remaining particles in
the fuel reactor fall back into the fluidized bed while the particles in the cyclone
fall into the down-comer. Some recirculation of the particles from the loop-seal
back into the fuel reactor is also evident. Once the particles start to settle back
into a dense bed, aided by the recirculation of the particles from the loop-seal,
the pressure buildup due to the jet injection is partially restored and subsequent
gas bubbles are formed around 960 and 1440 ms. However, in these cases, the
kinetic energy transferred to the particles is insufficient to carry them to the top
of the reactor and the bubbles collapse prematurely. This can be explained by the
bypass pathway formed at the same time by the high velocity jet in the absence of
the initial packed bed, which allows the energy in the jet to bypass the dense bed
region and prevents the critical pressure buildup in the fuel reactor. Since the gas
bubble formation and the particle recirculation are both driven by the pressure
at various locations in the system, the static pressure readings at pressure taps P1
through P5 are investigated to better understand the behavior observed from the
particle tracks in Figure 10.6; the pressure tap data is presented in Figure 10.7.

t = 80 ms 160 ms

880 ms 960 ms 1040 ms 1120 ms 1200 ms 1280 ms 1360 ms 1440 ms 1520 ms 1600 ms

240 ms 320 ms 400 ms 480 ms 560 ms 640 ms

0 1 2 m s–1

720 ms 800 ms

Figure 10.6 Particle tracks colored by velocity magnitude in reacting flow with F60AM1100
particles.



P3

P3 P3
P2

P1

P5

P4

P2

P5

P4P1

P2
P3 P2

P5

P4P1

P5

P4P1

0.11

P1

P1 P4

P5

P4

P5 P5

P4P1

0.09

0.07

0.05

0.11

0.09

0.07

0.05

0.11

0.09

0.07

0.05

1850

1350 1450 1550

P1 P4

P5

0.11

0.09

0.07

0.05

1300 1400 1500

1900 1950 1200 1300 1400

H
e

ig
h

t 
(m

)

0.8

0.7

0.6

0.5

0.4

0.3

0.2

0.1

0

H
e

ig
h

t 
(m

)

0.8

0.7

0.6

0.5

0.4

0.3

0.2

0.1

0

0.8

0.7

0.6

0.5

0.4

0.3H
e

ig
h

t 
(m

)

0.2

0.1

0

1000

(a)

(c) (d)

(b)

900 1000 1100 1200 1300 1400 1500 1600

1200 1400 1600

Gage pressure (Pa)

Gage pressure (Pa)

H
e

ig
h

t 
(m

)

0.8

0.7

0.6

0.5

0.4

0.3

0.2

0.1

0

900 1000 1100 1200 1300 1400 1500 1600

Gage pressure (Pa)

Gage pressure (Pa)

1800 2000 2200 2400 800 900 1000 1100 1200 1300 1400 1500
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Figure 10.8 Particle tracks colored by mass fraction of Fe3O4 relative to original mass of Fe2O3.

The sub-plot at 400 ms in Figure 10.5 shows a large pressure buildup of approx-
imately 1900 Pa at P1 (base of the reactor). At 800 ms, when the bubble has col-
lapsed, the initial pressure buildup is lost as the pressure at P1 drops to nearly
1250 Pa. Subsequently, at 1200 and 1600 ms, the pressure at P1 increases slightly
to nearly 1400 and 1350 Pa respectively. This buildup of pressure is in line with the
observation of the second and third gas bubbles formations; the slight increase
in pressure compared to the initial bubble also explains why the subsequent bub-
bles did not carry sufficient kinetic energy to reach the top of the reactor. From
Figure 10.7, it can also be noted that there is a consistent positive pressure dif-
ferential between taps P4 (base of the loop-seal) and P1 of around 100 Pa, which
affirms the continuous recirculation of particles from the loop-seal back into the
fuel reactor as can also be observed from the particle tracks.

In the absence of experimental results for reacting flow operation of a CLC fuel
reactor in a spouted bed configuration, the successful incorporation of chemi-
cal reactions into the multiphase flow simulation is evaluated by inspecting the
formation of Fe3O4 and CO2 as a result of the oxygen carrier reduction reaction
given in Eq. (10.15). These results are shown in Figures 10.8 and 10.9 respec-
tively. From Figure 10.8, it can be seen that the mass fraction of Fe3O4 increases
with time for the particles inside the fuel reactor as the simulation advances,
as expected. The continuous particle recirculation is also evident from the con-
sistent presence of a small number of particles in the fuel reactor with a lower
mass fraction of Fe3O4 that originated in the loop-seal region where no reaction
takes place. According to Figure 10.9, the mass fraction of CO2 rises quickly in
the first 640 ms of simulation, after which it drops slightly before spiking again
around 1120 ms. These fluctuations are due to the inherently unsteady nature of
the solid–gas mixing in the fuel reactor; similar results have also been reported
in the literature for other fluidized bed reactors [51].

Comparing the current simulation results with the authors’ previous work
using pure Fe2O3 particles [47], it is clear that changing the oxygen carrier to
a lighter material significantly improves the fluidization performance of the
reactor by addressing the inadequacy of the central jet to provide sufficient
momentum to the particles to reach the top of the reactor and by producing
continuous particle recirculation. However, the formation of the bypass path-
way through the bed after the first bubble collapses still remains a concern
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Figure 10.9 Contours of CO2 mass fraction produced by reaction of Fe2O3 with CH4.

and hinders the pressure buildup required for subsequent bubbles to reach the
top of the reactor. Since F60AM1100 is already among the lightest Fe-based
oxygen carriers studied by Johansson et al. [48] and lighter alternatives are likely
to be expensive if developed, one alternate way to mitigate this issue is to use
a cyclic flow injection whereby the jet is turned off intermittently to allow the
bed particles to re-settle down into the dense bed configuration, which resets
the fluidization behavior to the initial bubble formation stage once the jet is
turned back on. Cyclic injections have already been used in laboratory-scale
CLC experiments such as in the work of Son and Kim to switch between N2 and
CH4 in lieu of separate fuel and air reactors [50] and their operational feasibility
in an industrial setting can be readily studied in future work.

10.6 Eulerian–Lagrangian Simulation of a Binary
Particle Bed in a Carbon Stripper

A typical CLC setup utilizes a cyclonic separator to isolate the oxygen carrier
particles from the flue gases after the fuel reactor and the air reactor before trans-
porting the solids between the reactors to continue to loop. Since the char gasi-
fication is a slow process [52], unburnt char particles often remain in the flue
stream of the fuel reactor. If these are transported to the air reactor along with
the oxygen carrier particles, the carbon capture efficiency of the CD-CLC pro-
cess would be reduced. Several approaches have been proposed to prevent char
particles from reaching the air reactor. One way is to provide sufficient residence
time in the fuel reactor to ensure that the gasification reaction is complete. This
can be achieved either by increasing the size of the reactor or by reducing the
fluidizing gas velocity, but both options can impede the fluidization behavior of
the bed, particularly in a spouted bed configuration as discussed in the previous
section [53]. To avoid the poor fluidization while still maintaining an increased
residence time, a multi-staged fuel reaction concept was recently proposed and
investigated [54].

Figure 10.10 shows the differences in size between the particles of pulverized
coal and a typical oxygen carrier (ilmenite) used in CD-CLC operation. One rea-
son for considering the spouted fluidized bed configuration is that it overcomes
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Coal Ilmenite

Figure 10.10 Size difference between
particles of coal and ilmenite used in
coal-direct CLC.

the limitation of a bubbling or fast fluidized bed to handle particles larger than
a few hundred micrometers in diameter [44]. Thus, one way of preventing the
leakage of unburnt char into the air reactor is to take advantage of the differences
in size and density, and hence the terminal velocity, to separate the lighter char
from the heavier oxygen carrier particles. Since char already has a lower density
than the oxygen carrier, using pulverized coal particles smaller than or almost of
the same size as the oxygen carrier particles should invariably lead to satisfac-
tory separation results. The devolatilization and gasification processes that the
coal undergoes further decrease the char particle size, enhancing the separation
effect. The device that separates the char particles from the char and oxygen car-
rier mixture stream exiting the fuel reactor is known as a carbon stripper. The
char particles from the carbon stripper can be returned to the fuel reactor to
complete the gasification step while the oxygen carrier particles are transported
to the air reactor to be regenerated.

By preventing the combustion of the unburnt char in atmospheric air, the car-
bon stripper also eliminates the formation of pollutants such as CO2 and NOX in
the air reactor, as highlighted by Kramp et al. [55] and Mendiara et al. [56] and is
deemed critical for CD-CLC operation despite the increased hydrodynamic com-
plexity associated with implementing the carbon stripper compared to increasing
the residence time in the fuel reactor. In recent years, carbon strippers operating
with fluidizing velocity in the range of 0.15–0.40 m s−1 have been incorporated
into CD-CLC experiments by Markström et al. [57], Ströhle et al. [58], Abad et al.
[59], and Sun et al. [60]. The results of these experiments indicated that the flu-
idization velocity should be increased further to increase the particle separation.

Later, Sun et al. [61] conducted cold-flow studies using a riser-based carbon
stripper operating in the fast fluidized bed regime to investigate the effect of gas
velocity on the separation ratio. The goal of Sun et al.’s design [61] was to achieve
a high separation ratio to minimize the leakage of char particles into the air
reactor with a low fluidizing gas velocity to keep operational costs low. However,
the specific nature of the multiphase solid–gas flow inside the carbon stripper
and how its geometry affects the design targets is not well understood from
the experiment. In order to identify these relationships, a CFD-DEM coupled
simulation is developed in this section for the carbon stripper consisting of a
binary particle bed of coal and oxygen carrier particles and is validated against
the experiment of Sun et al. [61].

The carbon stripper used in the cold-flow experiment by Sun et al. [61] con-
sisted of a riser, 4 m tall with a diameter of 0.7 m. A schematic of the experimental
setup is presented in Figure 10.11. The solids mixture contained 95% ilmenite
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Figure 10.11 Schematic of riser-based carbon stripper used by Sun et al. 2016 [61].
Reproduced with permission of American Chemical Society.

Table 10.2 Properties of ilmenite particles and plastic beads
used by Sun et al. 2016 [61].

Particle dp (0.5) (𝛍m) 𝝆p (kg m−3) ut (m s−1)

Ilmenite 257 4260 5.65
Plastic beads 94 960 0.39

Reproduced with permission of American Chemical Society.

particles by mass and 5% plastic beads representing the unburnt char particles
in the system. The physical properties of ilmenite and plastic beads are listed
in Table 10.2. The riser was fluidized from the bottom by air with the fluidizing
velocity ug in the range of 1.50–2.75 m s−1 increasing at 0.25 m s−1 intervals. ug
was selected to fall between the terminal velocities ut for the ilmenite and plastic
beads such that the plastic beads will be carried out of the bed and exit the riser
from the top into a tank while the ilmenite particles remain in the bed and collect



322 10 Computational Fluid Dynamics Modeling and Simulations of Fluidized Beds for CLC

in the bottom tank. The solids mixture is injected from the side of the riser at a
height of 1 m above the bottom collection tank.

The separation ratio 𝜆 is defined as the mass of particles collected from the top
tank to the mass of particles collected from the top and bottom tanks combined,
as given by

𝜆 =
mmix,top

mmix,top + mmix,btm
(10.19)

The concentration of plastic beads in each mixture sample in the experiment
was determined by burning the mixture and measuring the change in weight.
The plastic beads completely combusted to form CO2 and H2O while the weight
loss of the oxygen carrier was approximately 1% due to the reduction of ilmenite.
𝜆 is calculated for each ug based on the experimental results and is plotted in
Figure 10.12 for a solids mixture feeding rate Gmix, in of 12.2 kg m−2-s; the same
value of Gmix, in is used in the simulations.

The geometry used in the CFD-DEM simulation of the carbon stripper used
by Sun et al. [61] uses the exact dimensions of the riser presented in Figure 10.11.
Since the solids flow from the feed hopper into the riser is of no consequence to
the simulation, the solids inlet is simply modeled as a partial pipe. The top collec-
tion tank is also eliminated and the solids flow at the top is measured directly at
the riser outlet. The bottom collection tank is modeled as a simple closed bound-
ary in order to ensure the accurate pressure boundary condition at the bottom
of the riser; the solids flow into the bottom tank is measured at the surface
between the riser and the tank. A structured grid is generated for all elements
of the geometry and is shown in Figure 10.13. The total number of cells is 51 884
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0.0
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Figure 10.12 Effect of fluidizing velocity on the separation efficiency 𝜆 for a solids mass flux of
12.2 kg m−2-s. Source: Sun et al. 2016 [61]. Reproduced with permission of American Chemical
Society.
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Figure 10.13 Geometry with detailed views used for
CFD-DEM simulation of the experiment of Sun et al. 2016
[61]. Reproduced with permission of American Chemical
Society.
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in order to maintain a minimum cell volume greater than the particle (parcel)
volume.

Given the small particle diameters of ilmenite and plastic beads used in the
experiment (see Table 10.2), the number of particles in the system is very large.
One simple approach available in ANSYS Fluent for reducing the computing load
is to divide the particles into clusters called parcels. The motion of each parcel is
determined as a whole by tracking a single representative particle [42]. Parcel col-
lisions are evaluated in the same manner as shown in Figure 10.3 but the mass of
the entire parcel is considered, not that of just a single representative particle. The
parcel diameter is that of a sphere whose volume is the sum of the volumes of its
constituent particles. Hence, specifying a parcel diameter equal to twice the par-
ticle diameter leads to a reduction in the number of objects tracked by the DEM
solver by a factor of 8, with an even larger decrease in the number of collisions.
The parcel approach is employed in the current simulation with a parcel diameter
of 0.002 m.

Two solids injections are used corresponding to the ilmenite and the plastic
beads; the injection mass flow rates are calculated based on Gmix, in, the riser cross
section Ar (= πD2

r∕4), and the concentration of plastic beads in the solids flow cpb,
as outlined here.

ṁmix,in = Gmix,inAr (10.20)

ṁilm,in =
ṁmix,in

1 + cpb
; ṁpb,in = cpb

ṁmix,in

1 + cpb
(10.21)
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Table 10.3 Key modeling parameters for reacting flow simulation in the CLC fuel reactor.

Primary phase Air
Discrete phase(s) Ilmenite; plastic beads
Parcel diameter 0.2 m
Gas inlet fluidizing velocities 1.50, 1.75, 2.00, 2.25, 2.75 m s−1

Solids injection velocity umix, in = 0.0034 m s−1

Solids injection flow rate ṁilm,in = 0.044 kg s−1;
ṁpb,in = 0.0023 kg s−1

Outlet boundary condition Pressure outlet at atmospheric pressure
Drag law Gidaspow [37]
Particle collision model Soft-sphere model
Spring constant 5000 N m−1

Coefficient of restitution 0.97
Friction coefficient 0.5
Time step size Particle: 5× 10–5 s; fluid: 5× 10–4 s

The volumetric flow rates can be determined given the respective densities of
the two materials, and are used to determine the solids injection velocity.

qilm,in =
ṁilm,in

𝜌ilm
; qpb,in =

ṁpb,in

𝜌pb
(10.22)

qmix,in = qilm,in + qpb,in (10.23)

umix,in =
qmix,in

Ar
(10.24)

The soft sphere model shown in Figure 10.3 is used for all the particle–particle
and particle–wall collisions. In order to keep the computing time low, the spring
stiffness kn is set at 5000 N m−1 to relax the minimum particle time step require-
ment. Bokkers [62] demonstrated that the results produced using this value of
kn are indistinguishable from those using larger values of kn, which necessitate a
smaller particle time step. The coefficient of restitution is set at 0.97. The numer-
ical simulations are conducted using the phase-coupled SIMPLE scheme with
second order discretization in space and first order in time. The simulation cases
modeled and the key modeling parameters are summarized in Table 10.3.

10.7 Binary Particle Bed Simulation Results

Each CFD-DEM simulation of the binary particle bed in the riser-based carbon
stripper is run for 20 seconds. The solids flow rate out of the riser outlet and
into the bottom collection tank as well as the static pressure in the bed is
recorded every 20 time steps (0.01 seconds). In the experiment of Sun et al. [61],
after the initial development of fluidization caused by the solids injection, the
pressure differences across sampling ports 1–3 and 8–11 shown in Figure 10.11
stabilized after approximately 10 seconds. The static pressure at 2 mm above
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Figure 10.14 Static pressure at 2 mm for binary particle bed simulation with fluidizing velocity
ug = 1.50 m s−1.

the inlet is used to verify the stable bed in the numerical simulation; the results
for the ug = 1.50 m s−1 case are given in Figure 10.14. It can be seen that the
static pressure in the bed stabilizes after approximately eight seconds. The final
10 seconds of simulation is used as the averaging interval for the solids flow
rates in order to calculate the separation ratio 𝜆, which is used to quantitatively
validate the accuracy of the simulation against the experimental results [61]. To
confirm that the averaging interval does not affect the value of 𝜆, the simulation
with ug = 2.00 m s−1 was run for 30 seconds and the computed difference in 𝜆

was miniscule.
The development of solids flow into and out of the riser can be ascertained by

examining the number of particles (parcels) of ilmenite and plastic beads held up
in the riser after 20 seconds of simulation, as shown in Table 10.4. As ug increases,
the number of ilmenite parcels in the riser increases. This is because the increased
gas velocity prevents the ilmenite from settling at the bottom of the riser and
flowing into the bottom collection tank. However, this increase starts to diminish
around ug = 2.50 m s−1 and for ug = 2.75 m s−1, the number of ilmenite particles
in the riser decreases drastically. Although 2.50 m s−1 is still lower than the ter-
minal velocity of ilmenite, the decreased hold up suggests that at this velocity,
the flow has sufficient energy to carry the particles out of the riser. On the other
hand, the number of plastic beads in the riser steadily decreases as the fluidizing
velocity increases. This is expected since the ug/ut ratio starts out at more than 1
at ug = 1.50 m s−1 and as it gets larger, the flow is able to carry the plastic beads
out with greater ease.

Table 10.4 Number of parcels in riser after 20 s of simulation for different fluidizing velocities.

Particle 1.50 m s−1 1.75 m s−1 2.00 m s−1 2.25 m s−1 2.50 m s−1 2.75 m s−1

Ilmenite 17 267 26 138 34 064 41 044 45 741 14 051
Plastic beads 4882 3570 2403 1383 1211 1059
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Figure 10.15 Plastic beads flow rate out of top of the riser for different fluidizing velocities.

For each case, the solids flow out of the riser outlet consists almost entirely
of plastic beads with a few ilmenite particles, except at ug = 2.75 m s−1. On the
other hand, the solids flow into the bottom collection tank is solely composed
of ilmenite. This is expected given that the fluidizing velocities in each case lies
between the terminal velocities of the plastic beads and ilmenite particles such
that the fluid can carry the lighter plastic beads out of the bed but not the ilmenite
particles. The flow rate of plastic beads out of the top riser outlet for different
values of ug is presented in Figure 10.15. As ug increases, the plastic beads reach
the outlet faster because of a higher induced particle velocity and the overall flow
rate increases slightly until it stabilizes at a roughly constant value in each case
equal to the injection flow rate of plastic beads; the plastic beads flow rate into the
bottom collection tank is nil. The transient fluctuations in the flow rate are due to
the highly unsteady flow in the fast fluidization regime associated with the riser.

Similar plots are generated for the flow rate of ilmenite out of the top of the riser
and into the bottom collection tank and are shown in Figures 10.16 and 10.17
respectively. As mentioned above, the ilmenite flow rate out of the top outlet is

0
0 5 10 15 20

0.001

0.002

0.003

0.004

0.005

Il
m

e
n

it
e

fl
o
w

 r
a

te
, 

to
p

 (
k
g

 s
–

1
)

1.5 1.75 2 2.25 2.5 2.75 m/s

Time (s)

Figure 10.16 Ilmenite flow rate out of top of the riser for different fluidizing velocities.
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Figure 10.17 Ilmenite flow rate into bottom collection tank for different fluidizing velocities.

limited to isolated particles up to ug = 2.25 m s−1. The ilmenite flow rate into the
bottom collection tank decreases as ug increases. The flow rate plots confirm the
solids flow behavior suggested by the parcel hold up numbers in Table 10.4.

The flow rates of the plastic beads out of the top of the riser and the ilmenite
into the bottom collection tank shown in Figures 10.15 and 10.17 respectively are
used to compute the separation ratio 𝜆 according to Eq. (10.19). The values of 𝜆
for different fluidization velocities are plotted in Figure 10.18. The values of 𝜆 in
Figure 10.18 are in excellent agreement with the experimental values presented in
Figure 10.12. Hence, the binary particle bed simulation shown in this chapter can
be considered to be a credible model for the experiment and can be employed to
examine additional changes to the geometry and operating conditions and inves-
tigate their effect on 𝜆.
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Figure 10.18 Effect of fluidizing velocity on separation ratio 𝜆 for a solids mass flux of
12.2 kg m−2-s in the CFD-DEM simulation of the riser-based carbon stripper compared against
the experiment of Sun et al. 2016 [61]. Reproduced with permission of American Chemical
Society.
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10.8 Summary and Conclusions

A CFD-DEM simulation of the multiphase flow inside a CLC fuel reactor has
been performed. The initial simulation for cold flow validation in previous
work showed excellent agreement with the experimental results obtained at
TU-Darmstadt for a pseudo-3D CLC fuel reactor [39]. In this chapter, the fuel
reactor model was expanded to a complete CD-CLC system including a cyclonic
separator, down-comer, and loop-seal, and chemical reactions between Fe2O3
and CH4 were added. Using 60% Fe2O3 supported on MgAl2O4 as the oxygen
carrier for its favorable properties for CD-CLC operation [48], the fluidization
behavior of the system was investigated. It was found that the initial bubble
formation and continuous recirculation of particles from the loop-seal to the
fuel reactor were adequate and it was determined that the chemical reactions
were successfully incorporated.

CFD-DEM simulations were also conducted of the riser-based carbon stripper
developed by Sun et al. [61] consisting of a binary particle bed of plastic beads
(corresponding to coal) and ilmenite particles. The static pressure in the bed is
used to assess the onset of a stable fluidization regime and the flow rates of the
plastic beads and ilmenite out of the riser outlet and into the bottom collection
tank respectively were averaged to determine the particle separation ratio. The
results showed excellent agreement with the experimental data and established
a credible model for a binary particle bed that can be used to optimize the
design and operation of such systems in future. One point of disagreement
between the simulation and the experiment is the absence of plastic beads in the
bottom collection tank. In the experiment, a few plastic beads were collected
in the bottom tank at lower values of ug [61]. However, theoretically this
behavior was unexpected since even the smallest value of ug = 1.50 m s−1 is well
above the terminal velocity of the plastic beads and should carry the beads out
of the riser.
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11.1 Introduction

One of the major areas of research activity within chemical looping combustion
(CLC) has been on the development of an effective oxygen carrier, and a
multitude of metal oxides have been proposed and tested under laboratory
conditions. Carrier characteristics such as reactivity, oxygen capacity, durability,
and price have been considered. To date, there is insufficient, long-term pilot
testing and commercial assessment to select an optimum oxygen carrier. In
this chapter, a limestone-based CaSO4 carrier is evaluated and compared to a
metal oxide-based, supported Fe2O3 carrier. These represent two significantly
different types of oxygen carriers that have received much research interest,
and have been speculated to have promising characteristics. The calcium-based
carrier is low cost, low density, and possesses a high oxygen-carrying capacity,
but has slow reaction kinetics. The reference iron-based carrier has better reac-
tivity, but is also significantly higher in cost, higher density, and possesses lower
oxygen-carrying capacity. It should be noted that while the calcium-based oxygen
carrier is chemically similar to the oxygen carrier featured within GE/Alstom’s
chemical looping technology, the current chapter explores one embodiment of
the calcium-based oxygen carrier based on a reactor design concept conceived
by the US Department of Energy. Performance/cost estimates presented here
should not be associated with expectations of the GE/Alstom CLC technology.

The application considered in this chapter is a base-load, utility-scale, coal-
fueled CLC power plant with a 90% carbon capture requirement. Its estimated
performance and cost (with both the calcium-based and iron-based oxygen
carriers) are compared to that of a conventional pulverized coal (PC) power plant
that uses amine-based, post-combustion CO2 capture. Performance and cost

Handbook of Chemical Looping Technology, First Edition. Edited by Ronald W. Breault.
© 2019 Wiley-VCH Verlag GmbH & Co. KGaA. Published 2019 by Wiley-VCH Verlag GmbH & Co. KGaA.
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sensitivity analyses are also presented to provide further perspective on the CLC
systems.

11.2 CLC Plant Design, Modeling, and Cost Estimation
Bases

CLC reference power plant designs, with estimates of performance and cost, are
developed in this chapter for a CaSO4-based oxygen carrier, which is compared to
an Fe2O3-based oxygen carrier using consistent assumptions. The general design
basis for the power plant is identical to the design basis described in detail in the
National Energy Technology Laboratory’s (NETL) Bituminous Baseline report
(BBR) for comparable, conventional, PC power plants [1]. The essential aspects
of the design basis are presented in this chapter.

The CLC power plant contains two unique reactors, the Reducer and Oxidizer,
that require significant modeling efforts to estimate their design features and per-
formance. The general modeling approach applied is outlined in this section.

Most equipment components in the CLC power plant are conventional, and
their performance and cost can be estimated by scaling from the BBR perfor-
mance and cost estimates for conventional PC power plants. Other equipment
components, the Reducer and Oxidizer and their associated subsystems, are
developmental in nature, and their costs must be estimated by approximate
sizing of the equipment and application of general cost correlations. The cost
estimation approach applied is summarized in this section.

11.2.1 Design Basis

This is a base-load, utility-scale, power generation application. The reference CLC
power plant is assumed to be located at a generic Midwestern U.S. plant site
and the ambient conditions correspond to International Organization for Stan-
dardization (ISO) conditions listed in the Quality Guidelines for Energy System
Studies (QGESS) process modeling parameters document [2]. The key features
of the design basis are
• ambient conditions: ISO
• nominal net plant capacity: 550 MW
• design coal: Illinois No. 6
• steam conditions: supercritical {3500 psig (24 MPa), 1100 ∘F (593 ∘C), 1100 ∘F

(593 ∘C)}
• carbon capture requirement: at least 90%
• CO2 product purity requirement: at least 95 mol% CO2
• CO2 product delivery pressure: 2200 psig.

The Illinois No. 6 coal as described in the QGESS coal feedstock specification
[2] was used in the present analysis.

Assumptions for the performance of major equipment components that are
consistent with those used in the BBR are applied. Some major items are
• fan efficiency: 75% (polytropic)
• compressor efficiency: 86% (polytropic)
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• electric motor efficiency: 97%
• generator efficiency: 98.5%.

Pressure drops and auxiliary loads representative of conventional equipment
components in the CLC power plant are scaled directly from the comparable
equipment components characterized in the BBR, Case 12. Such equipment com-
ponents are
• coal handling
• coal pulverizers
• limestone handling
• ash handling
• forced and induced draft (ID) fans
• gas cleaning (baghouses, flue gas desulfurization (FGD), selective catalytic

reduction (SCR))
• steam turbine
• cooling water system.

11.2.2 Cost Estimation Basis

Cost estimation for the CLC plants is consistent with the BBR, with the costs
reported in 2011 dollars. Major costing premises are
• plant capacity factor: 85%
• plant financial classification: high-risk
• capital charge factor: 12.43% per year
• fixed and variable operating and maintenance (O&M) costs: Estimated analo-

gously to BBR Case 12 [1].
Conventional equipment costs are scaled from the BBR Case 12 analogous

equipment costs. Such equipment components are
• coal handling system
• coal preparation and feed systems
• feedwater and miscellaneous balance of plant (BOP) systems
• gas cleaning
• steam turbine generator system
• cooling water system
• accessory electric plant
• instrumentation and controls
• improvements to site
• buildings and structures.

For novel equipment or equipment unique to the CLC application, as listed
below, approximate equipment sizing, and general cost correlations are applied:
• reducer reactor
• oxidizer reactor
• cyclones
• high-temperature piping
• solids cooling steam generator
• fuel recovery/CO2 purification and compression
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11.2.3 Reactor Modeling Basis

The Reducer and Oxidizer reactors are both circulating fluidized beds. The
behavior and performance of each reactor are controlled by the characteristics
of the oxygen carrier reaction kinetics, the coal gasification kinetics, and the
fluidized bed hydrodynamics and mass transfer properties. The assumptions
selected to represent each of these for the reference CLC plant are summarized
in Table 11.1.

The calcium-based oxygen carrier and the reference iron-based carrier com-
pared in this chapter have characteristics and properties extracted from the CLC
literature. Table 11.1 summarizes the main characteristics of the oxygen carriers
and addresses coal gasification assumptions of the Reducer reactor. Large liter-
ature exists on Fe2O3-based oxygen carrier CLC reaction behavior observed in
laboratory testing, and a key reference has been applied that provides reaction
kinetics correlations for a specific Fe2O3 oxygen carrier [3]. Alstom previously

Table 11.1 Reactor modeling basis.

Modeling factor Fe2O3 CaSO4

Oxygen carrier characteristics
Oxygen carrier type Supported metal oxide Natural quarry material
Makeup carrier composition 45 wt% Fe2O3 on Al2O3 support Limestone
Particle size (mm or in.) 0.28 (0.01) 0.5 (0.02)
Particle density (kg m−3 or lb ft−3) 3250 (203) 1571 (98)
Reduction and oxidation kinetics Rapid; shrinking grain model

behavior
Slow; shrinking grain
model behavior

Reaction kinetic sources Abad [3] Song et al. [8], Tian and
Guo [9], Song et al. [10]

Oxygen carrier reactivity with
coal contaminants

Yes, with SO2, H2S, HCl Yes, with SO2, H2S, HCl

Oxygen carrier price
(delivered $ ton−1)

High (2 000–10 000 $ ton−1) Low (100–300 $ ton−1)

Coal gasification characteristics
Coal devolatilization rate Very fast (about 0.5 s gas residence time)
Char gasification rate Very slow compared to oxygen carrier reactor rates
Char gasification kinetics sources Johnson [11]

Fluidized bed characteristics
Oxygen carrier fluidization class
[12] at reactor conditions

B B

Type of Reducer fluidized bed
regime

Turbulent at bottom and fast,
circulating bed at top

Turbulent at bottom and
fast, circulating bed at top

Type of Oxidizer fluidized bed
regime

Fast, circulating bed Fast, circulating bed

Fluid bed reactor model sources Kunii and Levenspiel [13] and Abba et al. [12]
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conducted laboratory- and bench-scale studies for CLC using a CaSO4 oxygen
carrier [4], but did not report reaction kinetics correlations. Several literature
resources on CaSO4 laboratory reaction kinetics were applied, as listed in the
exhibit, all testing only pure calcium anhydrite; however, none of these tested
limestone-based CaSO4.

The Reducer reactor is a coal gasifier with the oxygen carrier generating CO2
and H2O from reaction with the coal gasification products H2 and CO. Because
the rate of char gasification at the relatively low Reducer temperature is very
small, the gasification rate controls the volume of the Reducer reactor.

With respect to the oxygen carrier delivered price, the Fe2O3 oxygen carrier
is expected to be a relatively expensive fabricated material, in the range of
$2000–10 000 per ton, while the CaSO4 makeup material will be low-cost
limestone, having a delivered price of $30–300 per ton. A cost sensitivity study
considers the influence of the Fe2O3 oxygen carrier price on the CLC power
plant cost of electricity (COE) if cheaper forms of Fe2O3-based oxygen carrier
were used, such as a natural ore (e.g. hematite) or a waste material (e.g. red mud).

The circulating fluid bed reactor models used in this analysis represent the
structure of the circulating fluid bed and the various mass transfer resistances
within the fluid bed. These models have very uncertain behavior and are based
primarily on small-scale test observations and contain several adjustable param-
eters. The oxygen carrier reaction kinetics are taken from laboratory testing
reported in the open literature. Many aspects of the oxygen carrier behavior in
the circulating fluid bed are uncertain, including the durability and reactivity
degradation in this reactor system. The resulting reactor models can only be
expected, at best, to represent approximate performance trends for the reducer
and oxidizer reactors and to be an initial step in understanding the CLC system.
Primary and secondary reactions involving the oxygen carriers and gaseous
species present, gas-phase reactions, as well as coal gasification kinetics were
modeled in a multi-regime fluidized bed reactor model. The modeling approach
and resulting design equations applied for the circulating fluid bed CLC Reducer
and Oxidizer reactors are described in detail elsewhere [5].

11.3 Chemical Looping Combustion Reference Plant
Descriptions

The general configurations of the CLC plants using the two oxygen carrier types
are very similar. The major subsystems and features of the CLC plants are

• Reducer circulating fluid bed reactor and associated cyclones, with char/
oxygen carrier separation and char recycle to the Reducer to minimize CO2
losses and to reduce the Reducer reactor volume;

• Oxidizer circulating fluid bed reactor and associated cyclones, with possible
need for ash/oxygen carrier separation to minimize carrier losses;

• Reducer reactor off-gas heat recovery, particulate, Hg control, and FGD;
• Oxidizer off-gas heat recovery, particulate control, and SCR;
• circulating solids heat recovery unit;
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• integrated CO2 product stream compression and purification, with recovered
fuel constituents fed to the Oxidizer;

• steam turbine power cycle (supercritical).
This section describes the CLC power plant configuration, equipment func-

tions, and stream conditions. The operating conditions and reactor performances
differ significantly between the Fe2O3 and CaSO4 oxygen carrier cases.

11.3.1 General CLC Power Plant Configuration

Figure 11.1 illustrates a block flow diagram of the circulating fluidized bed
chemical looping concept employed in the current study for both the CaSO4-
and Fe2O3-based oxygen carriers. The heart of the power plant is the Reducer
and Oxidizer reactors coupled with circulating oxygen carrier. Coal is delivered
to the base of the Reducer using conventional coal handling and coal feeding
equipment. A stream of makeup oxygen carrier (Fe2O3 or CaSO4) is also fed at
the Reducer base. Steam and CO2 recycled from the fuel recovery and compres-
sion system provide initial fluidization and coal devolatilization reactants for the
Reducer. The CO2 recycle is a slip-stream from the Reducer’s raw-CO2 stream
that has passed through the first compression stage of the CO2 compression
system. It contains primarily CO2, but also may contain some unconverted fuel
constituents.

The Reducer is a circulating fluidized bed reactor, and a set of four parallel
cyclones captures the entrained stream of oxygen carrier, coal char, and coal ash
particles, and three recycle them to the base of the Reducer. One of the cyclones
captures Reducer-entrained solids and transports them to the Oxidizer reactor.
Because this is a circulating bed reactor, no separate solids transport system is
needed.

The off-gas from the Reducer represents the raw CO2 stream to be sequestered.
It contains primarily CO2 and H2O, but also has portions of particulate, H2,
CO, and coal contaminants (SO2, H2S, HCl, Hg, etc.). The particulate and coal
contaminants must be removed from the raw CO2 stream using conventional
cleaning equipment (baghouse, FGD, and mercury removal by activated carbon
injected into the baghouse). A heat recovery steam generator (HRSG) precedes
the gas cleanup equipment, producing a portion of the steam turbine steam.

The unconverted fuel constituents (primarily H2 and CO) may need to be
separated from the raw CO2 stream and fed to the Oxidizer for utilization. This
is a function of the fuel recovery and compression system, which is a near-term,
low-temperature, phase separation technique for purification and compression
of the CO2 stream [6]. The Fe2O3 oxygen carrier is sufficiently reactive that
the H2 and CO content of the Reducer off-gas is low, and fuel recovery is not
needed. In this case, conventional CO2 stream dehydration and compression is
applied. In contrast, the CaSO4 oxygen carrier, having relatively low reactivity,
results in a significant amount of H2 and CO in the Reducer off-gas, and fuel
recovery/CO2 purification is applied to yield a purer CO2 product and to utilize
all the fuel constituents.

The Reducer reactor is the most complex of the two reactors, and conducts
simultaneous coal gasification and the partial reduction of the oxygen carrier
(Fe2O3 carrier to Fe3O4; or CaSO4 to CaS) within a circulating fluidized bed
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environment. Because coal gasification is slow at the temperature of the Reducer,
a significant amount of char may be unconverted and fed to the Oxidizer with
the oxygen carrier solids circulation stream. It is expected that the carbon
transferred to the Oxidizer would be significant enough to result in unacceptable
power plant carbon capture. Thus, a device is inserted into the Reducer solids
transport stream to separate char from the ash and oxygen carrier and recycle
it to the Reducer. The separation will result in a more compact Reducer reactor
by increasing the content and residence time of char particles in the Reducer
reactor, and will yield acceptable carbon capture efficiency. The char–carrier–ash
separator device is undeveloped and is a conceptual unit operation in the ref-
erence plant design. There are many char–carrier–ash separation mechanisms
that can be attempted, such as
• particle segregation due to particle density differences
• particle segregation due to particle size differences
• particle separation based on differences in magnetic properties.

In the reference plant this device is treated as a separator block that separates
out 80% of the unconverted char and recycles this char back to the Reducer.

The Oxidizer reactor is a much simpler reactor than the Reducer reactor. In it,
air reacts with the partially reduced oxygen carrier particles from the Reducer,
converting them back to a nearly fully oxidized form of the oxygen carrier. The
oxygen carrier stream from the Reducer delivers the partially reduced oxygen
carrier to the base of the Oxidizer vessel. This stream must be stripped of fuel
gas constituents, and its flow is controlled by L-valve aeration. The Oxidizer is
also a circulating bed reactor and uses eight parallel cyclones in the same way
the Reducer reactor does: six for recycling of entrained solids back into the Oxi-
dizer and the remaining two to transport a portion of the total entrained solids
to the Reducer vessel, with this solids transport stream being stripped of air and
controlled by aerated L-valves.

Because of the high particle velocities existing in the Oxidizer, and the limited
volume of the Oxidizer reactor, no in-bed heat transfer surface is used. Instead,
an external solids heat recovery unit (solids HRSG) is placed on the solids stream
transported to the Reducer for the Fe2O3 oxygen carrier and on the solids trans-
port stream leading to the Oxidizer for the CaSO4 oxygen carrier. This is a moving
bed heat exchanger, and solid heat exchangers of this type are currently commer-
cially available at smaller capacities [7].

The off-gas from the Oxidizer primarily contains nitrogen with excess oxygen,
H2O, particulate, some CO2, and small amounts of coal contaminants, as well
as the possibility for some NOx. It is expected that Oxidizer off-gas cleaning
requirements will be limited to particulate control using a conventional baghouse
and SCR (not shown). The baghouse is preceded by a HRSG. A conventional
forced draft (FD) fan to supply the Oxidizer air flow and conventional ID fans
are utilized.

The power plant must maintain a coal ash inventory balance within the reac-
tors. This is normally performed in fluidized bed reactors by draining a portion
of the Oxidizer reactor bed mass, which is a mixture of coal ash and oxygen
carrier particles. In the reference plant configuration for Fe2O3 oxygen carrier
it is assumed that the coal ash material balance is maintained by cyclone ash
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losses through the Reducer and Oxidizer cyclones. This is assumed to be accom-
plished by using moderately efficient cyclone designs that allow the lighter and
smaller ash particles to penetrate the cyclones while capturing the larger, denser
oxygen carrier particles. The reference plant configuration for Fe2O3 oxygen car-
rier requires no Oxidizer bed drain, with all the oxygen carrier losses also being
through cyclone penetration, and the makeup oxygen carrier being based on
these losses.

In contrast, with the CaSO4 oxygen carrier it is assumed that high-efficiency
cyclones are utilized that permit very little of the relatively low-density ash and
oxygen carrier particles to penetrate. Oxidizer bed drainage is applied to maintain
the plant coal ash material balance, and the CaSO4 oxygen carrier makeup is fed
to the Reducer to account for the oxygen carrier lost with the drained coal ash
from the Oxidizer.

In cases where the plant ash material balance is maintained by Oxidizer bed
drainage, large oxygen carrier losses may result. If this is the case, and if it results
in an unacceptable operating cost for makeup oxygen carrier, an additional device
will be needed to separate oxygen carrier from the bed ash to minimize oxygen
carrier losses. Such a device is not required for the reference plants due to the
assumptions applied.

11.3.2 Reference Plant Stream Conditions

The major reactor conditions and plant configuration features for the two oxy-
gen carrier types are compared in Table 11.2. The Fe2O3 oxygen carrier reactors

Table 11.2 Comparison of reference plant reactor conditions and configuration features.

Oxygen carrier type Fe2O3 CaSO4

Reducer reactor type Circulating fluid bed Circulating fluid bed
Reducer outlet gas velocity (ft s−1) 30 29
Reducer temperature (∘F) 1 745 1 800
Reducer pressure drop (psi) 21.4 2.9
Solids flow to Reducer (1000 lb h−1) 94 374 17 183

Oxidizer reactor type Circulating fluid bed Circulating fluid bed
Oxidizer outlet gas velocity (ft s−1) 31 26
Oxidizer temperature (∘F) 1 800 2 000
Reducer off-gas H2 and CO (mol%) 0.05 1.5
Oxidizer pressure drop (psi) 1.8 0.4
Oxygen carrier flow to Oxidizer (1000 lb h−1) 93 566 16 363
Oxidizer off-gas O2 (mol%) 3.5 3.5

Location of solids cooler Solids stream to Reducer Solids stream to Oxidizer
Use of fuel recovery/CO2 purification None needed Used for fuel recovery
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operate at lower temperatures than the CaSO4 oxygen carrier reactors. Much
higher solids circulation rates and bed pressure drops result with the Fe2O3 oxy-
gen carrier than with the CaSO4 oxygen carrier. Better Reducer performance
results with the Fe2O3 oxygen carrier than with the CaSO4 oxygen carrier as indi-
cated by the Reducer off-gas H2 and CO content. As a result, there is no need for
fuel recovery/CO2 purification with the Fe2O3 oxygen carrier; with the CaSO4
oxygen carrier it is assumed that purification is required so that the fuel con-
stituents in the raw CO2 stream can be utilized.

Table 11.3 lists stream conditions for the Fe2O3 oxygen carrier reference plant,
referring to the selected streams numbered in the Figure 11.2 block flow diagram.
Similarly, Table 11.4 lists stream conditions for the CaSO4 oxygen carrier refer-
ence plant, referring to the selected streams numbered in the Figure 11.3 block
flow diagram. Owing to the assumptions applied, stream 14 in Table 11.3 has
negligible flow and is not included in the stream table.

11.4 Chemical Looping Combustion Reference Plant
Performance

Table 11.5 lists the major Reducer reactor dimensions and some of its most
important design characteristics. The Reducer operating velocity is high, but is
within normal experience for circulating fluidized beds. There is a significant
increase in the gas velocity across the Reducer reactor. Smaller oxygen carrier
makeup rate is needed with Fe2O3 than with CaSO4, but the Fe2O3 oxygen
carrier has a much greater price. The Reducer vessel dimensions are similar for
the two oxygen carrier types; this similarity results from the higher operating
temperature assumed for the less reactive CaSO4 oxygen carrier. Four very large
cyclones are required to support the Reducer operation.

Some aspects of the circulating fluid bed average structure are included. These
indicate that the Fe2O3 Reducer reactor solids have high oxygen carrier content
relative to char and coal ash, while the CaSO4 Reducer reactor solids have very
high char and coal ash contents. Both Reducer reactors have low solids volumet-
ric contents, with a large central core region containing small volume fractions
of solids. These characteristics are representative of circulating fluidized beds.

Table 11.6 lists the Oxidizer reactor dimensions and some of its most important
design characteristics. Like the Reducer reactor, the Oxidizer reactor operates
with high gas velocity. The Fe2O3 Oxidizer is more compact than the CaSO4
Oxidizer reactor, both having relatively low pressure drops. Again, many parallel
cyclones are required. The Oxidizer circulating fluid bed structure has character-
istics similar to those in the Reducer fluid bed.

Table 11.7 presents the CLC power plant performance and the breakdown
of the auxiliary loads in the plants. Note that the Fe2O3 oxygen carrier pro-
cess requires no fuel recovery, using conventional raw-CO2 dehydration and
compression, while the CaSO4 oxygen carrier process requires fuel recovery.
Comparison with a conventional PC power plant using amine absorption for
carbon capture is included.



Table 11.3 Fe2O3-based chemical looping combustion power plant stream table.

1 2 3 4 5 6 7 8 9 10 11 12 13 14 15

Gas composition (mole fraction)
Ar 0 0 0 0 0 0 0 0 0 0.009 0 0 0.011 0 0.011
CH4 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
CO 0 0 0 1.53E-05 0 0 7.93E-06 0 1.5516E-05 0 0 0 0 0 1.702 E.05
CO2 0 0 0 0. 972 0 0 0.505 0 0.989 0.0003 0 0 0.0075 0 0.0075
H2 0 0 0 9. 93E-06 0 0 5.16E-06 0 1.01E-05 0 0 0 0 0 0
H2O 0 0 1 0.017 0 0 0.482 0 0 0.010 0 0 0.018 0 0.019
H2S 0 0 0 0 0 0 0 0 0 0 0 0 0 0 0
N2 0 0 0 0. 010 0 0 0.005 0 0.010 0. 773 0 0 0.928 0 0.927
NH3 0 0 0 0 0 0 0.0004 0 0 0 0 0 0 0 0
O2 0 0 0 0 0 0 0 0 0 0. 207 0 0 0.035 0 0.035
SO2 0 0 0 0. 001 0 0 0.007 0 0.001 0 0 0 1.70E-05 0 0

Total 0 0 1 1 0 0 1 0 1 1 1 0 1 0 1

Gas Flow rate
(kg mol h−1)

0 0 4 894 340 0 1 606 21 609 0 10 710 73 334 0 0 61 119 0 61 147

Gas Flow rate
(kg h−1)

0 0 88 175 14 775 0 3 323 681 736 0 469 796 2 116 191 0 0 1 725 006 0 1 725 469

Solids Flow
rate (kg h−1)

207 745 4 667 0 0 42 807 449 23 690 424 0 0 0 42 439 819 0 24 401 24 401 0

(continued)



Table 11.3 (Continued)

1 2 3 4 5 6 7 8 9 10 11 12 13 14 15

Temperature
(∘C)

15 15 138 38 960 952 951 — 52 15 951 — 982 149 148

Pressure
(MPa, abs)

0.101 0.101 0.276 0. 341 0.101 0.101 0.101 — 15.27 0. 101 0.101 — 0. 101 0.097 0.102

Enthalpy
(kJ kg−1)

— — 2 751.4 46.3 — 3 602.2 2 009.6 — .158.6 30.2 .7 510.6 — 1 115.2 — 178.2

Density
(kg m−3)

— — 1.5 5.8 — 0 0.3 — 632.1 1.2 0 — 0.3 — 0.8

Gas
molecular
weight

— — 18.0 43.4 — 0 31.5 — 43.9 28.9 0 — 28.2 — 28.2

Gas flow rate
(lb mol h−1)

0 0 10 790 750 0 0 47 640 0 23 611 161 673 0 0 134 745 0 134 806

Gas flow rate
(lb h−1)

0 0 194 392 32 572 0 0 1 502 971 0 1 035 722 4 665 403 0 0 3 802 988 0 3 804 007

Mass flow
coal ash
(lb h−1)

0 0 0 399 547 5 217 4 0 443 969 0 44 397 44 397 0

Mass flow
O2-carrier
(lb h−1)

0 10 290 0 93 974 722 47 010 931 0 93 119 817 0 9 398 9 398 0

Solids Flow
rate (lb h−1)

458 000 10 290 0 0 94 374 269 52 228 936 0 0 0 93 563 785 0 53 795 53 795 0



Temperature
(∘F)

59 59 280 100 1761 1745 1744 — 125 59 1744 — 1800 300 298

Pressure
(psia)

14.7 14.7 40 49.5 14.7 14.7 14.7 — 2 214.5 14.7 14.7 — 14.7 14.1 14.8

Enthalpy
(Btu lb−1)

— — 1 182.9 19.9 — 1 548.7 864.0 — .68.2 13.0 .3 229.0 — 479.5 — 76.6

Density
(lb ft−3)

— — 0.09 0 36 — 0 0.02 — 39.46 0 08 0 — 0 02 — 0. 05

O2-carrier flow rate (lb mol h−1)
Support
Al2O3

0 71 0 0 647 760 0 6 0 0 0 647 824 0 65 65 0

Fe2O3 0 29 0 0 246 824 0 1 0 0 0 82 614 0 25 25 0
Fe3O4 0 0 0 0 12 164 0 1 0 0 0 121 655 0 1 1 0
Char carbon 0 0 0 0 10 3 889 0 0 0 0 972 0 0 0 0
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Figure 11.2 Fe2O3-based chemical looping combustion power plant stream flow diagram



Table 11.4 CaSO4-based chemical looping combustion power plant stream table.

1 2 3 4 5 6 7 8 9 10 11 12 13 15

Gas compostion (mole fraction)
Ar 0 0 0 0 0 0 0 0 0 0.009 0 0 0.011 0.011
CH4 0 0 0 0 0 0 0 0 0 0 0 0 0 0
CO 0 0 0 0.014 0 0 0.008 0.263 0 0 0 0 0 0
CO2 0 0 0 0.944 0 0 0.503 0.335 0.997 0 0 0 0.016 0.016
H2 0 0 0 0.014 0 0.998 0.007 0.254 0 0 0.998 0 0 0
H2O 0 0 1 0.017 0 0 0.471 0 0 0.010 0 0 0.021 0.021
H2S 0 0 0 0 0 0 0.005 0 0 0 0 0 0 0
N2 0 0 0 0.008 0 0.002 0.004 0.148 0 0.773 0.002 0 0.918 0.918
NH3 0 0 0 0 0 0 0 0 0 0 0 0 0 0
O2 0 0 0 0 0 0 0 0 0 0.207 0 0 0.035 0.035

0 0 0 0.003 0 0 0.002 0 0.003 0 0 0 0 0

Total 0 0 1 0 0 0 0 0 0 1 0 0 1 1

Gas Flow rate
(kg mol/h)

0 0 5 279 485 0 1 729 23 257 644 11 055 78 139 432 0 65 932 65 949

Gas Flow rate
(kg/h)

0 0 95 103 20 722 0 3 559 726 769 17 236 487 217 2 254 867 890 0 1 867 586 1 867 851

Solids flow
rate (kg h−1)

223 689 16 069 0 0 7 794 191 25 508 0 0 0 0 7 422 116 33 331 0 0

(continued)



Table 11.4 (Continued)

1 2 3 4 5 6 7 8 9 10 11 12 13 15

Temperature
(∘C)

15 15 127 38 1 093 15 982 129 52 15 980 1 093 1 093 158

Pressure
(MPa, abs)

0.101 0.101 0.172 0.341 0.101 0.101 0.101 0.234 15.268 0.101 0.101 0.101 0.101 0.102

Enthalpy
(kJ kg−1)

— — 2 733.6 47.0 — 314.1 2 053.3 155.6 163.8 30.2 1 439.3 — 1 266.2 192.4

Density
(kg m−3)

— — 0.9 5.7 — 0.1 0.3 1.9 651.5 1.2 0.0 — 0.3 0.8

Gas
molecular
weight

— — 18.0 42.7 — 2.1 31.3 26.8 44.1 28.9 2.1 — 28.3 28.3

Gas flow rate
(lb mol h−1)

0 0 11 638 1 070 0 3 811 51 272 1 419 24 373 172 268 953 0 145 356 145 393

Gas flow rate
(lb h−1)

0 0 209 667 45 685 0 7 847 1 602 250 37 998 1 074 130 4 971 131 1 962 0 4 117 322 4 117 906

Mass flow
coal ash
(lb h−1)

0 0 0 — 11 141 616 5 618 0 — — 0 11 189 452 47 647 — —

Mass flow
O2-carrier
(lb h−1)

0 35 425 0 — 6 041 635 50 618 0 — — 0 5 173 514 25 836 — —

Solids flow
rate (lb h−1)

493 150 35 425 0 0 17 183 251 56 236 0 0 0 0 16 362 966 73 483 0 0



Temperature
(∘F)

59 59 260 100 1 999 59 1 799 264 125 59 1 796 2 000 2 000 317

Pressure
(psia)

14.7 14.7 25.0 49.5 14.7 14.7 14.7 34.0 2 214.5 14.7 14.7 14.7 14.7 14.8

Enthalpy
(Btu lb−1)

— — 1 175.2 20.2 — 135.0 882.8 66.9 70.4 13.0 .618.8 — 544.4 82.7

Density
(lb ft−3)

— — 0.059 0.358 — 0.005 0.019 0 117 40.672 0 076 0.001 — 0.016 0.051

O2-carrier flow rate (lb mol h−1)
CaSO4 0 0 0 — 14 328 0 0 — — 0 0 61 — —
CaS 0 0 0 — 0 0 0 — — 0 14 391 0 — —
CaO 0 0 0 — 65 458 0 0 — — 0 65 395 280 — —
CaCO3 0 336 0 — 0 0 0 — — 0 336 0 — —
Char carbon 0 0 0 — 21 4 188 0 — — 0 1 047 0 — —
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Figure 11.3 CaSO4-based chemical looping combustion power plant stream flow diagram.
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Table 11.5 Reducer reactor characteristics and vessel dimensions.

Oxygen carrier type Fe2O3 CaSO4

Inlet velocity (ft s−1) 20 20
Outlet velocity (ft s−1) 30 29
Oxygen carrier circulation rate
(1000 lb h−1)

94 374 17 183

Oxygen carrier makeup rate (lb h−1) 10 290 35 425
Pressure drop (psi) 21.4 2.9
Carbon gasification efficiency (%) 96 96
Reducer off-gas H2 and CO (mol%) 0.05 1.5
Reducer vessel shell diameter (ft) 39 41
Reducer vessel height (ft) 115 87
Reducer cyclone number 4 4
Reducer cyclone shell diameter (ft) 19 20
Reducer cyclone height (ft) 90 94
Solids content, % of total solids volume
(oxygen carrier, char, ash)

92.8, 6.1,
1.1

25.3, 13.3,
61.4

Volume % of solids in bed core region 2.3 1.5

Table 11.6 Oxidizer reactor characteristics and vessel dimensions.

Oxygen carrier type Fe2O3 CaSO4

Inlet velocity (ft s−1) 32 30
Outlet velocity (ft s−1) 31 26
Pressure drop (psi) 1.8 0.4
Oxidizer vessel shell diameter (ft) 52 63
Oxidizer vessel height (ft) 39 54
Oxidizer cyclone number 8 8
Oxidizer cyclone shell diameter (ft) 23 25
Oxidizer cyclone height (ft) 108 117
Solids content, % of total solids
volume (oxygen carrier, ash)

98.7, 1.3 26.1, 73.9

Volume % solids in bed core region 0.9 0.25

Higher plant thermal efficiency results with the CLC plants are primarily due
to the much lower extracted steam usage in these plants compared to the conven-
tional amine-based PC plant. The Fe2O3 oxygen carrier CLC plant has very high
thermal efficiency resulting from the high Reducer performance, with no need
for fuel recovery or CO2 purification.
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Table 11.7 Reference power plant performance comparison.

Plant performance factors Fe2O3 CaSO4

Conventional
PC with CCS
(BBR Case 12)

Plant output (kW)
Steam turbine power 641 800 671 100 662 800

Auxiliary load (kW)
Coal handling 460 480 510
Pulverizers 3 110 3 350 3 850
Sorbent and oxygen carrier handling 1 530 1 860 1 250
Ash and carrier waste handling 720 980 740
Forced draft fans 6 450 4 410 2 300
Induced draft fans 3 880 6 010 11 120
SCR 50 60 70
Baghouses 120 90 100
Wet FGD 6 440 4090 4 110
CO2 removal 0 0 20 600
Fuel recovery and compression 55 920 86 170 44 890
Miscellaneous balance or plant 2 000 2 000 2 000
Steam turbine auxiliaries 400 400 400
Condensate pumps 870 890 560
Circulating water pumps 4 970 5 160 10 100
Ground water pumps 0 0 910
Cooling tower fans 2 570 2 670 5 230
Transformer losses 2 170 2 340 2 290

Plant performance
Net auxiliary load (kW) 91 660 120 960 112 830
Net plant power (kW) 550 140 550 140 549 970
Net plant efficiency (% (HHV)) 35.1 32.6 28.4
Coal feed flow rate (kg h−1 or lb h−1) 207 745 (458 000) 223 689 (493 150) 256 652 (565 820)
Thermal input (kWth) 1 565 887 1 686 064 1 923 519
Condenser duty (GJ h−1 or MMBtu h−1) 2 424 (2 298) 2 521 (2 389) 1 737 (1 646)
Carbon capture efficiency (%) 95.8 91.4 90.0

CCS, CO2 capture and storage and HHV, high heating value.

11.5 Chemical Looping Combustion Reference Plant
Cost

Table 11.8 shows the equipment cost breakdown for the two CLC power plants.
Fuel recovery is not needed for the Fe2O3 oxygen carrier process, but is used with
the CaSO4 process.
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Table 11.8 Total plant costbreakdown comparison.

Cost Fe2O3 ($ kW−1) CaSO4 ($ kW−1)

Coal handling, prep and feed systems 88 92
Coal prep and feed systems 44 44
Feedwater and Miscellaneous BOP systems 181 185
Chemical looping combustion system 729 785

Reducer reactor 13 12
Reducer cyclones 13 14
Reducer high-temperature piping 5 5
Char–carrier separator 0 0
Oxidizer reactor 10 18
Oxidizer cyclones 37 44
Oxidizer high-temperature piping 9 9
Solids HRSG and convective HRSGs 326 351
CLC BOP (w/FD and ID fans) 315 331

Gas cleanup (FGD, Baghouses, SCR) 161 229
Fuel recovery and CO2 compression 159 202
HRSG, ducting and stack 79 80
Steam turbine generator 292 301
Cooling water system 83 85
Ash and carrier waste handling system 133 144
Accessory electric plant 170 186
Instrumentation and control 58 61
Improvements to site 31 31
Buildings and structures 170 171
Total plant cost (TPC) 2 379 2 597
Total overnight cost (TOC) 2 975 3 204
Total as-spent cost (TASC) 3 392 3 653

These results indicate that the primary reactor vessels and cyclones represent a
small cost contribution to the total CLC power plant cost. More significant costs
are associated with the heat recovery units and the FD and ID fans.

Table 11.9 displays the initial and annual O&M expenses for the Fe2O3 CLC
power plant. A relatively high cost is associated with the cost of makeup Fe2O3
oxygen carrier. Similarly, Table 11.10 displays the initial and annual O&M
expenses for the CaSO4 CLC power plant.

Table 11.11 shows the breakdown for the COE (first year, without transport
and storage (T&S)) for the two CLC power plants and compares them against the
conventional PC power plant with amine-based carbon capture. Even though the
Fe2O3 oxygen carrier CLC power plant has higher thermal efficiency and lower
capital cost than the CaSO4 oxygen carrier CLC power plant, the COE is lower
for the CaSO4 CLC power plant due to the high cost of makeup oxygen carrier in
the Fe2O3 CLC power plant.



Table 11.9 Fe2O3 CLC initial and annual O&M expenses.

Fe case – Fe2O3 chemical looping (1 x 550 MWnet) with CO2 capture Cost base (Jun) 2011

Heat rate.net (Btu/kWh) 9 712

MWe-net 550

Capacity factor (%) 85

Operating and maintenance labor

Operating labor
Operating labor rate (base) 39.70 $ h−1

Operating labor burden 30.00 % of base
Labor O.H charge rate 25.00 % of labor

Operating labor requirements per shift Total plant
Skilled operator 2.0
Operator 11.3
Foreman 1.0
Lab Tech’s, etc. 2.0

Total 16.3

Annual cost ($) Annual unit cost ($/kW-net)
Annual operating labor cost 7 384 208 13.422
Maintenance labor cost 8 849 699 16.086
Administrative and support labor 4 058 477 7.377
Property taxes and insurance 26 173 671 47.576

Total fixed operating costs 46 466 055 84.462



Variable operating costs
Maintenance material cost $13 274 549 $0.003 24

Consumables Initial fill Consumption per day Unit Cost Initial fill Cost ($)
Water(per 1000 gallons) 0 3 400 1.67 0 1 766 069 0.000 43

Chemicals
MU and WT Chem. (lbs) 0 16 461 0.27 0 1 367 825 0.000 33
Limestone (ton) 0 293 33.48 0 3 040 413 0.000 74
Carbon (mercury removal (lb) 0 1 491 1.63 0 751 814 0.000 18
Fe2O3 oxygen transport (ton) 0 123 2 000 0 76 617 888 0.018 70
NaOH (tons) 0 0 671.16 0 0 0.000 00
H2SO4 (tons) 0 0 214.78 0 0 0.000 00
Corrosion inhibitor 0 0 0 115 072 5 480 0.000 00
Activated carbon (lb) 0 0 1.63 0 0 0.000 00
Ammonia (19% NH3) ton 0 16 330.00 0 1 599 523 0.000 39

Subtotal chemicals 115 072 83 382 943 0.020 36

Other
Supplemental fuel (MBtu) 0 0 0.00 0 0 0.000 00
SCR catalyst (m3) w/equip. 0.38 8 938.80 0 1 041 791 0.000 25
Emission penalties 0 0 0.00 0 0 0.000 00
Subtotal other 0 1 041 791 0.000 25

(continued)



Table 11.9 (Continued)

Fe case – Fe2O3 chemical looping (1 x 550 MWnet) with CO2 capture Cost base (Jun) 2011

Heat rate.net (Btu/kWh) 9 712

MWe-net 550

Capacity factor (%) 85

Waste disposal
Fly ash (ton) 0 657 25.11 0 5 116 465 0.001 25
Bottom ash (ton) 0 107 25.11 0 830 382 0.000 20

Subtotal waste disposal 0 5 946 847 0.001 45

By-products and emissions
Gypsum (tons) 0 585 0.00 0 0 0.000 00

Sub total by-products 0 0 0.000 00

Total variable operating costs 115 072 105 412 199 0.025 73

Fuel (ton) 0 5 496 68.60 0 116 972 192 0.028 56



Table 11.10 CaSO4 CLC initial and annual O&M expenses.

Ca case – CaSO4 chemical looping (1 x 550 MW-net) with CO2 capture Cost base (June) 2011

Heat rate.net (Btu/kWh) 10 457

MWe-net 550

Capacity factor (%) 85

Operating and maintenance labor

Operating labor
Operating labor rate(base) 39.70 $ h−1

Operating labor burden 30.00% Of base
Labor O.H charge rate 25.00% Of labor

Operating labor requirements per shift Total plant
Skilled operator 2.0
Operator 11.3
Foreman 1.0
Lab tech’s, etc. 2.0

Total 16.3

Annual cost ($) Annual unit cost ($/kW-net)
Annual operating labor cost 7 384 208 13.422
Maintenance labor cost 9 629 603 17.504
Administrative and support labor 4 253 453 7.732
Property taxes and insurance 28 578 510 51.948

Total fixed operating costs 49 845 774 90.606

(continued)



Table 11.10 (Continued)

Ca case – CaSO4 chemical looping (1 x 550 MW-net) with CO2 capture Cost base (June) 2011

Heat rate.net (Btu/kWh) 10 457

MWe-net 550

Capacity factor (%) 85

Variable operating costs

Maintenance material cost 14 444 405 0.003 53

Consumables Initial fill Consumption per day Unit cost Initial fill cost ($)
Water(per 1000 gallons) 0 3 392 1.67 0 1 761 443 0.000 43

Chemicals
MU & WT Chem.(lbs) 0 16 417 0.27 0 1 364 242 0.000 33
Limestone (ton) 0 66 33.48 0 688 590 0.000 17
Carbon (mercury removal) lb 0 1 546 1.63 0 779 694 0.000 19
Limestone/oxygen transport (ton) 0 425 33.48 0 4 415 606 0.001 08
NaOH (tons) 64 6 671.16 43 283 1 342 862 0.000 33
H2SO4 (tons) 0 0 214.78 0 0 0.000 00
Corrosion inhibitor 0 0 0 123 903 5 900 0.000 00
Activated Carbon (lb) 0 0 1.63 0 0 0.000 00
Ammonia (19% NH3) ton 0 17 330.00 0 1 722 281 0.000 42

Subtotal chemicals 167 186 10 319 175 0.002 52



Other
Supplemental fuel (MBtu) 0 0 0.00 0 0 0.000 00
SCR catalyst (m3) w/equip. 0.40 8 938.80 0 1 123 146 0.000 27
Emission penalties 0 0 0.00 0 0 0.000 00

Subtotal other 0 1 123 146 0.000 27

Waste disposal
Fly ash (ton) 0 0 25.11 0 0 0.000 00
Bottom ash (ton) 0 882 25.11 0 6 869 485 0.001 68

Subtotal waste disposal 0 6 869 485 0.001 68

By-products and emissions
Gypsum (tons) 0 67 0.00 0 0 0.000 00

Subtotal by-products 0 0 0.000 00

Total variable operating costs 167 186 34 517 654 0.008 43
Fuel (ton) 0 5 918 68.60 0 125 949 425 0.030 75
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Table 11.11 Cost of electricity breakdown comparison.

Cost
Fe2O3
($ MWh−1)

CaSO4
($ MWh−1)

Conventional
PC BBR case 12($ MWh−1)

Capital 49.6 53.4 73.1
Fixed 11.3 12.2 15.7
Variable 25.7 8.4 13.2

Maintenance materials 3.2 3.5 4.7
Water 0.4 0.4 0.9
Carrier makeupa) 18.7 1.1 N/A
Other chemicals and catalyst 1.9 1.7 6.4
Waste disposal 1.5 1.7 1.3

Fuel 28.6 30.8 35.3
Total 115.2 104.7 137.3

a) Fe2O3 oxygen carrier makeup: 123 tons d−1 at $2 000 per ton; limestone carrier
makeup: 425 tons d−1 at $33.5 per ton.

11.6 Chemical Looping Combustion Reference Plant
Performance and Cost Sensitivities

The sensitivity parameters considered in this chapter relate to the reference cir-
culating fluidized bed CLC concept. There are a host of parameters used in the
design of the CLC power plant that can influence the CLC power plant per-
formance and cost. There are also significant uncertainties associated with the
design and performance parameters. Selected sensitivity evaluations illustrate
the influence of the key parameters on the CLC plant performance and cost.

The key Reducer performance parameters are listed below, and their reference
values are listed in Table 11.12.
• Steam and recycled-CO2 feed rates
• Cyclone recycle ratio (solids rate recirculated to the Reducer/total solids col-

lection rate) – the non-recycled material is transported to the Oxidizer
• Oxygen carrier Reducer outlet extent of conversion
• Reducer temperature
• Reducer gas velocity
• Reducer overall carbon conversion efficiency

The first two parameters are fixed at the reference plant values. The last four
parameters were assessed in sensitivity evaluations. These factors influence the
Reducer characteristics:
• Pressure drop
• Total vessel height
• Vessel shell diameter
• Outlet H2 and CO gas content
• Overall carbon capture efficiency for the plant
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Table 11.12 Reducer parameters.

Parameter
Fe2O3 case
base values

CaSO4 case
base values

Base plant fixed parameters
Steam feed rate (moles/mole carbon) 0.44 0.44
Recycled-CO2 feed rate (moles/mole carbon) 0.031 0.044
Oxygen carrier feed rate (moles/mole carbon) 10.1 0.55
Oxygen carrier Reducer inlet extent of conversion (%) 6.9 0.0
Cyclone recycle ratio 4:1 4:1

Sensitivity parameters base plant values
Oxygen carrier outlet extent of conversion (%) 68.7 Fe3O4 17.7 CaS
Reducer temperature (∘F) 1 745 1 800
Reducer outlet gas velocity (ft s−1) 30 29
Reducer overall carbon conversion (%) 96 96

Plant performance sensitivity variables base values
Reducer pressure drop (psi) 21.4 2.9
Reducer vessel height (ft) 115 87
Reducer vessel shell diameter (ft) 39 41
Reducer outlet H2 and CO gas content (mol%) 0.05 1.5
Overall carbon capture efficiency for the plant (%) 95.8 91.4

Likewise, the Oxidizer performance parameters are listed below, and their ref-
erence plant values are listed in Table 11.13.

• Oxygen carrier feed rate and its inlet extent of conversion
• Outlet excess O2
• H2 and CO fed from the fuel recovery/CO2 purification system, and the carbon

sent from the Reducer
• Cyclone recycle ratio (solids rate recirculated to the Oxidizer/total solids col-

lection rate) – the non-recycled material is transported to the Reducer
• Oxygen carrier outlet extent of conversion
• Oxidizer temperature
• Oxidizer gas velocity

The first five parameters are fixed at the reference plant values. The last two
parameters were assessed in sensitivity evaluations. These factors influence the
Oxidizer characteristics:

• Pressure drop
• Total vessel height
• Vessel shell diameter
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Table 11.13 Oxidizer parameters.

Parameter
Fe2O3 case
base values

CaSO4 case
base values

Base plant fixed parameters
Oxygen carrier inlet extent of conversion (%) 31.3 0.0
Cyclone recycle ratio 3 : 1 3 : 1
Outlet excess O2 (mol%) 3.5 3.5
Oxygen carrier outlet extent of conversion (%) 93.1 Fe2O3 100 CaSO4

Sensitivity parameters base plant values
Oxidizer temperature (∘F) 1800 2000
Oxidizer outlet gas velocity (ft s−1) 32 30

Plant performance sensitivity variables base values
Oxidizer pressure drop (psi) 1.8 0.4
Oxidizer vessel height (ft) 39 54
Oxidizer shell diameter (ft) 52 63
Oxidizer FD-Fan power (kW) 6 450 4 410

Two important plant cost sensitivities are as follows:

• Rate of oxygen carrier makeup and the makeup oxygen carrier delivered price
• Cost of char–carrier separation equipment

These two items influence the plant COE and are included in sensitivity studies.

11.6.1 Reactor Temperature Sensitivity

The Reducer temperature sensitivity results are displayed in Figure 11.4. The top
chart shows results for the Fe2O3 Reducer and the bottom chart shows results
for the CaSO4 Reducer. The Reducer vessel height and off-gas H2 and CO are
shown as a function of the Reducer temperature. For the highly reactive Fe2O3
oxygen carrier the Reducer can operate at relatively low temperatures where char
gasification is slow. Increasing the temperature greatly reduces the vessel height
needed to gasify the coal char. This reduction in vessel height, however, results
in an increase in the Reducer off-gas H2 and CO content by a factor of 5. This
increase will have minor impact on the plant performance and cost so long as the
H2 and CO content remain small at less than 0.1 mol%, so it is concluded that
it would be beneficial to increase the Reducer temperature to the highest level
that can be operated without secondary operating issues, such as oxygen carrier
reactivity loss due to sintering, or fluid bed particle agglomeration.

In the CaSO4 Reducer, the oxygen carrier has low reactivity and the Reducer
must operate at higher temperatures where char gasification rates are also higher.
Increasing the Reducer temperature results in a reduction in the Reducer vessel
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Figure 11.4 Reducer temperature sensitivity.

height and the off-gas H2 and CO content, which ranges from 1 to 2 mol%. It is
beneficial to increase the Reducer temperature to the highest level that can be
operated without secondary operating issues, such as oxygen carrier reactivity
loss due to sintering, or fluid bed particle agglomeration.

The Oxidizer temperature sensitivity results are displayed in Figure 11.5.
Increase in the Reducer temperature will demand an increase in the Oxidizer
temperature just due to the solid circulation heat balance. The exhibit shows
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Figure 11.5 Oxidizer temperature sensitivity.

that for both the Fe2O3 and CaSO4 oxygen carriers, increased temperature
results in reduced Oxidizer vessel height and reducer FD fan auxiliary power
consumption, although these improvements are very small for the high-reactivity
Fe2O3 oxygen carrier. While these are helpful trends, the improvements will not
result in significant improvements in the CLC plant performance or cost. It is
concluded that the best operating temperature for the Reducer and Oxidizer
vessels with respect to operational reliability and oxygen carrier durability needs
to be identified experimentally, and the benefits of temperature increases above
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this temperature need to be considered relative to the detrimental impacts of
these increases.

11.6.2 Reactor Velocity Sensitivity

The reducer velocity sensitivity results are displayed in Figure 11.6. Again, the
top chart shows results for the Fe2O3 oxygen carrier, and the bottom chart shows
results for the CaSO4 oxygen carrier. Reducer vessel height, Reducer shell inner
diameter, and off-gas H2 and CO content are plotted against the Reducer outlet
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velocity. As the velocity increases, the vessel shell diameter decreases, but does
not approach a vessel size that could be shop fabricated. Increasing velocity
also results in greatly increased Reducer vessel height with a more moderate
increase in the off-gas H2 and CO content. There is no clear benefit resulting
from increased Reducer velocity for either of the two oxygen carrier types. The
impact of reactor footprint versus reactor vessel height needs to be assessed
for given plant sites to provide further perspective and a basis for judging the
sensitivity results.

The Oxidizer velocity sensitivity results are displayed in Figure 11.7. A simi-
lar trend is shown for the Oxidizer velocity sensitivity. Increasing the Oxidizer
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velocity for both oxygen carriers yields a reduction in the Oxidizer shell diame-
ter, which is beneficial. This is accompanied by an increase in the Oxidizer vessel
height and the Oxidizer FD fan power consumption due to higher Oxidizer ves-
sel pressure drop. Again, it is concluded that there is no clear benefit to be shown
for increasing the Oxidizer velocity. Operating velocities above 30 ft s−1 enter a
region of limited commercial circulating fluid bed operational experience and
would require significant development effort.

11.6.3 Carbon Gasification Efficiency Sensitivity

The Reducer carbon gasification efficiency sensitivity results are displayed in
Figure 11.8. Plots are shown of the Reducer vessel height, cost, and off-gas H2
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and CO content as a function of the carbon gasification efficiency for Reducers
with and without char–oxygen carrier separators. For the Fe2O3 oxygen carrier,
the off-gas H2 and CO content curves are not shown, because the H2 and CO
content remain low with this highly reactive oxygen carrier. The carbon gasifi-
cation efficiency is defined as the total coal carbon conversion rate to CO and
CO2 over the total coal carbon feed rate. The Reducer model provides estimates
of how the carbon gasification efficiency might be increased by increasing the
reducer temperature or by increasing the effectiveness of the char–oxygen
carrier separation system.

The benefit of the char–oxygen carrier separation system appears to be clear
from these plots. Without char–oxygen carrier separation the Reducer vessel
height and vessel cost are dramatically increased to a point where the Reducer
would not be a feasible reactor. Simultaneously, the Reducer off-gas H2 and CO
content would be reduced to very low levels due to the greatly increased gas res-
idence time, but not to sufficient benefit to counter the greatly increased vessel
height.

When using char–oxygen carrier separation, increased carbon gasification effi-
ciency results in moderately greater Reducer vessel heights and vessel costs with
slightly decreased off-gas H2 and CO content. Increased carbon gasification effi-
ciency will only serve to increase the plant CO2 capture efficiency and will not
impact the power plant thermal efficiency significantly since all the carbon not
gasified in the Reducer will be burned in the Oxidizer reactor. There appears to
be little need for Reducer carbon gasification efficiency greater than that needed
to achieve 90% carbon capture efficiency.

The real need is to develop technically feasible and affordable char–oxygen car-
rier separation approaches for achieving even this level of carbon gasification
efficiency. The challenge is the very high rate of solids flow, having very small
content of char that is characteristic of these CLC processes.

11.6.4 Reducer Oxygen Carrier Conversion Sensitivity

The Reducer oxygen carrier conversion sensitivity results are displayed in
Figure 11.9. The graphs plot the oxygen carrier circulation rate, the Reducer
off-gas H2 and CO content, and the Oxidizer FD fan power against the Reducer
outlet oxygen carrier fractional conversion. Lower levels of oxygen carrier
conversion will result in higher reactivity oxygen carrier and lower Reducer
off-gas H2 and CO contents. Lower levels of oxygen carrier conversion also
result in moderately higher Oxidizer FD fan power consumption and a very large
increase in the oxygen carrier circulation rate.

With the Fe2O3 oxygen carrier, the carrier is inherently of high reactivity, and
higher conversions can be applied to avoid the huge oxygen carrier circulation
rates that would result at low oxygen carrier conversion. A reference plant oxygen
carrier conversion of approximately 69% is selected to minimize the circulation
rate of the oxygen carrier and Oxidizer fan power while maintaining acceptable
reactivity/kinetics and low H2/CO emissions.

The CaSO4 oxygen carrier is a low-reactivity material, with inherently low
oxygen carrier circulation rates. Operating at lower levels of oxygen carrier
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Figure 11.9 Reducer oxygen carrier conversion sensitivity.

conversion results in a relatively high reactivity in the Reducer, and also gives
oxygen carrier circulation rates that are low compared to those found for the
Fe2O3 oxygen carrier. A 19% CaSO4 oxygen carrier reference plant conversion is
chosen to keep the Reducer effluent H2/CO composition to low levels.

Large oxygen carrier circulation rates are relatively easy to accommodate
when using circulating fluidized bed reactors, because the Reducer and Oxidizer
off-gases are the transport gases for the circulating solids and can generate high
circulation rates if required. High rates are costlier and consume more auxiliary
power with other reactor types, such as bubbling fluidized beds or moving beds.
In these types of reactors, the oxygen carrier circulation system is a completely
independent equipment system, and a separate transport gas system is needed.
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11.6.5 COE Sensitivity to Oxygen Carrier Makeup Rate and Price

The oxygen carrier makeup rate and price sensitivity results are displayed in
Figure 11.10. The COE for the CLC power plant is shown as a function of the
oxygen carrier makeup rate and the price of the makeup material. The COE
for the conventional PC power plant with amine-based CO2 absorption is
superimposed on the plots for reference.

The Fe2O3 oxygen carrier has an expected price of $1 to $5 lb−1, and with high
makeup rates the COE could exceed the COE of the conventional PC plant. For
the Fe2O3 oxygen carrier CLC power plant to have lower COE than the CaSO4
oxygen carrier CLC power plant the Fe2O3 makeup rate will need to be quite low.
The dashed lines on the Fe2O3 oxygen carrier plot represent oxygen carrier prices

100

110

120

130

140

150

0 100 200 300 400

C
O

E
 (

$
 M

W
h

−
1
)

C
O

E
 (

$
 M

W
h

−
1
)

Fe2O3 makeup rate (ton per day)

Price 0.10 $ lb−1

Price 0.5 $ lb−1

Price 1 $ lb−1

Price 5 $ lb−1

Reference plant point

BBR case 12 COE

100

110

120

130

140

150

0 200 400 600 800 1000

Limestone makeup rate (ton per day)

Price 0.017 $ lb−1

Price 0.05 $ lb−1

Price 0.10 $ lb−1

Price 0.15 $ lb−1

BBR case 12 COE

Reference plant point

Fe2O3

CaSO4

Figure 11.10 Oxygen carrier makeup and price sensitivity.
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for cheaper Fe2O3 materials, for example raw ores or waste materials. While
these materials may have lower reactivity than the reference plant supported
Fe2O3 oxygen carrier, their lower price makes them candidates for development
consideration. Minimizing Fe2O3 oxygen carrier losses is a priority for process
development.

The CaSO4 oxygen carrier, even if at a relatively high limestone price in the
range of $100–200 per ton, can accommodate high makeup rates and maintain
a COE significantly lower than that in the conventional PC plant. At the lower
price assumed in the reference plant design, $33.5 per ton, the limestone makeup
rate is not a significant consideration.

11.6.6 COE Sensitivity to Char–Oxygen Carrier Separator Cost

In the reference plant evaluations, the hypothetical char–oxygen carrier sepa-
ration system was assumed to have zero cost. To understand how sensitive the
CLC plant COE is to the potential capital cost of the char–carrier separation sys-
tem, a range of char–carrier costs was applied that is equivalent to as much as
10 times the cost of the Reducer reactor. The characteristic duty of the reference
plant char–carrier–ash separation device is also shown in the exhibit, with very
large solids flow rates having very small char content. The COE sensitivity to the
char–carrier separator cost results are displayed in Figure 11.11. Parallel lines for
the two oxygen carriers result, with an increase in the CLC plant COE of as much
as $3 MWh−1 over the separator cost range considered. It is concluded that the
capital cost of the char–carrier separation system is not likely to have a signifi-
cant impact on the CLC power plant COE. The performance and reliability of the
char–carrier separation system, however, will be critically important.
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11.7 Summary and Conclusions

A calcium-based CLC process concept was considered in this chapter and com-
pared to an iron-based reference plant design. The Reducer and Oxidizer reactors
for both plant concepts are circulating fluidized beds operated with high gas
velocities and with temperatures, pressure drops, solids circulation rates, and
off-gas compositions characteristic of the oxygen carrier properties. The signifi-
cance of these characteristics is described in this chapter.

Reference CLC power plant performance and cost have been estimated for
these two oxygen carriers by means of process simulation to generate power plant
energy and material balances. The reference CLC plant concept includes super-
critical steam cycle and conventional carbon dioxide compression technology.
Plant material and energy balance results are reported in Section 11.4. CLC reac-
tor modeling has been integrated with the process simulation to estimate main
reactor performance and dimensions.

The results indicate the following:

• Both CLC reference power plants show a sizable COE advantage over the com-
parable conventional PC power plant with amine-based post-combustion car-
bon capture technology.

• The Fe2O3 oxygen carrier CLC power plant has higher plant efficiency and
lower plant capital cost, but the CaSO4 oxygen carrier CLC power plant has
lower COE.

• This lower COE is a direct result of the expected higher price of the makeup
Fe2O3 oxygen carrier relative to the lower price for a CaSO4 oxygen carrier
makeup limestone.

• The carbon capture efficiency of the CaSO4 oxygen carrier CLC plant, at 91.4%,
is less than that of the Fe2O3 oxygen carrier CLC plant due to CO2 losses in the
CLC processing that ensures that fuel constituents (CO and H2) are not lost
and the CO2 product stream is sufficiently pure.

• Alternative processing can be applied that will produce a lower purity CO2
product stream while yielding lower CO2 losses.

The CLC reference plant assessments have identified the status and potential
issues associated with the CLC technology:

• The development status of CLC power generation is at a laboratory/bench
scale; insufficient test data and data correlations are available to project plant
performance and cost with any degree of certainty.

• The Reducer reactor is complex and is the major developmental component in
the CLC process.

• The Reducer reactor is a simultaneous coal gasifier and oxygen carrier reducer,
and it operates at temperatures where char gasification reaction rates are rela-
tively slow.

• The Reducer reactor char gasification efficiency may limit the CLC power plant
performance.

• To minimize the Reducer reactor size and meet the carbon capture require-
ment, a char–oxygen carrier separation process must also be developed as part
of the Reducer system.
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• The char–oxygen carrier separation process requires processing very large
amounts of solids, an 18–100 million lb h−1 mixture of coal ash and oxygen
carrier particles having a small amount of char particle content, to extract and
recycle at least 80% of the char.

• The Reducer off-gas (the raw CO2 stream) may contain substantial H2 and CO,
and purification with fuel recovery may be needed to maintain the plant effi-
ciency and to meet CO2 product purity specifications.

• CO2 capture efficiency as high as 90% may be difficult to achieve, depending on
how high the Reducer reactor carbon gasification efficiency can be maintained
and how low the Reducer off-gas H2 and CO content will be.

There is significant uncertainty in the CLC process performance and cost for
the initial set of operating conditions and design parameters selected, and sensi-
tivity studies have been performed to assess how sensitive the CLC power plant
performance and cost is to the major operating conditions and design parame-
ters. Sensitivity studies around the CLC reference plant designs have been com-
pleted, showing:

• Increased temperature results in reduced Oxidizer vessel height and reduced
FD fan auxiliary power consumption. While these are helpful trends, these
improvements will not result in significant improvements in the CLC plant
performance or cost. It is concluded that the best operating temperature for
the Reducer and Oxidizer vessels with respect to operational reliability and
oxygen carrier durability needs to be identified experimentally. The benefits
of temperature increase above this best temperature can then be considered
relative to the detrimental impacts of these increases.

• As the Reducer velocity increases, the vessel shell diameter decreases, but does
not approach a vessel size that could be shop fabricated. Increasing velocity
also results in greatly increased Reducer vessel height with a moderate increase
in the off-gas H2 and CO content.

• There is certainly no clear benefit resulting from increased Reducer velocity
for either of the two oxygen carrier types. The impact on reactor footprint ver-
sus reactor vessel height needs to be assessed for given plant sites to provide
further perspective and a basis for judging these sensitivity results.

• A similar trend is shown for the Oxidizer velocity sensitivity. Increasing the
Oxidizer velocity for both types of oxygen carriers yields a reduction in the
Oxidizer shell diameter, which is beneficial. This is accompanied by an increase
in the Oxidizer vessel height and the Oxidizer FD fan power consumption due
to higher Oxidizer vessel pressure drop. Again, it is concluded that there is no
clear benefit to be shown for increasing the Oxidizer velocity.

• The benefit of the char–oxygen carrier separator appears to be clear. Without
char–oxygen carrier separation the Reducer vessel height and vessel cost are
dramatically increased to a point where the Reducer would not be a feasible
reactor to construct and install.

• When using char–oxygen carrier separation, increased carbon gasification effi-
ciency results in moderately greater Reducer vessel heights and vessel costs,
with slightly decreased off-gas H2 and CO content. Increased carbon gasifica-
tion efficiency will only serve to increase the plant CO2 capture efficiency and
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will not impact the power plant thermal efficiency significantly since all the
carbon not gasified in the Reducer will be burned in the Oxidizer reactor.

• There appears to be little need for Reducer carbon gasification efficiency
greater than that needed to achieve 90% carbon capture efficiency.

• The greatest need is to develop technically feasible and affordable char–oxygen
carrier separation approaches for achieving even this limited level of carbon
gasification efficiency. The technology challenge is the very high rate of solids
flow having very small content of char that is characteristic of these CLC pro-
cesses.

• Lower levels of oxygen carrier conversion will result in higher reactivity oxy-
gen carrier and lower Reducer off-gas H2 and CO contents. Lower levels of
oxygen carrier conversion also result in moderately higher Oxidizer FD fan
power consumption, and a very large increase in the oxygen carrier circulation
rate.

• With the Fe2O3 oxygen carrier, the oxygen carrier is inherently of high
reactivity, and higher conversions can be applied to avoid the huge oxygen
carrier circulation rates that would result at low oxygen carrier conversion.
The reference plant conversion level of about 69% appears to be a good
design choice.

• The CaSO4 oxygen carrier is a low-reactivity material, with inherently low oxy-
gen carrier circulation rates. Operating at lower levels of oxygen carrier con-
version results in a relatively high reactivity in the Reducer, and also gives
oxygen carrier circulation rates that are low compared to those found for the
Fe2O3 oxygen carrier. Again, the CaSO4 oxygen carrier Reference plant con-
version of about 19% appears to be a good design choice.

• Large oxygen carrier circulation rates are relatively easy to accommodate when
using circulating fluidized bed reactors, because the Reducer and Oxidizer
off-gases are the transport gases for the circulating solids and can generate
high circulation rates if required. High rates are more costly and consume more
auxiliary power with other types of reactors, such as bubbling fluidized beds or
moving beds. In these types of reactors the oxygen carrier circulation system
is a completely independent equipment system, and a separate transport gas
system is needed.

• The Fe2O3 oxygen carrier has an expected price of $1–5 lb−1, and with high
makeup rates the COE could exceed that of the conventional PC plant. For the
Fe2O3 oxygen carrier CLC power plant to have lower COE than the CaSO4 oxy-
gen carrier CLC power plant, the Fe2O3 makeup rate will need to be quite low.
Minimizing Fe2O3 oxygen carrier losses is a priority for process development.

• The CaSO4 oxygen carrier, even if at a relatively high limestone price, can
accommodate high makeup rates and maintain a COE significantly lower than
the conventional PC plant. At the lower price assumed in the reference plant
design, the limestone makeup rate is not a significant consideration.

• In the reference plant evaluations, the hypothetical char–oxygen carrier sepa-
ration system was assumed to have zero cost. It is found that the capital cost of
the char–carrier separation system is not likely to have a significant impact on
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the CLC power plant COE. The performance and reliability of the char–carrier
separation system, however, will be critically important.
At this early stage of development of CLC technology the uncertainties in

its performance and cost are great. The process simulations in this report have
shown the possibility that CLC could provide sizable performance and cost
advantages over conventional PC power plants using conventional, amine-based
CO2 capture technology. These findings may be optimistic given that the CLC
plant operability and availability are assumed in this report to be the same
as that of the conventional PC power plant. Operability and reliability issues
are likely to represent the major challenges to be dealt with in continued,
larger-scale development of CLC technology and may limit the technology’s
ultimate feasibility.
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12.1 Introduction

Process modeling and computational fluid dynamic (CFD) simulations are effec-
tive tools for the scale-up of chemical looping with oxygen uncoupling (CLOU)
systems. Process modeling is defined as those simulations where material and
energy balances are performed in the context of process units. Process modeling
studies have been completed for both chemical looping combustion (CLC) and
CLOU. CFD simulations take into account the complex fluid dynamics, reaction
kinetics, and heat transfer in the systems, in addition to more global material and
energy balances. In contrast to process modeling, there are few studies on CLOU
specifically; since both CLC and CLOU are fluidized environments, both appli-
cations will be discussed in this chapter as the role of the simulations in scale up
is similar.

12.2 Process Modeling

12.2.1 Background

In this discussion, the CLOU process, a variant of CLC, is defined as pictured in
Figure 12.1. The oxygen carrier (OC) is assumed to be a manufactured material
with a given content of metal oxide, which has been added on an inert. The reac-
tions to the left of the schematic are the main reactions in the system. In the fuel
reactor an endothermic reduction reaction for the OC takes place and releases
oxygen, accompanied by an exothermic fuel reaction where the fuel is combusted
with the oxygen [1]. The air reactor’s OC oxidation reaction is exothermal. As
such, heat may be recovered from the air reactor and, depending upon the con-
ditions, the fuel reactor may supply heat or require heat. This is in contrast to
CLC where the fuel reactor is endothermic due to the gasification reactions for
the fuel as well as the reduction reaction.

Handbook of Chemical Looping Technology, First Edition. Edited by Ronald W. Breault.
© 2019 Wiley-VCH Verlag GmbH & Co. KGaA. Published 2019 by Wiley-VCH Verlag GmbH & Co. KGaA.
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Figure 12.1 Schematic representation of CLOU system.

Process modeling, namely the determination of the mass and energy balances
for a CLOU system, is useful to scale up situations for a variety of reasons. First,
CLOU systems move a large quantity of material between the fuel and air reac-
tors. The amount of material will be dependent upon the time for oxidation (air
reactor) and reduction (fuel reactor) of the metal oxide carrier; the stoichiomet-
ric amount of oxygen required to combust the chosen fuel; and, the amount of
metal oxide contained on the carrier. Heat release and consumption in each reac-
tor is determined by the amount of OC, the concentration of metal oxide on the
inert, and the heat of combustion for the chosen fuel, as well as the temperature
difference between the two reactors. Process modeling can aid in the determina-
tion of the heat balance between the two reactors, ensuring that the fuel reactor
remains exothermic, i.e. the temperature difference between the reactors is a cen-
tral parameter to operation stability.

Commercial packages, such as Aspen Plus, have been used for CLC and CLOU
process modeling. Challenges exist for commercial packages based on the limi-
tations of the “blocks” provided, as discussed below. Other models, which do not
utilize a commercial package, are also discussed, including a novel fuel reactor
configuration that has been suggested.

12.2.2 Aspen Plus Modeling

A range of researchers studying CLC and, to a lesser extent, CLOU, have used
Aspen Plus Modeling. Zhou et al. [2] used experimental CLC data to validate an
Aspen Plus model they had created and found good agreement between the two.
They modeled the fuel reactor using an RYIELD reactor in combination with an
RGIBBS reactor, and the air reactor as an RSTOIC reactor. They compared their
results with experiments and found excellent agreement. In addition, scaled-up
simulations illustrated a nearly linear relationship where an increase in coal feed
increased power output.
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Meng et al. [3] modified the model developed by Zhou et al. [2] to be a CLC
system that used two- and four-stage fuel reactors. This was done in an effort to
increase the residence time and conversion of coal. Porrazzo et al. [4] modeled
a CLC system where the air reactor was operated in the fast fluidization regime,
and the fuel reactor modeled as a bubbling bed. The fuel reactor hydrodynamics
were approximated as being based off of both a bubble and emulsion phase and
were divided into multiple stages of parallel sub-reactors comprised of PFRs and
CSTRs to create a more realistic model.

Sahir et al. [5] studied both CLC and CLOU for coal combustion. As discussed
in Eyring et al. [6] and Sahir et al. [5], for investigations of CLC and CLOU com-
bustion for a solid fuel, the first step in utilizing an Aspen Plus model is to create
a structure to represent the fuel reactor and air reactor. For CLC, the study of
Sahir et al. [5] utilized 60% Fe2O3 supported on Al2O3. The air reactor was mod-
eled as a stoichiometric reactor, RSTOIC, with an 80% conversion of Fe3O4 to
Fe2O3. Figure 12.2 illustrates this case. Two temperatures were considered, 935
and 1050 ∘C, with fuel reactor temperatures of 950 and 970 ∘C.

The fuel reactor is more complex. First, the gasification process was modeled
with a combination of both RYIELD and RGIBBS, an equilibrium reactor, process
units. The RYIELD decomposed the components of the coal into its elemental
constituents, which were then gasified to form a syngas in the RGIBBS. The resi-
dence time was 10 minutes. The syngas was 32% CO, 5% CO2, 50% hydrogen, and
13% H2O.

The mass flow rates of the inlet metal oxide stream to the fuel reactor and the
outlet metal oxide stream from the air reactor were equated to accomplish the
recycle of the material. No OC was considered lost and the coal was completely
converted. In Figure 12.2 the OC heat exchangers were used only to assess
the overall heat balance to determine autothermal operation as discussed in
Section 12.2.4.

Table 12.1 shows the exhaust gas from the fuel reactor under these conditions.
As seen in the table, the major constituents are water and carbon dioxide. In terms

Table 12.1 Flow rate and composition of the exhaust
gas from the fuel reactor for CLC case.

Constituent Flow rate (Kg h−1) Mass fraction

Water 1770.50 0.408
CO2 2557.40 0.589
CO 0.04 0.000
H2 0.00 0.000
Sulfur 0.00 0.000
N2 9.91 0.000
H2S 3.10 0.000
H3N 0.00 0.000
COS 0.11 0.000
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of the exhaust from the air reactor, nitrogen made up almost 99% of the stream.
The conversion of iron oxides was previously discussed.

This configuration can be compared to that of CLOU where a copper oxide OC
on an inert was used. The air reactor was modeled as a stoichiometric reactor,
RSTOIC, with a given conversion (Figure 12.3). Conversion was given as 50%
Cu2O to CuO in Sahir et al. [5]. The temperature of the air reactor was 935 ∘C
with a residence time of ∼40 seconds.

The fuel reactor, illustrated in Figure 12.3, was similar to that discussed above.
First, the solid fuel was decomposed in a RYIELD reactor to its elemental con-
stituents. The elemental constituents were then burned with oxygen, supplied
from the OC module, in a RGIBBS reactor where the fuel was combusted entirely.
The OC module was, as in the air reactor, an RSTOIC reactor with a given con-
version, in this case 54%. Heat exchangers to heat and cool the OC from the fuel
reactor were utilized to maintain the fuel reactor exothermic. The residence time
was ∼30 seconds with a temperature of 950 ∘C. As discussed above, for the metal
oxide stream, the mass flow rate of the air reactor exhaust was equated to that of
the inlet to the fuel reactor to simulate the looping of the material.

In the scenario discussed above, the temperature difference between the air and
fuel reactor was 15 ∘C and this resulted in exothermic operation in both reactors.
This is a desirable condition, especially when compared to the CLC simulation,
which was run where the air reactor needed to be 100 ∘C higher than the fuel
reactor to ensure exothermic conditions in both reactors. The CLOU result is in
contrast to conventional CLC, where an iron metal oxide is used, and the fuel
reactor is a gasifier, not a combustor. In CLC, the OC carries the heat for the
endothermic reactions in the fuel reactor resulting in the need for larger tem-
perature differences between the reactors. The mass of material circulating was
approximately 12 700 kg h−1 where the copper oxide content was about 40% by
weight for 100 kg h−1 of coal, or 127 kg OC/kg coal. For the particular coal stud-
ied, this also resulted in approximately 6 kg s−1 OC per MWth. The loading of OC
in the fuel reactor was about 350 kg per MWth.

Table 12.2 shows the exhaust gas concentration from the fuel reactor for this
case. As seen in the table, in comparison to Table 12.1 giving the results for CLC,
the CLOU exhaust gas has some oxygen in it. In addition, there are combustion
products, for example NO, versus products that one would expect from gasifica-
tion. The air reactor was operated such that the exhaust gas from this unit has
an oxygen concentration above the equilibrium value. This is necessary to avoid
oxygen uncoupling prior to the fuel reactor.

Sahir et al. [5] also performed a comparative analysis of the capital and oper-
ating costs for the two scenarios and a 100 MWth system. In this case, both CLC
and CLOU required two fuel reactors. In addition, CLC required two air reactors
as compared with CLOU, which only needed one. It is important to note that the
residence time in the fuel reactor for CLC was 10 minutes due to the gasification
reaction. In terms of capital costs, assuming an attrition of 0.05% per hour for
both cases, $6600 per metric ton for the CLOU OC, and $200 per metric ton
for the CLC OC, the total capital cost was slightly higher for CLC. This was the
result of the need to have a larger compressor for the CLC case and the high res-
idence time in the fuel reactor. In terms of operating cost, the compressor costs
were higher, even as compared to the cost of the make-up of the CLOU OC, as
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Table 12.2 Flow rate and composition of the exhaust
gas from the fuel reactor for the CLOU case.

Constituent Flow rate (Kg h−1) Mass fraction

O2 1038.80 0.088
CO2 8305.00 0.704
Water 2352.34 0.199
NO2 1.01 0.000
NO 68.31 0.006
SO2 18.13 0.001
SO3 1.45 0.000

0.1

CLC is cheaper

than CLOU

CLC is expensive than

CLOU

1 10

Total operating cost

Operating cost of carrier

Power for compressor with

$0.06 per kWh

Figure 12.4 Comparative operating costs for CLC versus CLOU. Source: Sahir et al. 2014 [5].
Reproduced with permission of Elsevier.

illustrated in Figure 12.4. Additional operational information is needed to deter-
mine the actual scenario, especially the cost of the carriers and the amount of
carrier needed.

Zhou et al. [7] performed a similar analysis for CLOU using Aspen Plus. As with
their work on CLC [2] Zhou et al. found excellent agreement with experimental
data of gas composition and power output. Furthermore, consistent with CLC,
they found a nearly linear relationship of coal feed and power output for three
types of coal.

12.2.3 Other Approaches to Material and Energy Balance
Determinations

In a different approach, Peltola et al. [8] developed a stoichiometric mass, energy,
and exergy balance model. Silica-supported CuO OC was used with a medium
volatility bituminous coal. Base case temperatures were 850 ∘C for the air reactor
and 950 ∘C for the fuel reactor. The results showed comparable OC circulation
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rates as discussed above, depending upon the difference between the conversion
of OC in the air reactor and the fuel reactor; for 40% CuO on silica, these val-
ues ranged from 20.2 to 2.9 kg s−1 per MWth. These numbers can be compared
with the previously reported results of 6 kg s−1 per MWth. Furthermore, the solids
inventory was presented for a range of fuel reactor and air reactor conversions.
The resulting solids inventory was a minimum of 400 kg per MWth in Peltola and
colleagues’ work, comparable to the results from Aspen Plus simulations. The
solids inventory was found to be a function of reactor temperature; however, a
change to 900 ∘C for the air reactor and 950 ∘C for the fuel reactor yielded only
slightly higher minimum inventories from the base case of 400 kg per MWth.

Coppola et al. [9] modeled a novel two-stage reactor for CLOU. In this case,
the fuel reactor was designed to limit the carryover of carbon char; as such, the
bottom of the reactor was designed to convert char while the top reactor handled
the volatile matter. A representation of the fuel reactor configuration is shown in
Figure 12.5. The OC material was 50% copper oxide on ZrO2 with bituminous
coal as the fuel. The fuel reactor was set at a temperature of 1000 and 950 ∘C
for the air reactor. Results were presented for a range of fuel reactor bed inven-
tories and compared with a single-stage reactor. For comparison with the cases
studied above, 400 kg per MWth bed inventory, the conversion of char improved
from 50% to 60% from the single-stage fuel reactor to the previously described
dual-stage reactor. Notably, methane conversion was 100% in the dual-stage reac-
tor, as compared to about 50% in the single-stage reactor. However, the carbon
capture efficiency for the dual-stage reactor was only slightly higher than that for
the single stage, approximately 65%. Decreases in the fuel reactor temperature led
to decreases in both the char conversion rate and the methane conversion. The
decrease in char conversion rate was fairly linear with decrease in fuel reactor
temperature. The carbon capture efficiency was approximately the same for fuel
reactor temperatures from 900 to 950 ∘C. Comparisons to a single-stage reactor
with a carbon stripper were also made. The carbon capture efficiencies for this
system were approximately the same at a bed inventory of 400 kg per MWth. The
effect of temperature was minimal for the temperature range discussed above.
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12.2.4 Autothermal Operation

An important parameter in CLC is the temperature difference between the fuel
and the air reactor, where the goal is to achieve autothermal operation, i.e. both
reactors are exothermic and do not require heat addition for operation. Practi-
cally, this has been seen in many conventional CLC studies [10, 11] as a limit to
stable operation; in particular, conventional CLC utilizes a gasification reaction
in the fuel reactor, which requires heat addition. This heat is almost always sup-
plied by the thermal capacity of the OC. In the case of CLOU, the range of heat
integration is likely larger due to the fact that the fuel reactor utilizes a combus-
tion reaction. Process modeling is useful for investigating the range of conditions
where autothermal operation is possible, given that this range is dependent upon
the amount of OC, the fuel studied, amount of preheat of the fluidizing gases in
both reactors, and concentration of the metal oxide on the OC.

Sahir et al. [5] investigated autothermal operation where CLC and CLOU were
compared as discussed with the details of the model given in the previous para-
graphs. For a fuel reactor temperature of 970 ∘C, an air reactor temperature of
1050 ∘C was needed to keep the fuel reactor exothermic, a temperature differ-
ence of 80 ∘C. For CLOU, autothermal operation could be achieved with a fuel
reactor temperature of 950 ∘C and an air reactor temperature of 935 ∘C, a differ-
ence of 15 ∘C, noting that the fuel reactor temperature is now higher, which is
useful in terms of air reactor kinetics. The OC oxidation kinetics in the air reac-
tor have been found to be slower as temperature increases [12, 13]. This result is
likely due to mass transfer limitations at the higher temperatures.

Peltola et al. [8] also investigated the temperature difference needed between
the two reactors. The amount of OC circulating was investigated by utilizing the
change in conversion between the two reactors. For an acceptable minimum of
0.2–0.4, the temperature change between the reactors was found to be 50 ∘C,
consistent with the previous results.

Hamilton et al. [14] presented a more detailed comparison. One result is shown
in Figure 12.6. The figure shows the autothermal temperature range for a fuel
reactor temperature of 950 ∘C as a function of CuO loading. Additionally, the
allothermal range, i.e. the range where some preheating is required, is shown. In
this instance, the preheat is either for the fluidizing gases of the fuel reactor, to
450 ∘C, or the air reactor fluidizing air, to 400 ∘C. The air reactor temperature is
always higher than the fuel reactor, with an increasing autothermal range as the
CuO concentration increases, resulting in a decrease of circulating material. For
example, for 40% CuO, the air reactor temperature should be 20 ∘C higher than
or nearly the same as the fuel reactor temperature. The only instance where the
air reactor temperature could be below the fuel reactor temperature was when
the fluidizing gases to the fuel reactor were preheated. Of course, these results
depend on numerous operating parameters, making a process model useful as
multiple cases can be investigated efficiently.

12.2.5 Using Process Modeling for Steam Production Estimates

While there are several cases where process modeling was used to evaluate the
steam production for conventional CLC, Dansie et al. [15] are one of the few
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that investigated CLOU. Aspen Plus simulations were the same as previously
discussed, but for a 10-MWth scale system. Aspen Energy Analyzer was utilized
for the steam production estimates and the assumption was that water entered
at 600 psia and 15.6 ∘C and exited at the same pressure and 307.8 ∘C, conditions
similar to those of other studies of this nature. The largest amount of steam was
produced by recovering heat from the air reactor, nearly 40%. The heat recov-
ered from the fuel reactor exhaust was used to produce steam as well, recovering
18% of the heat, for a total of 58% of the heat. The remainder of the heat went
to preheat the air fluidizing the air reactor utilizing the air reactor exhaust, 22%;
heating the recycle stream to fluidize the fuel reactor utilizing the fuel reactor
exhaust, 13%; and a small amount of air preheat from the air reactor, 7%. Clearly,
additional studies are needed to understand the range of possible conditions for
heat recovery in full-scale systems.

12.2.6 Summary

As discussed, process modeling can help gain insight into many aspects of CLOU
system operation and scale-up, namely and primarily, heat integration between
the two reactors. The information gained from these simulations allows design-
ers to determine, for a given carrier and fuel, the needed system parameters to
ensure autothermal operation. CLOU systems are also complex because of the
number of parameters that can change with a direct effect on design, e.g. amount
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of metal on the OC and kinetics of the carrier. Process modeling is an effective
method to “turn the knobs” and determine optimum conditions. Additional oper-
ational data, at a larger scale, are needed to determine the amount of material loss;
the kinetics and residence times; and, the amount of OC recirculated. Also, addi-
tional simulations are needed to determine potential heat recovery systems, with
particular interest toward available streams for steam generation.

12.3 Computational Fluid Dynamic Simulations

12.3.1 Background

Process models are a global interpretation of the CLOU system; however, the
CLOU system is a complex environment with a range of particles, in terms of
size and type, reacting in a fluidized environment. The implementation of simu-
lations that couple the modeling of the kinetics of the OC (see Figure 12.1); the
combustion of solid and gaseous fuel constituents; detailed solid-wall contact;
and, thermal and fluid transport in highly reactive and high particle concentra-
tions are important to define issues and operating conditions, such as

• the extent of volatiles bypassing the fuel reactor resulting in lower carbon con-
version;

• the extent of carryover of solid char resulting in carbon conversion in the air
reactor, and lower carbon capture;

• determination of thermal profiles within the reactors to determine local
hot/cold spots; and,

• the extent of particle attrition as well as wear of the reactor walls.

There is a wealth of literature on CFD in fluidized environments. A brief synop-
sis is given here. There are two frames of reference for modeling dense-particle/
fluid environments in CFD. In both methods, the fluid is treated as continuous
species on an Eulerian grid. The Eulerian–Eulerian (E–E) or two-fluid method,
treats the particle phase as a continuous species on an Eulerian grid. In con-
trast, the Eulerian–Lagrangian (E–L) frame of reference treats the particle phase
as parcels on a Lagrangian grid. These parcels can be tracking individual parti-
cles or particle clouds, groups of particles that have the same physical quantities
of density, size, shape, etc. The E–E frame of reference has a large dependence
on the drag model and other particle interaction models [16] and has been used
to simulate two- and three-dimensional systems with validated results for CLC.
While the E–E frame of reference requires fewer calculations as compared to
the E–L frame of reference [17–19], with the advancement of graphical process-
ing units, which can handle large calculations quickly, the utilization of the E–L
frame of reference has become feasible. E–L can be divided into discrete element
methods (DEMs) to capture the microdynamics of the particles; discrete particle
methods (DPMs) where the trajectory of each particle is tracked; and multiphase
particle in cell (MP-PIC) methods that allow for a distribution of particle sizes
and range of particles taking advantage of the particle clouds previously men-
tioned. There are a number of commercial and open-source software packages
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that can be utilized; these are listed in Table 12.3 along with the methodology.
As an example, Figure 12.7 illustrates the difference in the parcels for MP-PIC
versus coarse-grain DEM in MFIX [20]. As seen in the figure, the single particle
in the DEM method is obtained by equating the volume of the tracked parcel to
the sum of volumes of individual particles; inter-parcel collisions are considered.
In contrast, while MP-PIC can represent a singular particle, it does not consider
interparticle or intra-parcel collisions.

Table 12.3 Major commercial and open source particle
computational fluid dynamic codes.

Software School of thought Method

ANSYS Fluent E–E Two fluid
E–L DEM

Barracuda-VR E–L MP-PIC
MFIX E–E Two fluid

E–L DEM, MP-PIC

D = 1

MP-PIC Coarse-Grain DEM

D = 1

#Particles = 5 D = 51/3

Figure 12.7 The difference between
the MP-PIC and coarse-grain DEM
approach. In the MP-PIC methodology
(left), five spherical particles having
diameter of one unit are represented by
a single parcel having diameter of one
unit and statistical weight equal to five.
In the coarse-grain DEM method, the
particles are represented by one larger
spherical parcel having diameter of 51/3

units. Source: Adapted from Garg and
Dietiker 2013 [20].

12.3.2 Summary of the Literature

Table 12.4 gives a summary of publications that have used CFD simulations in
chemical looping applications. The majority of the articles deal with CLC as
opposed to CLOU, and the Eulerian–Eulerian (E–E) frame of reference is more
highly utilized. This is likely a result of the more recent advancement of E–L
methods, including the introduction of DEM/DPM methods in ANSYS Fluent
and MFIX and the introduction of commercial codes such as Barracuda Virtual
Reactor (Barracuda VR®), and the improvement of computer hardware.

Jung and Gamwo’s work [21] was one of the first published using CFD to sim-
ulate a chemical looping system, specifically CLC. The authors used MFIX to
introduce a two-fluid method in a 2D space. A nickel-based OC was used to
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Table 12.4 Summary of research utilizing CFD to model chemical looping systems.

Frame of
reference Dimension

Reactor and
type of bed

Major
conclusion

Jung et al. [21] E–E 2-D Fuel reactor, batch
bubbling bed

Illustrated the importance
of bubble dynamics in fuel
conversion for CLC

Kruggel-Emden
et al. [22]

E–E 2-D Air reactor, high
velocity riser; fuel
reactor, bubbling bed

A time delay to
interconnect the reactors
for CLC; while there were
limitations, could be used
as a design basis as the
reactors were coupled

Mahalatkar et al.
[23]

E–E 2-D Fuel reactor, batch
bubbling bed, coal as
fuel

Solid fuel gasification and
volatilization models
needed improvement as
well as drag models

Zhang et al. [24] E–L 3-D Fuel reactor, spouted
bed, with cyclones and
loop seal

Successful validation with
cold-flow unit and
optimized operation with
design modifications

Peng et al. [25] E–L 3-D Air reactor and fuel
reactor with loop seal

Successful validation with
cold-flow unit and solid
circulation rate studied

Parker [25] E–L 3-D Air reactor and fuel
reactor with loop seal

Barracuda VR® simulation
on CLC with direct
gasification of solid fuel

Hamilton et al.
[26]

E–L 3-D Air reactor and fuel
reactor with loop seals,
circulating fluid beds

Introduction of CLOU
kinetics into Barracuda
VR®

oxidize methane gas in a shrinking core model. The fuel reactor was treated as a
batch system and there was no circulation or introduction of solids into the reac-
tor. Figure 12.8 shows the solids fraction and the gas compositions, at a residence
time of 15 seconds. Solids fraction (a) is shown where red indicates pure gas, a
fraction of 1. Gas concentrations of methane (b), carbon dioxide (c), and water
(d) ranging from zero (blue) to 0.9, 0.5, and 0.45 respectively are also shown. An
investigation of the solids fraction, Figure 12.8a, shows the formation and rise of
bubbles, and subsequent bursting of the bubbles within the lower half of the reac-
tor, as indicated by blue, a gas fraction of 0.4, to red, pure gas. The authors point
out that this occurred rapidly. The influence of this rapid bubble movement can be
seen in Figure 12.8b where methane concentration is shown from 0, blue, to 0.90,
red. The exhaust concentration of methane was about 20%, suggesting that the
methane did not completely burn out, a result of rapid bubble dynamics, result-
ing in a conversion of about 50% methane in the system. While the authors did
not validate the model with data, they do suggest that this is consistent with the
literature data, and suggest a possible reduction of OC particle size to aid in more
effective bubble formation. The study shows the importance of the consideration
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Figure 12.8 Instantaneous concentration profile at a residence time of 15 seconds of a batch
fuel reactor utilizing nickel as the oxygen carrier and methane as the fuel. Source: Jung and
Gamwo 2008 [21]. Reproduced with permission of Elsevier.

of bubble dynamics, and hence, CFD simulations, in determining the ultimate
fuel conversion in the fuel reactor.

Kruggel-Emden et al. [22] were the first to introduce a “connected” chemical
looping system, again, in this case CLC. They used ANSYS Fluent 12.1.4, a
two-fluid method to model Mn3O4 reacting with methane. The simulation
included both the fuel reactor, a bubbling fluidized bed, and the air reactor, a
high velocity riser, but utilized a time delay between the two reactors to model
the loop seals. The simulation showed that at near steady state, the air reactor
temperature was 75 ∘C above the fuel reactor temperature and complete con-
version of the methane occurred in the fuel reactor. The previous work of Sahir
et al. [5] and Hamilton et al. [14] also showed the importance of this temperature
difference in consideration for the system to be at autothermal operation. The
authors state that simulations set the stage for many design considerations, but
point out that validation of the results is needed.

Mahalatkar et al. [23] simulated a fuel reactor based on the experiments of
Leion et al [27]. ANSYS Fluent 6.3 was used and the simulation included the
gasification of the solid fuel; devolatilization of the solid fuel; the reduction of
the OC, ilmenite, with CO and H2; and full hydrodynamics. The results showed
that a fine and coarse grid had the same numerical uncertainty, thus verifying the
simulations. When compared to the experimental results from the study of Leion
et al. [27], the simulation rates were close to the experimental rates. Both experi-
mental and simulated results showed a spike of CO and CO2 at one minute, with
similar gas-phase concentrations. Figure 12.9 shows the concentrations of CO
and CO2 for the simulations and experiments at a height of 3 m with the reactor
at 1223 K and 50% steam. The concentrations of CO2 were higher in the simu-
lations as compared to the data, possibly as a result of CO converting to CO2
more rapidly in the simulations. Author suggestions for improvements included
better kinetics for the char gasification and devolatilization, as well as drag law
changes, consistent with the previously mentioned limitation that E–E frame-
works are dependent on drag models. In addition, the simulation did not account
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Figure 12.9 Gas phase
concentration profile of CO2
and CO comparing
simulations and
experimental work. Source:
Mahalatkar et al. 2011 [23].
Reproduced with permission
of Elsevier.
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for changes in coal particle density and diameter, another shortcoming in the E–E
methods. This study shows the importance of validation of the models, especially
when they will be used to scale up results.

After 2013, several E–L based simulations were published related to chemi-
cal looping. These ranged from studying particle segregation [28] to irregularly
shaped particles [29]. The introduction of the Lagrangian parcels to model the
solid phase allowed for these studies to be performed with a decreased number
of empirical models. Zhang et al. [24] utilized the E–L framework to simulate a
spouted fluidized bed, which was used as the fuel reactor in a CLC simulation.
A cyclone and loop seal completed the system to allow for recirculation of the
particles. Spouted beds have intense particle–particle and particle–wall inter-
actions. ANSYS Fluent 14.5, with DEM and the Syamlal-O’Brian drag model,
was employed and simulations were compared to cold-flow unit experimental
data. The simulation yielded good results and comparisons. However, recircula-
tion back to the fuel reactor was limited; therefore, the same inputs were used
with a different geometry to study the static pressure, streamlines, and solid con-
centrations with success. The study proved that the development of a validated
CFD/DEM model, with “high fidelity,” could be used to effectively optimize the
design of a CLC system with coal. In reality, it is often difficult to perform exper-
iments with a variety of design considerations. A detailed, validated, CFD model
is an effective and efficient way of optimizing design for operation.

Peng et al. [25] also used ANSYS Fluent 14.5 and DEM-based simulations
to simulate a 10-kW system, with validation using a cold-flow unit. Both the
simulations and the experiments showed a build-up of material on the horizontal
transport from the air reactor to the air reactor cyclone. Solid circulation rates
were found to be proportional to fuel reactor flow rate. For the air reactor,
flow increases were found to be related to solid circulation by a logarithmic
law. Additionally, Figure 12.10 shows that residence time in the riser of the air
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reactor decreased dramatically as the solid recirculation rate increased. This
result demonstrated the complex nature of a CLC system. The authors note that
the higher solid recirculation rate and shorter residence time may reduce the
conversion of the OC, which in turn requires more material in the system and,
perhaps a larger reactor; however, the higher solid recirculation rate improves
the heat transfer between the two reactors. As noted, a CLC or CLOU system is
a complex interaction of many parameters, as in this case, the optimum solids
recirculation rate where the residence time is long enough for conversion and
heat transfer is enhanced. CFD simulations coupled with heat transfer and
reactions can be used to “turn the knobs” toward the ideal design and operation.

As shown in Table 12.4, Barracuda VR® is a commercial software package
that utilizes E–L framework and MP-PIC. Parker [30] used Barracuda VR® to
run a 3D simulation of an iron-based CLC system in the Department of Energy,
National Energy Technology Laboratory’s 50-kW system. The simulations
reached steady state for pressures and hydrodynamics, but the temperatures
were still in a transient regime. The transient temperatures did not show an effect
on the oxidation or reduction rates. Parker’s simulations were not validated,
but this work represents one of the first studies of a CLOU system with two
integrated reactors.

To explore the hydrodynamics of two different CLOU configurations, Hamilton
et al. [31] utilized Barracuda VR® simulations. The two systems were a dual, bub-
bling bed system, which was an existing 10-kW laboratory system and a cold-flow
unit that was a scaled representation of the University of Utah’s 200-kW Pro-
cess Development Unit, two circulating fluidized beds. Experimental data were
used to validate the simulations. For the dual circulating fluidized bed system, the
simulations showed higher global circulation rates, the result of the implemen-
tation of the Wen–Yu drag model. Other results showed similarities between the
simulations and the experiments as trends and magnitudes of the results were
close. For the dual bubbling beds, the global circulation rate data did not agree
with the simulations. A potential reason for this disagreement is the fact that
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Barracuda-VR was developed for large-scale units and the smaller reactor size of
the dual bubbling bed system’s wall effects were perhaps underpredicted.

A CLOU system burning a solid fuel is complicated, not only by the changing
particle diameter of the fuel, representing a range of particle sizes, but also by
the fact that the reduction and oxidation kinetics are not easily incorporated into
software packages. For example, Clayton et al. [12] and Sahir et al. [13] both found
that the kinetics were limited by the driving force for the equilibrium concentra-
tion of oxygen in the fuel reactor and, in some cases, mass transfer. Equilibrium
concentration is a function of vapor pressure, which is logarithmic. This creates
a highly nonlinear kinetic relationship, something that cannot be incorporated
into Barracuda-VR. To enable the use of these kinetics, Hamilton et al. [26] lin-
earized the equations and incorporated them into Barracuda-VR. The system was
the dual, bubbling bed system discussed above. The OC was 40% copper oxide on
SiO2 with a particle size distribution around 200 μm. The coal size particles had
a size distribution with an average of approximately 150 μm. Figure 12.11 illus-
trates the results for the simulation at 40 seconds (see [26] for 60 seconds results).
As seen in this figure, OC particles were predominately in the bed in both reac-
tors. The bed concentration peaked at 60% particles (see Figure 12.9a), a value
representative of the batch reactor in Jung and Gamwo’s work [21]. Coal parti-
cles, shown in Figure 12.9b, were not present in the air reactor, confirmed by
the CO2 emissions (Figure 12.9d), where the concentration of CO2 was zero in
the air reactor. The average carbon capture efficiency was determined to be 94%.
These results have yet to be validated with experimental data, but show the abil-
ity to predict system operation with complicated kinetics as well as two different
particle size distributions.

Particles VolFrac Particles mf–C:1 Particles rad Cells CO2.nf

1 130 0.9

0.8

0.7

0.6

0.5

0.4

0.3

0.2

0.1

0

117

104

91

78

65

52

39

26

13

0

0.9

0.8

0.7

0.6

0.5

0.4

0.3

0.2

0.1

0

0.63

0.56701

0.50402

0.44103

0.37804

0.31505

0.25206

0.18907

0.12608

0.06309

0.0001

(a) (b) (c) (d)

4.0000031e + 01 4.0000031e + 01 4.0000031e + 01 4.0000031e + 01
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12.3.3 Conclusions

This section has discussed the present state of CFD modeling for CLC systems,
with a particular focus on the differences between E–E and E–L frames of refer-
ence. E–E methods are not as computationally extensive; they are dependent on
drag models and do not have the capability of tracking particles to the extent of
E–L methods, which may be a limitation. With the implementation of MP-PIC
in commercial codes, the use of these codes for a complicated system such as
CLOU, especially in solid fuel combustion, is useful, as the ability to input a par-
ticle size distribution that can change with time for multiple types of particles is
important.

The models have shown their ability to aid in and optimize system designs,
especially with regard to supplying high-fidelity information. For example, the
simulations can demonstrate operational or design considerations that limit the
carbon conversion of the fuel and potential carryover into the air reactors. How-
ever, the simulations are still in need of experimental validation for both the
hydrodynamics and reacting flows, especially at scales greater than 10 kW.
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13.1 Introduction

The world needs ever-increasing energy supplies to sustain economic growth
and development. Meanwhile, excessive emissions of carbon dioxide (CO2) are
released from fossil fuel combustion for today’s energy use. The increasing car-
bon dioxide emission level in the atmosphere absorbs the heat radiated off the
surface of the earth, possibly causing global warming gradually, and threaten-
ing our climate. Since fossil energy continues to be needed in the world to meet
energy demands in the near future, increasing concerns on the CO2 level in the
atmosphere and energy demand around the world have stimulated vital devel-
opment of carbon mitigation technology for facing global climate change issues.
A cyclic carbonation–calcination process using calcium-based sorbent (calcium
looping process) has been regarded as one of the promising carbon mitigation
technologies for large-scale CO2 capture due to the characteristics of nontoxic
sorbent, high CO2 capture capacity, high-quality heat recovery, and low sorbent
cost. This process is conducted by two individual reactions in the carbonator and
calciner. The carbonator and calciner play the roles of sorbent carbonation (CO2
capture) and sorbent calcination (regeneration), respectively.

A successful operation of the calcium looping process strongly depends on the
reaction characteristics in the reactors, e.g. reaction kinetics, thermodynamic
equilibrium behavior, heat transport, and sorbent reactivation, as well as the sys-
tem configuration, e.g. reactor type, heating type, combustion type, unit inte-
gration, solid transportation device, and gas–solid contact scheme. This chapter
describes the concept of calcium looping carbon capture process and its thermo-
dynamic and kinetic properties primarily. The current status of this technology
around the world is introduced. Finally, strategies for further improving the pro-
cess performance are revealed.

13.1.1 Fundamental Principles of Calcium Looping Process

The calcium looping process is a carbon capture technology using calcium-based
sorbents cyclically transported between a carbonator and a calciner for in situ

Handbook of Chemical Looping Technology, First Edition. Edited by Ronald W. Breault.
© 2019 Wiley-VCH Verlag GmbH & Co. KGaA. Published 2019 by Wiley-VCH Verlag GmbH & Co. KGaA.
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Figure 13.1 Schematic diagram of
calcium looping process.

removal of CO2 from the flue gas exhausted from a combustion or industrial pro-
cess, as shown in Figure 13.1. The fundamental concept of this carbon capture
process is the employment of carbonation reaction of calcium oxide (CaO) with
gaseous CO2 at high temperature in the carbonator, yielding the reaction product
of calcium carbonate (CaCO3). The carbonated sorbent (CaCO3) is transferred
to the calciner for sorbent regeneration. The concept of this technique was first
applied in the sorption-enhanced hydrogen production [1]. The author utilized
CaO+MgO and CaCO3 +MgO to enhance the performance of coal gasification
with steam. Han and Harrison [2] applied this concept in a CO2 acceptor gasifi-
cation process consisting of an interconnected fluidized bed coal gasifier and a
combustor. The carbonation reaction in this process produced a H2-rich stream
during gasification of lignite coal. However, this process was not considered as
a CO2 capture technology until CO2 was credited by some as being responsible
for global warming and climate change issues. Shimizu et al. [3] initiated appli-
cation of the carbonation–calcination process into CO2 mitigation from flue gas.
The heat demand of calcium-based sorbent regeneration was provided by coal
combustion with pure oxygen; therefore, CO2 concentration from the calciner
was higher than 95%. Thereafter, numerous researchers have gradually dedicated
their studies to develop the cyclic carbonation–calcination technology in captur-
ing CO2 from flue gas.

CaO derived from natural limestone is considered as a viable sorbent candi-
date because of its nontoxic, cost-effective, and high CO2 adsorption capacity
characteristics. The reaction between CaO and CO2 occurs immediately during
carbonation, and the carbonation reaction of CaO could be divided into two
stages depending on the reaction rate of CaO carbonation. At the beginning of
the carbonation reaction, the reaction of CO2 with CaO is carried out under a
fast chemically reaction-limited condition (kinetic-controlled reaction stage).
Most CaO existing on the surface of the calcium-based sorbents is carbonated
to form CaCO3 in this stage. In the second stage, the carbonation rate is
decreased severely because the carbonation reaction is gradually limited by the
mass transfer of CO2 diffused through the carbonation layer on the sorbent
surface (diffusion-controlled reaction stage). Thereafter, the CO2 molecules are
no longer diffused through the carbonation layer for the carbonation of CaO
inside the calcium-based sorbent because severe diffusion resistance is caused
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by the formation of a dense carbonation layer over a critical value. For any
commercial applications, only the fast chemically reaction-limited region could
be considered in order to design a compact reactor for CO2 capture.

One of technical barriers for applying calcium looping process into a real
industrial process is sorbent decay with carbonation–calcination cycles.
Limestone-derived CaO loses around 15–20% of CO2 capture capacity for
each cycle because of the loss of sorbent surface area and the inaccessibility of
internal pore volume caused by sorbent sintering during calcination [4–6]. Most
calcium-based sorbents retained a carbonation conversion of approximately 20%
after 20 continuous carbonation–calcination cycles, as shown in Figure 13.2 [5].
Such a sorbent decay requires a replenishment of fresh limestone to maintain an
adequate level of CO2 carrying capacity of sorbent in the carbonator. The purge
of surplus inactive sorbent is necessary to handle the solid circulation through
the whole system harmoniously. Moreover, the decay in conversion is likely only
dependent on the number of cycles rather than the reaction conditions and
reaction times [7]. The conversion of lime (xc,N ) as a function of cycle number
(N) was proposed as

xc,N = f N+1 + b (13.1)

The constants f = 0.782 and b = 0.174 were determined by regressing exper-
imental data for a multicycle carbonation–calcination experiment. A design
equation to calculate the maximum carbon capture efficiency (ECO2

) by cyclic
carbonation/calcination process containing a continuous sorbent purge and a
make-up of fresh sorbent was developed:

ECO2
=

1 +
(

F0∕FR

)
(

F0∕FR

)
+
(

FCO2∕FR

)
[

f
(

F0∕FR

)
(

F0∕FR

)
+ 1 − f

+ b

]
(13.2)

where F0 (mol s−1) and FCO2
(mol s−1) are the flow of fresh feed sorbent and CO2,

respectively, entering the system; FR (mol s−1) is the total amount of sorbent
required to react with the CO2 in the system. The increases of the ratios of

Figure 13.2 Comparisons of carbonation
conversion over multiple
carbonation–calcination cycles for
experiments conducted using different
types of limestones.
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FR∕FCO2
and F0/FR enhance the maximum carbon capture efficiency. However,

more energy for sorbent regeneration in the calciner is also required in order to
heat up the solids coming from the carbonator and the vessel containing fresh
limestone.

The characteristics of calcium looping system include the design of the
carbonator, calciner, elutriation, and their interconnections, to capture CO2
through high-temperature limestone-derived sorbents. The reactivity of the
sorbent depends on a variety of factors, including the type of combustion (direct
or indirect), mode of reactor, type of limestone, reaction temperature, and gas
atmosphere within the reactors. The use of reactors with homogeneous flow
patterns of solid–gas two-phase flows, e.g. a fluidized bed reactor or an entrained
bed reactor, is the most developed solution to carry out the carbonation and
calcination reactions. Numerous industrial applications have demonstrated the
significant advantage of utilizing fluidized bed reactors in a solid–gas reaction.
The majority of research in developing the calcium looping process, therefore,
utilizes circulating fluidized beds (CFBs) as carbonator or both as carbonator
and calciner. The reactor dimensions for achieving an appropriate degree of
carbonation and calcination conversions are designed on the basis of both
reaction chemistries and hydrodynamic phenomena inside the reactor. The
stoichiometry and reaction rate of carbonation and calcination reactions and
the maximum allowable gas velocity through the vessel govern the diameter of
a fluidized bed reactor. The gas–solid flow pattern, carbonation and calcination
rates, and freeboard height for suppressing solid entrainment determine the
height of the reactor [8].

The major energy consumption of a calcium looping system comes from heat
demand in the calciner. The heat demand corresponds to the endothermic reac-
tion responsible for sorbent regeneration and fresh limestone calcination, and the
sensible heat responsible for heating the sorbent transported from the carbona-
tor. The supply and handling of the large flow of heat in the calcination system
is a challenging engineering task. The solution driving the calcination reaction
is commonly a calciner integrated with an indirect- or direct-fired combustor.
The heat supplied form the indirect-fired combustor does not directly contact
the sorbent in the calciner, allowing the generation of a pure CO2 stream after
sorbent regeneration in this configuration. However, application of the indirect
firing calcination in a calcium looping system is rare because of lower heat utiliza-
tion efficiency. In contrast to the indirect-fired combustion, the heat is directly
brought to bear on sorbents in a direct-fired calcination system. The direct-fired
hydrogen or oxy-fuel combustions result in a highly pure CO2 stream that can be
separated from the combustion stream after steam condensation.

13.1.2 Thermodynamics and Reaction Equilibrium of CaO and CaCO3

In a calcium looping process, flue gas exhausted from an industrial process is
conveyed to the carbonator and contacts with calcium oxide to carry out the
carbonation reaction, producing calcium carbonate and a CO2-lean stream.
Undesired reactions, e.g. hydration, sulfidation, and chlorination, may take place
when the flue gas contains H2O, H2S, COS, SO2, and HCl. The carbonated
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sorbent is then regenerated in the calciner, while highly pure CO2 is produced
under direct-fired oxy-fuel or indirect-fired calcination. The carbonation and
calcination reactions are thermodynamically spontaneous and reversible. The
levels of these reactions are determined on the basis of the equilibrium curve
of thermodynamic analysis for the partial pressure of CO2 as a function of
temperature. As the thermodynamic data shown in Figure 13.3, the curve
represents the equilibrium between CaO and CaCO3 relative to the CO2 partial
pressure shown in the left axis. If the CO2 partial pressure contained in a flue
gas is higher than the equilibrium CO2 partial pressure corresponding to an
operating temperature, the condition of carbonation of CaO would occur. The
calcination of CaO is relatively altered when the CO2 partial pressure is lower
than the equilibrium CO2 partial pressure. For example, the carbonation reaction
takes place at temperatures of 650 ∘C with CO2 partial pressures higher than
0.01 atm, and the calcination reaction is observed at temperatures higher than
890 ∘C even with the CO2 partial pressure approaching 1 atm. Moreover, the
thermodynamic equilibrium curves for hydration, sulfidation, and chlorination
of CaO also predict their reaction temperature zones under specific H2O, H2S,
COS, SO2, and HCl concentrations. Therefore, controlling the temperature
inside the carbonator is possible to avoid these undesired reactions when the
flue gas contains H2O, H2S, COS, SO2, and HCl.

The calcium looping process uses the reversible reaction between (CaO+CO2)
and CaCO3 to achieve carbon capture and sorbent regeneration. Exothermic
heat is liberated from the carbonation reaction. The liberated heat can be used
to generate steam or/and electricity to reduce the energy penalty of the CO2
capture system [9, 10]. In contrast, additional energy is required to drive the
endothermic calcination reaction. The most developed solution for the heat
demand in the sorbent regeneration is oxy-fuel combustion although an extra
energy penalty is associated with the air separation unit (ASU) for oxygen
production. The niche of applying the oxy-fuel combustion is to avoid the
dilution of the resultant gas with nitrogen in air; thus, a highly pure CO2 stream
is subsequently produced from the calcination process. However, one of the
critical challenges in developing and scaling up a carbon capture process is
the high energy requirements for sorbent or solvent regeneration. The energy
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requirements may lead to a significant and variable increase in the levelized cost
of electricity when the carbon capture process is associated with a power plant.
By comparison with the amine absorption process, the calcium looping process
provides a possible alternative that is compatible with the heat recovery facility
because of high-temperature streams produced from this system. The sources
of recoverable energy from a calcium looping process include the exothermic
carbonation reaction (>650 ∘C), the CO2-lean stream from the carbonator
(>650 ∘C), the purge of surplus inactive sorbent from the carbonator (>650 ∘C),
and the concentrated CO2 stream from the calciner (>900 ∘C). A large quantity
of sensible energy is recovered through cooling the high-temperature streams
to temperatures that depend on the restraints of the equipment valves, e.g.
gas purification or CO2 compression unit. The recovered heat can be used to
retrofit a power plant or to drive a steam cycle for increasing the gross electricity
and diminishing the energy penalty. Every 10% decrease in thermal extraction
efficiency may increase the energy penalty between 3% and 5% for indirect-fired,
natural gas-fired, and coal-fired calciner. Moreover, the energy penalty of the
calcium looping process is significantly associated with its carbon capture effi-
ciency because the higher flow rates of circulating sorbent and fresh limestone
keep a higher level of carbon capture capacity as well as increase the heat
requirement for sorbent regeneration [10]. The energy required for compressing
the huge volume of captured CO2 has also a significant impact on the overall
energy penalty [11]. Therefore, enhancing the thermal extraction efficiency of
this system and reducing the CO2 compression energy diminish the energy
penalty of the carbon capture process and shorten its commercial progress.

13.2 Current Status of Calcium Looping Process

The calcium looping process using limestone derived CaO has emerged recently
as a potentially economically advantageous technology to achieve sustainable
CO2 capture efficiencies. Certain aspects of this process in laboratory-scale
experiments have been conducted to investigate the thermodynamic, kinetic,
reaction mechanism, sorbent properties, and technical feasibility of this process.
The calcium looping technology is progressing quickly from laboratory-scale
tests toward bench-scale and pilot-scale demonstrations. At the bench-scale
and pilot-scale facilities, all industrial constraints and engineering tasks have
to be taken into account, e.g. impurities in flue gas and raw sorbents, sorbent
attrition phenomena, high-temperature solid transportation, heating type, heat
integration, equipment reliability, and operation over long periods. The devel-
oped kilowatt-scale and megawatt-scale plants of calcium looping technology
are summarized in Table 13.1.

13.2.1 Kilowatt-Scale Calcium Looping Facility

The kilowatt-scale calcium looping systems include the 3 kWth unit at Indus-
trial Technology Research Institute (ITRI), the 10 and 200 kWth units at IFK
(University of Stuttgart), the 20 kWth unit at Technical University of Darmstadt,
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Table 13.1 The facilities of calcium looping technology around the world.

Organization Capacity Type (Carbonator/calciner/interlinking) References

Kilowatt-scale facility
ITRI (Taiwan) 3 kWth Bubbling fluidized bed/rotary

kiln/pneumatic transport
[12, 13]

IFK, University of
Stuggart (Germany)

10 kWth Bubbling fluidized bed/riser/cone
valve-integrated double exit loop seal

[14]

200 kWth Turbulent fluidized bed/circulating
fluidized bed/loop seal with L-valve

[15–17]

INCAR-CSIC (Spain) 30 kWth Circulating fluidized bed/circulating
fluidized bed/loop Seals

[18, 19]

300 kWth Circulating fluidized bed/circulating
fluidized bed/loop seals

[20, 21]

CANMET Energy
(Canada)

75 kWth Circulating fluidized bed/two stage
fluidized bed/pneumatic transport
with L-valve

[22]

Ohio State University
(USA)

120 kWth Entrained bed/rotary
kiln/volumetric hopper

[23]

Megawatt-scale facility
Technical University of
Darmstadt (Germany)

1 MWth Circulating fluidized bed/circulating
fluidized bed/loop seal with screw
conveyor

[24–26]

INCAR-CSIC (Spain) 1.7 MWth Circulating fluidized bed/circulating
fluidized bed/loop seals

[27–31]

ITRI (Taiwan) 1.9 MWth Bubbling fluidized bed/rotary
kiln/pneumatic transport

[12, 13]

the 30 and 300 kWth units at Instituto Naclonal del Carbon Consejo Superior
de Investigaciones Cientificas (INCAR-CSIC), the 75 kWth unit at CANMET
Energy, and the 120 kWth unit at Ohio State University [12–23]. The system
designed by ITRI consists of a bubbling fluidized bed (BFB) carbonator and a
rotary kiln calciner connected with a pneumatic pipe transport system (as shown
in Figure 13.4) [12]. A direct-liquefied petroleum gas-fired combustor with an
integrated flue gas recirculation system provides the heat for sorbent regenera-
tion in the calciner. The configuration of this calcination system offers more uni-
form temperature distribution through the calciner and thus enhances the heat
utilization efficiency of this system. Moreover, CO2 capture levels higher than
85% were achieved in a 100-h continuous operation. The rotary kiln, as commonly
used in cement process for clinker production, is also used as the calciner in the
120 kWth facility developed by The Ohio State University (OSU) (as shown in
Figure 13.5). The OSU system is an outgrowth of two other processes developed
at OSU: the Ohio State Carbonation Ash Reactivation (OSCAR) process and the
Calcium-based Reaction Separation for CO2 (CaRS-CO2) process. Therefore,
sulfur, trace heavy metal (arsenic, selenium, and mercury), SO2, and CO2 can
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Figure 13.4 (a) Schematic and (b) view of 3 kWth bench-scale system at ITRI.

Figure 13.5 Photo of 120 kW –calcination reaction (CCR) process facility for CO2 and SO2
capture at Ohio State University initiated in 2005 with coal-fired stoker, rotary calciner, and
entrained bed carbonator shown and with the same facility used also for
Carbonation–Calcium–Hydration Cyclic Process operation. Source: With permission from
Professor L.-S. Fan at Ohio State University.
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be simultaneously captured by calcium-based sorbents. An additional hydration
process integrated in the OSU carbon capture system demonstrated that the
sorbent activity could be maintained over multiple cycles. Fly ash in the car-
bonator did not affect the carbonation reaction nor did sulfation reaction in the
entrained bed carbonator. Over 90% CO2 and near 100% SO2 could be captured
on a once-through basis at a Ca:C molar ratio of 1.3 [23].

Dual fluidized bed (DFB) calcium looping system has been developed by
numerous research groups [14–22]. The Institute of Combustion and Power
Plant Technology (IFK) at the University of Stuttgart has developed a 10 kWth
system that consists of a riser calciner and a BFB carbonator [14]. The circu-
lating rate of calcium-based sorbents between the beds is controlled by a cone
valve-integrated loop seal. The carbonator temperature window of 600–660 ∘C
was suitable to achieve CO2 capture efficiencies higher than 90% and to drive a
state-of-the-art steam cycle. CO2 capture efficiency was enhanced by increasing
Ca:C molar ratio in the carbonator for a given CO2 molar flow. Ca:C molar
ratios higher than 14 led to the maximum CO2 capture efficiency. Inspired by
these results [14], a 200 kWth calcium looping facility has been constructed for
the investigation of long-term performance of this process under real combus-
tion conditions (as shown in Figure 13.6) [15–17]. This system includes two
operational configurations: (i) CFB carbonator and CFB calciner; (ii) turbulent
fluidized bed carbonator and CFB calciner. Two cone valves and the combination
of an L-valve and a loop seal are respectively used for controlling the sorbent
circulating rate in the systems. In the turbulent fluidized bed carbonator, the
heat from the exothermic reaction is removed using a heat exchanger; the heat
released in the CFB carbonator is removed via a water cooled heat exchanger
in the dense bed region and a bayonet cooler in the lean bed region. The heat
demand in the CFB calciner is provided from an oxy-fuel-fired combustor
with flue gas recycle. CO2 capture efficiencies higher than 90% were achieved
consistently over a broad range of process conditions during multiple hours of
operation. This system has passed more than 600 hours for operating in CO2
capture and more than 300 hours for stable oxy-fuel calcination with flue gas
recycle in the calciner [16, 17].

A 30 kWth system consisting of DFB reactors has been developed by the
INCAR-CSIC [18, 19]. The calciner and the carbonator are connected to
high-efficiency primary cyclones, respectively. Sorbents collected from the
cyclones are transported to the opposite reactor through BFB loop seals. Electric
ovens surround the first 2.5 m of the risers and also the loop seals. The calcium
carbonate formed in the carbonator was regenerated in the calciner integrating
with a direct-fired combustor under typical conditions (800–900 ∘C). The
insufficient separation efficiency of the cyclones and the intense sorbent attrition
in the first calcinations led to unstable operation of the system because the solid
looping rates and the solids inventory could not be kept constant for a long
period of time. The operating stability of this system was improved through the
extension of the riser heights and reconstruction of the high-efficiency cyclones.
Moreover, another 300 kWth calcium looping facility following the design of
30 kWth system has been constructed in La Robla, property of Gas Natural
Fenosa, to capture CO2 “in situ” during the combustion of biomass in a fluidized



408 13 Calcium Looping Carbon Capture Process

Configuration A

CO2-lean

flue gas CO2-rich gas
CO2-lean

flue gas

CaCO3

CaCO3

CaO

CaO

R3

(A)

Loop seal

L-valve

Flue gas

Flue gas Primary air/O2 + CO2

O2 + CO2

O2 + CO2

Fuel

R2 R1 R1

Configuration B

Figure 13.6 200 kWth calcium looping system at University of Stuttgart. Source: Dieter et al.
2014 [17]. Reproduced with permission of Elsevier.

bed (as shown in Figure 13.7) [20, 21]. Continuous and stable operation was
achieved in the facility for 360 hours. The stable CO2 capture efficiency (65–85%)
demonstrated the technical and operational feasibility of the carbon capture
concept presented in their work.

Another DFB calcium looping system in the scale of 75 kWth has been con-
structed by CANMET Energy (as shown in Figure 13.8) [22]. The bottom of the
reactors is surrounded with electric heat (15 kW) that provides supplemental
heating during warm-up operation. A solids transport system assembled at the
bottom of the calciner is used to transport regenerated sorbent to the carbon-
ator. The sorbent flow is controlled by a solenoid valve activated by a computer
and is lifted by conveying air to a cyclone equipped at a height of 6 m. The solid
sorbent collected from the cyclone is then introduced into the carbonation bed
through an L-valve. A 45∘ “T” line assembled at the bottom of the carbonator
allows the solids to return back to the calciner or back to the bottom stage com-
bustor for SO2 capture (if necessary, depending on the fuel used). This facility
has been operated for more than 50 hours. CO2 capture levels higher than 95%



CO2-lean flue gas
CO2-concentrated gas

Air from fan

Water

inlet

Water

jackets

Air Air

AirAir

(b)(a)

BiomassBiomass

Water

outlet

CaO

C
o
m

b
u
s
to

r-
c
a
lc

in
e
r

C
o
m

b
u
s
to

r-
c
a
rb

o
n
a
to

r

CaO +

CaCO3

CaCO3

Gas stream to the stack

Figure 13.7 (a) View and (b) schematic of La Robla 300 kWth facility. Source: Diego et al. 2016 [21]. Reproduced with permission of Elsevier.



410 13 Calcium Looping Carbon Capture Process

Pet.coke

hopper

Calciner

1-stage bed Cyclone Cyclone

Flue gas

(<5% CO2)

Coal

hopper

Air

HX

Pure CO2

(>92%)

Blower

O2 Recycle

flue gas

Sorbent

hopper

Regen.

Sorbent

Loaded

sorbent

Carbonator

2-stage bed

Figure 13.8 75 kWth calcium looping system developed by CANMET Energy. Source: Lu et al.
2008 [22]. Reproduced with permission of Elsevier.

were achieved within the temperature window of 580–600 ∘C for the first several
cycles, which decreased to a lower level (>72%) after more than 25 cycles due to
sorbent deactivation. CO2 capture efficiency decreased with increase in super-
ficial gas velocity in the carbonator. Moreover, oxy-fuel combustion of biomass
and coal with flue gas recycle was appropriate for sorbent regeneration in the cal-
ciner. The CO2 concentration from the calciner off-gas of∼85 vol.% was achieved,
and even higher levels are expected as the unit design is improved to minimize
reactor leakage.

13.2.2 Megawatt-Scale Calcium Looping Plant

Encouraging results from the kilowatt-scale experiments provided a strong moti-
vation to demonstrate the calcium looping process under realistic conditions at
a megawatt pilot plant. Several projects that address their studies on develop-
ing pilot-scale processes have been undertaken in recent years. The pilot-scale
systems include the 1 MWth facility at Technical University (TU) of Darmstadt
(Germany), the 1.7 MWth facility at La Pereda (Spain), and the 1.9 MWth facility at
Heping (Taiwan). The 1 MWth TU Darmstadt pilot plant consisting of two inter-
connected CFB reactors (as shown in Figure 13.9) has been operated for more
than 1500 hours in fluidized bed mode and more than 400 hours in CO2 capture
mode [24–26]. A synthetic flue gas, which is heated up to 350 ∘C using auxil-
iary electric heaters, is used as a fluidizing medium in the carbonator to perform
experiments. An adjustable, internal heat-removing system is assembled in the
carbonator to remove the heat generated from exothermic carbonation reaction
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and to control the desired temperature in the carbonator. The heat demand for
the endothermic calcination reaction in the calciner is provided by either propane
or coal combustion. The whole system is refractory lined to minimize heat lost.
Make-up limestone is fed into the carbonator by a gravimetric feed system. The
solid circulating rate between the loop seals of these two reactors is controlled by
screw conveyors. In the case of propane-fired mode, the CO2 capture efficiency
was higher than 80% until the reduction of propane vaporization capacity caused
by ambient restriction (the temperature in Darmstadt was about−15 ∘C) because
the limited propane vaporization capacity could not provide sufficient heat for
complete sorbent regeneration. A CO2 capture efficiency of 83–91% could be
obtained when this system was operated in coal-fired mode. Once the temper-
ature in the carbonator was decreased from 650 to 610 ∘C, the CO2 capture effi-
ciency dropped to about 60% [24]. The long-term effects of fuel, sorbent, flue
gas composition, reactor design, and operating conditions on the carbon capture
performance have been scheduled in their further experiments [26]. Moreover, a
20 MWth pilot plant is expected to be designed to bring the process even closer
to industrial application under the European Union 7th Framework Programme
(EU-FP7) project SCARLET.

Another project (CaOling) founded by the EU-FP7 has been started in
December 2009 as a three-year project to promote the progress toward the
industrial application of Ca-looping technology before 2020. Consejo Superior de
Investigaciones Cientificas (CSIC), Empresa Nacional de Electricidad Sociedad
Anónima (ENDESA), Foster Wheeler, and Hulleras del Norte Sociedad Anónima
(HUNOSA) preliminary reached an agreement in 2009, and this consortium was
substantially reinforced by leading R&D supports from IFK of the University
of Stuttgart in Germany, Lappeenranta University in Finland, Imperial College
in the UK, and the University of Ottawa and CANMET Energy in Canada. A
1.7 MWth plant has been subsequently designed to process approximately 1% of
the flue gas produced from a 50 MWe La Pereda CFB power plant in Asturias,
Spain (as shown in Figure 13.10) [27–31]. The core of the facility consists of two
CFB reactors, 15 m in height with the diameters of 0.75 m in the calciner and
0.65 m in the carbonator. The typical operating temperatures for the carbonator
and calciner are 600–715 ∘C and 820–950 ∘C, respectively. The heat demand in
the calciner comes from coal-fired air combustion or from coal-fired oxy-fuel
combustion. The carbonator is assembled with removable cooling bayonet tubes
to control the carbonator temperature. Typical gas velocities inside these two
reactors are designed in the range of 2–6 m s−1. Each reactor is equipped with a
high efficiency cyclone (cut size 5 μm) and a loop seal that can collect and deliver
the collected solids to the same reactor (internal circulation) or to the opposite
reactor [27]. Sánchez-Biezma et al. [28] reported that a total of 800 hours of
operation with coal combustion in the calciner has been achieved, including
approximately 160 hours in carbon capture experiments. The CO2 capture
efficiency was close to the maximum allowed by the equilibrium at 660 ∘C,
resulting in approximately 90% carbon capture efficiency as well as SO2 capture
efficiencies higher than 95%. The CO2 concentration detected at the exit of the
calciner equipped with an oxy-fuel combustor was around 85%. Moreover, the
operation of this pilot plant in combustion mode has been extended for more
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Figure 13.10 (a) View and (b) schematic of La Pereda 1.7 MWth facility. Source: Diego et al.
2016 [31]. Reproduced with permission of Elsevier.

than 1800 hours, including 380 hours in CO2 capture mode with a CO2 capture
efficiency of 40–95%. Another 170 hours operation has also been achieved in CO2
capture mode with stable operation under oxy-fuel combustion of coal [29]. The
CO2 capture efficiencies were found to be lower than 40% at the beginning of the
experiment due to the high content of non-calcined sorbent in the solid inventory
when the calcination temperatures were lower than 920 ∘C. As the CaO content
in the solid inventory increased, the carbon capture efficiency rose to a value close
to that limited by thermodynamic equilibrium. The increase of calcination tem-
perature, however, tended to cause a decrease in carbon capture level because
the higher temperature sorbent arriving to the carbonator induced the increase
in equilibrium CO2 partial pressure in flue gas. The removable cooling bayonet
tubes could be used to stabilize the temperature toward the target carbonation
temperature. Moreover, the replenishment of fresh limestone and the extraction
of solids were necessary to maintain the sorbent activity in the inventory of solids.
Moreover, a novel reactivation process based on the recarbonation principle has
been integrated into the 1.7 MWth system to enhance the CO2 carrying capac-
ity of sorbent [31]. An existing loop seal was retrofitted to the recarbonator for
further carbonating the solid stream coming from the carbonator. More than
100 hours of operation have been accumulated in the recarbonation experiments.
The introduction of the recarbonation step led to an improvement in the CO2
carrying capacity of the sorbent. The recarbonation reaction was under the pre-
ferred operating conditions of the solid residence time in the range of one to three
minutes, temperatures inside this reactor between 750 and 800 ∘C, and CO2 inlet
concentration of 50–70 vol%. The CO2 carrying capacity of sorbent increased by
up to 10% under reasonable and scalable recarbonation conditions.
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The calcium looping process is noted to have potential for integration into the
cement manufacturing industry because the inactive sorbent from the system
can be used as the raw material for the cement plant, and the high-grade “waste
heat” extracted from the carbon capture system can be utilized to preheat coal,
air, limestone, and other materials used in the cement process. Therefore, ITRI, in
cooperation with the Taiwan Cement Company (TCC), has erected a 1.9 MWth
calcium looping pilot plant at TCC’s cement plant in Heping, Taiwan (as shown
in Figure 13.11a). The pilot plant was designed to capture 1 tonne of CO2 per
hour from the cement plant flue gas containing 20–25% CO2. The configuration
of this system is based on experience with their 3 kWth unit. The BFB carbonator
has a diameter of 3.3 m and a height of 4.2 m, and a double-layered perforated
plate is assembled in the carbonator. The rotary kiln calciner inclines at an angle
5∘ to the horizontal and has a length of 5 m and a diameter of 0.9 m. A diesel-fired
oxy-combustor, in 1–4 MMBtu/h capacity, equipped with a flue gas circulation
system provides the heat for sorbent regeneration and to produce a near pure
stream of CO2. The regenerated sorbent from the calciner is transported to the
carbonator through a pneumatic conveying system. Until now, this system has
passed more than 1000 hours for unit operations and another 700 hours for
continuous experiment in CO2 capture [13]. Approximately 50% CO2 capture
efficiency was obtained for experiments conducted using the sorbent with
the calcination efficiency of 30–40%. Enhancement of the sorbent calcination
efficiency led to carbon capture levels higher than 85%. In recent years, ITRI
has focused attention on improving the performance of this technology by a
combined cascade cyclone and steam hydration process. The reactors in the
configuration of cascade cyclone contribute greatly to promote the solid–gas
contact pattern corresponding to improving heat utilization in the calciner and
to enhance reaction conversion in the carbonator. Steam hydration is used to
improve sorbent reactivity in the carbonation reaction. A hydration-integrated
cascade cyclone calcium looping system in the scale of 500 kWth has been
erected by the side of the original 1.9 MWth facility (as shown in Figure 13.11).
The trial operations of the 500 kWth facility have been accomplished. Experi-
mental results indicated that higher heat utilization efficiency was achieved in
the calciner, and the temperature gradient through the calciner was less than
200 ∘C under appropriate operating conditions. The calcination efficiency higher
than 80% could be realized for experiments reasonably controlling sorbent
transportation and energy supply conditions. Steam hydration significantly
promoted the sorbent activity in carbon capture. 91.37% CO2 could be captured
in the cascade cyclone carbonator. This project is focused on the long-term
continuous operation of the 500 kWth system in 2018. The operating experience
will be applied to the design of a 10 MWth system in the near future.

13.3 Strategies for Enhancing Sorbent Recyclability and
Activity

Calcium looping processes are attractive in carbon capture applications because
they can achieve in situ combustion or post-combustion CO2 removal with
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inherent high-quality heat generation. A number of these processes at the pilot
scale have been built to demonstrate their feasibility to be suitably applied in
large-scale facilities. One of the key challenges for operating a calcium looping
process is the decrease of carbon capture capacity with carbonation–calcination
cycles because limestone-derived sorbent reveals a rapid decay in its CO2 uptake
with cycle number. The lower sorbent capacity and reactivity lead to higher
solid circulation rates as well as a larger reaction system, resulting in higher
operating and capital costs. Therefore, the ability of the sorbent to maintain
stable reactivity in cyclic reactions is one of critical criteria for improving the
process performance and shortening its commercial progress.

The decay of calcium-based sorbents in their recyclability and reactivity is
mainly attributed to the deteriorating effects coming from the variation of
sorbent macrostructural and microstructural properties, e.g. surface area, pore
volume, particle size, and other physical factors, at high calcination tempera-
tures [32]. Abanades and Alvarez [33] explained the sorbent decay in terms of a
fractional loss of microporosity along with a cumulative gain in mesoporosity.
Macropores are generated instead of micropores, and the macropores on the
surface of CaO are filled by the carbonated product formed during each cycle of
carbonation. The residual CaO conversion as a function of cycle number could be
expressed by a semiempirical equation [5]. In a subsequent study [34], a textural
transformation mechanism and another empirical parameter denoted as the
sintering exponent were proposed to explain their experimental adsorption data.
The qualitative mechanism representing the formation of an interconnected
calcium oxide network (skeleton) over repeat carbonation–calcination cycles
is shown in Figure 13.12. In this mechanism, the first calcination of calcium
carbonate produces the highly dispersed reactive calcium oxide, followed
by incomplete recarbonation in the next step. The grains of calcium oxide
asymptotically grow, agglomerate, and ultimately form a rigid interconnected
calcium oxide skeleton in the following cycles. The final texture of the calcium
oxide skeleton prevents further sintering of the adsorbent and retains a residual

1-st

decomposition

2-nd

decomposition

1-st

recarbonation

2-nd

recarbonation
After 50 cycles

Figure 13.12 Scheme of textural transformation of the CaO sorbent in
calcination–carbonation cycles. Source: Lysikov et al. 2007 [34]. Reproduced with permission
of American Chemical Society.
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CaO conversion after a large number of cycles. In conclusion, improving initial
sorbent properties and rejuvenating deactivated sorbents during the cyclic
carbonation–calcination steps are equally important. Several investigations
have been extensively made to enhance the recyclability and reactivity of the
calcium-based sorbent. The approaches of these studies can be categorized into
three aspects: (i) synthesis of CaO sorbent from inorganic or organometallic
precursors, (ii) incorporation of dopant or inert stabilizer with calcium-based
sorbents, and (iii) sorbent reactivation through additional processing.

13.3.1 Synthesis of CaO Sorbent from Inorganic or Organometallic
Precursors

The decay of the CO2 adsorption capacity of CaO derived from natural lime-
stone mostly comes from the deteriorating effects of sorbent sintering at high
temperatures. A strategy to enhance the stability of calcium oxide adsor-
bents derived from an inorganic precursor, natural limestone, over multiple
calcination–carbonation cycles by reducing the particle size of the adsorbents
down to the nanometer scale was proposed by Barker [35]. The calcium oxide
(ca. 10 nm in diameter) showed excellent recyclability (approximately keep
93% carbonation conversion) after several carbonation–calcination cycles
because the carbonation reaction completes within the fast kinetic-controlled
regime for porous CaO with critical particle size less than 44 nm, and the slow
diffusion-controlled regime does not exist. However, the pure CaO derived
from nano-sized particles may be susceptive to sintering because their higher
surface area leads to numerous contact points to facilitate mass transfer [36].
Another strategy to enhance the sorbent stability is the synthesis of mesoporous
calcium carbonate derived from another inorganic precursor, Ca(OH)2, in
the presence of N40V dispersant, a sodium salt of a carboxylic acid, by a wet
precipitation process in a slurry bubble column [37]. CO2 dissolved in water
provides carbonate ions (CO3

2−) reacted with Ca2+ ions to form CaCO3. The
formed CaCO3 subsequently precipitates out because the solubility of CaCO3 in
water is much lower than that of Ca(OH)2. The specific ratio of N40V to Ca(OH)2
allows the surface charge of zero on the incipiently formed calcium carbonate
particles, leading to a predominantly mesoporous structure precipitated calcium
carbonate (PCC). The PCC allows the heterogeneous reaction to occur on a
larger CaO surface area, and the carbonate layer is not able to plug all of the
pore mouths, ultimately resulting in a carbonation conversion higher than 85%
as well as superior recyclability up to three carbonation–calcination cycles.

A number of studies explored the relation between the characteristics of
calcium-based sorbents synthesized from organometallic precursors and
their CO2 uptake performance [38–41]. Lu et al. [38] identified the prelimi-
nary screening of precursors, e.g. Ca(NO3)2⋅4H2O, CaO, Ca(OH)2, CaCO3,
and Ca(CH3COO)2⋅H2O, for their application in the calcium looping pro-
cess. The highest uptake characteristics for CO2 could be observed from a
“fluffy” structure sorbent (CaAc2–CaO) derived from Ca(CH3COO)2⋅H2O as
shown in Figure 13.13. The CO2 uptake capacity remained stable within the
first 10 carbonation–calcination cycles and began to decrease slowly in the
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Figure 13.13 Sorbent (a) scanning electron microscope (SEM) image of CaAc2–CaO; (b) CO2
uptake capacity of CaAc2–CaO. Source: Lu et al. 2006 [38]. Reproduced with permission of
American Chemical Society.

subsequent cycles. The CaAc2–CaO still maintained a relatively high carbon-
ation conversion (about 62%) after 27 cycles. The CO2 uptake capacity of a
series of calcium-based sorbents synthesized from various organometallic pre-
cursors, including Ca(C2H5COO)2, Ca(CH3COO)2, Ca(CH3COCHCOCH3)2,
Ca(COO)2, and Ca(C7H15COO)2, by a simple calcination technique was exam-
ined in a following study [39]. CaO sorbents derived from Ca(C2H5COO)2
and Ca(CH3COO)2 exhibited higher CO2 uptake capacity among the five
organometallic precursors-originated sorbents in their work because of the high
surface area and large pore volume arised from their mesoporous structure. On
the contrary, the poor performance of CaO sorbents derived from Ca(COO)2
and Ca(C7H15COO)2 is due to their microporous morphology. Moreover,
sorbents in nanosize synthesized from Ca(NO3)2⋅4H2O and C6H8O7⋅H2O by
sol–gel method was reported by Luo et al. [41]. Well-dispersed uniform particles
(200 nm) within the fluffy and porous structural sorbents exhibited much higher
reactivity and recyclability for cyclic reactions compared to the sorbents derived
from commercial micro- and nano-sized calcium carbonate. A high carbonation
rate of sorbent (60% conversion within 20 s) as well as a better sintering-resistant
property could be achieved during cyclic high-temperature reactions. All the
abovementioned studies indicate the importance of surface area, pore volume,
and particle size from sorbent morphology in relation to CO2 capture capacity.
The physical properties of CaO derived from inorganic and organometallic
precursors are summarized in Table 13.2.

13.3.2 Incorporation of Dopant or Inert Stabilizer with Calcium-Based
Sorbents

An alternative strategy to promote reaction activity during the carbonation step
or to retard sorbent sintering during the high-temperature regeneration step is
the use of dopant or inert stabilizer incorporated in calcium oxide precursors.
Reddy and Smirniotis [42] used alkali metals as dopants to synthesize a number of
calcium-based sorbents for CO2 capture. The alkali metals-doped CaO sorbents
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Table 13.2 Physical properties of CaO derived from various precursors.

Precursor
BET surface
area (m2 g−1)

Pore volume
(cm3 g−1) References

Inorganic precursor
CaCO3 12.8 0.027 [37]
CaCO3 17.8 0.078 [37]
Ca(OH)2 33.3 0.1 [37]
CaO 9.84 0.05 [40]
CaCO3 11.62 0.16 [40]
Ca(OH)2 7.67 0.09 [40]
CaCO3 6.84 0.03 [40]
CaO 4.2 0.02 [38]
CaCO3 5.3 0.08 [38]
Ca(OH)2 13.9 0.15 [38]
CaCO3 12.4 n/aa) [41]
CaCO3 17.0 n/aa) [41]

Organometallic precursors
Ca(CH3COO)2⋅H2O 20.2 0.23 [38]
Ca(C2H5COO)2 15 0.18 [39]
Ca(CH3COO)2 20 0.22 [39]
Ca(CH3COCHCOCH3)2 12 0.09 [39]
Ca(COO)2 5.9 0.02 [39]
Ca(C7H15COO)2 9.3 0.015 [39]
Ca(CH3COO)2⋅xH2O 12.16 0.14 [40]
Ca[CH3CH(OH)COO]2⋅xH2O 12.39 0.22 [40]
CaC12H22O14⋅H2O 16.96 0.27 [40]
Ca3(C6H5O7)2⋅4H2O 11.42 0.06 [40]
Ca(HCO2)2 10.10 0.08 [40]
Ca(NO3)2⋅4H2O 12.6 n/aa) [41]

a) Not available.

showed high CO2 adsorption capacities and rapid adsorption/desorption
characteristics due to the increase in basic sites on the CaO surface, which
allows for the selective chemisorption of CO2. Figure 13.14 shows the sequence
of the performance of alkali metals as dopants on CaO as Cs>Rb>K>Na>Li,
corresponding to the relationship between the adsorption characteristics and
the increase in the electropositivity, or equivalently atomic radii, of the alkali
metals. Cs-doped CaO sorbent containing 20 wt% Cs exhibited the highest CO2
uptake capacity due to its zero affinity for N2 and O2 and very low affinity for
water. For the Cs containing higher than 20 wt%, the sorbent performance was
not improved further because of the formation of paracrystalline Cs2O on the
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Figure 13.14 CO2 adsorption capacity of CaO doped with alkali metals. Source: Reddy and
Smirniotis [42]. Reproduced with permission of American Chemical Society.

surface of CaO. Moreover, prospective refractory dopants with relatively high
Tammann temperatures are also expected to stabilize the CO2 uptake capacity
of CaO in the high-temperature cyclic reactions. The synthesis of calcium-based
sorbents with a wide range of refractory dopants, e.g. Si, Ti, Cr, Co, Zr, and Ce,
by flame spray pyrolysis (FSP) was explored to address the rapid performance
deterioration issue and to delay the sintering-agglomeration phenomena [43].
Among all of the doped CaO sorbents, Zr-doped CaO exhibited the best
CO2 capture performance and thermal stability under identical conditions of
operation. The carbonation conversions of the Zr–Ca containing 30 mol% Zr
did not decay (kept at 64%) even after 100 cycles. The high uptake for CO2 is
attributed to the nanosize of the particles, the high surface area, and the large
pore volume of the sorbents, and the great stable performance is ascribed to the
refractory nature of the dopant.

Recently, the incorporation of inert stabilizers, e.g. Al2O3, MgO, ZrO2, TiO2,
SiO2, and Y2O3, with the calcium-based sorbent has also been investigated to
improve the recyclability of sorbents derived from synthetic precursors. The
inert materials dispersed among the sorbent particles during synthesis are able
to inhibit sorbent sintering during cyclic calcination–carbonation reactions due
to their property of high Tammann temperature. Calcium-based sorbents incor-
porated with aluminum-based stabilizer are the most studied metal-stabilized
sorbents. Various synthesis methods have been conducted to achieve the aim of
increasing surface area and pore volume and obtaining high dispersion of inert
stabilizers within the sorbent particles [44–61], including wet mixing, limestone
acidification by citric acid followed by two-step calcination, solid-state reaction,
ultrasonic spray pyrolysis (USP), combination of precipitation and hydration,
co-precipitation, citrate preparation, sol–gel, citrate-assisted sol–gel technique
followed by two-step calcination, single nozzle FSP, and precipitation.

In one of the earliest works, Li et al. [45] synthesized the aluminum-stabilized
calcium-based sorbents (Ca12Al14O33/CaO) by the wet mixing method. A
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Figure 13.15 Mechanism of Ca12Al14O33/CaO preparation. Source: Li et al. 2005 [45].
Reproduced with permission of American Chemical Society.

solution of 2-propanol containing aluminum nitrate nonahydrate (Al(NO3)3⋅
9H2O) and powdered calcium oxide were well mixed and then dried and
calcined at 500 ∘C. The possible mechanism of sorbent synthesis is presented
in Figure 13.15, including the chemical reaction (CaO hydration)→ thermal
expansion→ calcination reaction→material structure reestablishment (for-
mation of binder among CaO particles)→ formation of high surface area. The
release of NO2 and H2O came from the decomposition of 2-propanol and nitric
acid, and the dehydration of Ca(OH)2 during synthesis yielded an ultrafine and
porous powder. The Al2O3 then reacted with CaO to form a binder (Ca12Al14O33,
mayenite) within the sorbent thermodynamically, leading to a stable structure
among CaO micrograins. The CO2 uptake capacity of the Ca12Al14O33/CaO
containing 25 wt% Ca12Al14O33 attained 0.41 g CO2 per gram of sorbent at the
first calcination–carbonation cycle and then slightly increased over the first
five cycles due to an increase in the pore volume inside particles caused by
structural changes. The adsorption capacity of the Ca12Al14O33/CaO remained
at 0.45 g CO2 per gram of sorbent at the end of the 13th cycle. The superior
characteristics in CO2 capture capacity is attributed to the formation of ultrafine
CaO particles stabilized by an inert Ca12Al14O33 support. However, excess
of inert Ca12Al14O33 reacted with CaO to form Ca3Al2O6. The formation of
Ca3Al2O6 decreased the ratio of CaO to Ca12Al14O33 in sorbents and then led to
the decline of cyclic CO2 capture capacity [46]. Figure 13.16 shows the reaction
scheme of Ca3Al2O6 formation from Ca12Al14O33 and the formation mechanism
of aluminum-stabilized calcium-based sorbent under various calcination tem-
peratures. Ca2+ diffusing through mayenite layers reacts with Ca12Al14O33 to
form Ca3Al2O6 at temperatures higher than 1100 ∘C. Severe sorbent sintering
among grains of pure Ca3Al2O6 may occur at temperatures higher than 1200 ∘C.

The transition between Ca12Al14O33 and Ca3Al2O6 depends on the calcium and
aluminum precursors as well as synthesis method, which can limit Ca2+ diffusion
into the stabilizer structure for further reaction [56]. Broda et al. [56] investigated
the CO2 uptake capacity of aluminum-stabilized CaO synthesized by using differ-
ent calcium precursors, such as Ca(OH)2, Ca(NO3)2⋅4H2O, Ca(CH3COO)2⋅H2O,
and Ca(C5H7O2), as shown in Figure 13.17. The decrease in the ratio of Ca2+

to Al3+ enhanced the surface area and pore volume of the synthetic sorbent,
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Figure 13.16 (a) The reaction scheme of the formation of Ca3Al2O6 [62]; (b) the formation
mechanism of the aluminum-stabilized calcium-based sorbents under various calcination
temperatures. Source: Li et al. 2006 [46]. Reproduced with permission of American Chemical
Society.

followed by the decrease of overall CO2 uptake of the sorbent due to the increase
of mayenite (Ca12Al14O33) quantity. The sorbents with nanostructural morphol-
ogy associated with a high surface area and pore volume were obtained from the
strongly basic and weakly acidic precursors, e.g. (Ca(OH)2, Ca(CH3COO)2⋅H2O,
and Ca(C5H7O2)), yielding excellent sorbent recyclability. A CO2 uptake capac-
ity of 0.51 g of CO2 per gram of sorbent could be retained after 30 cycles. In
the following study [57], the aluminum-stabilized CaO derived from the calcium
precursor of Ca(OH)2 was applied for carbon capture in a fluidized bed reac-
tor. The aluminum-stabilized CaO sorbent was 60% higher than that of a refer-
ence limestone. The superior cyclic CO2 uptake of the sorbent is because of their
nanostructural morphology and the homogeneously dispersed aluminum-based
stabilizer (mostly in the form of the mixed oxide mayenite). The high Tammann
temperature stabilizer stabilizes the nanostructured morphology over multiple
reaction cycles.

The CO2 uptake performance of a dolomite-derived CaO was reported to
be higher than that of a limestone-derived CaO over multiple cycles due to
the presence of MgCO3 in the dolomite [62, 63]. MgCO3 in dolomite provides
additional pore volume during its decomposition to MgO. The formation of
MgO is capable of stabilizing the pore structure of sorbent and then reducing the
rate of sorbent sintering during multiple calcination–carbonation cycles because
of its high Tammann temperature (1276 ∘C). Therefore, MgO is considered as
another promising stabilizer to incorporate with calcium-based sorbents. Li
et al. [64] synthesized magnesia-stabilized CaO sorbents by co-precipitation, dry
physical mixing, wet physical mixing, and solution mixing methods. MgO/CaO
sorbents synthesized by the dry and wet physical mixing of the calcium-based
precursor (Ca(CH3COO)2) with MgO particles followed by high-temperature
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Figure 13.17 CO2 uptake capacity of sorbents synthesized using various Ca2+/Al3+ ratios and
precursors. Source: Broda et al. 2012 [56]. Reproduced with permission of John Wiley and Sons.

calcination exhibited the most durable performance in CO2 capture. The
performance of synthetically prepared MgO/CaO was higher than that of CaO
derived from dolomite. The CO2 capture capacity of the MgO/CaO containing
26 wt% MgO attained 53 wt% after 50 calcination–carbonation cycles, which is
twofold higher than pure CaO obtained from the same source under the same
test conditions. Moreover, other materials such as ZrO2, TiO2, SiO2, KMnO4,
and Y2O3 have been also considered as inert stabilizer to promote the cyclic
reactivity of CaO. Most of these studies indicated that the inert stabilizers are
capable of maintaining sorbent structure under cyclic calcination–carbonation
reactions. However, the content of stabilizer in synthetic sorbent remains as
the main challenge of this approach because the overall CO2 uptake capacity
of sorbents may suffer from the quantity of inert stabilizer contained in the
sorbent. The cost of synthetic sorbent is also higher than that of CaO derived
from natural limestone. The impacts from using a metal-stabilized sorbent have
to be taken into consideration to assess the economic feasibility of the carbon
capture process.

13.3.3 Sorbent Reactivation Through Additional Processing

Instead of sorbent synthesis, there are several approaches in process modifi-
cation to improve the CO2 uptake capacity of natural limestone in multiple
calcination–carbonation cycles, including steam carbonation/calcination,
hydration, and recarbonation. Effects of steam on the carbonation and/or
calcination reactions have been investigated because 5–20% steam is typically
contained in the flue gas produced from combustion. Most researchers have
reported that adding steam during carbonation or calcination produces a notably
positive effect on the sorbent recyclability. Although steam pretreatment may
not improve CaO physical properties such as specific surface area and pore
structure, the hydroxyl groups generated from steam dissociation on the CaO
surface and bicarbonates produced through interaction of CO2 with surface
hydroxyl groups are considered as important intermediates in steam catalysis
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for CaO carbonation [65, 66]. Arias et al. [67] focused their study on the effect of
steam over a very short reaction time where the carbonation reaction occurred
under a kinetic-controlled regime. Similar values of carbonation rate constant
were calculated for experiments conducted with and without the presence of
steam (20 vol%) in the reacting gas. However, the presence of steam in the
carbonation reaction enhanced CO2 diffusion through the carbonation layer.
Thus, steam addition in carbonation reaction retards the transition from the
kinetic-controlled reaction stage to the diffusion-controlled reaction stage, i.e.
when the product layer is thicker [6]. Broda et al. [68] further assessed the effect
of steam on the cyclic CO2 capture capacity of pelletized Ca12Al14O33/CaO
sorbent. The addition of steam promoted CO2 uptake of the pellet sorbent
from 0.20 g of CO2 per gram of sorbent to 0.31 g of CO2 per gram of sorbent
after 10 cycles of repeated calcination and carbonation reactions due to the
enhancement of solid-state diffusion through the CaCO3 product layer.

A number of studies have also explored the effect of steam injection during
calcination on the reactivity of CaO for carbon capture. The presence of steam
in sorbent calcination has been reported to change the sorbent morphology,
probably causing a shift from smaller to larger pores and resulting in a structure
that increases CO2 uptake capacity [69]. Although Champagne et al. [69]
indicated that the total surface area of sorbents was substantially reduced by
sintering during calcination with steam concentrations exceeding 40%, another
study [70] indicated that the steam content of 50% in their bench-scale rotary
bed calciner aided in reducing the extent of sorbent sintering and resulted
in the production of a more reactive sorbent with a CO2 capture capacity
of 45 wt%. A potential explanation to describe the effects of steam addition
during carbonation or/and calcination on the morphology of CaO sorbent
was proposed as shown in Figure 13.18 [71]. The open pore structure of CaO
sorbent is susceptible to pore blockage and plugging during calcination and
carbonation reactions. The presence of steam during carbonation mitigates the
severe pore mouth plugging and accelerates the solid-state diffusion-controlled
reaction, leading to a higher carbonation conversion. Thus, sorbents with greater
pore volume could be obtained in the following calcination. The presence of
steam during calcination causes slightly larger pores (∼50 nm) in CaO due to
steam-enhanced sintering and enables the pore structure to be maintained in a
relatively stable state for carbonation. These larger pores are less susceptible to
pore blockage and thus allow for higher carbonation conversion. A synergistic
effect of a shift to larger pores and the lower diffusion resistance of carbonate
layer on the sorbent reactivity may be observed when steam is present for both
calcination and carbonation.

The reactivation of spent sorbent using a hydration process, forming Ca(OH)2
from CaO, is another promising approach to improve the sorbent recyclability
and reactivity in multicyclic calcination–carbonation operations. The steam
partial pressure operating in a normal carbonator and calciner cannot induce
the hydration reaction because the hydration reaction must be conducted at
a steam partial pressure exceeding 1 atm at temperatures greater than 510 ∘C
[70]. An intermediate hydrator between carbonator and calciner is required.
However, in some precombustion applications, e.g. hydrogen production by
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Figure 13.18 Schematic representation of the sorbent morphology under various reaction
environments: (a) no steam present; (b) steam present during carbonation only; (c) steam
during calcination only; and (d) steam present for carbonation and calcination. Source: Donat
et al. 2012 [71]. Reproduced with permission of American Chemical Society.

reaction-integrated novel gasification (HyPr-RING) process [72], a pressurized
carbonator containing steam partial pressures higher than 1 atm will be such
that hydration can occur in situ. In the HyPr-RING process, the sorbent is
more durable in repetitive CO2 sorption with the intermediate hydration step
even under eutectic conditions. The study reported by Manovic and Anthony
[73] is one of the earliest works to investigate the possibility of reactivation of
spent calcium-based sorbent using steam hydration (200 ∘C) in a pressurized
reactor. The hydrated spent sorbent showed even better characteristics in
reactivity and recyclability for carbon capture than the natural sorbent. This is
because the specific volume of the Ca(OH)2 produced by hydration is 1.98 times
greater than that of CaO. Ca(OH)2 fractures are formed during the crystalline
expansion due to its low tensile strength and weak crack resistance, resulting in
sorbent reactivation [74]. Moreover, the carbonation of hydrated calcium-based
sorbent, Ca(OH)2, could be categorized into direct carbonation and indirect
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carbonation [75]. Direct carbonation refers to the direct reaction of CO2 with
Ca(OH)2 to produce CaCO3 and H2O. On the contrary, indirection carbonation
of Ca(OH)2 refers to a reaction of CO2 with CaO derived from dehydration
of Ca(OH)2 under specific operating conditions. Much of the initial work on
sorbent reactivation using hydration for calcium looping process was performed
using indirect carbonation. However, the conversion from direct carbonation
of Ca(OH)2 was higher than that from indirect carbonation of Ca(OH)2. This
is because a thin and dynamic water film is formed on the sorbent surface at
the dehydration temperature. Carbonate ions and H+ ions formed from CO2
dissolution in the liquid film are injected into the crystal lattice effectively,
forming a precipitate (CaCO3) rapidly. The heat released from carbonation
drives more water formation from Ca(OH)2 dehydration, resulting in the
continuous absorption of CO2 in the liquid film to form CaCO3 [76]. Other work
reported that the direct carbonation of Ca(OH)2 exhibited higher conversion at
temperatures in the range of 200–650 ∘C as compared to that of CaO; however,
the carbonation conversion of Ca(OH)2 would be contrarily lower than that
of CaO when Ca(OH)2 was dehydrated prior to carbonation [77]. Therefore,
two operating strategies were proposed for operating the hydration-integrated
calcium looping process: (i) operating the Ca(OH)2 carbonation at temperatures
lower than dehydration temperature; (ii) conducting the direct carbonation of
Ca(OH)2 immediately when Ca(OH)2 is heated higher than the dehydration
temperature.

Figure 13.19 shows the process flow diagram of a calcium looping process
integrated into a 500 MWe subcritical coal-fired power plant with a target
efficiency of 35.8% high heating value (HHV). The process analysis from ASPEN
Plus simulations in this case indicated that the energy penalty of this integrated
system could be reduced from 20.7% to 16.1% when the heat released from the
highly exothermic hydration reaction was extracted for electricity production
[11]. Cost assessments for a capture process integrated by industrial symbiosis
of the power plant, cement plant, and calcium looping process revealed that
although extra costs were required for the hydrator and piping as well as steam
consumption in a hydration-integrated system, the overall equipment cost and
operating cost would be significantly reduced because the enhancement of
carbonation conversion induced by hydration significantly reduced the sizes of
the whole carbon capture system [78]. This design indicated that the CO2 capture
cost was possible lower than €25 per ton of CO2. In conclusion, by introducing
a hydration step between calcination and carbonation it is possible to reduce
the calcium to carbon molar ratio, solids circulation, energy consumption,
and reactor size, all of which improve the process economics and ability to
integrate into an industrial process. However, the size of sorbent in the range
of 200–300 μm was possibly reduced to <20 μm after the first hydration [79].
The attrition of hydrated particles poses a challenge for operating the sorbents
in the solid circulating system. Therefore, the improvement of solid handling
technique and the mitigation of sorbent attrition are still the essential steps for
integrating hydration into a real calcium looping system.

Another intermediate step, recarbonation, has been suggested in an attempt
to maintain the reactivity of limestone needed to sustain sufficient CO2 capture
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Figure 13.19 Process flow diagram of a calcium looping process integrated into a 500 MWe
coal-fired power plant. Source: Wang et al. 2013 [11]. Reproduced with permission of Elsevier.

efficiency in a calcium looping process. One of the earliest studies demonstrated
that if the carbonation of CaO completed within its slow diffusion-controlled
regime, the subsequent calcination produced a more porous and higher surface
CaO sorbent because the CO2 flowed from the core of the sorbent during
calcination [32]. Inspired by this observation, Sun et al. [80] conducted cyclic
carbon capture by a limestone-derived sorbent for more than 1000 cycles and
revealed that approximately treble carbonation conversion could be observed
after 1000 calcination–carbonation cycles when the carbonation duration was
extended from 3.5 to 9 minutes. Grasa et al. [81] proposed a calcium looping
system incorporating an extended recarbonator for carbon capture as shown in
Figure 13.20. The partially carbonated sorbent delivered from the carbonator is
placed in a recarbonator to contact with high temperature stream containing
concentrated CO2 (generated from the calciner). An additional conversion of
the sorbents under the diffusion-controlled reaction stage mitigates the sorbent
decay in the CO2 capture capacity during cyclic calcination–carbonation cycles.
A short (100–200 s) recarbonation stage on partially carbonated particles of
CaO allowed for the stabilization of CO2 carrying capacities at 15–20 mol%.
However, in practice, sorbent reactivation through recarbonation reaction
may lead to a greater portion of the carbonation time corresponding to the
prolonged carbonation stage. Therefore, understanding the extent of sorbent
reactivation correlating with its recarbonation conversion is essential to optimize
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Figure 13.20 Schematic diagram of a recarbonation-integrated calcium looping process.
Source: Grasa et al. 2014 [81]. Reproduced with permission of American Chemical Society.

the residence time in a carbonator and operate this carbon capture system in a
commercially economical consideration.
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14.1 Introduction

Biomass and fossil fuels including coal continue to play a significant role in the
total energy picture. Advanced power generation technologies such as inte-
grated gasification-combined cycle (IGCC) are among the leading contenders for
power generation conversion in the twenty-first century because such processes
offer significantly higher efficiencies and superior environmental performance
compared to coal and biomass combustion processes. It is envisioned that these
advanced systems can competitively produce low-cost electricity at efficiencies
higher than 60% while achieving “near-zero discharge” energy plants if the
environmental concerns associated with these processes, including climate
change, can be effectively eliminated at competitive costs [1].

Near-term applications of CO2 capture from pre-combustion systems will
likely involve physical or chemical absorption processes. However, these com-
mercially available processes (e.g. SELEXOL) operate at low temperatures,
imparting a severe energy penalty on the system and, consequently, their use
could significantly increase the costs of electricity production. Therefore, devel-
opment of high-temperature regenerative processes based on solid sorbents
offers an attractive alternative option for carbon capture at competitive costs.

Illinois Institute of Technology (IIT) has developed a regenerative high-
temperature CO2 capture process that is capable of removing more than 98%
of CO2 from a simulated water–gas shift (WGS) mixture at IGCC conditions
using highly reactive and mechanically strong MgO-based sorbents and a
circulating fluidized bed (CFB) loop. Furthermore, the sorbent exhibited some
WGS catalytic activity at 300 ∘C, increasing hydrogen concentration from 37%
(inlet) to about 70% in the reactor exit [2]. The results of theoretical modeling
of the sorbent/catalyst performance in a packed bed indicated that hydrogen
concentration in the simulated WGS mixture can achieve more than 95%
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conversion. The cyclic chemical reactions for CO2 capture involving magnesium
oxide are

MgO + CO2 → MgCO3 (CO2 absorption reaction) (14.1)
MgCO3 → MgO + CO2 (regeneration reaction) (14.2)
CO + H2O ↔ CO2 + H2 (water–gas-shift reaction) (14.3)

The regenerability and long-term durability of the sorbent have been demon-
strated over 25 consecutive absorption/regeneration cycles, indicating that the
sorbent is suitable for long-term applications. It was also shown that only the
outer layer (40–50 μm thick) of the sorbent (particle diameter about 500 μm)
reacted with CO2 [3]. Therefore, it is expected that, by reducing the particle size
to about 100–200 μm, the CO2 absorption capacity of the sorbent can be sig-
nificantly improved. The results of theoretical modeling of the sorbent/catalyst
performance in a packed bed indicated that the hydrogen concentration in the
simulated WGS mixture can achieve more than 95%.

CFB loop-based reactors have the potential to be among the most important
devices in the chemical and energy industries. CFB reactors are currently used
in fluid catalytic cracking (FCC) applications, with more than seven decades of
history and more than 400 units in operation worldwide today [4]. Furthermore,
gasification of coal and biomass, synthesis of olefin from methanol, and chemi-
cal looping are among the relatively new applications of CFB reactors [5]. Thus,
the CFB reactor ensures a continuous carbon dioxide removal process in a rela-
tively compact unit using solid particles, which makes it an excellent candidate
for chemical looping of MgO-based sorbents for CO2 capture and regeneration.
The basic configuration of a CFB reactor consists of a riser where the particles are
transported by the gas flow, a cyclone to separate gas and solid at the top of the
riser, a standpipe (down-comer) to return the separated solid to the riser inlet,
and a flow-controlling device (e.g. L-valve) to control the solid flow. In processes
that include a regenerable sorbent or catalyst, a second fluidized bed reactor can
be added between the down-comer and the L-valve to serve as a regenerator
reactor. Furthermore, computational fluid dynamics (CFD) provides an excellent
approach to the reactor design in a systematic and economically feasible way. To
use CFD to perform simulations of the CO2 capture regenerative process, a model
based on the multiphase flow dynamics governing equations taking into account
the absorption/regeneration and the WGS kinetics is needed. Therefore, in this
work a CFD approach was used to describe CO2 sorption and regeneration in
CFB loop reactors using an MgO-based sorbent.

The key experimentally verified parameters needed for the CFD model-
ing of the absorption/regeneration reactor system including the absorption/
regeneration and the WGS reaction rates and their dependence on the operating
conditions (i.e. temperature, pressure, gas composition, catalyst/sorbent ratio,
etc.) were also developed.

This chapter describes a chemical looping of MgO-based sorbents for CO2
capture in IGCC, which uses a process similar to the Nation Energy Technology
Laboratory (NETL) carbon capture unit (C2U) experimental setup [6]. Gas
containing CO2 enters the bottom of the riser sorption reactor and mixes with
fresh sorbent. The MgO-based sorbent particles mix with the coal gases and
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absorb CO2 through chemical reaction. The CO2-laden particles flow up the
riser, turn, and flow into the cyclone. CO2-lean gas is separated from particles
in the cyclone and exits the system, and the CO2-laden particles pass through
a loop-seal and enter the regenerator where CO2 is released from the sorbent
particles by heating the spent sorbent with high-temperature steam. The CO2
lean gas exits the carbon capture unit (C2U) system and the regenerated sorbent
particles continue through the loop to the next loop-seal. The fresh sorbent
particles pass through the loop-seal to the riser and the process continues. To
maintain gas-particle flow in a CO2 capture loop, gases need to be injected
around the system to keep particles fluidized. Figure 14.1 shows the schematic
diagram of our CFB loop.

Figure 14.1 Schematic diagram of a
circulating fluidized bed (CFB) loop.
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14.2 MgO-Based Sorbent

The low-cost MgO-based sorbents were prepared by crushing and screening
dolomite into the size range of 150–180 μm. The dolomite particles were dried
at 120 ∘C and partially calcined at 550 ∘C to decompose the MgCO3 while
maintaining CaCO3 in the sorbent. This method of calcination increases the
porosity and surface area of the dolomite while maintaining its high mechanical
strength. The partially calcined dolomite was impregnated with a solution of
potassium carbonate to enhance the reactivity of the sorbent toward CO2. The
impregnated sorbents were dried and re-calcined in the same temperature range
to stabilize the sorbent properties for carbonation/regeneration reactions at
high temperatures. The phase components and elemental composition of the
sorbents were determined using X-ray diffraction (XRD), indicating that the
main components are CaCO3, MgO, K2Ca(CO3)2, and K2Ca2(CO3)3, while
CaMg(CO3)2 exists in a negligible amount.

The reactivity of the sorbent toward CO2 was determined in a dispersed bed
reactor. A schematic diagram of the dispersed bed reactor unit is presented in
Figure 14.2. The unit consists of three main subsections: the gas feeding section,
the reactor section, and the gas effluent section. For the tests involving N2/CO2
mixtures, the feed gases are supplied by the pressurized cylinders flow through
pre-calibrated mass flow controllers (MFCs) to accurately achieve the desired
mixture composition before entering the reactor. Stainless steel tubing with
0.318 cm outside diameter (OD) is used to deliver the gas mixture to the reactor.

A highly sensitive backpressure regulator was installed downstream of the reac-
tor to maintain the total pressure of the reactor at a predetermined setting. A
manual bubble flow meter was placed at the very end of the unit to measure the
changes in the flow rate of the reactor effluent.

The reactor is a custom-made 316 stainless steel tubular reactor with 2.54 cm
OD× 1.905 cm inside diameter (ID) and 75 cm length. A porous frit with 2 μm
openings made of Hastelloy®-276 alloys was repaired 30 cm above the bottom
of the reactor. Approximately 45 cm of the reactor was externally heated with a
single-zone electric tubular furnace. Two thermocouples were placed inside the
bed of sorbents and below the porous frit and were connected to the data acqui-
sition system (Figure 14.2). The thermocouple inside the bed, with 0.102 cm OD,
is placed inside a 0.318 cm thermo-well and is moved along the bed during each
run to measure the temperature of the bed at different axial positions.

To evaluate the sorbent in a well-dispersed differential reactor, about 1 g of
the sorbent was distributed in 20 cm3 of quartz beads (diameter= 850–1200 μm)
along the reactor. To enhance a uniform radial distribution of the gas composi-
tion, as well as the gas flow rate (plug flow), 7 cm of quartz beads were placed
on the top of the sorbent bed. The test is initiated by setting the backpressure
regulator at the desired value and feeding nitrogen to the reactor until the reac-
tor reaches the desired pressure and becomes stabilized. The bed temperature
is gradually increased to reach the desired settings. To determine the bed tem-
perature during the CO2 adsorption, the bed temperature was monitored and
measured at seven locations along the sorbent bed. After reaching the desired
temperature and pressure inside the reactor, the test begins by switching the gas
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to a gas mixture containing CO2 for a predetermined period. Following the test,
the reactor is rapidly cooled and the reacted sample is removed from the reactor
and analyzed by XRD.

The effect of various preparation parameters on the reactivity of the sorbent
was studied to identify the best sorbent formulation. The parameters studied
included drying, calcination, and re-calcination temperatures, heat-up rates, and
solution molality during impregnation and the resulting potassium to magnesium
ratio.

Among all of the preparation parameters studied, the potassium/magnesium
(K/Mg) ratio was identified as the key variable affecting the CO2 capacity of
the sorbent. The effect of the potassium/magnesium (K/Mg) ratio on the CO2
capacity of all sorbents after 40 minutes residence time in the dispersed bed
reactor is shown in Figure 14.3. The result clearly indicates that the optimum
K/Mg ratio is about 0.15, which has generally been achieved when the sorbent
was impregnated using a 1 M solution of potassium carbonate. The results also
indicate that the optimum drying temperature during sorbent preparation is in
the range of 70–100 ∘C and that the CO2 capacity of the sorbent decreases as the
re-calcination temperature is increased from 500 to 550 ∘C, suggesting possible
sintering of the sorbent at the higher temperature. The preparation parameters
for the best sorbent formulation (i.e. HD52-P2) are presented in Table 14.1.

The effect of the reaction temperature on the carbonation reaction rate involv-
ing HD52-P2 sorbent was investigated in a series of tests in which the sorbent
was exposed to pure CO2 and 20 atm at different temperatures and sorbent resi-
dence times. The results are presented in Figure 14.4, indicating that as long as the
absorption temperature is below 450 ∘C, the reactivity of the sorbent improves
with increasing temperature (i.e. 340–450 ∘C). The lower conversion in the sor-
bent reactivity at 490 ∘C is due to the significantly higher equilibrium CO2 partial
pressure in carbonation reaction at higher temperatures. The higher equilibrium
CO2 partial pressure results in lower concentration driving force, which is the
difference between the CO2 partial pressure in the gas mixture and the CO2
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Table 14.1 Preparation parameters for HD52-P2 sorbent.

Preparation parameters HD52-P2

Sorbent particle diameter (μm) 150–180
Calcination temperature (∘C) 520
Calcination temperature ramp (∘C min−1) 1
Duration of calcination (h) 8
Concentration of potassium carbonate in the
impregnation solution (mol l−1 or M)

1

Duration of impregnation (h) 20
Drying temperature (∘C, post-impregnation) 90
Humidity during drying (%) Ambient
Duration of drying (h) 24
Re-calcination temperature (∘C, post-drying) 470
Calcination temperature ramp (∘C min−1) 1
Duration of re-calcination (h) 4
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Figure 14.4 Effect of temperature on the absorption reactivity of the HD52-P2 sorbent.

equilibrium pressure at the reaction operating temperature (PCO2 −Pe), leading
to a lower reaction rate at higher temperatures.

The reversible chemical reaction between the porous MgO-based sorbent and
CO2 can be expressed as follows:

MgO (s) + CO2(g) ↔ MgCO3(s) (14.4)

The intrinsic rate of reaction can generally be described by the following
equation:

rMgO = −[1∕(4𝜋ri
2)] ⋅ [(dNMgO)∕dt] = ks ⋅ (Ci − Ce)n (14.5)
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The dependence of the intrinsic reaction rate constant ks on temperature is
expressed in terms of the Arrhenius equation:

ks = ks0 ⋅ e(−Ea∕RT) (14.6)

To determine the order of reaction (n), the intrinsic reaction rate constant (ks),
and the activation energy (Ea), the initial slopes of the conversion curves (i.e.
(dX/dt)t = 0) were obtained from the dispersed bed experimental data and the
order of reaction was obtained by the slope of Ln(dX/dt)t = 0 versus ln(Cb −Ce).
The results indicate that the order of the carbonation reaction with respect to
CO2 concentration is one. Similar gas/solid reactions involving alkali/alkaline
material with reactant gases such as CO2 and SO2 generally have been reported
as first order in the literature. The activation energy of the reaction was obtained
by the Arrhenius plot of the intrinsic rate to be 134 kJ mol−1 for the temperature
range of 350–420 ∘C.

The effect of steam on the CO2 reactivities of the sorbent is presented
in Figure 14.5. The results indicate that the presence of steam significantly
enhances the sorbent reactivity and capacity. A similar trend was observed
at other temperatures below 420 ∘C, and the strongest effect was observed at
360 ∘C. The effect of steam in increasing the porosity and changing the pore size
distribution has been reported for dolomite and limestone by others [7–9]. Wolff
et al. [10] found that the adsorption of H2O on the surface of Pt/MgO catalyst
used for the WGS reaction is very strong, and a transient Mg(OH)2 component
is created as the catalyst is exposed to the H2O environment. Liu and Shih [11],
who studied calcium sulfation reactions in the presence of humid simulated
flue gases, postulated that H2O enhances the carbonation reaction by forming
a region of dense water vapor around the reacting MgO particles where CO2
reacts to form carbonate ions and H+ ions, and the released Mg2+ ions can react
with the carbonate ions to form MgCO3.

To determine the effect of temperature on the rate of the regeneration reaction,
the carbonated sorbent was heated in the CO2/N2 (50/50 mol%) environment up
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to the regeneration temperature. The reactor pressure was maintained at 20 atm
through the entire regeneration test. The regeneration step was started by switch-
ing the gas mixture from a 50/50 mixture of CO2/N2 to pure nitrogen gas. Follow-
ing each test, the sorbent was removed from the reactor and analyzed by XRD.
The results are shown in Figure 14.6, indicating that, as expected, the reactivity
of the regeneration reaction improves with increasing temperature (i.e. between
450 and 550 ∘C).

14.3 Reaction Model for Carbon Capture and
Regeneration

To assess the sorbent carbonation in the regenerative MgO-based process, the
variable diffusivity shrinking core model (VDM) [12] was selected to capture the
behavior of the sorbent at different conditions to predict the long-term perfor-
mance of the sorbent in various reactor configurations. A schematic diagram
of the model is illustrated in Figure 14.7. In this model, the reaction occurs at
the interface between the shrinking unreacted core and the product layer. As the
reaction proceeds, the difference in the larger molar volumes of the solid product
and the smaller molar volume of the reactant leads to decreasing pore volume of
the product layer, decreasing the diffusion rate of the gaseous reactant through

Figure 14.7 Schematic diagram of expanded
particle. rp

rc

rp′
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the sorbent particle. The rate of carbonation reaction at the surface of the shrink-
ing core can be described as

rMgO = − 1
4πr2

dNMgO

dt
= ks(Cb − Ce) (14.7)

The governing differential equations describing the transport of CO2 through
the porous particle and its reaction at the surface of the individual particles, along
with the relevant initial and boundary conditions, are given below:

De

[ 1
r2

𝜕

𝜕r

(
r2 𝜕C

𝜕r

)]
= 0 (14.8)

C = CR at r = R (14.9)

De
𝜕C
𝜕r

= ks(Ci − Ce) at r = ri (14.10)

dri

dt
=

−ks

CMgO

⎡⎢⎢⎢⎢⎣
Cb − Ce

1 + ks

De
ri

(
1 − ri

r′p

)
⎤⎥⎥⎥⎥⎦

(14.11)

r′p = 3
√

r3
i + Zv(r3

p − r3
i ) (14.12)

Zv =
MWp∕𝜌p(1 − 𝜀)
MW r∕𝜌r(1 − 𝜀s)

(14.13)

dX
dt

= −

3
rp

ks

N∘
MgO

(Cb − Ce)(1 − X)
2
3

1 +
ks

De
rp(1 − X)

1
3

(
1 − 3

√
1 − X

1 − X + XZ

) (14.14)

In the VDM, the extent of the non-catalytic gas–solid reaction is dictated by the
intrinsic rate of reaction as well as the rate of diffusion of the reactant gas through
the solid particle. The reactant gas (i.e. CO2) has to diffuse through the particle
product layer before reaching the reaction interface. The diffusion rate through
this layer changes during the carbonation reaction because of the changes in the
product layer properties, resulting in changes in the porosity. Therefore, prod-
uct layer diffusivity can be a significant function of sorbent physical properties
affected by changes in the overall conversion and/or the duration of exposure to
the reaction environment. In this study, we assumed that the diffusivity through
the product layer is an exponential function of the conversion of the particle.

De = De0
exp(−𝛼 ⋅ X2) (14.15)

The VDM was used to fit the experimental data obtained in the dispersed bed
reactor at different operating conditions. The two adjustable parameters of the
VDM (Deo and 𝛼) were estimated by determination of the best fit to the experi-
mental results through minimization of the least squares of the errors. The results
are presented in Figures 14.8 and 14.9 and indicate that the model can provide an
excellent fit to the experimental data.
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Figure 14.8 VDM fit to carbonation reaction data (dry carbonation).
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Figure 14.9 VDM fit to carbonation reaction data (10 mol% steam).

To assess the sorbent regeneration in the regenerative MgO-based process,
the shrinking core model (SCM) by Yagi and Kunii [13] was selected to cap-
ture the behavior of the sorbent at different conditions. A schematic diagram of
the model is illustrated in Figure 14.10. The reaction occurs at a sharp interface,
which divides the reacted outer layer (product layer) from the un-reacted core of
the solid.

The rate of carbonation reaction at the surface of the shrinking core can be
described as

rMgCO3
= kd

(
1 −

Ci

Ce

)
(14.16)
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R

ri = radius of the un-decomposed core of the paricle

R: radius of the particle
ri

Figure 14.10 Schematic diagram of regenerated particle.

The governing differential equations describing the transport of CO2 through
the porous particle and its reaction at the surface of the individual particles, along
with the relevant initial and boundary conditions, are given below:

De

[ 1
r2

𝜕

𝜕r

(
r2 𝜕C

𝜕r

)]
= 0 (14.17)

C = 0 at r = R (14.18)

De
𝜕C
𝜕r

= kd

(
1 −

Ci

Ce

)
at r = ri (14.19)

𝜕X
𝜕t

=
3r2

i kd

R3N∘
MgCO3

(
1 −

Ci

Ce

)
(14.20)

𝜕X
𝜕t

=

3
R

kd

N∘MgCO3

3
√
(1 − X)2

1 + kd

DeCe
R 3
√

1 − X
(

1 − 3
√

1 − X
) (14.21)

To model the sorbent regeneration behavior, the two adjustable parameters of
the shrinking core model (De and kd) were estimated by determination of the
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Figure 14.11 Shrinking core model fit to regeneration reaction data.
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best fit to the experimental data through minimization of the least squares of the
errors. The results are presented in Figure 14.11 and indicate that the model can
provide an excellent fit to the experimental data.

14.4 CFD Simulations of the Regenerative Carbon
Dioxide Capture Process

During the last three decades, extraordinary advances in the CFD approach to
fluid-particle flow systems [14–16] have significantly impacted our approach in
the design and scale-up of processes based on fluid-particle including CFB loop
for sorption and regeneration. CFD models for fluid-particle flow systems are
based on the continuum theory and conservation laws for mass, momentum,
and energy. In order to close the conservation equations for the momentum, one
needs to calculate the stress tensors for solid phase. The most accepted approach
is based on the kinetic theory of granular flow [17, 18].

The kinetic theory approach, which is based on the oscillation of the particles,
uses a granular temperature equation to determine the turbulent kinetic energy
of the particles, assumes a distribution function for instantaneous particle veloc-
ity, and defines a constitutive equation based on particle collision, interaction,
and fluctuation. In fact, the kinetic theory approach for granular flow allows the
determination of, for example, particle phase stress, pressure, and viscosity in
place of the empirical equations.

However, in a more concentrated fluid-particle flow system, not only should
the flow be characterized by a two- or three-dimensional flow equation, but also
the formation of large structures such as clusters should be included in modeling
of transport phenomena of such flow systems. To solve these microscopic
two-fluid model equations, very small grid sizes of less than 10 particle diameter
are needed. For most processes of practical interest, such fine spatial grids
and small time steps require significant computational time. Thus, the effect of
the large-scale structures using coarse grids should be accounted for by using
approaches such as filtering equations or energy minimization multi-scale,
EMMS [19–22]. In this study, the kinetic theory approach along with EMMS for
drag reduction, k – 𝜀 model for turbulence, Sinclair and Mallo [23] expression
for granular energy exchange with turbulent gas flow, expressions of Laux [24]
and Lun et al. [25] for frictional and bulk viscosities, and Johnson and Jackson
[26] for boundary conditions were used. For more details about constitutive
relations, see Arastoopour et al. [27].

Table 14.2 summarizes the governing equations used in this work.

14.4.1 Two-dimensional Simulation of the Regenerator and the
Carbonator in the CFB Loop

The objective is to numerically simulate the CO2 capture process using CFB reac-
tors at elevated temperature and pressure by including both regeneration reac-
tion and carbonation reaction. However, it is computationally expensive to con-
duct the simulations in a three-dimensional domain because of inclusion of two
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Table 14.2 Two-fluid model governing equations based on the kinetic theory approach.

Conservation of mass
Gas phase

𝜕

𝜕t
(𝜀g𝜌g) + ∇ ⋅ (𝜀g𝜌gvg) = ṁg (14.22)

Solid phase

𝜕

𝜕t
(𝜀s𝜌s) + ∇ ⋅ (𝜀s𝜌svs) = ṁs (14.23)

𝜀g + 𝜀s = 1 (14.24)

Conservation of momentum
Gas phase

𝜕

𝜕t
(𝜀g𝜌svg) + ∇ ⋅ (𝜀g𝜌gvgvg) = 𝜀g∇P + ∇ ⋅ 𝜏g + 𝜀g𝜌gg − 𝛽gs(vg − vs) (14.25)

Solid phase

𝜕

𝜕t
(𝜀s𝜌svs) + ∇ ⋅ (𝜀s𝜌svsvs) = 𝜀s∇P + ∇ ⋅ 𝜏s − ∇ps + 𝜀s𝜌sg − 𝛽gs(vg − vs) (14.26)

Conservation of species
Gas phase

𝜕

𝜕t
(𝜀g𝜌gyj) + ∇ ⋅ (𝜀g𝜌gvgyj) = Rj (14.27)

Solid phase

𝜕

𝜕t
(𝜀s𝜌syi) + ∇ . (𝜀s𝜌svsyi) = Rj (14.28)

Conservation of solid phase fluctuating energy

3
2

[
𝜕(𝜌s𝜀s𝜃)

𝜕t
+ ∇ ⋅ (𝜌s𝜀s𝜃vs)

]
= (−PsI + 𝜏s) ∶ ∇vs + ∇ ⋅ (ks∇𝜃) − 𝛾 + 𝜙gs (14.29)

heterogeneous reactions as mentioned above. Therefore, to obtain similar results
as three-dimensional simulation using two-dimensional simulations and signif-
icantly reduced computational time, two-dimensional simulations with a higher
specularity coefficient were used. In order to further reduce the computational
time, the carbonation reaction was assumed to take place only in fluidized bed
No. 1 (carbonator) at a temperature of 380 ∘C, while the regeneration reaction
was assumed to take place only in fluidized bed No. 2 (regenerator) at a tem-
perature of 500 ∘C. The system pressure was set to 50 atm. Figure 14.12 shows
a schematic diagram of a CFB loop under study. Initially the L-valve, standpipe,
and fluidized bed No. 2 were filled with particles at 45% voidage, while all other
parts were filled with particles at 50% voidage (see Figure 14.12). The particles
used in this study were 185 μm in diameter and of 2500 kg m−3 density. In addi-
tion, the initial sorbents in the regenerator and loop-seal 1 were assumed to be
65% carbonated, while all other parts of the system were filled with the fresh
sorbent (see Table 14.3). The inlet gas in the regenerator was pure steam and in
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Figure 14.12 Geometry and initial solid volume fraction in the two dimensional circulating
fluidized bed (CFB) loop.

Table 14.3 Fresh MgO-based
sorbent analysis.

Analysis wt%

MgCO3 0.00
MgO 25.20
CaCO3 49.70
CaMg(CO3)2 13.00
K2Ca2(CO3)3 0.60
K2Ca(CO3)2 11.50
Total 100.00

the carbonator inlet, the CO2 mole fraction was 14.26%, and the rest was steam.
Table 14.4 shows the boundary conditions used in the simulations.

Figure 14.13 shows the contours of the CO2 mole fraction at different times.
The mole fraction of CO2 is almost identical after 10 seconds, suggesting that
steady-state operation of the CFB loop has been reached.
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Table 14.4 Boundary conditions used for the
two-dimensional simulation of the CFB with reactions.

Fluidized bed No. 1 inlet gas velocity (m s−1) 0.267
Fluidized bed No. 2 inlet gas velocity (m s−1) 0.100
Loop-seal 1 inlet gas velocity (m s−1) 0.030
Loop-seal 2 inlet gas velocity (m s−1) 0.030
L-valve aeration inlet gas velocity (m s−1) 0.004
Pressure (atm) 50
Gauge pressure at the cyclone outlet (atm) 0
Gauge pressure at the regenerator outlet (atm) 0
Temperature in the regenerator (∘C) 500
Temperature in the carbonator (∘C) 380
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Figure 14.13 Contours of CO2 mole fraction in the system as a function of time.

14.4.2 Three-dimensional Simulation of Carbon Capture
and Regeneration in the Absorber and Regenerator Reactors

Figure 14.14 shows the contours of the instantaneous solid volume fraction and
CO2 mole fraction at t = 20 seconds for a solid circulation rate of 220 g s−1 in the
CO2 sorption reactor. The solid volume fraction contours show a very dense and
well-mixed solid phase in the carbonator and a dilute region in the riser. Reaction
rate contours also show that most of the CO2 capture takes place in the carbon-
ator with very little reaction in the riser.

The effect of pressure on the regeneration of MgO-based sorbent in the pres-
ence of steam is presented in Figure 14.15. The results shown in Figure 14.15
indicate that as the system pressure decreases, the mole fraction of CO2 increases,
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Figure 14.14 Contours of
instantaneous solid volume fraction
and CO2 mole fraction in the CO2
absorber (fluidized bed No. 1) at
t = 20 seconds, for a solid circulation
rate of 220 g s−1. (Source: This figure
was originally published in Powder
Technology 286, 2015 and has been
reused with permission.)
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which is partially due to the dilution at lower pressure (with regard to CO2 con-
centration) and partially due to lower mass flow rate of the gas at lower pressure.
The dashed lines in Figure 14.15 show the limiting cases for plug flow reactor
(top) and CSTR (bottom) at steady-state conditions. Figure 14.15 shows that the
fluidized bed behavior operating at elevated pressures is close to that of the plug
flow reactor, which should be attributed to low levels of mixing in the reactor.

14.5 Preliminary Economic Assessment

A preliminary base case design was developed for a regenerative MgO-based
pre-combustion carbon capture process that can be incorporated in a 500 MW
IGCC power plant. The coal used for this study is a typical Illinois #6 bitumi-
nous coal. The composition of the coal is presented in Table 14.5 along with the
high heating value (HHV) of the coal, which was calculated using the DuLong
correlation. The overall efficiency of the IGCC plant was assumed to be 40%.
The oxygen-blown gasifier was assumed to operate at 1000 ∘C and 50 atm using a
steam-to-carbon ratio of one. The oxygen requirement and the syngas composi-
tion after high-temperature desulfurization (with regenerable mixed metal oxide
sorbent) was determined by the FlexFuel Gasifier Simulation Model, FFGSM [28],
developed by the coauthor at the process design and gas processing laboratory
(PDGPL) at IIT. The operating condition of the gasifier and the composition of
the syngas (calculated by FFGSM) are presented in Table 14.6. The key proper-
ties of the regenerable MgO-based sorbent used in this process are presented in
Table 14.7.

In the regenerative MgO-based process envisioned, the sorbent is used in a
CFB system, consisting of a number of carbonators and regenerators, cyclones,
L-valves, seal pots, and down-comers. The rates of reaction for carbonation and
regeneration are based on the reaction models described above. The “cleaned”
syngas enters the carbonator where the solid sorbent reacts with the gas and
captures a significant fraction of the CO2 in the syngas and the CO2-lean stream
leaves the reactor through a riser. The solid sorbents in the carbonator are carbon-
ated and then accelerated and pneumatically transported through the riser and

Table 14.5 Properties of Illinois #6 Coal.

Ultimate analyzes wt% (moisture free)

C 70.2
H 4.8
N 0.9
S 3.1
O 9.9
A 11.1
Total 100
Moisture content (%) 5
HHV (btu lb−1) 12 545
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Table 14.6 Operating condition of the gasifier and
syngas composition.

Temperature (∘C) 1000
Pressure (atm) 50
Steam-to-carbon ratio 1
Oxygen-to-carbon ratio 0.306
Coal feed rate (lbm h−1) 3.58 e5
Steam feed rate (lbmol h−1) 20.9 e3
Oxidant feed rate (lbmol h−1) 6.4 e3
Product gas (lbmolh−1) 4.24 e4

CO content (mol%) 25.09
H2O content (mol%) 26.55
CO2 content (mol%) 14.26
H2 content (mol%) 27.16
N2 content (mol%) Balance

Table 14.7 Key sorbent properties.

Particle diameter (μm) 185
Density (kg m−3) 2500
Minimum fluidization velocity (m s−1) 0.03
Terminal velocity (m s−1) 1.42

recycled in a cyclone. A fraction of the carbonated sorbent leaving the cyclone
is fed to the regenerator and the rest (bypass) is fed to the carbonator to capture
CO2 in the following cycle. The ratio of the flow rate of solids bypassing the regen-
erator to the flow rate of the sorbent going through the regenerator is defined
as the bypass ratio and is one of the most important parameters of this pro-
cess. Figure 14.1 shows the schematic of the system for a single carbonator and
a single regenerator. A sorbent make-up stream is introduced into the system to
make up for deactivation of the sorbent as it goes through multiple cycles, and a
deactivated sorbent flow is removed from the system to ensure the steady-state
operation of the system. Table 14.8 shows the operating condition of the carbon-
ators and risers used in the base case design calculations.

The fraction of CO2 removal determines the change in the sorbent conversion
as it passes through the carbonator. The solid circulating rate can be changed
over a wide range depending on the application and is determined separately with
the design of an appropriate L-valve. The temperature of the carbonator is set to
result in the optimum rate of reaction in the carbonator. The flow rate of the
sorbent make-up will specify the average number of cycles that the solid sorbent
will be going through before it leaves the system, which has a strong effect on the
reaction rate, and therefore the carbonator size. Obviously, higher make-up flow
rate will result in lower cycle number, higher rate of reaction, and lower reactor
size, but will increase the sorbent cost. The gas velocity in the carbonator should
be higher than the minimum fluidization velocity of sorbents to ensure a smooth
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Table 14.8 Operating and design variables in the
carbonator and riser.

Number of carbonators and risers 10
Temperature (∘C) 380
Pressure (atm) 50
Carbonator inlet gas velocity (m s−1) 0.04
Riser gas velocity (m s−1) 20
Solid circulating rate in each riser (kg s−1) 20
Bypass ratio 0.15
Desired CO2 removal (%) 90
Make-up flow rate (kg s−1) 5

Table 14.9 Carbonator and riser sizing and design
conditions.

Carbonator diameter (m) 4.3
Carbonator height (m) 20.7
Riser diameter (m) 0.19
Riser height (m) 3
Riser solid hold up (%) 0.05
Sorbent cycle number 33
Sorbent inlet conversion 10
Sorbent outlet conversion 65
CO2 inlet concentration (kmol m−3) 0.13
CO2 outlet concentration (kmol m−3) 0.02

flow of solid in the carbonator. The gas velocity in the riser is also selected to be
higher than the terminal velocity of the solids to effectively transport the solids
up to the cyclone. The riser gas velocity has a direct impact on the solid hold-up
in the riser. A proper design will have a solid hold-up of less than 5% in the riser.
The height of the riser, on the other hand, should be long enough to be able to
accelerate the solids to the specified velocity. Table 14.9 shows the sizing and
design calculations of each carbonator and riser.

Steam is used as a regeneration medium, mainly because the presence of
steam improves the rate of the regeneration reaction (as discussed above), cost
of the gas, and the ease of separation of CO2 from steam (in a condenser). Also,
the steam temperature in the inlet of the regenerator should be higher than the
regenerator temperature in order to compensate partially for the energy needed
to warm the solids to the regenerator temperature and provide the energy
required for the endothermic regeneration reaction. The operating conditions of
the regenerator are presented in Table 14.10.

The flow rate of steam was calculated based on the energy needs in the sys-
tem and will be discussed below. Because the rate of regeneration is higher than
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Table 14.10 Regenerator operating and design conditions.

Number of carbonators and risers 2
Temperature (∘C) 500
Pressure (atm) 50
Regenerator inlet gas velocity (m s−1) 0.13
Steam flow rate in each regenerator (kg s−1) 10.07
Solid circulating rate in each regenerator (kg s−1) 82.5
Extent of reaction (%) 100
Solid loss percentage in the cyclone (%) 0

Table 14.11 Regenerator sizing and design conditions.

Regenerator diameter (m) 5
Regenerator height (m) 15
Sorbent inlet conversion 65
Sorbent outlet conversion 0
CO2 inlet concentration (kmol m−3) 0
CO2 outlet concentration (kmol m−3) 0.12

the rate of carbonation, the number of regenerators is considerably less than the
number of carbonators. The regeneration temperature was assumed to be 500 ∘C
because of the significantly lower rate of sorbent deterioration (compared to the
sorbents regenerated at 550 ∘C) as discussed above. In the base case design, the
rate of solid loss in the cyclone was assumed to be negligible. It should be noted
that, as long as the rate of solid loss is lower than the fresh sorbent make-up
rate, any loss incurred in the cyclone can be offset by a reduction in the rate of
spent sorbent removal from the system. The extent of sorbent regeneration is the
major parameter in specifying the regenerator size. Table 14.11 shows the sizing
and design calculations of each regenerator.

To produce the steam required in the regenerator, water is used and heated
through an extensive heat integration network inside the system as well as utiliza-
tion of external fuel (e.g. natural gas). The heat integration network was developed
in Aspen/HYSYS® and is shown in Figure 14.16. A make-up water stream is used
and some water is also purged to prevent CO2 accumulation inside the system.
Table 14.12 shows the important parameters of the heat integration network.
The liquid CO2 produced is at 50 atm pressure and can easily be pumped and
sequestered or stored.

In the preliminary economic analyses performed in this task, the cost associ-
ated with the process consisted of operating costs and capital investment costs.
The major components of the operating costs included sorbent cost, labor cost,
and fuel cost, while the major components of the capital costs included those
associated with the carbonators and regenerators and the heat integration net-
work. Table 14.13 shows cost analyses for three different scenarios. The cost of



456 14 Chemical Looping of Low-Cost MgO-Based Sorbents for CO2 Capture in IGCC

CO2 from

gasifier

Steam–CO2

separation unit

Liquid

CO2

Purge

stream

Steam–CO2 mixture

Make-up

waterMixing

Tee

Cooler 2, Q7Cooler 1, Q6

Cyclone, Q5

Regenerator, Q4

Heat exchanger

6
2

7

5

4

1

9

10

8

Flash drum

11

3

Carbonator coil, Q1 Regenerator coil, Q2

Furnace, Q3

Circulating

fluidized bed

Figure 14.16 Heat integration scheme in the process.

Table 14.12 Heat integration parameters.

Fuel energy (kJ s−1) 7.68e4
Steam temperature in the inlet of regenerator (∘C) 592
Regenerator outflow temperature (∘C) 500
Make-up water flow rate (kg s−1) 0.3
Make-up water temperature (∘C) 30
Purge flow rate (kg s−1) 0.1
Purge temperature (∘C) 95
Liquid CO2 flow rate (kg s−1) 19.6
Liquid CO2 temperature (∘C) 15

Table 14.13 Cost basis.

Scenarios

Cost basis Optimistic Average Pessimistic

Sorbent cost ($/ton) 60 80 100
Spent sorbent disposal cost ($/ton) −15a) 10 25
Cost of electricity ($ kW−1) 0.1 0.1 0.1
Cost of natural gas ($/MMBTU) 5 5 5
Useful plant life (yr) 50 50 50

a) Saleable byproduct.
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Table 14.14 Major cost components of the process.

Costs Scenarios

Optimistic Average Pessimistic

Sorbent cost ( $million yr−1) 6.42 12.8 17.8
Labor cost ($million yr−1) 4 4 4
Fuel cost ($million yr−1) 10.4 10.4 10.4
Operating life of the system (yr) 50 50 50
Total bare-module cost of the
equipment ($million)

68.1 68.1 68.1

Total capitalized cost ($million yr−1) 5.91 5.91 5.91
CO2 capture cost ($ ton−1 CO2) 31 38 44
Increase in the cost of electricity (%) 9.65 11.97 13.77

carbon capture (liquid CO2 at 50 atm) was determined under three scenarios
presented in Table 14.14 with the calculated costs of the major cost components
of the process.
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